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PREFACE 


Mastery of the art of using computation methods for quick, effective 
analysis of process data is an important asset for the technical man in 
chemical industry. It is particularly valuable for the operating engineer 
in the interpretation of data taken from plant operations, and for the 
design engineer in the planning of new equipment and new methods of 
operation. The principles underlying the methods of computation are 
unquestioned, but using them is an art, skill in which can be secured only 
by practice. To introduce the reader to this art this book uses the ‘“‘case”’ 
system—the solution of specific, individual problems, designed not only 
to show how to manipulate numerical data but to emphasize how quan- 
titative interpretations can develop insight into what is actually going on 
in an operation or a process. The purpose is to lead the student to an 
appreciation of the power of “analysis by calculation” as an aid in the 
work of his profession. 

The book is written for two groups of readers, the operating man in the 
plant and the student beginning the study of chemical technology. The 
coverage is limited to the inorganic industries because of the relative sim- 
plicity of the chemical changes involved and the availability of data. 
This limitation must not be construed, however, as failure to appreciate 
the importance of the organic industries. 

So far as possible the text is designed to require little or no theoretical 
preparation beyond that given in a good first-year course in chemistry. 
This is deemed important because the induction of the student into the 
art of computation should start at the earliest practicable stage in the 
curriculum. More chemistry, especially analytical and physical chemis- 
try, is desirable but not essential. While it is not the function of this 
book to give training in the fundamentals of chemistry, the student’s 
command and appreciation of the science is greatly enhanced by the 
method of approach here used. 

The use of calculus has not been avoided but is incidental to the main 
line of thought, and the reader unfamiliar with this branch of mathe- 
matics will not be significantly handicapped. 
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Because the ultimate objective is to develop the ability to use stoichi- 
ometry in the diagnosis of the performance and the solution of the ills of 
process operations, problems suitably chosen are unintelligible without 
an adequate background of familiarity with industrial equipment and 
processes. The plant man will have this background from his own experi- 
ence; the student can best use this book in connection with some course 
in chemical technology in which the teacher makes sure that the back- 
ground information is properly presented. 

It is a mistake, however, to postpone the stoichiometry until presenta- 
tion of the descriptive material of industrial chemistry is complete. The 
two should go together. Indeed, the best use of this book will probably 
be as an auxiliary text for instruction beginning in the sophomore year 
and continuing through the undergraduate curriculum. 

The early chapters are devoted to combustion problems in which the 
major emphasis is on mechanical techniques of computation. The later 
chapters on specific chemical industries are designed to illustrate appli- 
cation of these techniques to the interpretation of quantitative data taken 
from actual plant operations. Chapter 12 can be assigned in connection 
with a laboratory course in which the student collects experimental data 
on a chemical process for use as a basis for an approximate design and 
preliminary economic calculations. The same chapter can be used in 
plant design courses, and should find use in connection with the parallel 
activities of industrial practice. 

From the start the student should be given an adequate picture of the 
operation under discussion, though not necessarily of the whole process 
of which the operation is a part.. In the early stages, assignments should 
be restricted to the more elementary problems at the beginning of each 
chapter. As time goes on, the student’s broadening background and 
increasing maturity will develop an ever deepening appreciation of the 
importance of the stoichiometric method in the professional work of the 
chemical engineer. The more difficult illustrative problems that are 
found at the ends of the chapters, particularly of the later ones, are 
specifically chosen with this thought in mind. 

The numerical problem method has one serious defect in education for 
professional work: the student has the problem stated for him, whereas in 
professional life the engineer must not only formulate the statement for 
himself, but he himself must first recognize the existence of the problem 
and collect and evaluate the data for its solution. The text endeavors to 
stimulate the student to an appreciation of this difficulty as the even 
treatment goes on, but this phase of instruction is one in which the 
wise teacher can make a most effective contribution. 

It is a quarter of a century since the first edition of this book appeared 
and the developments of that period, not only in industry itself but also 
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in educational methods, have made necessary a drastic revision of the 
original text. Nevertheless, its underlying purpose is unchanged. 

For much of the material used we are indebted again and again to 
contributions from professional colleagues, particularly from associates 
at Massachusetts Institute of Technology, The Cooper Union, the Uni- 
versity of Illinois, and Georgia Institute of Technology. The number of 
these contributions is so large that individual mention seems out of the 
question, but our appreciation of their importance is in nowise lessened. 


W. K. Lewis 
A. H. Rapascu 
H. C. Lewis 


February, 1954 
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Chapter 1 


INTRODUCTION 


The engineer in industry finds himself faced with operations and 
processes that he must understand thoroughly if he is to control them. 
It is always possible for him to get by direct observation a considerable 
body of factual information about a specific situation, but an adequate 
understanding of the case can never be attained except by a careful and 
dependable analysis and interpretation of these facts. There are times 
when an analysis must be purely qualitative in character, but there are 
other occasions where quantitative interrelationships are so important 
that no full understanding of the problem can be achieved without a 
proper study of the numerical data that are or can be made available. 
In one case it may suffice to prove only that one stream of material in a 
process is hotter than another stream, with the consequence that heat 
is being transferred from the first stream to the second and not in the 
reverse direction. This qualitative result alone may be most important. 
In another case, such as the burning of sulfur with air to form sulfur 
dioxide, sulfur trioxide, and ultimately sulfuric acid, it may be necessary 
to follow the course of oxidation and conversion throughout the equip- 
ment. To obtain this information will require several gas and liquor 
analyses and temperature measurements. The analytical data must be 
checked for consistency and dependability and must be further examined 
in the light of equilibrium relationships and heat effects of the chemical 
reactions involved. Only by a careful and exhaustive analysis of this 
nature can the process be fully understood. 

The purpose of this book is to introduce the reader to the techniques 
of analysis and interpretation of technical information available on 
industrial processes involving chemical reactions, with particular empha- 
sis on the use of quantitativemethods. It will be shown that the methods 
are equally applicable to the development and design of new processes, 
operations, and equipment. 

Principles used in chemical calculations. The factors that are 
by far the most important to the chemical engineer in the interpretation 
of process data are the fundamental principles of chemical science. It 
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is a fortunate fact that the most useful of these principles can be grouped 
under four major headings. Moreover, experience has demonstrated 
that, when analyzing a specific problem, it is almost always advantageous 
to take up these groups of principles in a given order, so that adherence 
to this order is strongly recommended as a rule of procedure. These 
fundamental groups of principles, in the order recommended for applying 
them, are as follows: 

1. The law of conservation of matter, particularly of the elements, 
together with the laws of chemical combining weights and proportions. 
These are the laws involved in the ordinary interpretation of the mass 
(or weight) relationships indicated by chemical reaction equations as 
conventionally written. 

2. The law of conservation of energy. In chemical processes this 
requires allowance for the heat effects of all chemical reactions involved, 
in addition to all physical-energy effects (heat losses, work effects, and 
the like) that are associated with the operation. 

3. The equilibrium relationships of the system. These require an ade- 
quate knowledge of the equilibria, both physical and chemical, of all reac- 
tions or interactions that actually go on in the system under consideration. 

4. The reaction-rate relationships of the system. These must include 
the rates of all changes occurring, whether physical or chemical in 
character. 

Applications of principles to specific problems. It is obvious 
that a complete understanding of these principles and mastery of the 
art of using them in specific situations go far indeed toward furnishing 
the professional equipment of the chemical engineer. Their complexity 
may tend to discourage the beginner. However, it is possible for him 
to become thoroughly familiar with the first group of principles without 
being confused by involvement with the later ones and to follow this 
by taking up the later principles in order. This procedure has been 
adopted in the presentation of material in this book, which will put its 
major emphasis on the first two groups or principles. However, problems 
of equilibria and, later, certain elementary problems of rate will be taken 
up. Neither of these last two groups of principles will be treated exhaus- 
tively, but consideration will be given to the way in which the principles 
of conservation of the elements and of energy contribute toward the 
analysis of equilibrium and rate relationships. 

There is another important justification for adhering to the order 
recommended. The various principles enumerated differ widely in the 
dependability of their quantitative formulations, and dependability 
decreases in the order given. The laws of chemical combining weights 
are valid to an accuracy far beyond that of most experimental measure- 
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ments of mass (weight).!. This validity is unimpaired by the widest 
variations in concentration, pressure, temperature, and other conditions 
of operation. On an absolute basis, the law of conservation of energy 
is equally valid, but from a practical angle its application loses accuracy 
because of variations of such factors as pressure, because pressure can 
profoundly influence the heat effects of a chemical reaction. Thus, the 
energy content of a gaseous phase can be changed greatly by pressure, 
owing to energy effects associated with deviations from the gas laws. 
In a solution, the energy content may be widely different from the sum 
of the energy contents of its components, even though these be in liquid 
form. Knowledge of the extent of these deviations and consequently 
of the exact magnitude of the energy effects is often seriously limited, 
so that energy calculations may, under specific conditions, be of relatively 
low dependability. Similarly, knowledge of the effects of pressure and 
concentration on both chemical and physical equilibria is so limited that 
quantitative computations may be in serious error, particularly where 
exhaustive experimental data on the effects of such factors are not avail- 
able. Finally, knowledge of reaction-rate relationships is in such an 
elementary state that in few cases are quantitative estimates dependable 
to better than a few per cent and in many cases they represent only 
crude approximations. It is obviously preferable to carry out first those 
phases of computation concerning the dependability of which there is 
least doubt, leaving to a later stage the steps of calculation that have the 
least dependable bases. 

Sometimes a problem may be encountered in which element balances 
throw no significant light on the situation. In that case, the thing to 
do is to go on to the energy relationships. If data are not available for 
handling these, they too may be passed over, leaving an analysis of the 
equilibria as the next step to take. However, the common problems of 
industry are not of this sort, and it is recommended that in each case the 
attempt be made to apply each group of principles in the order given 
above, endeavoring to exhaust the potentialities of analysis under each 
before proceeding to the next. Sometimes it will be necessary to back- 
track because information developed by calculations of equilibria and 
rate may make it possible to reappraise or carry further element or 
material balances. In general, however, adherence to the recommended 


1 The ordinary form of the law of conservation of the elements must, of course, be 


modified when dealing with radioactive elements, but even in this case the correction 
is usually negligible, except when dealing with such elements of relatively short life. 
Furthermore, when dealing with isotopes, the proper atomic weights must be_used. 
Obviously, however, in the overwhelming majority of industrial problems no such 


qualifications come into consideration. 
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order of steps of computation will be found justifiable and timesaving 
in the long run. 

Illustrative problems. In succeeding chapters the art of applying 
the above approach is illustrated by a succession of problems whose 
solutions are presented in the text. For the sake of simplicity, the earlier 
problems are apt to be artificial in character. However, problems con- 
sisting of actual cases drawn from the technical literature and from the 
industrial experience of the authors are introduced at an early stage, and 
the bulk of the material is of this character. 

Since the illustrative problems form most of the text, the way in which 
they are read is important. If the student will pause after finishing the 
statement of each problem and take the time to think through to what 
method of attack he would adopt if he actually had to solve the problem 
on his own, then as he reads the printed solution he can distinguish 
between the points he could have handled by himself and those he would 
have missed if on his own. The latter, of course, are the ones to study. 

Certain elementary concepts of physics and chemistry are so often 
used that it is advisable to review them at this point to make certain 
that a ready understanding of them may be counted on as part of the 
reader’s equipment for analyzing and interpreting the data of industrial 
processes. 

Molal units. Asin analytical and physical chemistry, so in industrial 
stoichiometry, it is frequently advantageous to use the mol as the unit of 
quantity. Whereas in scientific work the gram mol (7.e., a mass in 
grams equal to the molecular weight of the substance in question) is 
employed almost exclusively, in industrial work the pound mol (a mass 
in pounds equal to the molecular weight of the material) is often more 
convenient. Where any doubt exists as to molecular weight, as, for 
example, with materials subject to partial dissociation, polymerization, 
or the like, the value of the molecular weight employed must be clearly 
indicated. Frequently, the gram atom or pound atom is also used, and 
it is sometimes loosely referred to as “‘mol.’’ Since there are 454 grams 
in a pound, it follows that a pound mol is 454 gram mols, but as will appear 
later, this relationship is seldom used. 

Gas laws. The behavior of the so-called “perfect gases”’ is indicated 
by the equation 


pv = nRT 


In this equation p is the absolute pressure of the gas, v its volume, n 
the number of mols of the gas under consideration, R the gas constant, 
and 7' the absolute temperature. 

Both pressure and volume can be in any units desired and the tem- 
perature on any scale, but the scale must start at the absolute zero. 
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Since the absolute zero of temperature is approximately —273°C, 7.e. 
—460°F, then 273 must be added to the centigrade tabaranive Mt 
460 to the Fahrenheit temperature to get the respective absolute temper- 
atures. Absolute temperatures on the centigrade scale are called degrees 
Kelvin (°K) and on the Fahrenheit scale, degrees Rankine (°R*). The 
quantity of the gas in mols can also be expressed in any units, but only 
the gram mol, kilogram mol, and pound mol are ordinarily employed. 

The gas constant FR is the same for all gases that follow the ideal-gas 
law, but its numerical value depends on the units in which the other 
quantities in the equation are expressed. Commonly used values of R 
are given in Table 1-1. 


TABLE 1-1. VaLUES oF THE Gas ConsTANT R IN THE Equation pv = nkT 
FoR IDEAL GASES 










l-atm 








atm liters g mols “Cabs = °K 0.08206 ——. 
g mol-°K 
tLe cu ft lb mols SPabss— Ri 1543 eat) 
sq ft Ib mol-°R 
at ft | Ib mols : =° Canaan 
m cu mols F abs R 0.729 ib mol-R 





Deviations from perfect-gas behavior. The perfect-gas equation 
gives with good accuracy the relationship between p, v, n, and 7’ for most 
gases when the pressure is low and the temperature is well above the 
critical temperature of the gas in question. Thus, for the so-called 
‘permanent gases” at normal and higher temperatures, the deviations 
from the equation are slight up to several atmospheres and negligible 
at 1 atm or less. At pressures below atmospheric the deviations of 
other gases and even of saturated vapors seldom exceed 2 or 3%. As 
the pressure approaches zero, all gases conform to the equation, regardless 
of the temperature. 

For many gases, however, there are conditions of temperature and 
pressure where deviations from the perfect-gas law are large and may 
run to several hundred per cent. The deviations are specific for each 
gas, or gas mixture, and for exact work they must be determined experl- 
mentally. ‘Equations of state” have been developed for many gases 
that correlate p-v-7 data with considerable exactness, but generally 
these are too cumbersome to use in most engineering calculations. The 
most common and convenient method of taking these deviations into 


* The error that is most commonly made when converting Fahrenheit temperatures 
to the corresponding absolute scale is that of failing to remember that while the melt- 
ing point of ice is 0°C (273°K), it is 32°F (492°R). 
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account is by the use of a correction factor, called the compressibility 
factor z, to be used in the equation pv = znR7T’. For many gases the 
specific values for z, based on direct experimental determinations, are 
available in tabular or graphical form in the literature. Fortunately 
for engineering work, there exists for most pure gases a general rela- 
tionship showing z as a function of temperature and pressure if these 
are expressed in terms of the so-called “reduced temperature” T' and 
‘“‘reduced pressure” pr of the gas in question. These are defined by 
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Reduced preSsure, Pp = P/Po 
FIG. 1-1. Compressibility factor z for gases, 


Tr = T/T, and pr = p/p., where T, and p, are respectively the critical 
temperature and critical pressure of the specific gas. 

Figure 1-1, based on the behavior of hydrocarbons, shows the rela- 
tionship between z, pr, and Tx. It shows at a glance how real gases 
differ from ideal gases. For values of pr below about 8, and for Tp 
not more than 2, values of z are generally below 1.0; 2.e., the pv product 
or the actual volume of a gas at a specific pressure, is lees—sometimes 


much less—than would be calculated from pv =nRT. Above pe = 8 
the opposite is true. . 


INTRODUCTION 7 


The basic idea underlying a graph like Fig. 1-1 is expressed by the 
“law of corresponding states,’ which says that all gases behave alike 
when in “corresponding states,” z.e., when their pressures and tempera- 
tures bear given ratios to the critical values. This law in turn is subject 
to limitations, as is the perfect-gas law. Compressibility factors from 
Fig. 1-1 will not give the exact relationship between p, v, and T for all 
gases under all conditions, although these factors can be used where the 
perfect-gas equation is of little value. For most gases the deviations 
are not large, usually under 10% in the extreme, whereas the perfect-gas 
equation might show a deviation as much as 500%. In consequence 
the chart is extremely useful for engineering estimates. It breaks down 
for vapors exhibiting molecular association or dissociation, such as 
acetic acid, phosphorus pentachloride, or elementary sulfur, and for 
helium and hydrogen. For the last two it can be used when their 
reduced pressures and temperatures are based, not on their true critical 
constants, but on p, = 3.26 atm and T. = 6.3°K for helium, and on 
p, = 20.8 atm and 7% = 41.3°K for hydrogen. 

Gas-law calculations. The following simple examples are given 
to review the foregoing principles by means of numerical illustrations. 

Consider a steel tank having a volumetric capacity of 42 cu ft that 
contains compressed air at 15 psig (lb/sq in. gauge pressure). The 
temperature is 72°F. How many pounds of air does the tank contain? 

One must first get the total, or absolute, pressure of the air. Since 
the barometric pressure is not given, this will be assumed to be ‘‘normal,”’ 
i.e., 14.7 lb/sq in., giving for the pressure of the air 15 + 14.7 = 29.7 psia 
(Ib/sq in. abs). T in degrees Rankine is 460 + 72 = 532. Then, from 
pv = nRT, 
pv _ (29.7)(144) (42) 
RT (1543)(532) 


Since the average molecular weight of air is 29.0, 
0.2185 X 29.0 = 6.35 |b air 


As an example of the use of the compressibility factor, suppose it is 
desired to find the volume of 1 lb of methane gas at 0°C and 100 atm 
pressure. TJ. for methane is —82.5°C, and p, is 45.8 atm.* Thus, 
Tz for the given conditions is 273/(273 — 82.5) = 1.43, and 


100 
Pr = 45.8 


* Values for the critical constants of a number of substances may be found in the 
Appendix. Others are to be found in the literature. For example, see J. H. Perry 
(ed.), ‘Chemical Engineers’ Handbook,” 3d ed., p. 204, McGraw-Hill Book Co., Inc., 
New York, 1950; also N. A. Lange and G. M. Forker, ‘Handbook of Chemistry,” 
7th ed., pp. 1441-1476, 1502-1503, Handbook Publishers, Inc., Sandusky, Ohio, 1949. 


n= = 0.2185 mol air 


= 2.18 
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From Fig. 1-1, z is found by interpolation to be 0.785. The volume of 
1 lb of methane is then found as follows: 


v = znkT/p 

n = (1/16.04) lb mol T= '492"R 

p = 100 atm R = 0.729 cu ft-atm/lb mol-°R 
(0.785) (1/16.04) (0.729) (492) 

~~ 100 


From experimentally determined values of the compressibility factor for 
methane the volume is 0.175 cu ft. Thus, use of Fig. 1-1, which gives a 
general relationship between z and reduced temperatures and pressures, 
gives a value for the volume that, in this case, is 0.6% too high. This 
good agreement might have been expected, since the figure is based on 
data for hydrocarbons. On the other hand, if the perfect-gas equation 
had been used to calculate the volume, the result would have been 27.5% 
too high. 

As asecond example, calculate the volume of 1 lb of hydrogen at —50°C 
and 200 atm pressure. As was explained above, pseudocritical constants 
must be used if z for hydrogen is to be obtained from Fig. 1-1. These are 
T, = 41.3°K and p, = 20.8 atm, giving Tr = (273 — 50)/41.3 = 5.4, 
and pr = 200/20.8 = 9.6, whence z = 1.15. 

v = znRT/p 
= (1/2.016) lb mol T = 223°K, 2.¢., 402°R 
= 200 atm R = 0.729 cu ft-atm/lb mol-°R 
» = (1-15) (1/2.016) (0.729) (402) 
200 


I| 





= 0.176 cu ft 


3 3s 
| 


= 0.839 cu ft 


The experimentally determined volume is 0.840 cu ft. However, the 
perfect-gas equation would give 0.728 cu ft, a value that is 13.4% too low. 

Pound-molecular volume. Pressure and temperature are easily 
measured, but the volume of a gas is not readily found except by the 
use of special equipment, and then measurement is, in many cases, 
entirely impractical on account of the large volumes involved. Hence, 
the most frequent use of the gas laws is to calculate the volume of a gas 
when its quantity in mols, or pounds, and its temperature and pressure 
are known. 

Instead of solving the perfect-gas equation for the gas volume, it is 
often simpler to find the volume under some standard conditions of 
temperature and pressure and then to correct this standard volume by 
multiplying by temperature and pressure ratios. This is the method 
frequently employed in the solution of problems in analytical and physical 
chemistry, where it is convenient to use the gas laws in terms of the 
gram-molecular volume. This is the volume, 22.4 liters, of 1 g mol of an 
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ideal gas under standard conditions (s.c.) of temperature and pressure, 
which are 0°C and 1 atm. Similarly, in industrial work, it is desirable 
to use the pound-molecular volume, which is 359 cu ft at 32°F and 1 atm.* 
Indeed, it is frequently convenient to define the molecular weight of a 
gas (or of a gas mixture) as the mass in pounds of 359 cu ft of gas, meas- 
ured at standard conditions. 

If the equation for the gas under any conditions is written as pv = nRT, 
and the equation for 1 mol of gas under standard conditions as poo) = RT, 
dividing the first equation by the second and solving for v gives 


v= Nn X vo X = x as 
pie ers 
That is, the volume in cubic feet equals the number of pound mols times 
the pound-molecular volume, 359 cu ft, times correction factors for 
temperature and pressure. Since po/p and 7'/T> are ratios, they may 
be expressed in any units for absolute pressure and temperature as long 
as the units are the same in any one ratio. 

Instead of memorizing the preceding equation, it is well to remember 
only that the volume at standard conditions must be multiplied by an 
absolute-temperature ratio and an absolute-pressure ratio and to rely 
on common sense to determine whether these ratios should be greater or 
less than unity, according as the gas volume is desired at a higher tem- 
perature or lower pressure than standard, or vice versa. Obviously, 
the same reasoning applies to the conversion of a gas volume from its 
volume at any conditions not standard by use of the proper pressure 
and temperature ratios. 

The preceding concepts are simple to apply. For example, what is 
the volume of 100 lb of a gas with an average molecular weight of 18 if 


it is held at 20 psig and at 100°F? 


Pen secgsn x Bbescut. 
Dred 
wee 200 
18 
po «dA. 
p (14.7 + 20) 
T (460 + 100) 
tes 492 


* In the manufactured-gas industry it is standard practice to report gas volumes in 
cubic feet at 30 in. Hg absolute pressure, and at 60°F, saturated with water vapor. 
Calculations, however, are made on the basis of dry gas at 30 in. Hg and 60°F, under 
which conditions the pound-molecular volume is 378 cu ft. The saturated volume, 
i.e., the volume of 1 mol of dry gas after saturation with water vapor, is 385 cu ft. 

In the natural-gas industry several standards are encountered, but the one most 


frequently used is dry gas at 60°F and 1 atm. 
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Note that the pressure ratio is less than unity because the gas is at a 
higher pressure than atmospheric and therefore has a lesser volume than 
it has at standard conditions. Note also that the temperature ratio 1s 
greater than unity because of the higher temperature. 


100\ o--. (14.7\ (560\ _ 


Dalton’s law of partial pressures. Another law applicable to gas 
mixtures at low pressures is Dalton’s law relative to the additivity of 
partial pressures. It is easily seen that in any mixture of gases the com- 
ponents of which follow the gas laws, the volume per cent of any com- 
ponent is equal to the mol per cent of that component and is also equal 
to the partial pressure of that component expressed as a percentage of 
the total pressure. This may be written: 
partial pressure 


Volume per cent = 100 (mol fraction) = 100 “total pressure 


This rule is used in all volumetric gas analyses which are made at atmos- 
pheric pressure or below. In general, the partial pressures of the indi- 
vidual components are so low that the deviations from the gas laws are 
less than the manipulative errors of analysis. However, should condi- 
tions where this is not the case be encountered, analysis must be made 
by other methods or else the results corrected for the deviations. It is, 
however, perfectly allowable to make gas analyses at low pressures where 
the gas laws hold, and then to use the analytical results under higher 
pressures and lower temperatures where the deviations may be very large, 
since a change in temperature or pressure alone cannot possibly produce 
a change in the composition of a mixture as a whole. 

Heat quantities. All the commonly used units of heat energy are 
defined in terms of the amount of heat required to raise 1 unit mass of 
water | degree in temperature. Thus, in the metric system, the unit of 
heat is the gram calorie (cal), which is the amount of heat necessary to 
raise the temperature of 1 g of water 1 centigrade degree.* In the English 
system it is the British thermal unit (Btu), which is the heat required to 
raise the temperature of 1 lb of water 1 Fahrenheit degree. Another 
unit is the centigrade heat unit (Chu), which is the heat necessary to 
raise 1 lb of water 1 centigrade degree. The centigrade heat unit mixes 
units from the two systems, but for that very reason it is convenient to 
use in many thermal calculations because of the ease of applying thermal 
data from the scientific literature to industrial calculations and because 
many chemical plants which measure their materials in pounds employ the 
centigrade temperature scale in their manufacturing operations. 


* The exact definition specifies the temperature interval to be between 15° and 16°C. 
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The relationship between any two of these heat quantities is easily 
seen by referring to the definitions. Since 1 lb = 454g, 1Chu = 454 cal; 
and since 1 centigrade degree = 1.8 Fahrenheit degrees, 1 Chu = 1.8 Btu. 
The relationship between cal and Btu is 1 Btu = (454/1.8) cal = 252 eal. 
The first and third of these relationships are seldom used, as will appear 
from the following discussion and from later problems. It is only 
necessary to remember that 1 Chu = 1.8 Btu, which is simply the rela- 
tionship between the two temperature scales. 

In most chemical calculations the thing of interest is the ratio of the 
quantity of heat to the quantity of material under consideration. If 
this ratio has been established in the metric system as x cal/g, then the 
ratio must also be x Chu/lb, where x has the same numerical value in 
both ratios. This can be seen from the fact that if both numerator and 
denominator of the first ratio, x cal/g, are multiplied by 454, then the 
second ratio, x Chu/lb, is obtained without change in the value for z. 
Thus, the statement that a certain liquid has a heat of vaporization of 
120 cal/g means that it requires 120 cal to evaporate 1 g and that it 
will require 120 Chu to evaporate 1 lb. 

Heats of reaction. Heats of chemical reactions are almost always 
given on a molal basis, corresponding to the chemical equation as written 
in connection therewith. The equation 


CaO(s) + CO2(g) = CaCO;(s) + 43,700 cal (at 18°C) 


means that 1 mol (56 g) of solid CaO combines with 1 mol (44 g) of 
gaseous CO, to form 1 mol (100 g) of solid CaCO; and that the com- 
bination of these quantities of reacting substances is attended by the 
evolution of 43,700 cal, provided that the product, CaCOs, is at the same 
temperature as the reacting substances, which in this case is 18°C.* 
From the relationship between calories per gram and Chu per pound, it 
is evident that when 56 lb of CaO combines with 44 lb of CO: to form 
100 lb of carbonate the heat evolved will be 43,700 Chu (at 18°C). 

The symbols (s), (1), and (g), which are used to indicate whether the 
substance is respectively in the solid, liquid, or gaseous state, are fre- 
quently omitted from the thermochemical equation, but this practice 
sometimes leads to confusion. For example, the reaction 


CHi(g) + 202(g) = COs(g) + 2H20(1) + 212,950 cal 


means that when 1 mol of methane is burnt with oxygen to form carbon 
dioxide and water and the water is condensed to liquid the heat evolution 
is 212,950 cal/g mol of methane. On the other hand when the water is 
left as vapor the reaction is 

CH,(g) + 202(g) = CO2(g) + 2H:0(g) + 191,910 cal 


* The pressure is understood to be constant at 1 atm unless otherwise specified. 
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The difference of 21,040 cal is approximately 10% and is due to the fact 
that this number of calories is required to vaporize 2 mols of water. 
Thus, when using heats of reaction one must always make certain that 
the states of the chemical substances are known to correspond with 
the values used. 

Heat capacities of gases. It is important to remember that, sO 
long as a particular gas behaves as a perfect gas, 1.5 conforms quanti- 
tatively to the equation pv = nRT, its heat capacity, specific heat, 
energy content, and enthalpy are functions of the temperature only and 
are independent of pressure and density (or concentration). Thus, the 
energy that must be abstracted to cool a perfect gas over a given tempera- 
ture range is independent not only of pressure level but also of the mag- 
nitude of pressure drop of the gas in flowing through the equipment in 
which the cooling is carried out. Deviations from the rule that energy 
content is independent of pressure can be detected at low pressures in 
many cases but are often negligible from an engineering standpoint up 
to fairly high levels of pressure. This rule has great practical utility. 

In recent years, highly precise data have been obtained on the heat 
capacities of various gases normally found in the products of combustion 
of fuels. Data of somewhat less precision, but nevertheless reliable, 
are also available on the heat capacities of the lower paraffin and olefin 
gases. With any of these actual gases, as the pressure is reduced at 
constant temperature, its observed heat capacity c, approaches an 
asymptotic value, c>}. The heat capacity per mol, or “molal heat 
capacity,” is the product of the molecular weight M and c,, or Me,. 
Values for the molal heat capacity at zero pressure, Mc°, for several gases 
are plotted in Fig. 1-2.* They are sufficiently close to the values at 
atmospheric pressure to be used as such in most engineering work. 

In engineering calculations, one is usually interested, not in the heat 
capacity at a particular temperature, but in the quantity of heat 
absorbed by the gas in the process of being heated, or given up by the gas 
in the process of being cooled, between two temperature limits. This 
quantity of heat is the change in the sensible-heat content, or the change 
in enthalpy, of the gas, and is obtained by integrating the data on heat 
capacities between two temperature limits. Thatis, Ah = cS dt between 
the temperature limits in question, where Ah is the enthalpy change per 


* CO:, CO, H.0, H2, Ne, Oo, CH, main reference: D. D. Wagman, J. E. Kilpatrick, 
W. J. Taylor, K. S. Pitzer, and F. D. Rossini, J. Res. NBS 34, 143 (1945). H.O spin 
correction: C. C. Stephenson and H. O. McMahon, J. Chem. Phys. 7, 614 (1939). 
OH: H. L. Johnston and D. H. Dawson, J. Am. Chem. Soc. 55, 2744 (1933). NO: 
H. L. Johnston and A. T. Chapman, J. Am. Chem. Soc. 55, 153 (1933). Hydrocarbons 


above CH,: J. W. Anderson, G. H. Beyer, and K, M. Watson, Natl. Petroleum News 
36, R 476 (1944), 
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FIG. 1-2. Molal heat capacity of gases at zero pressure Mc?. The dashed curves are of 
lower accuracy than the others. (This figure and Fig. 1-3 are ‘spplied through the courtesy 
of Professor H. C. Hottel of Massachusetts Institute of Technology.) 
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unit mass. On a molal basis, M Ah = {Mc$ dt. If this integration is 
performed once and for all and the results are summarized in a plot of 
sensible-heat content against temperature, then heat quantities can be 
read directly from the plot, without the need for repetitious integrations. 
On the other hand, for any given size of chart, a plot of heat capacities can 
be read with much higher precision than a plot of enthalpies, because, 
over wide ranges of temperature, the percentage change in heat capacity 
is relatively small. A convenient compromise, which gives the accuracy 
of a graph of heat capacities and yet avoids the necessity for repeated 
integrations, is to plot an average heat capacity, defined as sensible-heat 
content at temperature ¢, relative to a fixed base temperature ¢;, divided 
by ¢—%. In mathematical terms, the average molal heat capacity is 


[i Mes at 
Me. = —— 


a cmt | 


Figure 1-3 is a chart of this type, in which ¢; = 60°F. Values of the 
sensible-heat content in Btu per pound mol, relative to 60°F, are obtained 
by multiplying the ordinate Mc, by t — 60°. If the datum tempera- 
ture ¢; is not very far from 60°F, there is but a slight difference in the value 
as read from the chart and the actual value for Mc°,,, between t; and t, and 
therefore only a slight error is incurred when multiplying the ordinate by 
t — t, to get the sensible-heat content relative to f;. 

As previously stated, the heat quantity of interest in engineering calcu- 
lations is usually the change in sensible-heat content between two tem- 
peratures. For example, suppose it is desired to know the heat given up 
by cooling a mol of carbon dioxide gasfrom 1500°F to500°F. Its sensible- 
heat content at 1500°F, relative to 60°F, is 


11.55(1500 — 60) = 16,630 Btu/mol 


and is 9.92(500 — 60) = 4365 Btu/mol at 500°F, also relative to 
60°F. The heat given up by cooling the gas from 1500°F to 500°F is 
16,630 — 4365 = 12,265 Btu/mol. Obviously the average value for 
Mc’, between these two temperatures is 12,265/1000 = 12.27. This is 
quite different from any value read from the chart in this temperature 
range because it is an average based on 500°F, which is quite different 
from 60°F on which the chart is based. 

From the fact that, in the absence of chemical interaction, the heat 
effect of isothermal mixing of perfect gases is zero, it follows that the total 
heat capacity of a mixture is the sum of the heat capacities of its compo- 
nents; 7.e., the enthalpy change of the mixture is the sum of the enthalpy 
changes of the individual components over the same temperature range. 
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FIG. 1-3. Average molal heat capacity of gases at zero pressure Mc} avs between 60°F 
and abscissa temperature. The dashed curves are of lower accuracy than the others. 


While this rule breaks down for real gases, the errors introduced by using 

it are small for moderate deviations from the perfect-gas law. 
Thermal properties of liquids. No widely dependable generaliza- 

tions on liquids have been developed. For water, the steam tables, ! 


1J. H. Keenan and F. G. Keyes, “Thermodynamic Properties of Steam,” John 
Wiley & Sons, Inc. New York, 1936. An abridged form of the steam tables is given 


in Table A-3 in the Appendix. 
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which are based on direct experimental determinations, should be used. 
Similar tables or charts have been made for a limited number of other 
liquids that are commonly used in industry.!. These tables, when avail- 
able, are most convenient as they give the heat content or enthalpy 
directly. When the tables are not available, values of specific heats and 
heats of vaporization (usually at atmospheric pressure) are to be found 
in a number of handbooks? and may be used to calculate the heat content 
of the liquid or vapor. In the absence of any data pertaining to a specific 
compound, one can estimate the heat of vaporization by using one of 
several correlations that are available in the literature. 

Techniques of computation. Each step in the computation itself, 
other than mere algebraic transformations, must represent the application 
of some valid principle or accepted quantitative relationship. The prob- 
lem is to be able to recognize the principles relevant to the case in hand 
and to develop the art of applying and combining them to secure the 
result desired. Some of the most important of these principles are so 
familiar that one uses them unconsciously, without recognizing them for 
what they are. Others, such as the gas laws and the laws of combining 
weights, are usually used as steps in a larger program. The problem of 
computation is twofold: planning the over-all program, and choosing the 
principles necessary for its realization. 

Ratios and conversion of units. In the main, chemistry is a 
science whose basic quantitative relationships are simple proportions. 
An appreciation of this fact greatly simplifies computations, particularly 
the conversion of units from one system to another. While this fact is 
emphasized repeatedly in the following chapters, a single illustration will 
not be out of place at this point. Assume that a sample of gasoline weigh- 
ing 0.142 g, enclosed in a thin-walled sealed bulb, be introduced up 
through the mercury of a Torricellian barometer tube inverted in a dish 
of mercury, the whole jacketed at a temperature of 200°F to ensure com- 
plete vaporization of the gasoline. The height of the mercury in the tube 
above the level in the dish before the introduction of the bulb, corrected 
for the temperature of the mercury, was 752 mm, and after introducing 
and breaking the bulb it was 664 mm. The volume of the vapor above 
the level of the mercury was 310 cc. It is required to deliver, to the 
intake of an internal-combustion engine, a mixture of this gasoline 
vaporized in air at a temperature of 100°F, at a concentration such that 
the partial pressure of the gasoline vapor is 12.5 mm. How many cubic 


feet of air-vapor mixture must be delivered to the intake per pound of 
gasoline vaporized? 


‘Perry, op. cit., pp. 249-281; J. B. Maxwell, “Data Book on Hydrocarbons,” D. 
Van Nostrand Company, Inec., New York, 1950. 


* Data for a considerable number of compounds are given in the Appendix in the 
form of alignment charts. For others see Perry, op. cit., or Lange and Forker, op. cit. 


INTRODUCTION 17 


Proportion offers perhaps the simplest method of solving this problem. 
The data show that at 200°F and 752 — 664 = 88 mm absolute pressure, 
0.142 g of gasoline vapor occupies the volume of 310 g of water. By pro- 
portion, it is, therefore, obvious that, at 200°F and 88 mm pressure, 
0.142 lb of gasoline vapor will occupy the volume of 310 lb of water, 1.€., 
310/62.4 = 4.97 cu ft. Hence, again by proportion, under the same 
conditions of temperature and pressure, 1 lb of vapor would occupy 
4.97/0.142 = 35.0 cu ft. At the lower pressure of 12.5 mm,* the 
volume of vapor is increased in inverse proportion to the pressures to 
35.0(88/12.5) = 246.3 cu ft. Because of the lower temperature, this is 
reduced in proportion to the absolute temperatures to 


246.3(560/660) = 209 cu ft 


This is the volume of gasoline-vapor—air mixture which must enter the 
intake in order to introduce 1 lb of this particular gasoline as vapor if its 
partial pressure in the mixture is 12.5 mm and its temperature is 100°F. 

Note that such a method of attack avoids the necessity of conversion 
factors from one system to another and, furthermore, makes it possible 
easily and clearly to visualize the significance of each step of the computa- 
tion, thereby greatly reducing the chances of errors. 


It is important to recognize the principles underlying the successive steps in this 
calculation. The absolute pressure was computed on the principle of hydrostatics 
that, in a homogeneous fluid (the mercury), pressure is a function of depth only and 
pressure difference proportional to difference in depth. That the ratio of the mass 
of vapor of a given gasoline at fixed temperature and pressure to the mass of water 
necessary to occupy the same volume as the gasoline vapor is constant, independent 
of both the magnitude of the masses and the units of mass employed to measure them, 
is one of those things deemed so obvious that the underlying reason for it is almost 
never formulated. It may be called the principle of homogeneity—that all the inten- 
sive properties of a given material under definite external conditions of temperature 
and pressure and, in the absence of phase separation, are constant throughout the 
mass. This includes density, or mass per unit volume, so that fixing total mass 
fixes total volume and vice versa. The next proportion is a second application 
of the same principle. The last two steps are of course based on the gas law. 

The change in units was made by using the principle of homogeneity in a somewhat 
more subtle way. Advantage was taken of the fact that, for given conditions, the 
numerical value of any dimensionless property of a material or system is independent 
of the units, provided consistent systems of units be employed. The transformation 
in units might have been made by conversion factors, converting 0.142 g to pounds 
and 310 ce to cubic feet. Here again one rarely tries to justify the conversion on the 
basis of principle. After all, 454 g is identical with 1 lb, although not numerically 
equal to it. 

This justification of the use of ratios is given for logical consistency and not because 
ratios bother the student. Indeed, the man trained in chemistry finds the use of 
ratios so congenial that he should be encouraged to exploit them to the full. 


* Note that the volume of the gasoline depends on its partial pressure alone, and is 
independent of that of the air mixed with it and occupying the same volume. 
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Material and energy balances. The application to specific problems 
of the law of mass conservation is made by what are commonly termed 
“‘material balances,” z.e., by equating input of material to output for the 
process under consideration. Material balances can be written for the 
material as a whole and, where data are available, for the individual 
chemical elements. Similar balances called ‘‘energy balances” that 
derive their validity from the law of conservation of energy can be set up 
for the energy effects. Furthermore, each of the equations obtained in 
writing these balances is independent of the others. Thus, the method 
of computation most frequently employed in industrial stoichiometry is 
the equating of input to output, since these equations in some form appear 
in nearly every problem. The most important factor in the technique of 
industrial stoichiometry is the mastery of the manipulation of balances of 
this sort. 

Basis of computation. To ensure clarity and accuracy of thinking, 
it is imperative to visualize exactly the thing under consideration. This 
thing or quantity about which one is talking is called the ‘‘ basis” of com- 
putation. The “system” in thermodynamics is also the thing about 
which one is talking, and in energy calculations, ‘system’ and “basis”’ 
are often synonymous. However, the use of the two terms often differs. 
Thus, in a batch operation the system is usually the total mass of matter 
undergoing change, visualized as isolated materialwise from its surround- 
ings; in material and element balances on the same system, it may often 
be more convenient to take as the basis a single element or component. 
Similarly, an element of time may be taken as the basis, although this is 
usually equivalent to considering a given quantity of matter, which is 
more satisfactorily indicated or defined in this way. In any event such a 
“basis” cannot serve as a thermodynamic “system.” 

In handling a given case it is frequently desirable, if not indeed neces- 
sary, to use more than one basis. However, one must never use more 
than one basis at a time. At various stages in computation it will be 
necessary to change from one basis to another, but a change in basis 
should be scrupulously avoided in- the middle of any specific computa- 
tional operation, as one avoids swapping horses in fording a stream. 
Furthermore, both to eliminate confusion in one’s own thinking and to 
make the computational method clear to anyone checking the results, an 
unequivocal statement of the basis being employed should appear as a 
heading for each stage of computation. 

Schedule of steps in computation. Long experience has shown 
the advantage of conformity to the following code, involving a definite 
sequence of steps to be taken, once the problem and its meaning have been 
studied carefully: 


1. Sketch a diagram or flow sheet. This is the more important the 
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more involved the process. It is often helpful to indicate all basic data 
on the sketch itself, and it may be desirable to write on it also the chemical 
equations and their heat effects. 

2. Choose a basis. The first choice may be tentative. One often 
finds, particularly during the course of solution, that other bases must be 
adopted and used, at least temporarily. 

3. Apply material, element, and component balances. 

4. Use energy balances. 

5. Apply the known equilibrium relations. 

6. Employ the reaction-rate relations. 

7. Retrace the foregoing steps and interrelate them as constructively 
as possible. 

As skill develops, one or more of these steps will often be omitted, either 
as a short cut, or because data for it are lacking or inadequate, or because 
it does not promise constructive information. However, it is wise to form 
the habit of checking off each of these steps in order and, if any one is to 
be omitted, doing this purposefully and not through intellectual default. 

Dependability of results. Because material and energy balances 
are based on laws the validity of which may normally be treated as abso- 
lute, the dependability of the results is limited only by the accuracy and 
completeness of the data available. Thus, stoichiometric methods pro- 
vide a superlative check on the reliability of industrial data from whatever 
source, making it possible to detect inconsistencies and errors and avoid 
unjustifiable conclusions. Obviously, the data on which such compu- 
tations are based should be collected with care. Samples taken for 
analysis must truly represent the average compositions of the materials 
in question. Analyses must be made with accuracy. No sources of loss 
must be overlooked or neglected. When, however, these precautions 
have been taken and the data cross-checked by proper methods of compu- 
tation and comparison, it becomes possible to have justifiable and well- 
founded confidence in the results and, therefore, in conclusions based upon 
them. 

Material and energy balances are often spoken of as the engineering 
equivalent of the balance sheet of the accountant. They are far more 
than this. When the accountant balances his books, it means only that 
the numerical value of the debit and credit items are such as to check. It 
does not mean that those items are in fact correct. Thus, there could be 
an error of 1000 tons in the amount of salt recorded as consumed by a 
given plant during the month, which would never show up in the account- 
ant’s balance sheet. If, however, a material balance for the plant is set 
up for the month, the discrepancy cannot fail to appear unless it is coun- 
terbalanced by other errors that fortuitously cancel it. Moreover, if both 
sodium and chlorine balances be set up, both will be out of line to an 
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equivalent amount. Since the balance for each element on which data 
are available represents a completely independent relationship, equivalent 
to an independent simultaneous equation in the setting up of the balance, 
the utility of such balances in detecting and eliminating errors is extraor- 
dinarily great. When an operation or process has been analyzed by a 
series of balances of this sort, the attainment of good balances gives 
assurance as to the dependability of the data and confidence in conclu- 
sions based on the data. This constitutes an extremely important asset 
for the engineer. 


PROBLEMS 


1. A paper mill ships to a Texas distributor 12,208 Ib of paper. A sample carefully 
taken at the mill is found by analysis to contain 4.28% moisture. A sample similarly 
taken at the destination by the distributor shows 7.88% moisture. What should be 
the weight of the shipment as received by him? Ans. 12,700 Ib. 

2. A set of sugar evaporators handles 120 short tons per 24 hr of pure cane sugar, 
fed to the evaporators as 38% solution and discharged by them as 74% solution. 
How many pounds of water do these units evaporate per day? 

3. A cotton mill dries part of the water-soaked fabric leaving the scouring opera- 
tion in a drier which delivers the fabric with a residual moisture content of 9% by 
weight, the fabric in this condition being 6.2 yd/lb. The fabric goes to the drier from 
the scouring containing 44% moisture. How many pounds of water are removed by 
the drying operation per 1000 yd of finished fabric? 

4. This mill sizes another part of this same fabric as follows: The scoured fabric 
containing 44% moisture is given an initial drying to 30% moisture. It then passes 
through an impregnating trough and squeeze rolls in which it imbibes a starch solu- 
tion, uniformly distributed through it by the rolls. The starch solution in this 
trough is kept at a uniform level by feeding into it a 12% solution of starch in water 
to replace that taken up by the fabric. Analysis of the fabric as it leaves the impreg- 
nating unit shows that it again contains exactly 44% moisture. It is now given a 
final drying down to 8% moisture. What is the total water evaporated in the two 
drying operations per 1000 yd of finished fabric, and what is the weight ratio of dry 
starch on it to dry fabric? 

5. In order to calibrate an orifice, used for metering the flow of dry air in a 2-ft-I.D.- 
duct at 70°F and 16.2 psia, anhydrous ammonia was bled into the center of the air 
stream at the rate of 0.251 lb/min. At a distance downstream sufficient to ensure 
complete mixing of the ammonia and air, the air was analyzed for ammonia content. 
A small stream of the air was bubbled through 100 ml of 0.0105 N sulfuric acid in an 
efficient absorption device, and the rate of flow of the sampling stream was measured 
after absorbing the ammonia by passing the air through a drying tube and collecting 
the dry air over mercury at 70°F and 1 atm total pressure. The volume of air col- 
lected was 0.202 cu ft, and the amount of base (0.00995 N) required for the back titra- 
tion of the 100 ml of acid was 80.5 ml. Calculate the following: 

(a) The rate of flow of air in the duct, expressed as pounds of air per minute. 

(b) The air velocity in feet per second. See oe 
th Sap Nicci at fe aa ig %o of CO2 is flowing through a pipe at normal 
EOD eae ai 8 “ cf * wi he " bled into the line from a cylinder at arate 
rarest aa he ihe phan aken from the line at a sufficient distance down- 

plete mixing has taken place contains 3.71 vol-% of COs. What is 
the rate of flow of illuminating gas in cubic feet per minute? 
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7. Moist air is flowing at a steady rate through a pipe line. At section 1 in the line 
the temperature is 80°F, the total absolute pressure is 753 mm Hg, and the partial 
pressure of the water vapor in the air is 12mm Hg. In order to measure the flow rate 
of the moist air, 15 lb mols/hr of a flue gas at a total absolute pressure of 753 mm Hg 
and a temperature of 215°F is fed into the line at section 2. The flue gases analyze 
18.2% COs, 1.6% Ov», and 80.2% N2 on a dry basis; the partial pressure of water 
vapor in the flue gas is 17 mm Hg abs. At section 3, after complete mixing, the total 
absolute pressure is 727 mm Hg, the temperature is 92°F, and the analysis is 7.2% 
CO, on a dry basis. 

Calculate the pounds per hour of moist air flowing through the pipe line. 

8. A plant buys its coal at $9.20 per ton on a guarantee of a heating value of 13,500 
Btu/lb and 7% ash as delivered. It is agreed that handling of the coal costs $2 per 
ton and disposal of cinders costs $3 per ton of cinders. The plant and coal dealer are 
unable to agree on a sliding scale to allow for deviation of the coal from specification. 
Assuming the above facts and that the cinders contain no unburned material, 

(a) Formulate a price arrangement fair to both parties for determining the price to 
be paid for a coal with a heating value of Q Btu/Ib and z% ash. 

(b) Caleulate the price for 15,000-Btu coal with 4% ash. 

(c) Calculate the price for 11,000-Btu coal with 12% ash. 

9. A tannery extracts mangrove bark containing 4% moisture, 37% tannin, and 
23% soluble nontannin material. The residue removed from the extraction tanks 
contains 62% moisture, 2.8% tannin, and 0.9% soluble nontannin material. What 
percentage of the tannin in the original bark remains unextracted in the residue? 

Ans. 8.0%. 

10. A woolen mill extracts the grease from its raw wool by solution in naphtha 
(volatile organic solvent). The raw wool in a specific batch contained 12 % moisture, 
30% wool grease, 3% salts (including natural soaps), and 55% fiber. The naphtha 
extract removed contained 88% naphtha. The extracted wool carried 52% naphtha 
and 8% moisture. The naphtha was then removed from both the wool and the solu- 
tion by vaporization and recovered by condensation. The final degreased wool con- 
tained 8 % moisture and 4% salts and was grease-free. How many pounds of naphtha 
were removed from the wool by vaporization per 100 lb of final degreased wool? 

11. An industrial process for the manufacture of naphthalene-1-5-diamine yields 
at one stage of the operation a water solution of the base containing 3.01% base by 
weight. The base is recovered by countercurrent extraction of the aqueous solution 
with ethyl ether containing 1.25% water by weight. The ether extract is found to 
contain 15.2% base and 3.67 % water on a weight basis. The extracted water layer 
contains a negligible amount of the base but contains 3.24 % ether by weight. 

(a) How many pounds of water-free ether were used for the extraction per 1000 Ib 
of base extracted? 

(b) What per cent of the ether did the extracted water layer contain? 

(c) If the original water solution contained 16.5 % by weight of potassium chloride, 
insoluble in ether, what was the concentration of potassium chloride in the extracted 
water layer as weight per cent of the solution? 

12. In a plant making chlorinated rubber, the vent gases from the chlorinator aver- 
age in composition 67.1% HCl, 15.5% Cl2, and 17.4% CCl, (mol per cent). These 
gases are fed to a Tourill absorber where they are scrubbed with water, the hydro- 
chlorie acid formed and the CCl, condensed being separated and pumped to separate 
tanks. The exit gases from the Tourills average in composition 29.5% HCl, 42.6% 
Cl,, and 27.9% CCl, (mol per cent). The tower is producing 31.7% by weight hydro- 
chloric acid and the water rate at the top of the tower is 100 lb/hr. The CCl, con- 
tains 8.95% by weight free chlorine. A negligible amount of free chlorine is dissolved 
in the hydrochloric acid, Calculate the following: 
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(a) The pounds per hour of hydrochloric acid produced. 

(b) The feed rate of gas to the Tourills in pound mols per hour. 

(c) The per cent recovery of HCl. 

(d) The per cent recovery of CClu. » aoe 

13. A pan contains 6420 lb of an aqueous solution at 104°C, 29.6 % of nine is 
anhydrous sodium sulfate. The whole is cooled without evaporation to 20 C, at 
which temperature crystals of NasSO«-10H.O separate. The remaining solution 
(mother liquor) is found to contain 16.1% anhydrous Na2:SO,. What is the weight 
of this mother liquor? Ans. 3340 lb. 

14. Sodium sulfide is produced by reduction with coal screenings of salt cake 
(Na.SO,) obtained from Mannheim furnaces. The reduction takes place in an oil- 
fired, horizontal, rotary furnace and the ‘‘black ash” produced, containing the 
sodium sulfide, is leached with hot water. The solution leaving the leaching pans is 
at 90°C and contains 27.2% NaS. This solution is pumped to crystallizing pans, 
where crystals of the composition Na.S-9H.O separate out. The mother liquor 
leaving the crystallizing pans is at 18°C, at which temperature the solution saturated 
with Na»S-9H,O contains 13.3% NaS. In connection with a survey of the operation 
of this plant, it has become necessary to calculate the maximum yield of crystals per 
1000 lb of solution fed to the pans under the following assumed conditions of operation: 

(a) No evaporation of water during crystallization. 

(b) Water evaporation during crystallization equal to 10% by weight of the water 
of hydration in the separated crystals. 

15. The following approximate figures are available on the operation of a magnesium 
plant. The raw material is a brine containing MgCl. and CaCl, in the weight ratio 
of 1:3. This brine is fed to evaporators. As evaporation proceeds, crystals of 
tachydrite (2MgCl.-CaCl,-12H.O) separate out. The residual liquor leaving the 
evaporators, containing MgCl, and CaCl, in the weight ratio of 1:10, is treated with 
lime to precipitate Mg(OH)., which is then treated with H.SO, to form Epsom salts 
(MgSO,-7H;0). The tachydrite crystals from the evaporators are dissolved in hot 
water and cooled in crystallizers, separating out MgCl.-6H.0, which is put through a 
dehydrating operation and then used as charge for electrolytic cells to produce Cl, 
and metallic Mg. The mother liquor from the erystallizers, which has a weight ratio 
of MgCl, to CaCl, of 1:1, is sent back to the evaporators. 

(a) Of the Mg present in the raw brine, what per cent goes to the cells? 

(b) Of the Mg entering the crystallizers, what per cent leaves the crystallizers in 
the mother liquor? 

16. The stable form of sodium sulfate in equilibrium with aqueous solutions at 
10°C is Glauber’s salt, Na.SO,-10H.0. Its saturated solution at this temperature 
contains 8.4 wt-% of anhydrous Na.SO,. At 100°C the stable form is NasSO, and 
its solubility similarly expressed is 29.6 wt-%. 

(a) If a 29-wt-% solution of anhydrous salt be cooled from 100°C to 10°C and 12% 
of its initial water be lost by evaporation during the process, what fraction of the total 
sulfate content would be expected to crystallize out? 

(b) After the above crystallization, the mother liquor is drained from the crop. 
However, because of adhering mother liquor, 3.1% by weight of the crop is water of 
solution, 7.e., in excess of water required to make Na.SO,-10H.0 from the total amount 
of NasSO, present in the crystals and adhering liquor. How much water is required 
for the initial solution of the original salt, per 1000 Ib of Glauber’s salt obtained as the 
final product after drying off the water of solution? 


Chapter 2 
GASEOUS AND LIQUID FUELS 


Gaseous fuels. Substantially all gaseous fuels are mixtures, the 
analysis of which is designed to identify each chemical component and 
determine its amount. Occasionally identification is incomplete. Thus, 
olefins, usually present in small amounts, are often lumped together.! 
Natural gas contains saturated paraffin hydrocarbons, predominantly 
methane, together with other gases (nitrogen, carbon dioxide, etc.), 
usually small in amount. The principal constituents in the manufac- 
tured, so-called secondary, gaseous fuels? are hydrogen, carbon monoxide, 
and hydrocarbons, often accompanied, however, by considerable amounts 
of nitrogen, carbon dioxide, etc. The analyses are almost always volu- 
metric, conducted at atmospheric pressure, with the results reported as 
volume per cent, identical with mol per cent except for minor deviations 
from the gas laws. Wherever a gas analysis is reported otherwise it is 
imperative to state the fact. 

The nitrogen in these gases usually comes largely or exclusively from 
air, which is introduced in the course of their manufacture. It is almost 
always determined as chemically inert residual gas and includes the noble 
gases present in the air. 


1In gases formed at high temperature levels, any olefin present is predominantly 
ethylene and is ordinarily reported as such. In mixtures in which, because of their 
origin, it is known that higher olefins are likely to exist, the total olefins are not infre- 
quently reported as a single compound, e.g., propylene. This is a rough method of 
averaging their molecular weights. 

2 As will develop later, the most essential thing about the composition of any organic 
fuel, gases included, is its content of carbon and available hydrogen. In gas analysis 
these elements when present in the form of hydrogen, saturated hydrocarbons, and 
even CO are in fact usually determined by the so-called combustion technique. It is 
surprising that the chemical engineer has not developed the practice of submitting 
the total original fuel gas directly to this technique, 7.e., burning it completely in a 
single initial operation, because this would furnish exactly the information which the 
combustion engineer needs to know, namely, the carbon content of the fuel and the 
total oxygen required to burn it. Only rarely is he interested in the chemical con- 
stituents actually present in the fuel he burns. 

23 
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Liquid fuels. The liquid fuels commonly met consist largely of 
carbon and hydrogen, with little or no oxygen and only traces of ash. 
They frequently contain small amounts of sulfur and occasionally some 


nitrogen. 
GAS ANALYSIS 

Before useful combustion calculations on the total, over-all performance 
of operating combustion devices can be made, not only must the ultimate 
composition of the fuel be known, or at least estimated, but also an accu- 
rate analysis of the gaseous products of combustion must be made. In 
the usual case such an analysis is secured by the standard Orsat technique 
or one of its modifications. ! 

Effect of water vapor. An important point in gas analytical pro- 
cedures of the Orsat type is the fact that the results of analyses conducted 
in the presence of liquid water, and therefore under saturated conditions, 
are on a dry, 7.e., water-free, basis. Even when mercury is used as the 
confining liquid in the gas-measuring burette, one maintains a drop of 
water on top of the mercury column in order that the confined gas will 
always be saturated. 

Since an analysis is always determined at a constant temperature, the 
vapor pressure of water will remain constant throughout the procedure, 
z.e., about 18 mm Hg at normal room temperature. Similarly, because 
the gas volumes are measured at atmospheric pressure, the partial pres- 
sure of the water vapor present in the gas mixture at any time will always 
be the same fraction of the total pressure, 7.e., 18/760 atm (assuming nor- 
mal barometer). 

If, for example, the total volume is halved by absorption of one com- 
ponent, half the water vapor originally present must necessarily condense 
in order to maintain constant its partial pressure. In other words, 
throughout an analysis the total pressure of the gases other than water 
vapor is always equal to atmospheric pressure minus the vapor pressure 
of water, e.g., 760 — 18 = 742mm. The net effect, therefore, is that of 
an analysis carried out on a dry gas at a constant pressure of 742 mm. 

Errors in the determination of CO.. Aside from the question of 
securing a representative gas sample, the accuracy of the analysis and, 
therefore, the precision of the subsequent calculations are seriously 
affected by the type of confining liquid employed in the gas-measuring 
burette of the Orsat apparatus. When mercury is used for this purpose, 
the results obtained are generally reliable if sufficient care is taken in the 
manual operation of the analysis. Frequently, however, water is substi- 
tuted for mercury because of convenience and the cost of mercury. 


; , cca : F 

These use selective liquid absorbents in series and measure decrease in volume 
alter each absorption. Sometimes chemical transformations of components in the 
sample are effected between successive absorptions. 
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Because of the appreciable solubility of CO. in water, analyses secured 
under this condition may be of questionable value in combustion 
calculations. 

Consider, for example, the analysis over water of a gas mixture contain- 
ing 10% COz and 90% Ne. Assume that in drawing the gas sample into 
the burette, 101 ml is in fact introduced but that 1 ml of the CO, dissolves, 
leaving 100 ml as the apparent volume of the gas sample. As the gas is 
passed through caustic to remove the COs, the total volume will decrease 
to 90.9 ml, that of the nitrogen. However, if the sample is allowed to 
stand for a short time in the measuring burette, the gas volume will again 
increase slightly as the dissolved CO2 comes out of solution because of the 
reduced COs, partial pressure in the gaseous phase. A constant value of 
90.9 ml will not be obtained, therefore, until all the CO» has been removed 
from its solution in the confining liquid. Since the total apparent 
decrease in volume ultimately realized is 9.1 ml, the per cent CO, as 
reported would be 9.1%, or an error of 100(10 — 9.1)/10 = 9% in the 
amount of CO, actually present. By using an acidified concentrated salt 
solution as the confining liquid, the error can be reduced but not eliminated. 

The practical effect of this error will be illustrated in a subsequent 
example and a method of approximation for use under these circumstances 
presented. For the moment, however, it is obvious that, unless mercury 
is used as the confining liquid, the reported analysis for CO: is subject to 
question. 

Determination of components present in small amounts. Con- 
ventional methods of gas analysis using liquid absorbents are gravely 
defective when employed for components present in very small amounts. 
The difficulty due to determination of a small difference between two 
large gas volumes (the shrinkage on absorption) is obvious. However, 
the most serious problem is caused by the solubility of the remaining 
components of the gas sample in the absorbing liquid being employed for 
the specific component under determination. Thus, there are gases 
that, from the very nature of the processes producing them, can contain 
no significant quantity of elementary oxygen. Nevertheless, the analyses 
of such gases frequently indicate small quantities of oxygen. This may 
be due to contamination of the original gas with air in the process of 
sampling or upon its introduction into the analytical apparatus. On the 
other hand, similar questionable results may be obtained even after great 
eare has been taken to prevent air contamination. This difficulty is 
usually due to solution of a small fraction of the residual gases of the sam- 
ple in the pyrogallate or other oxygen-absorbing solution used in the 
analysis. Thus, in a gas from which the CO,» has been absorbed, contain- 
ing CO, He, and various hydrocarbons and residual nitrogen, a small 
fraction of these gases will dissolve in the pyrogallate solution, unless 1t 
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has already been saturated with them. The shrinkage in volume follow- 
ing exposure of the gas sample to pyrogallate will be reported as oxygen. 
Theoretically, the pyrogallate could be saturated with these residual 
gases before use on the sample in question, but the technique of doing so 
may be difficult. The error is obviously largest when fresh, relatively 
gas-free solutions are employed. Where solutions are used for successive 
analyses of gas samples, all of which are of nearly the same composition, 
each absorbent solution approaches equilibrium with the gas mixture left 
after absorption of the component it is designed to remove. Thus the 
error gets progressively less but reappears when the exhausted solution is 
renewed. Where the composition of the gas samples being analyzed 
changes, the error persists and may even become negative, gas coming out 
of solution and increasing the volume of the sample. 

What to do in situations of this sort demands judgment. If an exact 
determination of a specific component present in small amount is neces- 
sary, one should resort to suitable analytical techniques and not depend 
upon the usual liquid absorption methods. If the circumstances justify 
the assumption that oxygen, for example, is due to air leak, it, together 
with its corresponding nitrogen, can in the process of computation be 
eliminated from the analytical result. If the indicated presence of a 
trace of some component is believed to be due wholly orin part to solution 
of the rest of the gas mixture in the absorbing liquid, it may be difficult to 
decide exactly how to proceed. Sometimes one is justified in assuming 
that the shrinkage in volume is due to absorption of the remaining gases 
in the same proportion as that in which they exist in the original mixture. 
This would be the case if these gases have substantially identical solu- 
bilities and the liquid absorbent contains no dissolved gas, or if there are 
other grounds for assuming identical relative absorption rates. The best 
solution to the problem is a careful analytical technique, always critically 
evaluated. However, the engineer is frequently faced with data the con- 
structive interpretation of which demands suitable approximations based 
on legitimate assumptions, the nature of which must be determined for 
each specific case. . 


CALCULATIONS BASED ON FUEL ANALYSIS 


By the use of element balances, one can calculate from the fuel analy- 
sis alone both the amount of air required for a theoretical combustion of 
the fuel, in which all combustible elements are completely oxidized, and 
the actual combustion-gas composition for any per cent excess air and 
degree of completeness of combustion. The term “excess air” is usually 
defined as the amount of air used above that theoretically needed for 
complete combustion, 7.e., to burn carbon and hydrogen, or compounds 
of the two, to carbon dioxide and water. The per cent excess air is the 
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ratio of the excess to the theoretical amount, multiplied by 100. It is 
conveniently interpreted in terms of oxygen instead of air. 

In the discussion immediately following, it will be assumed, for the sake 
of simplicity, that both air and fuel are dry. The technique of allowing 
for the presence of water in fuel and air will be considered at a later point. 

Combustion of carbon. If one were to burn pure carbon (charcoal 
or coke, free of hydrogen) with the theoretical amount of air, CO, would 
replace the Op, in the air, mol for mol, and the analysis of the combustion 
gases would necessarily be 21.0% CO: and 79.0% Ne.* If, on the other 
hand, 50% excess air were used, only two-thirds of the O2 in the air would 
be replaced by COs, and the analysis of the flue gas under such conditions 
would be 14.0% COs, 7.0% Os, and 79.0% Ne. 

The formation of CO, due to incomplete combustion, 7.e., oxidation 
of carbon, involves another step in calculation, because the reaction, 
2C + Oz = 2CO, shows that 2 mols of CO are obtained for each mol of 
Os. Suppose that hydrogen-free coke is burnt under such conditions that 
75% of the carbon burns to the monoxide, the rest to dioxide, and no free 
O: remains in the combustion products. This means that on burning 100 
atoms of carbon there will be formed 75 mols of CO and 25 mols of CO:; 
the O, required, therefore, will be 37.5 mols for the former oxide and 25 
for the latter, making a total O2 consumption of 62.5 mols. To obtain 
this oxygen from air requires the introduction of nitrogen in the amount 
of 62.5 (79/21) = 235 mols. All the components of the combustion gas 
are now available, and they may be arranged as in the following table to 
obtain the percentage composition. 


Basis: 100 atoms of C in fuel. 














Component of combustion gas Mols Fraction Per cent 
8 gc ee She nae oe eee 75 75/335 22.4 
COs. aes ey E SREAEES Fs ab x 3'o ces 25 25/335 7.45 
the od [00-year 235 235/335 70.15 

Total combustion gases...........| 335 | ......-. 100.0 





Another basis that may be used to compute the same result is 100 mols 
of air. On this basis, 79 mols of N2 must appear in the combustion gases. 
Of the 21 mols of O» in the air, the amount going to CO is in the proportion 
of 37.5:62.5, or 12.6 mols, forming 25.2 mols of CO. The rest of the 
oxygen, 8.4 mols, yields the same number of mols of COz. The following 
table summarizes these calculations. 

* Throughout this book, air is assumed to contain 21.0% O2 by volume. This is 
perhaps high by a few hundredths of a per cent. The nitrogen includes the noble 
gases. 
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Basis: 100 mols of air. 
pitied re ear nal elie Pe 2 a 





Component Mols Fraction Per cent 

[nee aS cee eae Cee Se 79 79.0/112.6 70.15 
8 papers teeters Min eich gah 25.2 25.2/112.6 22.4 
COS a aa ee 8.4 8.4/112.6 7.45 
Total combustion gases...... LI 2862 1) S2e eee 100.0 








Another way of attacking the same problem is to use an algebraic 
approach. Take as a basis 100 atoms of carbon. A sketch such as 
Fig. 2-1 will aid in visualizing the problem. Note that the figures under 
“Air” are not quantities but compositions. Let z = the mols of air 







100 atoms C 





Flue gas 


75 mols CO 
25 mols CO2 
y mols No 
















Combustion zone 
Air, x mols 


21.0% O2 
79.0% No 


FIG. 2-1. Incomplete combustion of carbon. 





and y = the mols of N2 in the flue gas. Since there are two unknowns, 
solution of the problem requires two principles or relationships that can 
be expressed as equations. The principle of a carbon balance has already 
been used in the construction of the sketch itself, but oxygen and nitrogen 
balances have not. By an oxygen balance, 0.2la = 25 + 37.5 = 62.5. 
By a nitrogen balance, 0.79x = y. Hence y = 0.79(62.5/0.21) = 235. 
The results are the same as those first tabulated above. 


Basis: 100 atoms of carbon. 














Component Mols | Per cent 

ING PS we hbes 1h. oe ee ee: Toe 6 eee VO?15 
OO aus Rea one eRe ee 75 22.4 

CO eee eae Jk eee a Ae r 25 7.45 
Total combustion gases.......... 335 100.0 


eee 


The simplicity of the above equation for y as well as the identity of 
results suggest the first method of solution, which is perhaps best described 
as the method of ratios. The sketch of the process shows that the total 
O in the flue gas amounts to 62.5 mols; all the O. and N2 in the flue gas 
come from a single source, the air; the ratio of N2/Osz in the air is 79/21; 
therefore, N» in the flue gas must be equal to 62.5(79/21), or 235 mols. 
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Combustion of hydrogen. The presence of hydrogen in the fuel 
involves still another point. Pure hydrogen when completely burnt with 
theoretical air will, in effect, remove the oxygen from the air as water. 
The combustion gases will be water vapor and nitrogen, provided they are 
at some temperature above the condensation point of the water contained 
inthem. The gas analysis, however, does not show the presence of water, 
as it is condensed before and during the analysis, the resulting figures 
being on a dry basis. The analysis is, therefore, 100% Nz. With excess 
air, the corresponding oxygen will appear in the gas, with a decrease in 
the percentage of nitrogen. 

Combustion of hydrocarbons. Consider a mol of methane burning 
with 90% excess air. The equation for complete combustion may be 
written 


CH, +. 20.2 = CO, > 2H.O 


Thus there will be obtained 1 mol CO, and 2 mols H.O from complete 
combustion of 1 mol CH,. The oxygen required is 2 mols, and if 90% 
excess is used, this means an additional 1.8 mols, or a total of 3.8 mols of 
oxygen. The nitrogen which comes into the furnace along with the oxy- 
gen is 3.8 (79/21) = 14.3 mols, giving a total of 19.1 mols of wet gas, 
but only 17.1 mols of water-free gas. In the latter, the COz will be 
(1/17.1)100, or 5.85%; the Os, (1.8/17.1)100, or 10.5%; and the No, 
(14.3/17.1)100, or 83.65%. 


Air (40% excess) 












21.0% O2 
79.0% No Flue gas 
Combustion zone 
Natural gas O2 
No 
6.5% CoHe 
1.5% C3Hs 


FIG. 2-2. Combustion of natural gas. 


The behavior of hydrocarbon mixtures may be illustrated by the com- 
bustion of a natural gas, containing 92.0% CH,, 6.5% C2He, and 1.5% 
C,H, with 40% excess air. A diagrammatic sketch of the operation is 
seen in Fig. 2-2. The equations for combustion are 


CH, a 202 — CO. 4- 2H.O 
C.He + 3.502 = 2CO, + 3H.O 
C3Hs + 50, — 3CO,z a 4H.O 


As a basis for computation, choose 100 mols of fuel gas. Calculations of 
theoretical O, and combustion products are perhaps most conveniently 
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carried out by making up a table with the headings shown below and 
filling in the various columns. 


Basis: 100 mols of fuel gas. 











Theoretical CO. H.O 
Component Mols O. fala ‘outed 
CHG. cath. Seeker ot 92.0 184.0 92.0 184.0 
C2He.. 6.5 22.8 13.0 19.5 
Cet gear i bets) Tao aD. | 6.0 
dh Oe tee eee 100.0 214.3 109.5 209.5 





Excess O» in the flue gases is 0.40(214.3), or 85.7 mols. Total O: is 
214.3 + 85.7 = 300.0 mols and the corresponding N2 from the air is 
300(79/21) = 1130 mols. This gives all components in the dry flue gas. 


Basis: 100 mols of fuel gas. 








Component Mols Per cent 
COP. 02 HGR ee 109.5 8.3 
ee a eee a 85.7 6.5 
Negtiiss oOemee eth, laud 85.2 

LOtpL c3= occ coce See 100.0 


In the case of liquid hydrocarbon fuels, the analysis in terms of indi- 
vidual chemical compounds is rarely known. It is usually most con- 
venient to take as a basis for computation a given weight of the fuel, e.g., 
100 lb. For ease in the determination of stoichiometric relationships, 
it is advisable to compute and employ the pound atoms of the individual 
elements in the basic 100 lb. In the case of hydrogen, it is frequently 
more convenient to express the amount present as mols of He, since each 
of these is equivalent in combustion to one atom of oxygen. Computa- 
tion of the analysis of the products of combustion of a fuel oil containing 
88.2% C and 11.8% H, when burnt with 20% excess air according to the 
process of Fig. 2-3, under conditions such that all the hydrogen is con- 
verted to water and 95% of the C to CO: and the rest to CO, will serve as 
an illustration. 

Consider 100 lb of the oil as a basis and find the number of atoms or 
mols of each constituent. 


7.35 atoms C 
5.85 mols He 


88.2/12 
11.8/2.016 


I 


CO, in the flue gas is 7,35(0.95), or 6.98 mols; CO is 7.35(0.05), or 0,37 
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mol; and H;O is 5.85 mols. Theoretical O2 is 7.35 + (5.85/2), or 10.28 
mols. The excess Os, in the entering air is 10.28(0.20), or 2.06 mols. 
However, the free O, in the flue gas is 2.06 mols plus the amount of O2 
unused by the carbon because of its burning only to CO. This latter is 
0.37/2 = 0.19 mol, giving a total of 2.25 mols of free O2 in the flue gas. 


Fuel oil 
88.2% C 



















11.8% H F 
Combustion zone WP, ERs 
' CO02(95% of C) 
Air (20% excess ) CO (5% of C) 
21.0% O2 Ne 
79.0% No H.0 


FIG. 2-3. Combustion of fuel oil. 


N2 is (10.28 + 2.06)(79/21) = 46.5 mols. The results may now be 
arranged as previously, omitting the water vapor formed. 


Basis: 100 |b of fuel oil. 











Component Mols Per cent 
ORES paths tx AA 6.98 12.4 
ne he oe cal ee CMe 0.37 0.7 
(ORS eee ee - 2.25 4.0 
IN gS ae cish ces, «52% 46.5 82.9 
"LOUD ioe eis pct FE 56.1 100.0 





Correction for nitrogen in the fuel. When the complete analysis 
of a fuel is available, little complication is introduced by the presence of 
significant quantities of nitrogen. In making calculations on the amount 
of nitrogen in flue gas, one merely adds the nitrogen from the fuel to that 
from the air. For illustration, consider the combustion of a mixture of 
1 mol of methane and 1 mol of nitrogen burning with 90% excess air. As 
shown in a previous example (page 29), there will be obtained 1 mol of 
COs, 2 mols of H.O, 1.8 mols of Oz, and 14.3 mols of nitrogen from the air. 
To the latter must be added the nitrogen in the fuel, making a total of 
15.3 mols of nitrogen in the flue gas and 18.1 mols of water-free gas. On 
a dry basis, the CO: will be 1/18.1, or 5.53%, the Oz, 1.8/18.1, or 9.95%, 
and the No, 15.3/18.1, or 84.52 %. 

Correction for oxygen in the fuel. Oxygen is most frequently 
met in gaseous fuels in the form of CO, COz, or free Oz and is often present 
in liquid fuels in various types of oxygenated organic compounds. CO is 
commonly encountered as a major constituent in the so-called secondary 
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fuels. A theoretical water gas, z.e., an equimolal mixture of CO and Haz, 
burning with 30% excess air but with only 90% of the CO being converted 
to CO» and 95% of the H, to H2O, would be an example. The 0.5 mol of 
CO and of He contained in a mol of this water gas would each require 
0.25 mol of Oz, a total of 0.5 mol, for theoretical combustion. Using 30% 
excess, the O2 employed would be 1.3(0.5) = 0.65 mol. The oxygen 
present in the combustion products may be considered as made up of two 
kinds: (1), the 0.15 mol used in excess of that required for theoretically 
perfect combustion, and (2) 10% of the 0.25 mol theoretically required by 
the CO plus 5% of the 0.25 mol needed for the Hz, but not used in the 
combustion. It is now easy to find the amounts of the various gases and 


the percentage composition. 


Basis: 1 mol of water gas. 

















Mols Fraction of total Per cent 
LOLA Ae) (0 be sna You Mal Gt OU eS at ls 0.45 CO. 0.45/3.16 14.2 CO, 
1024 of oO moO. ee ae eee 0.05 CO 0.05/3.16 1.6 CO 
D7 OL O-D MO ies, s. 0 oe ee see OU AD eels 0.025/3.16 0.8 He 
0.15 + 0.10 (0.25) + 0.05(0.25)...| 0.188 O2 0.188/3.16 5.9 Oz 
OS65 (79/21) 23% ec, Pee oe ere 2.445 Ne 2.445/3.16 77.5 Ne 

Total water-free gas............ 3,163 od) ae ee 100.0 

95% of 0:5 mol Hs = H-O...... 2. 0.475 


Total gas; including water vapor| 3.64 





Oxygen in a fuel gas in the form of CO, is treated in somewhat the same 
way as nitrogen in the fuel, 7.e., CO2 in the fuel is simply added to the CO, 
from burning of combustibles to give the total amount of COs» in the flue 
gases. If a fuel gas contains free Oz, the usual practice in computing the 
theoretical air requirement is to sum the theoretical requirements of O» 
for complete combustion of each of the combustible elements in the fuel 
and then subtract the free O» in the fuel itself. 

While certain liquid fuels contain appreciable quantities of oxygen, it is 
practically always true that hydrogen is present in excess of that stoichi- 
ometrically equivalent to the oxygen. For purposes of combustion cal- 
culations, it is convenient to assume arbitrarily that all the oxygen 
present is in the form of water of chemical combination. The excess of 
hydrogen over that in this combined water is then termed available or net 
hydrogen, 7.e., hydrogen requiring oxygen from a source outside the fuel 
for its combustion. The use of these concepts is illustrated by the com- 
bustion of a lignite pitch, containing 80% C, 10.8% H, 8.2% O, 1.0% N, 
and a trace of sulfur. If this fuel is completely burned with 60% excess 
air, the products of combustion are determined as follows: 
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Basts: 100 |b of pitch. 


























Products of combustion 
Component | Pounds fonhs eee 
or 
mols*| ical O» Co; H.0 0, N; 

, toe 35) sare epee 80.0 6.66 6.66 6.66 
Hoes eee 10.8 5.36 
OF ae Pere 8.2 0.51 
ee ee 1.0 0.04 nite de: le Eta ay, ae 0.04 

Lotel os. 3. 100.0 
Net He, 5.36 — 0.51..... 4.85 2.43 re 4.85 
(ombined tisOrmrcs.....4 0.51 Pie ie 0.51 

Ota ene ee eee hee te. 1 9 x00 
Pie Drom air. 0.001.000) (79/21)... 0 0c coe me. Fee ree ae 54.7 
ju Tt A OT ee ae ene ee: EEF. 5.45 

gf Bry ib 2 eae ora ae ee 6.66 5.36 5.45 54.74 











* The symbol in the component column determines whether one is using mols or 
atoms. 


Although it was noted in the preceding paragraph that most fuels con- 
tain hydrogen in excess of that equivalent to the oxygen content, it must 
not be assumed that this is invariably true. Thus, in burning pure 
cellulose, the empirical formula of which is CsH100s, the compound itself 
contains oxygen equivalent to the hydrogen, and the oxygen that must be 
supplied from the air is that equivalent to the carbon alone. If it is 
granted that 50% excess air is supplied in the combustion process and 
combustion is complete, the net effect is the same as in burning pure car- 
bon. Since the water formed by the reactions will not show up in the 
Orsat analysis, the analysis of the combustion gases will be 14% COs, 
7% Oo, and 79% Nz. 

Correction for sulfur in the fuel. Under normal oxidizing con- 
ditions of furnace combustion, sulfur is converted chiefly to SOs. In 
most cases a small amount of SO; is also formed,! but in the majority of 
fuels sulfur is only a small fraction of the total combustible material, and 
little error is introduced into the over-all results if it is assumed that all 
sulfur in the flue gases is present as the dioxide. 

Complications exist in the analysis of flue gases containing significant 
percentages of SO2. One cause of difficulty, sometimes overlooked, is the 
high solubility of SO. in water, which makes it impractical to analyze for 
SO, in an Orsat apparatus in which water or a salt solution is used as the 
confining liquid in the measuring burette. Another handicap is the fact 


1 One must take account of this fact in the combustion of sulfur and sulfide ores 
(see Chap. 6). 
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that the amount of SO. present in fuel combustion gases is usually too 
small to be determined dependably by selective absorption in apparatus 
of the Orsat type. One common practice is to conduct the analysis over 
mercury, absorbing SO, and CO, simultaneously. The sum of the two 
compounds is then ordinarily reported as CO. When this technique is 
used, the amount of water placed on top of the mercury to saturate the gas 
sample in the measuring burette should be as small as practicable, in order 
to minimize the amount of SO, it can absorb. Another technique is to 
draw the gas sample into the Orsat apparatus through a selective absorb- 
ent for SOs, such as PbOs, in which case the gas absorbed in alkali is CO2 
alone. 

The difference between the two methods of analysis is illustrated (see 
Fig. 2-4) by the combustion of a fuel oil containing 87.2% C, 8.6% H, and 
4.2% 58 with 30% excess air, under conditions such that 5% of the carbon 
in the fuel is burnt to CO and the rest to CO», while the hydrogen is com- 
pletely oxidized. 


Air (30% excess) 





















21.0% Oo 
79.0% N 
5 Combustion zone Sai 
CO (5% of C) 
Fuel oil 


C02 (95% of C), SO, 
O2 


87.2% C N5 
8.6% H H50 
4.2% S 


FIG, 2-4. Combustion of a high-sulfur fuel oil. 





Let the basis of calculation be 100 lb of oil. Find the atoms or mols of 
each element therein, and determine the theoretical O. and products of 
combustion. 


Basis: 100 lb of oil. 


—_—_—_———————— 








Element Peas de 4 Atoms | Theoretical 
or mols O» 
UL anes, Ws onal} ane < 87.2 7226 1.26 
Bestest 8.6 4.27 2.14 
Seah. OS). Rents o. 29) ZO: 0.13 0.13 
DotelM Gees, . 100.0 9.53 


po ae ee ee Le eel ee a. 
In the products of combustion, SO2 is 0.13 mol; COs is 7.26(0.95), or 6.90 
mols; CO is 7.26(0.05), or 0.36 mol; Osis 9.53 (0.30) + (0.36/2) = 3.04 mols: 


Ne is 9.53(1.30)(79/21) = 46.5 mols; and H:O is 4.27 mols. On a 
water-free basis, the flue gas is 56.93 mols, whereas on a water-free and 
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SO:-free basis, it is 56.80 mols. Accordingly, if SO. is removed by 
PbOs, the percentage of CO, reported by Orsat analysis should be 
6.90(100/56.80) = 12.15%. Were there no removal of SO. prior to 
analysis, the reported percentage of CO, should be 


(6.90 + 0.13) (100/56.93) = 12.35% 


The small difference in the amounts of gas absorbed by alkali in the 
course of the analysis, despite the high sulfur content of the fuel, should 
be noted. In view of the recognized limitations of gas analytical tech- 
niques, it is clear that one must be careful in the interpretation of the 
results in the case of fuels containing sulfur. 


CALCULATIONS BASED ON FLUE-GAS ANALYSIS 


Net-hydrogen/carbon ratio in the fuel and per cent excess air. 
If a fuel containing negligible nitrogen and sulfur is fired under conditions 
such that there are no losses of combustible matter in soot or refuse, the 
flue-gas analysis alone is sufficient to enable calculation of the net hydro- 
gen-carbon ratio in the fuel and the per cent excess air employed in com- 
bustion. Mathematically, the reasoning is equivalent to setting up a 
nitrogen balance, equating the nitrogen in the flue gas to that in the air 
employed, and using this equation to solve for the total oxygen that went 
into the flue gas from the air. This is followed by an oxygen balance, 
which is solved for the otherwise unknown amount of oxygen going to 
burn hydrogen to form water. The method is illustrated by the following 
examples. 

Illustration 1. The combustion gases from a certain furnace using 
a nitrogen-free fuel are analyzed carefully by the Orsat technique and are 
found to contain 16% COs, 5% Os, and the rest inert gases. What do 
these figures mean? 

Take as a basis for computation 100 mols of this gas as analyzed. As 
appears in the following table, the analysis shows the presence of 21 mols 
of Oz. By difference, 79 mols of Nz is found in the gases. Since there 
was no N¢ in the fuel, all this N2 must have entered the furnace with the 
air for combustion. The oxygen associated with this N,» is 


79(21/79) = 21 mols 


Basis: 100 mols of gas as analyzed. 





Gas Mols | Mols O2| Atoms C 
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Since all the oxygen consumed appears in the gas analysis, the fuel con- 
tains no net hydrogen. If there were any hydrogen in the fuel, there was 
also sufficient oxygen to combine with it, 7.e., the combustible matter of 
the fuel was C(H.O),. The fuel could have been coke (n e 0) or, e.g., a 
carbohydrate. The per cent excess air for the combustion 1s 


(5/16)100 = 31.3% 


Illustration 2. The flue gas from a certain furnace burning a fuel 
of negligible nitrogen content is found by analysis to contain 12% COs, 
7.5% Os, and 80.5% Ne. What conclusions can be drawn from these 
figures? 

Take as a basis for computation 100 mols of this gas as analyzed. As 
appears from the following table, the analysis shows the presence of 
19.5 mols of Oo. The nitrogen came, however, from the air used for 
combustion and hence brought with it 21.4 mols of O2. Oxygen has, 
therefore, disappeared from the gas as analyzed, and this disappearance 
of 1.9 mols of O2 must be caused by and correspond to the combustion of 
the net hydrogen in the fuel. The hydrogen burnt is, therefore, 3.8 mols. 
The water formed by this combustion, together with any other which 
may have been present, was condensed before and during the analysis. 


Basis: 100 mols of dry gas. 














Component Mols Mols O2 
CO). 5... eee ete oe 12.0 12.0 
Prd ie Oe tie eee Se 7.5 a0 
DR SHEETS, 5 dae oe ee eee 80.5 
Total une nests aes.) 100.0 19.5 O» accounted for 
SO6( 21779) ke ee Pea. Balt, tee 21.4 O» from air 
O, unaccounted for by analysis. ...... 1.9 O» disappearance 





H, burnt to H.O, 2(1.9) = 3.8 H.O from combustion 


This 100 mols of dry gas contains 12 atoms, or 144 lb, of carbon, which 
came from the fuel and hence represents the carbon burnt, though it does 
not include any carbon left as unburnt combustible mixed with the ash 
or elsewhere. This carbon burnt was accompanied by 3.8 mols, or 
7.65 Ib, of net hydrogen in the fuel. Hence, for each pound of carbon 
burnt, the dry flue gas was 100/144 = 0.695 mol, or 249.4 eu ft under 
standard conditions. Furthermore, except for water in the air or fuel 
used, the total flue gas was 103.8/144 = 0.722 mol, or, at standard condi- 
tions, 259 cu ft per pound of carbon burnt. 

Since the O» used for combustion was 12.0 + 1.9 = 13.9 mols, while an 
excess of 7.5 was present, the per cent excess oxygen is 
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(7.5/13.9)100 = 54% 


This is, of course, identical with per cent excess air. This figure, how- 
ever, makes no allowance for unburnt combustible, if present. 

In computing excess air it must be remembered that the combustion 
reactions do not always, as in the case just quoted, complete themselves, 
some unburnt CO or H: perhaps remaining. Hence, some of the oxygen 
present as such is not actually in excess of that required for perfect com- 
bustion of the fuel gasified. An example follows. 

Illustration 3. A flue gas is analyzed carefully in a mercury-filled 
Orsat. It contains 11.3% COs, 1.2% CO, 7.7% Oz, and 79.8% No. 
Find the per cent excess air. 


Basis: 100 mols of gas as analyzed. 


















19.6 Oz accounted for 
gS RSA Eig) EA Se ee oes a 21.2 O» from air 
O2 unaccounted for by analysis........... 1.6 O2 disappearance 








Net H:2 burnt to H,0, 2(1.6) = 3.2 H,O from combustion 


The oxygen present in the flue gas (7.7 mols) is not the true excess, 
since, by definition, complete combustion of carbon to CO» is required. 
This oxygen must be diminished by 0.6 mol, which is the amount required 
to burn the CO present to CO. The oxygen necessary for combustion is 
12.5 mols for the carbon and 1.6 mols for the hydrogen, and the total 
oxygen entering the furnace is 21.2 mols. The per cent excess air (or 
oxygen) may be found in several ways: 


unnecessary _  100(7.1) 


Machina Leah ae 


(100) 


unnecessary —  100(7.1) 
necessary 12.54 1.6 
total — necessary — 100(21.2 — 14.1) 
necessary a 14.1 


(100) = 50.3% 


= 50.3% 





(100) 


It will be noted that these are not independent solutions, but merely 


various arrangements of the same data. 
In calculating the per cent excess air from the flue-gas analysis alone, it 
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must be assumed that no unburnt combustible leaves the system in the 
refuse. When such is not the case, due allowance must be made in the 
calculations (see page 105). 

Air/fuel and flue-gas/fuel ratios. When thefuel contains negligible 
nitrogen and sulfur, and when losses of combustible matter such as soot, 
etc., are small, and when in addition it is known that there is a negligible 
amount of oxygen in the fuel, the flue-gas analysis alone is sufficient to 
enable one to determine the per cent excess air, the net-hydrogen/ 
carbon ratio, and also the air/fuel and flue-gas/fuel ratios. 

Illustration 4. A pure hydrocarbon gas at 70°F is burnt in a furnace 
giving a flue gas containing 10.8% COs, 3.8% Oz, and the rest nitrogen 
and inerts. 

1. Calculate the atomic ratio, H/C, and from this the formula of the 
fuel. 

2. If the combustion gases leave the furnace at normal pressure and 
800°F, calculate the volumetric ratio, combustion gas/fuel gas. 

3. If the furnace burns 200 lb of the fuel per hour, calculate the volume 
of combustion gases in cubic feet per minute. 


Solution. 


Basis: 100 mols dry flue gas as analyzed. 





Gas Mols O2 
GO eke a 10.8 
Canes Chie ae ere 3.8 
INST ER wits Se IE 
‘Totaleyes. & 14.6 O» accounted for 





ShA(2D/79) aN ee BRT EG BILE 53 22.7 O» from air 
8.1 O2 disappearance 











Equivalent H, 2(8.1) = 16.2 mols H.O 
1. Atomic ratio of H/C. 
2(16.2)/10.8 = 3 = H/C atomic ratio 


_The only hydrocarbons having H/C > 2 are saturated paraffins. 
Since these hydrocarbons have the general formula C,H», 


(2n + 2)/n =8 “. nm = 2 and the fuel is C,H, 
2. Ratio of combustion gases to fuel gas. From the above table, 


Mols of water vapor in flue gas = 16.2 
Total mols combustion gases = 116.2 
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Since 100 mols of flue gas contain 10.8 atoms of carbon and since there are 
2 atoms of carbon per mol of fuel gas, (10.8/2) = 5.4 mols of fuel are used 
per 100 mols of dry flue gas. Hence, the volumetric ratio of combustion 
products to fuel gas is 


116.2(800 + 460) 


BAt70.1 400) 


3. Cubic feet of combustion gases per minute. 'The cubic feet of com- 
bustion gases per minute may be calculated by beginning with the given 
fuel rate of 200 lb of ethane per hour and proceeding to make a series of 
conversions, as follows: 


200/60 = 3.33 lb ethane per minute 
Since the molecular weight of ethane is 30, 
3.33/30 = 0.111 lb mol ethane per minute 


From the calculations under Part 2, the molal ratio of the wet combustion 
gases to the fuel is 116.2/5.4, and therefore 


0.111(116.2/5.4) = 2.39 lb mols wet gas per minute 
Since the pound-molecular volume at standard conditions (s.¢.) is 359, 
2.39(359) = 860 cu ft/min, s.c. 
Correcting this volume for temperature, 
860(800 + 460) /492 = 2200 cu ft/min at 800°F 


A series of steps such as the above is a simple and dependable method of 
arriving at the answer, but it suffers from the disadvantage of consuming 
more space and time than necessary. This is eliminated if the entire 
series of operations is compressed into a single line, as shown below: 


1 1 116.2 1260 é é 
200 (a) ey. (1382) (359) (200) = 2200 cu ft/min at 800°F 


This method reduces slide-rule work, because it eliminates the necessity 
for reading and recording the settings of the rule at intermediate points 
in the calculation. The only setting that has to be recorded is the final 
one, 2200. 

However, the use of the single-line method introduces a new difficulty. 
Experience shows that when the calculations are thus compressed the 
beginner frequently has a tendency to lose track of the units and to omit, 
inadvertently, some important factor in the long train of factors involved. 
Even the professional is not completely immune to such errors and finds 
it wise to have a device for checking results, 


40 INDUSTRIAL STOICHIOMETRY 


Perhaps the best way to ensure that the answer is in the proper units is 
to write the numerical figures in one line, expressing them as factors, and 
then write the units in the line below, placing the units of each factor 
directly beneath the corresponding numerical quantity. The following 
two lines illustrate the technique: 


1 1 116.2 1260 

Ib ( hr ) (* mel) =) ( cu ft \(en) 

hr \min Ib mol/ \lb mol/ \°R 
Cancellation of units where possible should leave behind, uncanceled, the 
units of the final answer.!. Whenever there is the least uncertainty as to 
units, this means of checking should be used. The beginner will do well 
to use it consistently until he has convinced himself by practice that he 
can invariably keep track of the units without its aid. 

The inadvertent omission of a factor is a danger that can be reduced by 
practice but never completely eliminated; the most competent of engi- 
neers slips occasionally. Accordingly, if one is to reap the advantages of 
time and space to be had from use of the single-line method and at the 
same time avoid costly errors, a device for keeping track of the operations 
is essential. The method here recommended and employed in sub- 
sequent calculations throughout the text is to arrange the series of steps 
in a horizontal sequence of factors, as shown below, with the cumulative 


result of the operations up to each point placed as a heading above each 
vertical column. The character of the conversion factors and ratios used 


cu ft/min 


Lb C.H.| Lb C2.H.| Lb mols C.H¢| Lb mols wet gas| Cu ft/min 











per hr | per min per min per min at s.c. 
200 116.2 359 1260 
60 30 5.4 492 


= 2200 cu ft stack gas per minute, at 800°F 


is ordinarily sufficiently obvious from the result achieved, so that matter 
descriptive of the ratios can be omitted. 

Types of computational operations for which conversion factors 
or ratios are used. ‘The simplicity of the conversion factors and ratios 
used in stoichiometric calculations of this sort should not be allowed to 
obscure the fact that they differ fundamentally in kind. Five important 
types are listed below. The student should learn to recognize them as 
they occur in computations. It will be found that all these types are 
illustrated in the preceding problem. 


; : ; . : a 
In chemical engineering calculations the breakdown of the units into their ultimate 
dimensions is often unnecessary. 


GASEOUS AND LIQUID FUELS 4] 


1. Change of units without change in dimensions; e.g., conversion of 
feet to inches or to centimeters. 

2. Change in the dimensions of the units in which a given quantity is 
expressed, involving the use of the numerical value of some fundamental 
physical property of the material in question; e.g., a given quantity of 
liquid water at a given temperature can be expressed either in pounds or 
in cubic feet, its density serving as the conversion factor. 

3. Transformations involving no change in either units or dimensions, 
which are based on fundamental general properties of the material; e.g., 
use of the gas laws or of more general equations of state. 

4. Transformations the validity of which depends upon the specific ° 
properties or condition of a given material; e.g., relationships based upon 
the homogeneity of a given body or the composition of a given mixture. 

5. Transformations based on the fundamental laws of stoichiometry; 
e.g., material or element balances, the chemical laws of equivalent and 
combining weights, or heats of reaction. These may or may not involve 
changes in dimensions. 

Illustration 5. The exhaust from a Diesel engine, using a high-grade 
hydrocarbon fuel oil, shows 10.2% COs, 7.9% Os, and the rest nitrogen 
and inerts. The analysis was made with care in an Orsat, using mercury 
as the confining liquid in the measuring burette, and there is every reason 
to believe that the analysis is substantially correct. From these data, 
calculate 

1. The weight ratio of hydrogen to carbon in the fuel oil 

2. The per cent by weight of carbon in the oil 

3. The pounds of dry air used per pound of oil burnt in the engine 

4. The mols of exhaust gas discharged from the engine per pound of fuel 
oil burnt 


Solution. 


Basis: 100 mols dry exhaust gas. 











Gas Mols Mols O2 
(S| eA ee 10.2 10.2 
Ms -.3 7.9 7.9 
1 Py a ee Adee 81.9 7 
Tota eee TL O020 18.1 O» accounted for 








STON TO een 21.8 O» from air 





3.7 O» disappearance 





Lb 
H; burnt, 2(3.7) = 7.4 mols.......... 14.8 
Cee 1420.3) tice nie. ase eviwd pros 122A 





Total weight of fueli.isis..s seca ee. 137.2 
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1. Weight ratio of hydrogen to carbon. 
(14.8/122.4) = 0.121 


2. Per cent by weight of C in fuel. 
(122.4/137.2)(100) = 89.2% C 


3. Pounds of dry air per pound of orl burnt. 
Mols Mols Lb 
N» air air 
81.9 29 

0.79 137.2 





= 21.9 lb air per pound oil 


4. Mols of exhaust gas per pound of fuel burnt. 
(100 + 7.4)/137.2 = 0.783 mol per pound of fuel 


INTERRELATIONS OF FUEL AND FLUE-GAS ANALYSES 


While the illustrations of the previous section show that in special cases 
it is possible to set up element balances on a furnace on the basis of the 
flue-gas analysis as the only quantitative data, it is always desirable to 
have complete analytical data on the fuel, particularly an ultimate 
analysis. In the absence of unburnt combustible matter the additional 
information contained in the ultimate analysis makes it possible to secure 
independent checks on the data of the gas analysis, thus furnishing evi- 
dence as to its degree of dependability. On the other hand, the ultimate 
analysis of liquid fuels is not usually made.! In cases of tar and soot 
formation, or the presence in the fuel of elements such as nitrogen, oxygen, 
and sulfur, data on the composition of the fuel is essential to any adequate 
analysis of the combustion operation. 

Illustration 6. A hydrocarbon fuel oil is being burnt in an internal- 
combustion engine, which is running clean. Ultimate analysis of the oil 
shows 90.26% carbon and 9.45% hydrogen. Analysis of the combustion 
gases over mercury in the measuring burette shows 15.1% CO2, 2.9% CO, 
1.8% He, and 80.2% Ne. What light do these data throw on the 
combustion? 

Discussion. The atomic ratio of net hydrogen to carbon in the fuel 
may be determined from the flue-gas analysis by the method of Illustra- 
tion 5, with a correction for the presence of unburnt Hy, in the products of 
combustion. The ratio of the air supply to the theoretical quantity for 
complete combustion may also be computed. 


‘ However, various correlations between physical properties and chemical compo- 
sition are available. 
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Basis: 100 mols dry exhaust gas. 
ASE AL GSTS ATE lan ae aaa aa eae ee aes 
Atoms 











Gas Mols C Mols O2 
CO he eas iret i Ra aed | Wi 
COR cit Ary cant ie 2.9 2.9 1.45 
Teh feck swiped oy, 1.8 
yan a Oe eee 80.2 
Se 1 eet 100.0 18.0 16.55 O» accounted for 





UB Te RT ed a ce Se ee 21.35 O» from air 
4.8 Oz: disappearance 








H, burnt, 2(4.8) = 9.6 mols = 9.6 mols H.O 
Atomic ratio H/C, (2)(9.6 + 1.8)/18 = 1.27 
Theoretical oxygen, 21.35 + 0.5(2.9) + 0.5(1.8) = 23.70 
Air supply, (21.35/23.70)100 = 90.1% of the theoretical 


The determinations of carbon and hydrogen in the ultimate analysis of 
the fuel do not add up to 100%, but the difference is presumably due to 
minor errors in the analysis or to traces of other elements. The H/C 
ratio can also be obtained from the analysis of the fuel. 


Basis: 100 lb of fuel oil. 
Pound atoms of H, 9.45/1.008 = 9.37 
Pound atoms of C, 90.26/12.0 = 7.52 
Atomic ratio, H/C = 9.37/7.52 = 1.25 


This figure checks that obtained from the exhaust-gas analysis within the 
ordinary precision of the measurements, the check confirming the general 
dependability of the data. 

To get the pounds of air per pound of fuel, 


Basis: 1 |b of fuel oil. 





Lb C Atoms C | Mols O2 | Mols air 
} 100 29 
0.9026 ! 21:36 fl rie eee 
12 18.0 21 














Instead of using oxygen as a measure of this air, one can use nitrogen: 











Lb C Atoms C| Mols N2 | Mols air 
0.9026 80.2 100 29 AY, ein dle 
12 18.0 79 








The percentage of water vapor in the wet exhaust gases is 
100(9.6)/(100 + 9.6) = 8.8% 


assuming dry air used for combustion. 
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The following illustration emphasizes how relatively small may be the 
effect of moisture in air and fuel on the dew point! of the combustion gas. 

Illustration 7. Using the data from Illustration 6, calculate the 
dew point of the exhaust gas on two different assumptions: 

41. Assume that the air used for combustion had a dew point of 20°C 
(68°F). 

2. Assume that the fuel analysis given is on a dry basis, but that the oil 
as fed to the engine contained, in fact, 9 weight per cent highly emulsified 
water, and that the air used for combustion had a dew point of 20°C. 

Solution. Illustration 6, assuming dry air, showed that the exhaust 
gases would contain 8.8% by volume of water vapor. At normal 
barometer this is equivalent to a water-vapor pressure of 0.088 atm, 
which corresponds to a dew point of 43.6°C. 

1. Basis: 100 mols of dry flue gas. 

The mols of dry air per 100 mols of dry flue gas is 80.2(100/79) = 101.5. 
Let y = mols of H.O associated with 101.5 mols of dry air and 
Pu,o = the partial pressure of water vapor in the air. 

Then, equating the mol ratio of water vapor to dry air computed from 
partial pressures to that computed from the number of mols of each, 

PEO. Y 


Ie —— PxH,0 101.5 


in which P = the total pressure of the air used. Note that pu,o and P 
may be in any units, such as atmospheres or millimeters of mercury, so 
long as both terms are in the same units. In this case, P = 760 mm 
and pro at 20° = 17.5 mm. Solving the above equation, y = 2.39 
mols. Hence, the partial pressure of water vapor in the exhaust 
gas = (9.6 + 2.39)/(100 + 9.6 + 2.39) = 0.1073 atm, and its dew point 
is 47.4°C, 
2. Still using the basis of 100 mols of dry flue gas, 


Lb C Lb oil Lb emulsi- 





fied H.O 
18(12) 100 9 : 
90.26 91 Ci = 1.315 mols water emulsified in the fuel 


Hence the partial pressure of water vapor in the combustion gas is 


‘The dew point is the temperature at which the gas is saturated with water vapor 
i.e., the temperature at which the partial pressure of water in the gas is equal to iis 
vapor pressure of water. In other words, it is the temperature at which “dew” can 
begin to form on cooling a vapor-gas mixture. Originally the term dew point was 
applied to condensation of moisture from air but now it is more broadly used to 
define the point at which, on cooling a vapor, liquefaction of the vapor begins 
whether or not the vapor is by itself or in a mixture with noncondensible gas. . 
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(9.6 + 2.39 + 1.315)/(100 + 9.6 + 2.39 + 1.315) = 0.1174 atm, corre- 
sponding to a dew point of 49.3°C. 

Illustration 8. A high-grade fuel oil containing approximately 
91% C and 9% H is burnt in a furnace that is well designed and well 
operated, giving a combustion gas, the Orsat analysis of which shows 
12.4% COs, 3.7% Oc, and 83.9% N» and inerts. The air is substantially 
dry. What do these figures mean to you? 

Discussion. A sketch of the process appears in Fig. 2-5. 

The fuel analysis can be calculated from the flue-gas analysis by the 
technique outlined in the preceding problems. The atomic ratio H/C 
thus computed is 2.00, whereas the same ratio figured directly from the 


Fuel oil 











Furnace 
12.4% CO2 


3.7% O 
21.0% O> ons 
79.0% N> : 


FIG. 2-5. Furnace of Illustration 8. 


fuel analysis is 1.18. It is obvious that there must be some sort of error 
in the methods of sampling or analysis. Let it be granted that water was 
the confining liquid in the gas-measuring burette. This being the case, 
the most likely cause of the discrepancy is an error in the determination 
of COs, due to absorption of CO: in the water (see p. 25). 

A vital point to recognize is that in a case like this the apparent error in 
the flue-gas analysis does not necessarily make the test data worthless. 
To be sure, an error in the per cent CO» in one direction means that the 
percentages of O» and N:» are off in the other direction, since because of 
the technique of analysis the total adds up to 100. However, study of 
the details of the Orsat technique shows that the ratio of O2 to N2 reported 
in the analysis is probably substantially correct, even if the absolute per- 
centages are in error as a result of absorption of CO, in the confining liquid 
in the burette. This is because the amounts of O2 and Ne: absorbed in 
the confining liquid are both too small to affect to a significant degree the 
amounts remaining after absorption of the COs. 

Choose as a basis of computation 100 lb of fuel oil. By carbon balance, 
the COs» in the flue gas is 91/12, or 7.58 mols. By hydrogen balance, the 
H.O in the flue gases is 9/2.02, or 4.45 mols. Let x = mols of N» in the 
flue gases. By nitrogen balance, x is also equal to the mols of Ne in the 
air supply. From the analysis of air, O2 input is 


2(21/79) = 0.2662 mols 
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From the flue-gas analysis, free O. in the combustion products is 
0.037x/0.839 = 0.0442 mols. An oxygen balance can now be written: 


0.2662 = 7.58 + 0.044a + (4.45/2) 


Solving, « = 44.2 and 0.044¢ = 1.95. The results may be tabulated as 
follows: 


Basis: 100 lb of fuel. 





Gas Per cent 
Oe hice hi, aie ees, ee 14.1 
hens cb. ss ae ee 3.6 
Neots aris cece Rae eae eee 82.3 
Total water-free gas 100.0 


The corrected value of COs» in the flue-gas analysis, it is evident, is 
somewhat higher than the value originally reported. This is the result 
one would expect if CO» absorption occurred in the burette in the original 
analysis. The fact that the correction turns out to be in the right direc- 
tion strengthens the conjecture that this sort of an error in the CO, may 
be the explanation of the inconsistency of fuel and flue-gas analyses. 

Illustration 9. The sulfur problem can be illustrated by a furnace 
using an otherwise high-grade petroleum fuel oil containing 5.2% sulfur. 
The flue gas is analyzed carefully over mercury without prior removal of 
SO: (which is therefore reported along with the CO2), showing 13.9% 
CO2z (+802), 0.4% CO, 0.1% He, 2.4% Oo, and 83.2% inerts. What is 
the analysis of the fuel? 


Solution. 


Basis: 100 mols dry flue gas. 














Gas Mols .| C+S8 O H, 

CO: + SOz 13.9 13.9 27.8 
8 8 he Seen ee ee ee 0.4 0.4 0.4 
lathes Oy. ver) ot 25s || Cee 0.1 
Osi ax 2.4 4.8 
Nestea. 3 83.2 

TOVOL a Ole hres. 100.0 14.3 33.0 0.1 
O8.2(21770)25 44. Se ae oe ice 44.23 
Hz: equivalent to O disappearance................ 11.23 

Total Hy in: fueling see ee eee 113383 
Ee St ee ed ee oe 


Ratio of H./(C + 8), 11.33/14.3 = 0.794 
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Now take as a basis 100 lb of the fuel oil. It contains 5.2 Ib of sulfur. 
Call its hydrogen x. Its carbon is therefore 94.8 — x. Hence its ratio 
of H, to (C + §) is zare/ (gees = a *). Equating this to the 
value calculated above from the flue-gas data, 0.794, gives x = 11.4 
weight per cent hydrogen, leaving 83.4 per cent carbon by difference. 

It is well to note that the atomic ratio of sulfur to carbon in the fuel is 
only (5.2/32.07)/(83.4/12) = 0.0233. Hence, the SO, in the flue gas is 
only 0.0233 (14.3) /(1.0233) = 0.33%, the CO, being 13.9 — 0.33 = 13.6%. 
In other words, the direct error involved is small, if the total shrinkage in 
alkali in the gas analysis is called COs, even in a high-sulfur fuel such as 
this. Ignoring the sulfur completely in using the gas analytical data only 
raises net hydrogen in the oil to a trifle over 11.7%. This minor effect of 
a small amount of sulfur on the essential results of combustion calcula- 
tions that are based on flue-gas data is the reason for the widely 
followed practice of ignoring the correction for sulfur. 

High-nitrogen fuels. In the case of some gaseous and most liquid 
fuels, a small amount of nitrogen in the fuel may be neglected in the 
calculations. With some fuels, the nitrogen content is so high that this 
method cannot be followed. This is well illustrated in the combustion of 
producer gas in the problem below, in which the nitrogen from the fuel 
forms about 22% of the total nitrogen in the products of combustion. 

Illustration 10. A producer gas contains 9.2% COs, 0.4% C2H,, 
20.9% CO, 15.6% He, 1.9% CHa, and 52.0% Ne. When it is burnt, the 
products of combustion are found to contain 10.8% COs, 0.4% CO, 
9.2% Os, and 79.6% Ne. Compute 

1. The cubic feet of air used in the combustion of 1 cu ft of producer 
gas, both being at the same temperature and pressure 

2. The per cent excess air used in combustion 

3. The per cent of the nitrogen in the products of combustion which 
came from the producer gas 


Solution. 


Basis: 100 mols producer gas. 








Gas Mols Atoms C| Mols Hz | Mols O» 
Cea te ee 9.2 9.2 9.2 
Ot PR eh an 0.4 0.8 0.8 
CO 20.9 20.9 10.45 
in 15.6 
1.9 
Fee 
0.0 
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Basis: 100 mols dry combustion gas. 
CN ee 








Gas Mols Atoms C | Mols O2 | Mols N2 
(O10 Fer a Be ee 10.8 10.8 10.8 
COPR ta te oo aan 0.4 0.4 0.2 
Ogi Bae ches 9.2 9.2 
IN‘es ache 79.6 5 par 79.6 
‘otal iia 100.0 11.2 20.2 79.6 





One knows the mols of neither fuel gas nor air that went into the 
formation of 100 mols of dry combustion gas, which will be taken as the 
basis for calculation. The straightforward approach may be to use the 
algebraic method, calling the mols of fuel gas x and the mols of air y, and 
set up carbon and nitrogen balances. 


OS 265=) Lae whence x = 34.15 
0.522 + 0.79y = 79.6 whence y = 78.3 


Knowing the quantity and composition of producer gas and air, one may 
now compute the quantity of any element from either stream. 


O, from air = 78.3(21/100) = 16.44 mols 
Ne from producer gas = 34.15(52/100) = 17.75 mols 


1. Cubic feet of air used per cubic foot of producer gas. The molal ratio 
of air to fuel is 78.3/34.15 = 2.29, which is also the ratio in cubic feet 
when both gases are at the same temperature and pressure. 

2. Per cent excess air. Excess O2in combustion gas = 9.2 — 0.2 = 9.0 
mols. 


100(9.0)/(16.44 — 9.0) = 121% excess air 
3. Per cent nitrogen in combustion gas which came from the producer gas. 
100(17.75/79.6) = 22.3% 


This problem may also be solved by an arithmetical method. The 
nitrogen in the combustion gas evidently comes from two sources, the 
producer gas and the air. On the other hand, the carbon was present 
originally in the producer gas only. The quantity of this latter gas must 
therefore be 


11.2(100/32.8) = 34.15 mols producer gas 
Nitrogen/carbon ratio in producer gas is 52.0/32.8. Similarly, 
11.2(52.0/32.8) = 17.75 mols Ne 


in combustion gas from producer gas. 
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Mols 

Total N»2 in combustion gas.......... 79.6 
N; from producer gas....... 1... 17.75 
Pirent tsetse r,s ea re ae, oe = nye "s 61.85 
(Os Tronm airy 61-85(21/79) hs. 205): 16.44 


The percentage of excess air and the percentage of nitrogen that came 
from the producer gas may now be computed as before. 

The principle employed in this type of calculation should be studied 
carefully, because, as will appear later, it is frequently helpful in simplify- 
ing computations. In burning a fuel rich in nitrogen, the nitrogen in the 
flue gas is not a direct measure of the air employed for combustion, 
because a part of it comes from the fuel. On the other hand, it is possible, 
as shown above, to earmark and set aside the nitrogen from the fuel, the 
remainder coming from the air alone and being treated accordingly. _ The 
method of earmarking one or more portions of a constituent will be 
referred to repeatedly in later chapters. 

One may compute the amount of excess air by another method. Take 
as a basis 100 mols of fuel. The air used to burn this is 2.29(100) = 229 
mols, and the oxygen in this air is 0.21(229) = 48.2 mols. The oxygen 
needed to burn 100 mols of fuel is 32.8 + 20.2/2 — 19.65 = 23.25 mols. 
Hence the excess of oxygen used over that required is 48.2 — 23.25 = 24.95 
mols and the percentage of excess is 100(24.95/23.25) = 107 per cent. 
This is at variance with the value 121% previously calculated. The 
reason for the variance is not that the basis of computation has been 
changed from 100 mols of combustion gas to 100 mols of fuel gas (this 
was done purely for convenience) but that a different formula has been 
used for calculation. On page 37 three different formulas were given 
for finding the per cent excess air as follows: 





unnecessary (A) 


we total — unnecessary 

unnecessary (B) 
necessary 

total — necessary (C) 


necessary 


100 
100 


In the previous problem the data came from one source, the flue gas. 
The solutions to the three formulas gave identical results because they 
simply became various arrangements of the same data. In this problem 
we have the compositions of the producer gas and of the combustion gas 
as separately made analyses, and therefore these data are independent. 
Consequently, the expression (total — unnecessary) may not equal 
(necessary) unless both sets of data are consistent. 
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When the first value of 121% was obtained it will be noted that formula 
A was used, whereas 107% was obtained by using formula C. 

If we return to the basis of 100 mols of combustion gas, the value of 
107% will also be obtained if formula C is used. 


Moals 
O; from ‘air was caleulated See) 0 ST Re 98. oe 16.44 (total) 
O» needed to burn producer gas, 34.15 (23.25/100)....... 7.95 (necessary) 
Osiexcess a. f6bttawncss thie ce a ees ee eee 8.49 (total — necessary) 
Si CKCCRS iis 5 SG shines x tip ieee, oN bearers 


100 (8.49/7.95) = 107% excess air 


Further checking of the calculations shows that the ratios of fuel and of 
air to combustion gas were calculated by using carbon and nitrogen 


Blast- furnace gas 


13.4% CO2 
0.2% O2 
24.2% CO 
3.0% H2 
59.2% No 













Flue gas 






Boiler furnace 





21.0% O2 13.5% ati 
79.0% N 6.9% O2 
ght 0.4% CO 
79.2% No 
Coke-oven gas (H20) 





2.4% CO2 
2.0% O2 
7.2% CO 
30.8% CH, 
51.3% H2 
6.3% No 


FIG. 2-6. Boiler furnace with mixed fuel. 


balances. Since data are given on.both hydrogen and oxygen, it would 
be highly desirable to check the results by balances on these two addi- 
tional elements. However, since no data are given on the water content 
of the combustion gases, no check by direct balance on either of these ele- 
ments is possible. As a substitute one can use a hydrogen balance to 
calculate the water in the combustion products and thus evaluate the 
oxygen disappearance. An oxygen balance can then be applied. But 
the result will be unsatisfactory because when the hydrogen and oxygen 
are brought into balance either the carbon or nitrogen or both of them 
will be out of balance. 


The conclusion is that the producer-gas analysis and the combustion- 
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gas analysis are not consistent with each other. It must be evident to 
the reader by now that gases of combustion have a composition that is a 
unique function of the composition of the fuel, the air/fuel ratio, and the 
completeness of combustion. Any errors in sampling or in analysis will 
give results that do not ‘‘fit”’ the actual situation. 

Mixed fuels. In an integrated chemical plant with a variety of 
operations, it sometimes happens that more than one type of fuel is used 
in a given furnace. When this is true, it is often desirable to calculate the 
ratio of the fuels by stoichiometrical methods, either as a check upon the 
ratio indicated by plant meters, or to determine the ratio, if metering 
facilities are not available on one or more of the fuel lines. The tech- 
nique of calculation is shown by the succeeding illustration. 

Illustration 11. The Buffalo Station of the M.I.T. School of Chemi- 
cal Engineering Practice obtained the following data on the operation of 
a boiler furnace fired with a mixture of blast-furnace gas and coke-oven 
gas: 


Volume per cent 








CO, Oz CO CH, H, N2 
Coke-oven gas............ 2.4 2.0 tae 30.8 51.3 6.3 
Blast-furnace gas..........} 18.4 0.2 24.2 3.0 59.2 
MUNG WPAS reels rath ite sya * > 13.5 6.9 0.4 79.2 


Calculate 

1. The ratio of blast-furnace gas to coke-oven gas 

2. The per cent excess air used 

Solution. Visualization of the process is aided by the sketch of Fig. 2-6. 

It is obvious that the first step is to restate each of the analyses in terms 
of each element present. This has been done in the following tables: 


Basis: 100 mols coke-oven gas. 
ae 





























Gas Mols C Hp 0 N, pees 

A ee 2.4 oe ee 4.8 
5... 2.0 ae Nee 4.0 —2.0 
OR oh ee 53 7.2 7 i ey 7.2 3.6 
ee ny te): 30.8 | 30.8 61. 61.6 
Ri. 51.3 7 51. oy 25.7 
ee 6.3 a ee - 6.3 

Total ~ 400.0 | 40.4 112.9 16.0 6.3 88.9 
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Basis: 100 mols blast-furnace gas. 












Theoretical 
Gas 0, 

Be he ei ee 13.4 13.4 
Spee? fu jo ae ae 
COR. nae gear 24.2 24,2 vee 1251 
He. 20) Per 3.0 18 5, 
Niaressh a: 59.2 es KA 

SCG ual < Seen ee ee 100.0 37.6 oe OU 13.4 











Excess O2 














COREL SNES TSS 27.0 

OPN des ne Om 6.9 13.8 

COS ce ene 0.4 0.4 

IN aerate iter ror 79.2 : 79.2 
Lote 100.0 41.2 79:2 | 

Excess O»,41. 2/2 — 
is i ie eae RN Ue ana 6.7 








Solution of the problem evidently depends on the choice of a basis and 
unknowns, followed by application of balances on the various elements. 
A wide variety of mathematically correct choices exists. However, some 
choices of basis and unknowns lead to involved calculations, while others 
do not. In general, the manipulations are simplified in this type of prob- 
lem, if one will choose as basis a convenient quantity of one of the streams 
and let the total number of mols in each of the other streams be unknown. 
Let the basis be 100 mols of coke-oven gas and let the unknowns be 


mols of blast-furnace gas 

= mols of air 

= mols of dry flue gas 

w = mols of H.O in the flue gases 


x»ne se 
| 


Balances on the individual elements can now be written: 
C balance: 0.3762 + 40.4 = 0.1392 
H, balance: 0.030z + 112.9 = w 
O balance: 0.5142 + 16.0 + 0.42y = 0.412z + w 
N» balance: 0.592¢ + 6.3 + 0.79y = 0.7922 


Solving, 


503 mols of blast-furnace gas 
= 1652 mols of dry flue gas 


xn & 
| 
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1. Ratio of blast-furnace gas to coke-oven gas. 
503/100 = 5.03 


2. Per cent excess air used. Theoretical O» is 88.9 + 5.03(13.4) = 156.3 
mols per 100 mols coke-oven gas. Per cent excess air is 


100(6.7) (1652/100)/156.3 = 71% 


PROBLEMS 


1. If dry hydrogen gas at atmospheric pressure is burnt completely in a furnace 

with 32% excess air, calculate the Orsat analysis of the flue gas from this furnace. 
Ans. 6% Ox, 94% No. 

2. If moist hydrogen containing 4% of water by volume is burnt completely in a 

furnace with 32% excess air, calculate the Orsat analysis of the resulting flue gas. 
Ans. 6% Oo, 94% Nz. 

3. Calculate what should be the Orsat analysis resulting from the complete com- 
bustion with 100% excess air of 

(a) Ethane, C.H¢. Ans. 6.3% COs, 11.0% O2, 82.7% No. 

(b) Naphthalene, CioHs. Ans. 8.9% COs, 10.7% Ox, 80.4% No. 

4. An automobile engine is being operated with pure methyl alcohol, CH;OH, using 
10% excess air over that necessary for theoretical combustion, and securing substan- 
tially complete combustion of the fuel. A sample of the exhaust gases is removed 
from the exhaust pipe and carefully analyzed in an Orsat. What analysis would you 
expect to get? 

5. Pure formaldehyde gas, CH,O, is burnt completely in air, using 50% excess. 

(a) What should be the Orsat analysis of the combustion gas? 

(b) What should be the Orsat analysis of the combustion gas if, instead of using 
excess air, only enough were used to burn all the hydrogen to water, 25% of the car- 
bon to COs, and the remaining 75% to CO, the combustion being so conducted that 
no oxygen gas whatever is left remaining in the combustion products? 

6. Assume that in the operation of the engine of Prob. 4, using pure methyl alcohol 
as fuel as there stated, the air supply is reduced below the theoretical value to a point 
such that 90% of the carbon in the fuel burns to CO, and the remaining 10% to CO; 
assume, furthermore, that under these conditions the hydrogen in the gaseous com- 
bustion products is 40% of the CO in them, the oxygen being all consumed. 

Calculate the following: 

(a) The Orsat analysis that you would expect to find for the gases from the exhaust 
pipe. 

(b) The pounds of dry air required per pound of fuel burnt. 

(c) The cubic feet of dry air that must be supplied to the engine per pound of fuel 
burnt, on the assumption that the barometer is normal and the air temperature 
is 70°F. 

(d) The volume of exhaust gases per pound of fuel burnt, if these leave the engine 
at 960°F. 

7. An automobile engine is supplied with a gasoline that is found by analysis to 

contain 88% carbon and 12% hydrogen. It is operated at normal barometer. 

(a) Calculate the Orsat analysis of the exhaust-pipe gases, the pounds of dry air 
required per pound of fuel, the volume of this air at 60°F, and the volume of the com- 
bustion gases at 1000°F, granting complete combustion with theoretical dry air. 

(b) Repeat (a), granting combustion with 90% of the theoretical air under condi- 
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tions such that the oxygen will be completely eliminated and the molal ratio of CO to 
H, in the combustion gases will be Qe: 

g. An aviation engine using high-octane gasoline for fuel flies at an altitude where 
the barometric pressure is 430 mm Hg abs. The air is practically dry and at a tem- 
perature of 18°F. The exhaust gases leave the engine at 1000°F. During flight a 
sample of the engine exhaust gases is obtained under these conditions and is taken to 
the ground for analysis. The Orsat analysis, with mercury as the confining liquid in 
the burette, is conducted at 20°C and 750 mm Hg and shows 13.39% COsz, 1.67% Oz, 
and 84.94% Ne». For information on the design of a gas turbine supercharger driven 
by these exhaust gases, calculate the cubic feet of exhaust gases (under the conditions 
they leave the engine) per cubic foot of air entering the air intake. Ans. 3.28 cu ft. 

9. A small experimental laboratory furnace is operated conventionally with a 
variety of special fuels. The combustion gases are analyzed carefully over mercury 
by conventional techniques, and there is no reason to question the substantial depend- 
ability of the analytical results. What is the significance to you of the following data, 
collected in the course of this work? 

(a) A gaseous fuel gives a combustion gas containing 6.2% COs, 4.6% Os, and the 

rest nitrogen (and inerts). 

(b) A water-white, anhydrous liquid fuel gives a combustion gas containing 16.2% 

CO:, 4.8% Oz, and the rest Ne. 

(c) A pure, solid organic compound gives 15.46% COz2, 3.09% Oz, and the rest No. 

10. A relatively pure saturated hydrocarbon gas is being burnt with air in a small 
furnace. A sample of the flue gas is taken, and a portion is subjected to analysis in a 
standard Orsat apparatus. The data obtained are as follows: 


Milliliters 
Initial volume of sample.................. 100.0 
After caustic absorption..... ............. 92.6 
After pyrogallol absorption................ 87.1 
After cuprous chloride absorption.......... 83.4 


On the basis of this analysis, 

(a) What is the per cent excess. air? 

(b) What is the atomic ratio of hydrogen to carbon in the original fuel? What is 

the hydrocarbon being burnt? 

(c) How many cubic feet of dry flue gas (measured at standard conditions) are 

formed per pound of hydrocarbon consumed? 

11. The combustion gases from an industrial furnace using a hydrocarbon fuel and 
dry air enter the stack at normal barometric pressure and 375°F and have the following 
Orsat analysis: 12.2% COs, 3.1% Os, 1.2% CO, and 83.5% Ne. 

Determine the following: ; 

(a) The per cent excess air. 

(b) The volume of gases entering the stack, expressed as cubic feet per pound of 

carbon burnt in the furnace. 

(c) The dew point of the stack gases. 

(d) The atomic ratio of hydrogen to carbon in the fuel. 

(e) The mols of stack gas per atom of carbon burnt. 

12. A 12-ml sample of a mixture of ethane and dry air is added at constant pressure 
to 100 ml of dry air, and the resulting mixture is exploded. The exhaust gases are 
passed through concentrated sulfuric acid and a sodium hydroxide solution in succes- 
sion and then to a measuring bulb where the final volume is found to be 98.5 ml. 
What is the per cent composition of the original 12-ml sample? Ans. 25% CoHg. 
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13. Mixtures of the hydrocarbons ethylene and propylene are to be analyzed by 
carrying out a slow combustion with excess oxygen. Formulate a simple relationship 
based on the usual data collected in the above procedure, so that a trained technician 
with no background in stoichiometry can calculate the per cent of propylene in the 
original hydrocarbon gas sample. 

Nore: The data collected in such a procedure involve the volume of the hydrocarbon 
gas sample added to a given volume of pure oxygen. The volume after combustion 
is measured and then after KOH absorption the volume is again measured. 

14. A waste gas from a petroleum refinery is analyzed as follows: A sample of 
exactly 100 ml is found to shrink to 91.8 ml on absorption in lead acetate solution; to 
90.2 ml in KOH; to 88.0 ml in pyrogallate; to 81.2 ml in strong sulfuric; and no 
further shrinkage is observed in cuprous chloride. The 81.2 ml of gas after sul- 
furic absorption shows no shrinkage over palladium black. One-fourth of the 
remaining gas, namely, 20.3 ml, is mixed with 70 ml of pure Oz and exploded. The 
volume after explosion is 53.2 ml; this shrinks to 27.5 ml in KOH and to 4.2 
ml in pyrogallate. A second sample, likewise exactly 100 ml, is analyzed in the 
same way (the absorptions checking the first sample, except that the absorption in 
sulfuric is omitted), and exactly one-fourth of the gas now remaining, namely, 22 ml, 
is mixed with 70 ml of pure O. and exploded. The volume after explosion is 50.0 ml, 
which shrinks to 17.8 ml in KOH and to 4.2 ml in pyrogallate. Calculate the analysis 
of the gas on a percentage basis as completely as possible from these data. 

15. A chemical manufacturer produces ethylene oxide by burning ethylene gas with 
air in the presence of a catalyst. If the conditions are carefully controlled, a sub- 
stantial fraction of the ethylene is converted to ethylene oxide, while some ethylene 
remains unconverted and some is completely oxidized to form carbon dioxide and 
water. Formation of carbon monoxide is negligible. After the gases leave the 
reactor, they are passed through an absorber, in which the ethylene oxide is removed. 
A typical Orsat analysis of the gases leaving the absorber is as follows: 9.6% COs, 
3.0% Ox, and 6.4% ethylene. Of the ethylene entering the reactor, what per cent is 
converted to ethylene oxide? 

16. The off-gas from a phosphate-ore reduction furnace, analyzing 7% P., 90% 
CO, and 3% N: on a gas volume-per cent basis, is burned with air under conditions 
favoring selective oxidation of the phosphorus. A sample of the flue gases from the 
burner is withdrawn from the stack and cooled. The oxides of phosphorus, which 
precipitate on cooling, are separated from the remaining gas, and the latter is analyzed 
in an Orsat apparatus. The results show 0.8% COs, 22.4% CO, 8.7% Os, and 68.1% 
N,. It may be assumed that the amount of P, in the flue gases is negligible and that 
the phosphorus in the flue gases exists partly as P,O,and partly as PsOi0. Of the CO 
entering the burner, what per cent is oxidized to CO.? Of the P, entering the burner, 
what per cent is oxidized to PsO10? 

17. A furnace uses a producer gas of the following analysis: 5.3% COz, 21.1% CO, 
15.3% He, 1.0% CHa, and 57.3% Nz. The flue gas contains 14.1% COs, 2.3% O2, 
and 83.6% Ne. Both analyses were conducted in an Orsat apparatus with mercury 
as the confining liquid and were made by a skilled technician. 

(a) Assuming that the analyses are truly representative of the fuel and flue gas, 
calculate, by two different methods, the per cent excess air used in the furnace. 

(b) A check on the history of the gas samples reveals that although they were 
analyzed over mercury, each of the two samples was brought from the plant to the 
laboratory in a container with water as the confining liquid. Recalculate the per 
cent excess air in the light of this discovery. 

18. A producer gas is burned under a boiler with 20% excess air. The analysis of 
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the producer gas, determined by a thoroughly reliable technique, is 2.0% CO:, 28.0% 
CO, 2.0% Ox, 10.4% He, and 57.6% Nz. Between the point at which the flue gas 
enters the stack and the point at which the flue-gas sample is taken, a certain amount 
of air leaks into the stack. The Orsat analysis of the diluted flue gases, determined 
with water as the confining fluid, is 4.6% CO2, 3.0% CO, 10.8% O2, and 81.6% N>. 

(a) What is the air leakage in mols per 100 mols of dry fuel fired? 

(b) Compute the analysis of the dry flue gas before dilution. 

19. A rocket motor uses pure nonane (CyHz2») as a fuel and pure hydrogen peroxide 
as an oxidant. During a 10-min test period the fuel meter shows that the average 
rate of consumption of nonane is 119 lb/min. The hydrogen peroxide meter fails to 
function. However, the exhaust gas is collected at atmospheric pressure (760 mm 
Hg) and cooled to 20°C. During the 10-min period 2701 lb of liquid is obtained. 
This liquid is analyzed and found to contain 0.172% CO2 by weight. The vapor pres- 
sure of water at 20°C is 17.5 mm Hg. 

During the course of the test a sample of the exhaust gas is withdrawn through a 
sample line and cooled to atmospheric temperature (85°F), and the gas phase is 
analyzed in an apparatus in which water is used as the confining fluid in the measuring 
burettes. The observed volume of the gas subjected to analysis is 96.7 ml, the volume 
after passing through KOH solution is 84.7 ml, the volume after passing through CrCl, 
solution is 84.7 ml, and that after passing through acidified CuCl: solution is 44.86 ml. 
To the residual 44.86 ml is added 200.0 ml of air. This mixture is subjected to slow 
combustion over a hot platinum filament. After cooling of the gas, the volume is 
177.57 ml. The gas is then passed through the KOH solution once more; no shrink- 
age is observed. 

Estimate the composition of the wet exhaust gas and the molal ratio of peroxide 
to nonane. 


Chapter 3 
ENERGY BALANCES AND EQUILIBRIUM 


In the technology of fuels, the over-all objective is normally the produc- 
tion and utilization of heat. Hence, material balances of the type dis- 
cussed in the preceding chapter are usually a preliminary to energy 
computations. The latter are employed to test the dependability of data 
obtained in the plant, to check the efficiency of utilization of heat in a 
process, and for design purposes. At the same time there arise questions 
as to the potentialities of heat exchange and recovery, which can only be 
answered in the light of the temperature levels at which heat is released 
or absorbed and the temperature differences available as the driving force 
in heat-transfer equipment. These problems involve limitations imposed 
by physical and chemical equilibria. Therefore, the present chapter deals 
with both the energy relationships encountered in the recovery of heat 
and the related problems of physical and chemical equilibria. 

It will be best to start with certain relatively simple problems involving 
physical-heat effects only. This will make it possible to grasp the prin- 
ciples underlying these physical changes and to master the techniques of 
computation involved in handling them. This, in turn, will aid in allow- 
ing for them in those more complicated situations in which the effects of 
chemical interaction are superimposed upon them. 


RECOVERY OF HEAT 


As will be brought out in succeeding chapters, the recovery of heat 
from combustion gases is of great importance in many chemical processes, 
partly because of the resultant economies in fuel, but also because in 
many cases the proper utilization of what would otherwise be waste heat 
is absolutely essential to successful operation. 

Heat exchange. In the operation of a continuous adiabatic heat 
exchanger involving two steadily flowing streams, the heat given up by 
one stream must equal that picked up by the other, not only in the unit as 
a whole but in every individual section of it, however large or small.! 

1 This assumes no heat flow along the structure of the exchanger itself (e.g., through 
the metal of the unit) in a direction parallel to that of movement of the flowing 


streams. 
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Furthermore, the temperature of the stream giving up heat must, at every 
point in the exchanger, be higher, at least differentially, than the tem- 
perature of the heat-accepting stream at the corresponding point, since 
this sort of temperature difference is the driving force essential for the 
transfer of the heat. The two effects are interrelated by the fact that 
the temperature of each stream at any given point is determined by the 
heat it has lost or gained up to that point.! Meanwhile, the rate of 
transfer of heat is determined by the temperature difference between the 
two streams, together with other important factors in construction and 
operation of the unit. 

As will be made evident in succeeding chapters, there are many types 
of equipment in which the performance is governed by a heat balance, 
applying to the unit as a whole and also to each individual zone, and 
where the flow of heat is restricted by the necessity of maintaining at all 
points a unidirectional temperature difference. Because heat exchange 
offers the simplest application of the principle of driving forces, it can 
serve as an ideal introductory illustration. 

In any process of interchange of sensible heat between two bodies, the 
dominant factors which set absolute limits to the operation are the initial 
temperatures of the bodies and their heat capacities. For example, if 
the total heat capacity of the cold body is small compared to that of the 
hot, it is obvious that transfer of a relatively small amount of heat will 
raise the temperature of the cold body nearly to that of the hot, with little 
drop in temperature of the latter, thus blocking further flow of heat. It 
is also clear that these same factors determine the temperature levels and 
hence the temperature differences at each stage in the process. Because 
the rate of heat transfer at each point in the equipment is a function of the 
temperature difference at this point, these factors therefore determine the 
total heat-transfer capacity of any given type of equipment used for the 
operation. What follows is a discussion of continuous, steady-flow heat 
exchange, limited to the heat-balance and temperature-difference phases 
of the problem. 

If the specific heats of the hot and_cold streams are almost constant, or 
can be expressed as simple functions of temperature, an analytical 
approach is entirely adequate. However, even in such simple cases the 
use of graphical methods brings out certain points not emphasized by 
algebra. In more complicated situations, involving phase changes or 
considerable variation of specific heat with temperature level, graphs are 
almost indispensable. Because of their more general utility, graphical 
methods receive the major emphasis in succeeding sections. 


1 Either temperature or heat exchanged may be taken as the independent variable 
at will. 
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Parallel-flow heat exchange. In the recovery of heat perhaps the 
simplest type of equipment to visualize is a continuously operating 
exchanger, in which the hot and cold streams flow through the apparatus 
in parallel, z.e., side by side and in the same direction (see Fig. 3-1). 
With this arrangement of flow, the temperature difference between the 
hot and cold streams is large at the point where the two streams enter, 
and therefore the initial rate of heat transfer between the two streams is 
relatively high. Because of this characteristic, parallel flow is employed 
under circumstances where it is important to cool reaction products 
extremely rapidly, e.g., through a range of temperatures in which undesir- 
able reactions will otherwise occur. The energy and thermal equilibrium 
relationships are illustrated by the following example. 

Illustration 1. It is desired to cool very rapidly the exit gases from 
an ammonia-oxidation unit (see page 226), in order to prevent any 
appreciable decomposition of NO to Ne and O». At the same time, heat 
is to be recovered by employing the incoming air to the unit as the cooling 
medium in a parallel-flow heat exchanger. The analysis of the exit 
gases is 9.1% NO, 4.7% Oz, 69.5% No, and 16.7% H.0, and they leave 
the catalyst chamber at 1700°F. Air is supplied to the unit in the ratio 
of 0.87 mol of dry air per mol of exit gas and will enter the exchanger at 
an average temperature of 60°F. 

1. If it were possible by some means to cool the gases to 60°F, recover- 
ing all the sensible heat, how much heat would be thus recovered, in Btu 
per 100 lb mols of gas? 

2. If it were similarly possible to heat the air to 1700°F, how much heat 
would the air take up, expressed in the same units, on the same basis? 

3. Granting that one has an adiabatic heat exchanger, what is the rela- 
tion between the quantity of heat transferred from one stream to the 
other and the resulting temperatures of the two streams at any specific 
section of the exchanger? 

Solution. The exchanger may be represented by the simple diagram 
of Fig. 3-1. 

As a basis of computation, choose 100 lb mols of exit gas. The mols 
of NO, Oz, etc., in the gas will then be numerically equal to the per- 
centages in the gas analysis, shown in Fig. 3-1. On this basis, the mols of 
OQ, in the air will be 87(0.21) = 18.3, and the mols of N: in the air will be 
87 — 18.3 = 68.7. 

1. Focusing attention first on the hot exit gases, if these are cooled by 
some means to 60°F, the heat given up is simply the sum of the sensible- 
heat contents! at 1700°F of the various constituents, relative to 60°F. 
For example, the sensible-heat content of the NO above 60°F is obtained 


1 The heat content is also known as the enthalpy. Both terms are used in this book. 
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by reading the value of Mc’,,,, at 1700°F from Fig. 1-3 and multiplying ae 
figure read from the plot, 7.7, by the number of mols of NO and the 
difference between 1700° and 60°. Thus, 7.7(9.1) (1640) Kg 115,000 Btu. 
The calculations for the various constituents are summarized in the table 


below. 


Mc? ,, at 1700°F | (Mols)(Mc>.,,) (1640) 


pay 








115,000 
61,000 
855,000 
249 ,000 


1,280,000 Btu 











2. The amount of heat which the air can take up in rising in tempera- 
ture from 60°F to 1700°F is calculated in exactly the same way, remember- 
ing that there are 87 mols of this air, of which 18.3 mols are oxygen and 


2) TAN 2D Sts 
Cooling air {j2upe No 
0.87 mol/mol exit gases 
ty= 60°F to 


T, = 1700°F 
Hot exit gases 
9.1% NO ; 
4.7% O2 1 
69.5% No | 
16.7% H20 i 


FIG, 3-1. Parallel-flow heat exchanger of Illustration 1. 





the rest nitrogen. The result is 1,075,300 Btu. It will be seen that the 
heat-absorption capacity of the air is less than the heat-carrying capacity 
of the product gas by 1,280,000 — 1,075,300 = 204,700 Btu. In other 
words, there is not enough heat-absorbing capacity in the air to cool the 
product gases completely to 60°F under any conditions of heat transfer 
whatever. 

3. To determine the relation between the amount of heat transferred 
from the hot gas to the air and the temperatures of the hot and cool 
streams, let the temperature of the air at any section of the exchanger, 
such as that represented by the dotted line in the diagram, be equal to ¢, 
and let the temperature of the gas at the same section be T, both expressed 
in degrees Fahrenheit. 
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Now consider that portion of the exchanger between the inlet and the 
section at the dotted line and apply an energy balance to that portion. 
Since no heat is lost to the surroundings, all heat given up by the gas in 
cooling from 1700°F to T is absorbed by the air in being heated from 
60°F to ¢. Let the heat thus transferred, in Btu, be designated as Q. 

The relationship between ¢ and Q is obtained from the fact that the heat 
absorbed by the air in being heated from 60°F tot is the sensible-heat con- 
tent of the air at ¢ relative to 60°F. For example, the value of Q when 
t = 600°F is computed as follows. At 600°F, the value of Mc}, read 
from the Oz curve of Fig. 1-3 is 7.3. The sensible-heat content of the O2 
in the air is obtained as the product of Mc®,,, with the number of mols of 
O. and the difference between 600° and 60°F. Thus, 


7.3(18.3) (540) = 72,000 Btu 


By a similar calculation, the sensible-heat content of the N» in the air is 
7.0(68.7)(540) = 260,000 Btu. The calculations by which values of Q 
are obtained for a number of different values of ¢ are summarized in 
Table 3-1. Note that this relation between Q and ¢ is a unique function 


TaBLE 3-1. Heat TRANSFERRED FROM Hor Gas To AiR As A FUNCTION OF AIR 
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of the quantity and properties of the air stream, completely independent 
of other factors in the problem. 

The relation between 7’ and Q is determined by the fact that the heat 
given up by the hot gas in cooling from 1700°F to 7 equals the sensible- 
heat content of the gas at 1700°F, relative to 60°F, minus the sensible- 
heat content at 7, relative to the same base temperature. 

Computations of the sensible-heat content at T and the corresponding 
values of Q, for several different values of T, are given in Table 3-2. The 
results, like those for the air, are uniquely dependent on the amount and 
the properties of the hot-gas stream alone. 

These results give the desired relation between the amount of heat 
transferred from the hot gases to the air and the temperatures of the two 
streams, best expressed graphically in Fig. 3-2. Examination of this 
figure will make it clear that any vertical line between the two curves such 
as AB corresponds to a heat balance from the gas-inlet end of the 
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exchanger up to the section in question. This is because the upper curve 
represents the heat given up by the hot gas and the lower curve, the heat 
picked up by the cold air; in an adiabatic exchanger the two must be 
equal. On the diagram, the vertical distance between the two curves 
at any particular value of the heat transferred is the temperature differ- 
ence between the two gas streams at the point in question in the exchanger. 
The location of 72 and f:, the temperatures at which the gas and air, 
respectively, leave the outlet end of any given exchanger, depends on the 
area available in the exchanger for transfer of heat and the coefficients of 
heat transfer. For a given type of exchanger, the coefficients of heat 
transfer will be approximately constant, and the significant variable will 
be the area available for heat transfer. Thus, if the area is relatively 
small, the amount of heat transferred will be small, e.g., 200,000 Btu. In 


TasLeE 3-2. Heat TRANSFERRED FROM Hort Gas AS A FUNCTION OF GAs TEMPERATURE 
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this case, line AB in Fig. 3-2 shows that the exit temperature of the gas 
will be 1470°F, while that of the air will be 390°F. If a somewhat larger 
exchanger is employed, resulting in a heat transfer of 400,000 Btu, then 
T, = 1220°F and tz, = 700°F (line CD). However, as larger and larger 
exchangers are employed, the values of 7's and t2 approach each other, 
reducing the temperature difference available as the driving force for 
transfer of heat. If heat transfer from the gas to the air is to take place, 
the temperature of the gas must exceed that of the air. Hence, no matter 
how large the exchanger, it is never possible to reach the condition at 
which the gas and the air leave the exchanger at identically the same tem- 
perature. The condition at which J. = t: is thus the limiting case, 
attained only by using an exchanger the area of which is indefinitely large. 
As is seen from Fig. 3-2, this corresponds to a temperature of 990°F and a 
heat removal of 590,000 Btu. Therefore, the maximum percentage of the 
sensible heat of the gas above 60°F that can be recovered under the con- 
ditions specified is (590,000/1,280,000)100 = 46.1 %. 
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Figure 3-2 can thus be used to determine the over-all performance of 
any given exchanger, 7.e., the outlet temperatures of the two streams. 
Once these have been established, it also shows the relations between 
temperatures, temperature differences, and the amount of heat trans- 
ferred up to any given section within the exchanger. 








Temperature, °F 
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Heat transferred, Btu 
FIG. 3-2. Temperature distribution in parallel-flow heat exchanger of Illustration 1. 


Basis: 100 Ib mols of hot exit gases. 


Any vertical line on the diagram represents a heat balance only. This 
is true to the right of the intersection of the two curves as well as to the 
left. However, for a parallel-flow exchanger, conditions to the right of 
the intersection are impossible of attainment because beyond the inter- 
section point they would represent flow of heat from a low temperature 
level to a higher one. Such conditions, although still compatible with 
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an energy balance, would violate the requirements of thermal equi- 
librium. ; 

It has been pointed out that each curve of Fig. 3-2 is a unique function 
of its stream. As long as the compositions and the relative quantities of 
the two streams remain unchanged, advantage can be taken of this fact 
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FIG. 3-3. Temperature distribution in parallel-flow heat exchanger of Illustration 1. 
Effect of a change in T;. Basis: 100 Ib mols of hot exit gases. 


to solve a variety of problems. Thus, assume that because of some 
change in operating conditions the hot gases of this problem enter the 
exchanger not at 1700° but at 1400°F. Obviously, one wishes to con- 
struct a diagram corresponding to Fig. 3-2 in which the hot-gas curve 
starts at 1400° instead of 1700°F. This has been done in Fig. 3-3, first 


reproducing on this latter diagram the hot-gas curve of Fig. 3-2 as a 
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dotted line. Now the temperature—heat-content relation of the gas in 
the new exchanger must be identical with that in the old below the 1400° 
level. This is equivalent to saying that the curve starting at 1400°F is 
merely the dotted curve moved to the left parallel to itself.!| Graphically, 
this is easily done with dividers. 

By fitting the data on specific heats with empirical equations relating 
the specific heats to temperature, one can develop the relations between 
heat quantities, temperature, and temperature differences by purely ana- 
lytical methods, if one prefers. In the present case, in which the heat 
capacities of the two streams are relatively insensitive to temperature, 
approximate results can be obtained very simply by assuming that 
the specific heat of each stream is constant over the range of tempera- 
tures involved. If ¢’ equals the outlet temperature in the limiting case 
when 7’, = t2 and the specific heats of the air and hot exit gases are 
assumed to be 7.0 and 7.5, respectively, then by an energy balance 
around the exchanger 7.0(0.87)(t’/ — 60) = 7.5(1700 — 7’). Solving, 
t' = 964°F. This value agrees reasonably well with that of 990°F 
obtained by the more accurate method of Fig. 3-2. In general, an alge- 
braic method is best suited for approximate calculations when specific 
heats are almost constant or vary nearly linearly with temperature, so 
that the average specific heat of each substance may be taken as equal to 
its instantaneous specific heat at the temperature halfway between the 
initial and final temperature. In more complicated situations, or where a 
fairly high degree of accuracy is desired, graphical methods are usually 
shorter and, because they aid in visualization of the problem, less subject 
to error. 

Countercurrent heat exchange. While parallel flow is desirable 
in certain instances, it has the serious disadvantage that only a relatively 
low percentage of the heat in the hot stream can be recovered before fur- 
ther removal is blocked by the limitations of thermal equilibrium. A 
more common practice, therefore, is to make use of countercurrent 
operation. 

Illustration 2. A furnace is fired with a natural gas that is sub- 
stantially pure CHy. The fuel is burned with 20% excess air, and com- 
bustion is practically complete. The flue gases leave the furnace at 
1500°F, and it is desired to install a countercurrent exchanger in which 
the heat in the flue gases will be used to preheat the air supply to the fur- 
nace, thus reducing the consumption of fuel. In order to avoid any pos- 
sible complications due to cracking, which may plug flues with deposited 
carbon, no attempt will be made to preheat the fuel. The average tem- 
perature of the air supply may be taken as 60°F. What are the tempera- 
ture and heat-transfer relationships in an exchanger of this type? 


1 For the mathematical significance of this relation, see p. 70. 
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} ‘on. A diagram of the setup is given in Fig. 3-4. 

a 10 lb cit of CH, as a basis. According to the reaction 
CH, + 202 = CO. + 2H20, 10 mols of COz and 20 mols of H.O are 
produced by combustion. The excess Oz is 20(0.20) =4mols. The N2 
in the air, which equals the N2 in the flue gas, is 20(1.20) (79/21) = 90 
mols. The O2 in the air is 20 + 4 = 24 mols. Thus, on a basis of 10 
mols of CH, the material balance is completely established. 

Application of an energy balance to the case of countercurrent heat 
exchange is not quite so straightforward as in parallel flow. If one 
decides to work with Q, the heat transferred from the gas to the air 
between the hot end of the exchanger and an intermediate section, rep- 
resented by the dotted line in the diagram, it is easy enough to find the 
relationship between Q and 7, by the method employed in Illustration 1. 


Cooling air | sabe 
to t,;= 60°F 


T2 = 1500°F 

Hot flue gas 

from combustion of CH, 
with 20% excess air 





FIG. 3-4. Countercurrent heat exchanger of Illustration 2. 


However, it is impossible to make a direct calculation of the relation 
between Q and ¢, because in the case of countercurrent heat exchange 
both ¢ and ¢: are unknowns. If, on the other hand, one tries to work with 
Q’, defined as the heat transferred from the gas to the air between the 
dotted line and the cold end of the exchanger, the preceding situation is 
reversed. It is then easy enough to find the relation between Q and ¢, 
but the relation between Q’ and T cannot be computed directly, since 
both 7 and 7; are unknown. 

In principle, the solution is to assume a series of values for the exit 
temperature of either the gas or the air. For each value assumed, the 
relation between ¢, 7’, and the heat transferred in that portion of the 
exchanger between the intermediate section and the end of the exchanger 
where conditions are fixed can be computed. 

As in the preceding illustration, calculations are simplified if one will 
first prepare a plot of the temperature of each stream against its sensible- 
heat content. In the parallel-flow case it was advantageous to calculate 
the sensible-heat content of the cold-air stream above its inlet tempera- 
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ture, 60°F, and that of the hot-gas stream below its inlet temperature, 
1700°F. The reason for this was that the two streams entered the same 
end of the exchanger at these two temperatures and that a heat balance 
required that, up to any point in the exchanger, the changes in sensible- 
heat contents of the two streams be equal. In the counterflow problem 
there is no point in the exchanger at which the temperatures of both gas 
streams are known in advance. Consequently, one does not have 
a priori a logical basis from which to calculate the changes in sensible heat. 
The best thing to do is to start by preparing a plot of temperature against 
the sensible-heat content of each of the two streams, both constructed 
relative to 60°F. The calculations are arranged in Table 3-3 and pre- 
sented graphically in Fig. 3-5. 


TABLE 3-3. SENSIBLE-HEAT ConTENTS OF Hot Gas AND AIR ABOVE 60°F 
(ILLUSTRATION 2) 
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The next step is to assume a value of the outgoing temperature of one of 
the gas streams, such as T;. For example, let T, = 1000°F. From Fig. 
3-5 it is obvious that the heat lost by the hot-gas stream in this exchanger 
in cooling from 1500°F to 1000°F is 1,480,000 — 905,000 = 525,000 Btu. 
Heat balance requires that this heat quantity be also the increase of sen- 
sible heat of the air stream. From Fig. 3-5 one sees that this requires 
that the air rise in temperature to 705°F. 

On the basis of the assumption made, the temperatures of both streams 
at both ends of the exchanger are now known, and the inlet and outlet 
temperature points may be plotted against the quantity of heat Q’ trans- 
ferred in the exchanger starting from the cold end. The problem is to 
construct the curves of temperatures T and ¢, to be plotted against Q’, for 
the two streams between these limiting values. 

For the air temperature ¢ it is clear that the air curve of Fig. 3-5 is the 
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relation required. For the hot gases, the corresponding curve is the sen- 
sible-heat content of those gases measured above 1000°F as a base. This 
can be calculated by the method used in constructing the curves of Fig. 
3-2. The result is the upper curve on Fig. 3-6. Study of the situation 
will show that this curve is identical with the section of the hot-gas curve 
of Fig. 3-5 from 1000°F up to 1500°F, plotted against the heat content, 
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FIG. 3-5. Sensible-heat contents of gas and-air streams in countercurrent heat exchanger 
of Illustration 2. 


not above 60°F as in Fig. 3-5, but above 1000°F. This in turn is equiv- 
alent to moving the hot gas curve of Fig. 3-5 horizontally from right to 
left, all points of the curve traveling the same distance to the left. 

The corresponding result for the case in which T; = 500°F, secured by 
exactly the same type of procedure, is also shown on Fig. 3-6. 

It is obvious that Fig. 3-6 is exactly like Fig. 3-5, except that the curve 
for the flue gas has been shifted horizontally. The extent of the shift is 


governed by the assumption made as to the value of 7;. As in Illus- 
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tration 1, it can be assumed that the coefficient of heat transfer in the 
exchanger is roughly constant and the major variable in the physical 
setup is the heat-transfer area of the exchanger. If a small exchanger is 
used, the total amount of heat transferred in the apparatus will be small 
the value of 7; will be high, and the curve for the gas temperature will bis 
shifted relatively far to the left on Fig. 3-6, as, for example, in the case in 
which 7; = 1000°F. If a somewhat larger exchanger is installed, the 
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FIG. 3-6. Temperature distribution in countercurrent heat exchanger of Illustration 2. 


total amount of heat abstracted from the gas will be greater, the value of 
7, will be lower, and the curve for the gas temperature will be shifted 
more to the right, as in the case in which T; = 500°F. 

As the curve for the gas temperature is shifted progressively to the 
right, it is clear that the temperature difference between the gas and the 
air at any given section of the exchanger becomes smaller and smaller; 
eventually, as the curve is shifted still farther to the right, a condition 
must be reached in which a zero temperature difference exists at some 
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point in the exchanger. On the diagram, a zero temperature difference 
corresponds to an intersection of the curves for gas and air. However, 
since the temperatures in the apparatus cannot exceed 1500°F or drop 
below 60°F, one need consider no intersections that may occur outside 
these temperature limits. Focusing on the possibility that the curves 
intersect in the range between 1500°F and 60°F, one sees that, as the gas 
curve is shifted horizontally to the right, the first point at which an inter- 
section can occur is at 1500°F, 7.e., at the hot end of the exchanger. 
When the curves intersect at 1500°F, the value of Q’ read from Fig. 3-6 is 
1,230,000 Btu. The sensible-heat content of the gas at 7 must equal the 
sensible-heat content of the gas at 1500°F minus Q’, or 


1,430,000 — 1,230,000 = 200,000 Btu 


From Fig. 3-6, 7; = 280°F, the lowest temperature to which it is possible 
to cool the flue gas in a heat exchanger under the specified conditions. 


In mathematical terminology, the process of shifting the curve for the gas temper- 
ature in a horizontal direction on Fig. 3-6 is equivalent to choosing different values for 
the arbitrary constant of integration that results from integrating a differential equa- 
tion. Let n represent the number of mols of the gas or air stream. The heat trans- 
ferred to the air in a differential length of the exchanger equals the differential tem- 
perature rise times the number of mols times the corresponding molal heat capacity, 


dQ’ = (nMc3)air dt 
The heat given up by the gas in the same element equals 
dQ = —(nMc$) gas dT 


An energy balance on a differential element of the exchanger yields the differential 
equation 
(nMc>)aicdt = —(nMc$) eas dT 


Integration leads to the result f(mMc})sir dt + J(nMc$)easdT = C, where C is an 
arbitrary constant. If heat capacities can be expressed as functions of temperature, 
the first term on the left-hand side of the integrated energy-balance equation is seen 
to be a function of the air temperature ¢ only, and the second term a function of the 
hot-gas temperature 7’ only. The equation is therefore directly integrable, but the 
arbitrary constant of integration can only be determined provided that a pair of cor- 
responding values of ¢ and 7 at some specific point in the exchanger is known. Ini- 
tially, the temperature of the hot gas at the hot end of the exchanger was given 
(1500°F), but the value of tf: was unknown. At the cold end, the air temperature ¢, 
was given (60°F), but the value of 7; was unknown. However, if one fixes both 
temperatures at either end of the unit or at any intermediate point, e.g., by fixing 7; 
in the hot exit gas as discussed, one can solve the integrated equation for the arbitrary 
constant C. Once the value of C is known, the relation between tand T is established 
In handling the data of the problem, advantage was taken of the fact that the 
right-hand term in the expression for dQ’ is a function of t only, and in the expression 
for dQ it is a function of T only. This enables one to integrate these two expressions 
and plot each temperature, independently of the other, against the corresponding 
integrated changes in heat content of the two streams. 
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Inasmuch as the curves for various gas temperatures are all parallel, 
the labor of obtaining the curve for the limiting case can be greatly 
reduced by preparing a graph of the sensible-heat content of the two 
streams above any convenient base and then using dividers to lay off 
parallel curves. 

In Illustration 1, the “bottleneck”? due to thermal equilibrium was 
approached at the cold end of the exchanger, and in Illustration 2 it has 
been shown that the ‘‘bottleneck”’ is at the hot end of the exchanger, but 
it is not safe to generalize and assume that as the area of an exchanger is 
increased the approach to thermal equilibrium will always take place at 
one end or the other of the apparatus. For example, a change in the 
relative amounts of the hot and cold streams may shift the ‘‘ bottleneck” 
from one end of an exchanger to the other. Where the enthalpy (or heat- 
content) curves for the individual streams have low curvature, study of 
the diagrams will make it clear that the bottleneck or pinch point of mini- 
mum temperature difference always tends to occur at that end of the 
exchanger which is the point of entrance of the stream of higher heat 
capacity. 

If sensible-heat effects are not the only ones involved and one or both 
of the streams undergo change of phase during their passage through an 
exchanger, the situation is handled as described above, except that the 
values of heat content must include not only sensible heat but also latent 
heats, heats of chemical reactions, etc. When this is done, the curves of 
a plot analogous to Fig. 3-6 may show plateaus or breaks. The possibility 
exists that, when one curve is shifted horizontally, the point at which it 
first touches the other curve may lie somewhere in the middle of the 
exchanger, rather than at one end. A case of this sort is encountered in 
the next problem. 

Illustration 3. A small chemical manufacturer is located in a region 
where the only readily available fuel is asweet (low H.S), lean (practically 
pure CH,), natural gas, which, however, is expensive. A long-term con- 
tract for purchase of the gas is due to expire in the near future, and the 
general economic situation is such that the new contract to be negotiated 
will undoubtedly call for an appreciable increase in price. Hence, the 
manufacturer is exploring possibilities for further economy of fuel in his 
operations. 

At present, heat is recovered from the flue gases in the manufacturer’s 
plant by means of a waste-heat boiler. On a basis of 10 lb mols of CH, 
burned with 20% excess air, the flue gases contain 10 mols of COs, 4 mols 
of O2, 90 mols of Ne, and 20 mols of H,0, or a total of 124 mols. In this 
particular plant, a considerable fraction of the feedwater to the boilers is 
condensate from process steam. This condensate is employed in a feed- 
water heater to bring the hot combustion gases down to 240°F. How- 
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ever, in addition to this condensate, for each 10 lb mols of CH, burnt, 
there are 2000 lb of fresh, cold make-up feedwater at an average tempera- 
ture of 48°F. 

Normally, it is not economical to recover heat from flue gases at tem- 
peratures below 240°F, because of low rates of heat transfer and corrosion 
difficulties; but in this particular situation it may be worth considering, 
and the manufacturer wishes to make a preliminary study of the possibil- 
ity. Ina countercurrent heat exchanger, what is the lowest temperature 
to which the flue gases leaving the waste-heat boiler can be cooled, by. 
using them to heat the cold make-up feedwater? 

Solution. As in the preceding example, the first step is to construct a 
plot of temperature vs. enthalpy for each of the two streams passing 
through the exchanger (Fig. 3-7). Since the lowest temperature in the 
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Flue gases 90 mols N> 
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FIG. 3-7. Countercurrent heat exchanger of Illustration 3. 


apparatus is 48°F, it is convenient to let the enthalpies of gaseous CO», Oz, 
and N: and liquid H;O be zero at 48°F. 

It is sufficiently accurate for engineering purposes to consider that the 
specific heat of liquid water in the range involved has a constant value of 
unity. Hence, at any temperature ¢ in degrees Fahrenheit, the heat con- 
tent of the feedwater in Btu above 48° is 2000(t — 48). The heat content 
is linear in ¢, and a plot of the curve for the feedwater vs. ¢ is the solid 
straight line shown on Fig. 3-8. 

In calculating the heat content of the flue-gas stream, it is necessary to 
remember that condensation of water vapor will take place at tempera- 
tures below the dew point of the gas. ‘This condensate tends toward both 
thermal and partial-pressure equilibrium with the gas, even though com- 
plete equilibrium may not be achieved. If normal barometer is assumed, 
the partial pressure of water vapor in the gases leaving the waste-heat 
boiler equals 29.9(20/124) = 4.82 in.Hg. Reference to the steam tables! 

‘J. H. Keenan and F. G. Keyes, “Thermodynamic Properties of Steam,” John 


Wiley & Sons, Inc., New York, 1936. Steam tables in condensed form are given in 
Table A-4 in the Appendix. 
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or to vapor-pressure tables shows that pure water has a vapor pressure of 
4.82 in. Hg at a temperature of 132.4°F. Accordingly, no condensation 
occurs so long as the gas temperature remains above this point, but as the 
gas is cooled below 132.4°F, increasing amounts of water condense. At 
any given temperature, the amount condensed is determined by the fact 
that gas and liquid will be in equilibrium, 7.e., the partial pressure of 
water vapor in the gas will equal the vapor pressure of liquid water at the 
same temperature. 

The technique of computation can be shown by a sample calculation for 
a flue-gas temperature of 104°F. The vapor pressure of water at this 
temperature is 2.18 in. Hg. Hence, the partial pressure of the dry gas, 
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FIG. 3-8. Total heat content of the flue gas and feedwater in the heat exchanger of 
Illustration 3. 





104 mols in amount, is 29.92 — 2.18 = 27.74 in. Hg. The number of 
mols of water vapor left uncondensed is 104(2.18/27.74) = 8.2. By dif- 
ference, the water condensed is 20 — 8.2 = 11.8 mols. 

For the make-up feedwater stream, zero heat content or enthalpy has 
already been taken as that of liquid water at 48°F. The same tempera- 
ture is taken as base for the gas stream, but the water vapor in that stream 
is condensable. It does in fact condense in the process and gives up heat 
in doing so. Consequently, it is desirable (although not essential) to call 
the zero of enthalpy of the water component of the gas stream that of 
liquid water at 48°F. For the other components, the zero of enthalpy is 
that of the material as gas at 48°F. 

For the water, computation is greatly simplified by the fact that the 
steam tables give its enthalpies directly at the various conditions involved. 
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The following calculation gives the heat content of the gas at 104°F: 





Btu 
Sensible heat of liquid water, 11.8(18)(72 — 16)........... 11,900 
Enthalpy of water vapor, 8.2(18)(1107 — 16)............. 161,000 
Sensible heatiof CO.;*'10(8:9) (56)... ese eek: oe ee ae 5,000 
Sengible heat..of. Os, 4(7.0) (66) i pena tes ols soles 1,600 
Sensible heat of Neo, 90(7.0)(56).............-..--. ae ee OU 
Total heat content of flue gases at 104°...............-. 214,800 


* Average values of Mc$ for the various gases may be taken from Fig. 1-3, since the 
differences between average values based on a datum of 60°F and those based on 
48°F are not large enough to affect the results significantly. 


If steam tables had not been available, the enthalpy of water vapor 
could have been calculated in accordance with the principles developed in 
physical chemistry, by computing the changes in enthalpy for any con- 
venient series of steps the net result of which is the conversion of liquid 
water at 48°F and the corresponding vapor pressure to water vapor at 
104°F and a partial pressure of 2.18 in. Hg. For example, one might 
vaporize the water at 48°F and 0.34 in. Hg (the vapor pressure), heat the 
resulting vapor from 48°F to 104°F at constant pressure, and then com- 
press the vapor at constant temperature from 0.34 in. Hg to 2.18 in. Hg. 
The enthalpy change for the first step is the heat of vaporization at 48°F, 
1067 Btu/lb. The enthalpy change for the second step, as obtained from 
Fig. 1-3, is 8.0(104 — 48)/18 = 25 Btu/lb. Since the enthalpy of a per- 
fect gas is a function of temperature only and is independent of pressure, 
and since the perfect-gas laws are closely approximated by water vapor at 
the temperatures and pressures in question, the enthalpy change for the 
third step may be considered as negligible. The net enthalpy change for 
the three steps is therefore 1067 + 25 = 1092 Btu/Ib. The comparable 
figure obtained from the steam tables, as shown in the calculations above, 
is 1107 — 16, or 1091 Btu/Ib. 

The total heat content of the flue gases has been calculated at a num- 
ber of different temperatures and the results plotted in Fig. 3-8, together 
with the line for the cold feedwater. 

As in Ilustration 2, a representation of the various possible temperature 
distributions in a countercurrent heat exchanger may be obtained by 
shifting either curve in a horizontal direction. In this example, it is 
easier to move the curve for the cold water, since it is a straight line. . The 
limiting case occurs when the water line is shifted far enough to the right 
so that it is to the right of the flue-gas curve at all points in the exchanger 
except one at which it just touches. The line is shown dotted on Fig. 3-8. 
It is obvious that the bottleneck in this exchanger is in the middle of aes 
apparatus, not at either end. The diagram also shows that the flue-gas 
temperature at the cold end of the exchanger in the limiting case is 
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116°F. In any actual exchanger, operating with a finite temperature dif- 
ference between gas and water at all points, the water line will lie some- 
where to the right of the dotted line, and the temperature to which the 
flue gas is cooled will be greater than 116°F. 

The preceding illustrations have involved heat effects corresponding to 
physical changes only. It is now necessary to take up in addition the 
heat effects resulting from chemical reaction. 


COMPLETE COMBUSTION 


The energy balance on a combustion operation involves an accounting 
of the input and output of five forms of energy: chemical energy (the heat 
of combustion), the latent heat of vaporization of water vapor in entering 
and leaving streams, sensible heat in entering and leaving streams, heat 
losses through the walls, and useful heat delivered to the heat sink! in the 
process. Asa datum temperature, it is conventional to choose that of the 
ambient air and assign a value of zero to the heat content of gaseous Oz, 
No, COs, and SO» and liquid water at this temperature. An equally valid 
practice is to let the enthalpy of water be zero for water vapor at the 
ambient air temperature and a pressure equal to the vapor pressure of 
water at this temperature. Normally, the results of material-balance 
calculations on the combustion operation itself can be applied only to 
determining the first three items in the energy balance listed above, and 
the sum of the other two items is obtained by difference. 

Heats of combustion. The heats of combustion of some of the 
more important compounds found as components of fuels are given in 
Table 3-4. 

Heats of combustion change with temperature but the differences 
between the values listed in the table and those in the normal atmospheric 
temperature range are small and ordinarily neglected. The difference 
between the higher and lower heating values of hydrogen, 10,519.7 cal/g 
mol, is the latent heat of vaporization of water at 25°C. Asin the case of 
heats of combustion, the value of latent heat thus derived from the table 
is usually employed without correction, even though the temperature 
chosen as datum may differ by quite a few degrees from 25°C. 


1'The term “heat sink” refers to the material at lower temperature that is the 
acceptor of heat in a heat-transfer process. Usually, though not necessarily, the 
quantity of material comprising the sink is indefinitely large so that the acceptance by 
it of a finite quantity of heat does not change its temperature. The water in a river 
or in a spray pond or the surrounding air are examples of heat sinks for accepting 
waste heat from a process. As used in the text above in the sense of accepting useful 
heat, the term “heat sink”’ refers to the “charge”’ of a batch process or to the “feed” 
of a continuous process. Thus, it might be the feedwater to a boiler or the crude-oil 
feed to the coils in the furnace of a petroleum still. 
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In the usual calorimetric techniques for determining the heating value 
of afuel, water is condensed. Hence, unless otherwise specified, it can be 
taken for granted that a reported figure is the higher heating value. 

An illustration of the use of heats of combustion and sensible heats is 
the determination of the portion of the heat released in combustion of a 
fuel which can be delivered to a process requiring heat input at a high 
temperature level. This problem of the temperature level at which heat 
is available for effective use is associated with the question of heat recov- 
ery, discussed in the preceding section. Both problems rise from the fact 


TasLeE 3-4. Moutat Heats or CoMBUSTION AT CONSTANT PRESSURE 
In gram calories per gram mol = Chu per pound mol 


Higher heat- | Lower heat- 





Fuel ing value, ing value, Ref. Teny 
water water Cc 
condensed uncondensed 
Carbon (amorphous C to CQz)...... 97 ,000 97 ,000 1 25 
ba Grohe ay tale Es fy Mr Meee nwa metre 68 ,318.1 57,798.4 2 25 
Carbon monoxide (CO). s.......44.. 67 ,636.1 67 ,636.1 2 25 
Methsnen(@H pee. eee eee 212,950 191,910 3 18 
thane (GH yy ee lA ee. 373 ,050 341,500 3 18 
Ethylene (C,H) a.ks 0 eee 336 , 600 315,600 3 18 
Acetylene (C2Hg)................0. 311,100 300 , 600 3 18 
Propané:(.H 3) ao. ci, ca te, A 526 , 300 484 , 200 4 18-20 
Propylene: (Cake ween ae 490 , 200 458 ,700 4 18-20 
Benzene (liq. CeH@)~............... 787 , 200 755,700 4 18-20 
Sulfur (rhombic S to SO2).......... 70,920 70,920 3 18 


$1 
1. The heating value of amorphous carbon varies somewhat with the source and 


history. The value given is an approximate average. 

2. F. D. Rossini, J. Res. NBS, 22, 407 (1939). 

3. F. R. Bichowsky and F. D. Rossini, ‘The Thermochemistry of the Chemical 
Substances,” Reinhold Publishing Corporation, New York, 1936. 

4. International Critical Tables, Vol. V, p. 162, McGraw-Hill Book Company, Ince., 
New York, 1929. 


that in many chemical furnaces a considerable portion of the heat must 
be supplied at a high temperature, whereas in ordinary power-plant 
boiler furnaces the heat can all be absorbed at relatively low temperatures. 

Illustration 4. Consider the combustion of a producer gas con- 
taining 4.8% COs, 27.0% CO, 0.4% Ox, 1.9% CHu, 14.1% Hy, and 51.8% 
No, with 50% excess air. Gas and air enter the combustion chamber dry 
at 60°F. It is desired to employ the products of combustion as the 
source of heat for a furnace requiring the input of heat at temperatures of 
2000°F and above. If heat losses from the combustion chamber and fur- 
nace to the surroundings are negligible and the products of combustion 
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are cooled to 2000°F before they leave the furnace, what percentage of the 
lower heating value of the fuel is delivered to the furnace? 

Solution. A diagram of the process is given in Fig. 3-9. 

On the basis of 100 mols of producer gas, the combustion products are 
33.7 mols COs, 12.0 Oo, 186.8 No, and 17.9 H2O, totaling 250.4 mols. 

Let the datum temperature be 60°F, with zero enthalpy assigned to 
water in the vapor state. Thus, sensible heat in all entering streams is 
zero. This method of accounting eliminates latent heat of water as an 


Heat to furnace 


Air (50% excess ) 
at 60°F 










21% Oz 


Combustion d 
79% No ion products 


Combustion at 2000°F 


chamber 





Producer gas 
at 60°F 


4.8% CO. H>0 
27.0% OO 
0.4% O2 
1.9% CH, 
14.1% H2 
51.8% No 


FIG. 3-9. Combustion chamber of Illustration 4. 





item. The total input, then, is the lower heating value of the fuel. In 
view of the fact that a high degree of precision in the calculations is not 
justified for most engineering applications, only three significant figures 
will be carried in the heating values employed. 


Input Btu 
S27 (GT BOD LS)s 505 caakes <'s 3,290,000 
Cree Ee o102 OUO)TT.8). 8 oe. - 660, 000 
Fiat PDT BUOIUL.G) oes a eee ces: 1,470,000 
SUA WR reds Scie itgreidin, < Ae SOO | OO 


The total input must equal the heat utilized in the furnace plus the sen- 
sible heat in the products of combustion from it. The latter is obtained 
by the methods of the preceding section, using heat capacities from Fig. 
1-3. Thus 


(33.7(12.1) + 12.0(8.0) + 186.8(7.6) + 17.9(9.4)](1940) = 4,060,000 Btu 
By difference, the heat delivered to the furnace is 

5,420,000 — 4,060,000 = 1,360,000 Btu 
Expressed as a percentage, the result is 


1,360,000(100) /5,420,000 = 25.1% 
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of the lower heating value that is delivered to the furnace. The low 
magnitude of the answer emphasizes the importance of heat recovery. 

This analysis, which shows that only a quarter of the chemical heat of 
combustion is available at 2000°F, should make it completely clear that, 
in the absence of preheat, the percentage of the heat available will 
decrease progressively as the furnace temperature goes up and will dis- 
appear at some specific temperature level. This temperature is the 
so-called theoretical flame temperature (although sometimes this term is 
restricted to combustion with theoretical air). It should be equally clear 
that the heat available at any specific temperature level of the furnace 
can be increased by supplying heat to air or fuel by any suitable method of 
preheating them and, furthermore, that by such preheating it is possible 
to get heat available in the furnace at temperature levels that may be 
far above the theoretical flame temperature as above defined. Using a 
given fuel and an agreed-upon air supply, one can calculate directly the 
net heat available at any specified furnace-temperature level. A graph 
of the result gives the engineer the clearest picture of the thermal poten- 
tialities of such a combustion process. 

Illustration 5. The producer gas of Illustration 4 is burnt as 
described, using 50% excess air and with both fuel and air supplied at 
60°F. Plot the percentage of the heat of combustion of the fuel avail- 
able against the temperature level at which the gaseous products of com- 
bustion leave the furnace itself. 

Solution. From Illustration 4, the heat input is 5,420,000 Btu per 100 
mols of fuel. The sensible-heat content of the furnace gases is computed 
in Table 3-5 (line K), and the net heat available obtained by difference 
(line LZ). 


TABLE 3-5. CoMpuTATION oF Heat AVAILABLE FROM ComBusTION or PropucrER Gas 





A Assumed temper- 
BUULC HE ee 3150 3500* 
B A-—60. 3090 3440 
Oh Bice INS ieee 7.9 8.0 
D Ss sine ges eET eas 8.3 8.4 
E H.0. 10.2 10°56 
F LS!) Me oe 12.9 13.0 
Geo ise 8 CB Oi. 4,550,000) 5,135,000 
U2 ha ae pee ieee Ht 308 , 000 347 , 000 
DPV ATS {Ba oat 560,000] 646,000 
Jt SS OBR) ose 1,340,000} 1,508,000 
ES peel vf a) AS: 6,768,000} 7,636,000 
,420,000 — K...... 144000 —38 = 
ofS Chis aoa toni g, 000) — 1,338 , 000} —2, 216,000 








* Computations in this column neglect dissociation of CO, and H.0. 
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From Fig. 3-10 it is seen that the percentage of the heat of combustion 
available for use becomes zero at 2600°F. Consequently, that is the 
theoretical flame temperature. 
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FIG. 3-10. Relation between the temperature at which the products of combustion leave 
the combustion chamber of Illustration 5 and the heat available for process requirements. 


It frequently is necessary in a process to have a furnace temperature 
that is higher than the theoretical flame temperature of the fuel which is 
available. In most cases this temperature is obtained by the use of 
preheat. 

Illustration 6. The same producer gas employed in Illustration 4, 
entering under the same conditions and with 50% excess air, as before, is 
to be used in a furnace equipped with a combustion chamber which is sub- 
stantially adiabatic. The gases from the combustion chamber are dis- 
charged into a heat-absorbing section of the furnace and flow in this sec- 
tion countercurrent to the furnace charge. It is essential that the gases 
enter this section from the combustion chamber at 3500°F. To what 
temperature is it necessary to preheat air and fuel to permit attainment 
of the desired temperature? In this particular instance, the purpose for 
which the answer is to be used requires only an approximate value, and 
therefore it is agreed to neglect any effects due to dissociation of the prod- 
ucts of combustion, although the effects are not entirely negligible at 
3500°F. 

Solution. In Illustration 5, the heat content of the combustion gases 
at 3500°F was calculated to be 2,216,000 Btu more than the heat of com- 
bustion, Consequently, for this problem it is necessary only to compute 


80 


2,800,000 


2,600,000 


2,400,000 


INDUSTRIAL STOICHIOMETRY 




















2,200,000 


2,000,000 


Sensible-heat content of fuel and air relative to 60°F, Btu 


1,800,000 














1000 


FIG, 3-11. 
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Determination of the preheat temperature in Illustration 6. 
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the temperature at which 100 mols of producer gas plus the equivalent 


amount of air will contain that amount of sensible heat. 


On a basis of 


100 mols of producer gas, the amount of air equivalent to a 50% excess 
Of this, 36 are oxygen and 135 are nitro- 


is 3(12)(100/21) = 171 mols. 
gen. 


The simplest method of solution is to make a plot of heat content 


TABLE 3-6. CALCULATION OF Heat Content or Fue Pius AIR AT VARIOUS PREHEAT 


Mc°p,ay up to 


TEMPERATURES 


Sensible heat at 





























Gas Mols 
900° | 1100° | 1300° | 1500° 900° 1100° 1300° 1500° 

COsecees- ALS LO Weide Oued eas £1 bs 43 , 200 55,000 67 ,000 79,500 
COs eae 27 .0 7.2 aoe 7.4 2b 163 ,000 205 , 000 248 ,000 292,000 
Oz.. 36.4 wep 7.6 Ga ae 229,000 289,000 348 ,000 409 ,000 
Cae. ee L0) | BL 4 12<2 12.9 13.5 18,200 24,100 30,400 37 ,000 
isi etek 14.1 7.0 7.0 7.0 1 fen | 83 ,000 103 ,000 123 ,000 144,000 
Nissin Sete tart 186.8 (fa 7.2 7.3 7.4 2! 112,000 | 1,400,000 1,690,000 | 1,990,000 

Total 271.0 1,648,400 | 2,076,100 2,506,500 | 2,951,500 
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vs. temperature as in Fig. 3-11, which is based on the calculations of 
Table 3-6. 

From Fig. 3-11 the temperature to which the gases must be preheated 
is 1160°F. 

Illustration 7. A plant is to be built for “activating” charcoal to 
convert it to a form having high adsorptive powers. The activation is 
achieved by contacting the charcoal with steam at 1600°F. It is imprac- 
ticable to obtain such a high temperature in the usual type of boiler with 
superheater, because superheater tubes will not stand temperatures much 
in excess of 800 to 1000°F. Consequently, it is proposed to use for acti- 
vation a steam-rich mixture of gases at 1600°F, obtained by injecting 
steam from a boiler into hot flue gases. The steam available is at 150 
psig, superheated to 620°F. 

The flue gases will be produced by combustion of a fuel oil with a gross 
heating value of 18,800 Btu/lb and a composition represented by the 
empirical formula CH,.s. Since it is undesirable to have any free oxygen 
in the activating gases, the fuel will be burnt with a slight deficiency of 
air, but for preliminary calculations it may be assumed that theoretical 
air is used and that the combustion to carbon dioxide and water is com- 
plete. The activating gases will be formed by cooling the products of 
combustion from the flame temperature down to 1600°F by addition of 
superheated steam. Boiler steam is throttled through a pressure-reduc- 
ing valve and is injected into the flue gases at atmospheric pressure. 
Heat losses to the surroundings from the combustion chamber and asso- 
ciated ducts and piping are relatively small and, in this instance, may be 
neglected. Air and fuel are.supplied at an average temperature of 75.5; 
What will be the composition of the activating gases? 

Solution. Let the basis of computation be 100 lb of fuel oil. The car- 
bon burnt is 100/[12 + (1.6)(1.008)] = 7.34 atoms. The hydrogen in 
the fuel is 7.34(1.6) = 11.74 atoms. The theoretical Oz is 


7.34 + (11.74/4) = 10.28 mols 


and the corresponding N: in the air is 10.28(79/21) = 38.6 mols. The 
combustion products, then, are 7.34 mols of COs, 5.87 mols of HO, and 
38.6 mols of No. Let n = the mols of superheated steam injected into 
the combustion products. 

The energy balance on the operation can be visualized with the aid of 
Fig. 3-12. 

While the choice of a basis for heat content is arbitrary, it is obviously 
convenient to assign a value of zero enthalpy to gaseous CO>, Os, and Nz 
and liquid water at 75°F. On this basis, the heat content of the entering 
air is zero, and that of the fuel is 1,880,000 Btu. From the steam tables, 
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the enthalpy of the steam used is (1835 — 43) Btu/Ib, or 
18(1292) = 23,250 Btu/mol 


Its total heat content is therefore 23,250n. 

Alternatively, this can be determined by using the specific-heat method 
if one has the additional fact that, in expanding through the reducing 
valve to atmospheric pressure, the steam drops in temperature to 600°F, 
where its enthalpy is the same as it was before the valve. Starting 
with liquid water at 75°F the heat of vaporization is 1051 Btu/lb, or 


Activating gases at 1600 °F 
7.34 mols CO> 
38.6 mols No 
5.87+n mols HO 







Expansion 


valve iy 





Steam 
150 psig, 620°F 


n mols Hot combustion 
gases 






Theoretical air at 75°F 


10.28 mols O> 
38.6 mols No 


Fuel oil, Chis 
100 Ib at 75°F 


FIG. 3-12. Flow sheet of Illustration 7. Basis: 100 Ib of fuel oil. 


18,920 Btu/mol, at that temperature. To this must be added the sensible 
heat needed to raise the steam to 600°F. From Fig. 1-3, the value of 
Mc’;,., for steam at 600°F is 8.3, giving 


8.3(600 — 75) = 4360 Btu/mol 
The total heat content of the n mols of added steam is therefore 
(4,360 + 18,920)n = 23,280n Btu 
The sensible heat of the activating gases is 


[7.34(11.7) + 38.6(7.4) + 5.87(9.1) + 9.1n](1600 — 75) = (646,000 
+ 13,900n) Btu 
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The latent heat is 18,920(5.87) + 18,920n = (111,200 + 18,920n) Btu. 
The total heat content is therefore (757,200 + 32,820) Btu. 
Applying an energy balance, 


1,880,000 + 23,280n = 757,200 + 32,820n 


Solving, n = 118.0 mols. The composition of the activating gases is now 
readily computed as follows: 


Basis: 100 |b fuel oil. 








Gas Mols Per cent 
(ClO 4.4 cha ere 7.34 4.3 
NG ae, eee 38.6 DONT 
SG) ae Ce on 123 . 87 73.0 
DOGAIL ad sae ns 169.81 100.0 





The conclusion drawn from the calculations is that it should be possible, 
by the proposed arrangement, to produce an activating gas containing 
over 70% steam. In actual practice, this will be almost as satisfactory 
as pure steam, because it happens that the rate of activation, in the range 
of partial pressures between 0.75 atm and 1 atm, is quite insensitive to 
the partial pressure of the steam. 

Illustration 8. A furnace is to be built to deliver 2,500,000 Btu/hr to 
the stock passing through it. The unit will be fired with producer gas, 
burnt with 30% excess air. Gas and air enter dry at 60°F and | atm, and 
stack gases leave at 450°F. The material to be heated is sensitive to high 
temperatures. To eliminate the possibility of overheating at the hot end 
of the furnace, the combustion of the fuel and the heating of the stock 
will be segregated into two separate zones and a sufficient quantity of the 
stack gases leaving the heating zone will be recycled to the combustion 
chamber to reduce the temperature of the hot gases entering the heating 
chamber to 1500°F. The analysis of the fuel averages 6.0% CO>, 23.5% 
CO, 15.2% He, 3.8% CHa, and 52.0% N>. Heat losses from the equip- 
ment will be neglected. 

Calculate the quantity of gas to be handled by the fan in the recycle 
line, in cubic feet per minute. 

Solution. Choose 100 lb mols of fuel as a basis. By methods pre- 
viously outlined, it is found that the corresponding lower heating value of 
the fuel is 5,590,000 Btu and the products of combustion are 32.8 mols of 
CO2, 7.8 mols of Oz, 179.0 mols of No, and 21.8 mols of HO, totaling 
241.4 mols. 

In attacking a problem involving recycle, usually the most fruitful 
approach is to draw a circle around the whole operation, leaving all 
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recycle lines within the circle, and set up material and energy balances 
covering only what crosses the outside boundaries of the plant. Then, 
after obtaining as much information as possible from the over-all per- 
formance of the unit, one can often secure additional information by mak- 
ing material and energy balances around individual parts of the setup. 
Begin with an energy balance around the complete installation, consid- 
ering the flow of energy in and out across the dotted line in Fig. 3-13. 


Hot stock 
2,500,000 Btu/hr 
- delivered to stock 


— 







Stack gases 
450°F 


Cold stock 


COMBUSTION 
CHAMBER 






Gas at 60°F and 1 atm 


6.0% CO, \ 
23.5% CO \ \ 









Air, theoretical 


) plus 30% excess 
ja at 60°F and 1 atm 
ae 






~-— -—- 21.0% 0 
15.2% Hp ee ees eee { 2 
3.3% Ch, = 79.0% No 
52.0% No 


FIG. 3-13. Furnace of Illustration 8. 


Assign a value of zero heat content to gaseous COs, Os, No, and H.O at 
60°F; and neglect the energy supplied by the fan, which is small compared 
to the other items in the balance. An energy balance shows that the heat 
delivered to the stock is the lower heating value of the fuel minus the sen- 
sible-heat content of the stack gases at 450°F. The latter, computed by 
methods already described, amounts to 705,000 Btu, or 2920 Btu per mol. 
Therefore, on a basis of 100 mols of fuel, the heat to the stock is 


5,590,000 — 705,000 = 4,885,000 Btu 


The next move is to make a balance around the combustion chamber, ! 
letting n = the unknown number of mols of recycled gas. 


' The heating zone might have been chosen. 
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The sensible-heat content of the net products of combustion at 1500°F 
computed in the usual way is found to be 


[32.8(11.5) + 7.8(7.8) + 179.0(7.4) + 21.8(9.0)](1440) = 2,820,000 Btu 


Since the recycled gas has the same chemical composition as the products 
of combustion, the sensible-heat content of the recycle at 1500°F is in the 
same ratio to the sensible-heat content of the products of combustion at 
1500°F as the number of mols of recycle is to the number of mols of net 
combustion products. At 1500°F, then, the heat content of the recycle 
is 2,820,000(n/241.4) = 11,680n. 

To satisfy an energy balance around the combustion chamber, the 
energy in the fuel plus that in the air plus that in the recycle at 450°F 
must equal that in the net products of combustion at 1500°F plus that in 
the recycle at 1500°F. 


5,590,000 + 0 + 2,920n = 2,820,000 + 11,680n 


whence n = 316. 

With the material and energy balances complete on a basis of 100 mols 
of fuel, the quantity of gas that must be handled per minute by the 
recycle fan is 


Btu/hr Mols recycle | Cu ft/min 
per hr recycled gas at 





8.C. 
2,500,000 S16 2 ile as 1790 cu ft/min of recycled gas 
4,885,000 60 
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When the primary objective of combustion is not heat but power, as in 
internal-combustion engines, or intermediate oxidation products, as in 
producer gas, it is often advantageous to burn fuels with less than the 
theoretical amount of air. Under these conditions, the combustion reac- 
tions may be far from complete. The reactions are also incomplete in 
high-temperature flames, even in the presence of excess air. In either 
ease, the upper limit on the degree of completion that one can achieve 
may be the equilibrium composition of the reaction products. If cir- 
cumstances are such that reaction rate is high, the limit set by equilibrium 
may be closely approached and the existence of equilibrium can be 
assumed as a basis of calculation. Where equilibrium is not approached, 
‘t is often instructive to determine the degree by which one is failing to 
approach it, since this offers an important basis for judging the practical 
potentialities of improving operating conditions. 

Data on the equilibrium constants of the combustion reactions are pre- 
sented in Fig. 3-14. With the exception of the constants for C2H, and 
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FIG. 3-14. Equilibrium constants of combustion reactions. For the reaction aA + bB 
= cC + dD, K, = pcps/p4p>, with partial Pressures expressed in atmospheres. H.O 
as vapor; carbon, unless otherwise noted, is 6 graphite. (This figure is supplied through 
the courtesy of Professor H. C. Hottel of Massachusetts Institute of Technology.) 
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C.H» decomposing to carbon and hydrogen, which are taken from Kassel,} 
the values are those recommended by Lewis and von Elbe,? on the basis of 
a critical survey of the literature. 

The illustrations that follow are typical examples of the use of Fig. 3-14 
to calculate the composition of a gaseous mixture when the temperature 
is known. The final illustration involves energy relationships as well as 
chemical equilibrium. 

Formation of NO. The are process for the fixation of nitrogen 
depends upon the fact that, when air is heated to high temperature, a cer- 
tain amount of NO is formed by the reaction N2 + O2 = 2NO. It is of 
interest to see if this reaction can take place in ordinary combustion proc- 
esses to an extent sufficient to affect the accuracy of the calculations in the 
preceding cases, in which it has been assumed that no formation of NO 
occurs. 

Illustration 9. If cold air is heated at atmospheric pressure to 
4000°F, what percentage of the oxygen in the initial, unreacted air is con- 
verted to NO at equilibrium? 

Solution. Choose a basis of 1 mol of initial, unreacted air (21% Os, 
78% No, and 1.0% A). Let the mols of NO at equilibrium be x. The 
number of mols of N2 at equilibrium is 0.78 — 0.52 and of Oz», 0.21 — 0.52. 
Since the total mols at equilibrium equals 1, the number of mols of each 
compound is, in this case, numerically equal to the partial pressure of the 
compound in atmospheres. 

In Fig. 3-14 the abscissa is the reciprocal of temperature in degrees 
Kelvin, 1/7°K, or 1.8/(4000 + 460) = 0.000402. From the figure, one 
finds that logis Kp, = 1.22, where Ky = peps,/Pxo,* and Po. Pr and 
Pwo are the partial pressures of Oz, Ne, and NO, respectively, each 
expressed in atmospheres. K, is the antilog of 1.22, or 16.6. At equi- 
librium, then, 


(0.21 — 0.52)%(0.78 — 0.52)” = 16.6x 


Solving this equation gives x = 0.023 mol of NO at equilibrium. Since 
there is no change in volume associated with the reaction, the mols of NO 
formed are numerically equal to the mols of air reacted, and the initial 
unreacted air converted to NO must be 0.023 mol. The percentage of 
the original oxygen converted is 100(0.023/2)/0.21 = 5.5% and that of 
the nitrogen, 1.5%. Because the heat of formation of NO is 21,600 cal 


iL. S. Kassel, J. Am. Chem. Soc., 55, 1351 (1933). 
2 B. Lewis and G. von Elbe, ‘Combustion, Flames, and Explosions of Gases,” The 


Macmillan Company, New York, 1938. 
* The equilibrium, or dissociation, constant is for the reaction when written 


NO = 3402 + }¢N2 
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absorbed per gram mol of NO formed,' the reaction lowers flame tem- 
perature. Ona basis of 1 g mol of air, the heat effect due to formation of 
NO would, therefore, under the conditions of this illustration, be 


(0.023)21,600 = 497 cal 
From Fig. 1-3 the sensible heat of 1 g mol of air at 4000°F is 
8.1(4000 — 60)/1.8 = 17,700 cal 


If one assumes that 17,700 cal has been added to 1 g mol of air initially at 
60°F, then the final temperature calculated without taking account of NO 
would be 4000°F, whereas the temperature computed by taking account 
of NO formation would be approximately equal to 


60 + (4000 — 60)(17,700 — 497)/17,700 = 3890°F 


In other words, at a temperature level of 4000°F, the effect of NO forma- 
tion on air temperature is to make it roughly 100 Fahrenheit degrees 
lower than would otherwise be expected. However, the lesser oxygen 
concentration of combustion gases lessens the NO formation because of 
the effect on the equilibrium. 

As a practical matter, the conclusion to be drawn is that 4000°F is the 
temperature at which heat effects due to NO formation are beginning to 
be important. At higher temperatures, the equilibrium becomes more 
favorable to NO formation and the rate of reaction increases rapidly, so 
that the effect of temperature may become a very significant factor in the 
engineering of a process. At temperatures below 4000°F, the less favor- 
able equilibrium and lower reaction rate mean that one is usually safe in 
neglecting formation of NO; this is doubly true because of the fact that 
in most flue gases, unless a large excess of air has been used in combustion, 
the percentage of Oy» is far less than in air. 

Frozen equilibria. In an internal-combustion engine the entire 
cycle of operations almost always completes itself in a small fraction of a 
second. The expansion of the gaseous products of combustion occurs in 
a time much shorter still. This expansion cools the gases greatly. At 
the high temperature levels, not only of combustion but during the early 
stages of expansion, the rate of the so-called water-gas reaction, 


CO.+H,0 = COs-+Hs 


is sufficiently high to maintain substantial equilibrium of the reaction. 
However, this rate falls rapidly as the temperature decreases. Mean- 
while, temperature drop during expansion is so precipitate that the reac- 

'G. N. Lewis and M. Randall, ‘‘Thermodynamies and the Free Energy of Chemical 


Substances,” McGraw-Hill Book Company, Inc., New York, 1923. Heats of forma- 
tion of chemical substances are also available in many handbooks. 
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tion practically ceases. While the slowing of the reaction is not instanta- 
neous but progressive, it is nevertheless sufficiently rapid so that one can 
as a good approximation treat the case as though equilibrium were main- 
tained down to a definite temperature level, below which no further reac- 
tion occurs. Such behavior is spoken of as a ‘‘frozen”’ equilibrium. The 
temperature corresponding to this freezing depends on equipment and 
operating conditions. 

Illustration 10. An internal-combustion engine burns an oil of 
88% C and 12% H by weight, with an air/fuel ratio of 12.8 lb of dry air 
per pound of fuel. 

The design and operation of this engine are such that (1) combustion 
results in complete elimination of any hydrocarbons from the combustion 
product, and (2) the water-gas equilibrium in those products is frozen at a 
temperature level of 1500°F. Exhaust is at atmospheric pressure. What 
is the gas analysis of the exhaust gas from the unit? 

Basis: 100 |b oil. 

The number of atoms of carbon in the fuel is 7.33, and that of hydrogen, 
11.9. The air supply is 44.138 mols = 18.55 atoms O + 34.86 mols Ne. 
Let the mols of CO. = 2; then the mols of CO = 7.33 — x. Let the mols 
of H.O = y; then the mols of Hz = 5.95 — y, and 


K, = 2(5.95 — y)/(7.33 — x)y 


From Fig. 3-14, Kp = 1.04. Note that the molal quantities may be 
equated to K, in this case, because there is no change in the total number 
of mols. If there were, molal concentrations would have to be used. 

From an Oz balance, 2x + (7.33 — x) + y = 18.55, ort ty = 11.22. 

Solving these two equations, one finds that « = 6.129. This corre- 
sponds to a gas analysis of 12.71% COs, 10.58% H20, 2.49% CO, and 
1.78% He, the remainder being nitrogen. 

The best way to solve the equations is probably by trial. If the quad- 
ratic equation is used, one has to carry five or six significant figures in the 
calculations, because the difference between two numbers that are almost 
equal is involved. 

Dissociation of CO, and H.O. Chemical operations sometimes 
require the use of flames sufficiently hot to cause appreciable dissociation 
of CO» and H.O in the combustion products, according to the reactions 
CO2 = CO + Oz, H.O = H.+ O02 and H.O = 16He + OH. At 
these temperature levels, formation of NO by the reaction 


Net+ Or =a 2NO 


must also be considered. At higher temperature levels, dissociation of 
hydrogen and oxygen to the atomic state becomes appreciable. The 
result is that in a gas at equilibrium the relations for several different 
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reactions must be satisfied simultaneously, making the picture very com- 
plicated. However, the basic methods of setting up equations are the 
same as in a case where only one equilibrium obtains; the complications 
are chiefly in the numerical solution of the equations. 

The equilibrium compositions of a large number of gas mixtures pro- 
duced by the combustion of carbon, hydrogen, and hydrocarbon fuels 
have been tabulated by Hottel, Williams, and Satterfield.t_ The follow- 
ing examples illustrate the basic methods of calculation. 

Illustration 11. If CO is burnt with the theoretical amount of air, 
using sufficient preheat to bring the products of combustion to a tempera- 
ture of 4500°F at normal atmospheric pressure, what is the equilibrium 
composition of the mixture? Neglect formation of atomic oxygen. 

Solution. Choose as a basis 1 mol of CO. The theoretical Oz is 0.5 
mol, while Ne is 0.5(79/21) = 1.88 mols. Let x = mols of COs and 
y = mols O; in the equilibrium mixture at 4500°F. By carbon balance, 
the mols of CO = 1 — x. By oxygen balance, the mols of NO are 


1 — 2 — 2y 
By nitrogen balance, the mols of Ne» are 
1.88 — 0.511 — a — 2y) = 1384+ 0.52 +y 


The total number of mols = 3.38 — 0.5¢. From Fig. 3-14, the values of 
K, for the reactions CO + 14402 = CO2 and NO = 40. + WN2 are 7.9 
and 11, respectively, at 4500°F. Inasmuch as the total pressure is 1 atm, 
partial pressures in atmospheres are numerically equal to mol fractions. 
Therefore, the equilibrium relations are as follows: 


x ao — 0.52 _ 79 











L =e y 
V/y(1.38 + 0.5 + y) 
= 11 
1 — 2 — 24 


In the most general case, each equation in a pair of this sort represents 
a relation between the two variables, y and x, which in turn corresponds 
to a curve of y against x. The solution to the simultaneous equations is 
the pair of values for y and x corresponding to the intersection of these 
two curves. By assuming some specific value of x, each equation sim- 
plifies to one in y only, which can be solved for y. Where the equation is 
complicated in form it may be necessary, after assuming a value of z, to 
solve for y by trial and error. If either of the two equations can be 
solved algebraically for one of the variables expressed as an explicit func- 

1H. C. Hottel, G. C. Williams, and C. N. Satterfield, “Thermodynamic Charts for 


Combustion Processes,” John Wiley & Sons, Inc., New York, 1949. This reference 
also includes data on the enthalpy of combustion gases at equilibrium, 
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tion of the other, it usually pays to do so. If both equations can be 
solved for the same variable expressed explicitly in terms of the other, 
equating these two expressions gives an equation in the other variable 
only. This may be solvable algebraically for the second variable; if so, 
the whole problem becomes solvable without using either graphs or suc- 
cessive approximations. In the worst event the problem may be solved 
by assuming a specific value of x, solving each equation for y (employing 
trial and error if necessary), and repeating the process until each equation 
yields the same value for y. In doing this, one must be on the watch for 
multiple roots and analogous algebraic complications. 

Where one of the original pair of equations is too complicated for solu- 
tion for either of the variables (whether the other is or not), the following 
technique will be found helpful. Solve the simpler of the original pair of 
equations for corresponding values of the variables, y and x, by whatever 
technique is best. Whatever the form of the other of the two original 
equations, it can be rearranged into a form, y = F2(x,y). Now substitute 
in the right-hand side of this last expression corresponding values of x and 
y, calculated from the first equation. If one set of these corresponding 
values happens to be the roots of the original simultaneous equations, the 
function F.(a,y) will in fact be found equal to y. Otherwise, it will be 
equal to another quantity, which may be called y’. Clearly, if one will 
plot y’ against «, the point of intersection of the curve of y’ and y will 
correspond to the desired roots of the original simultaneous equations. 

This last technique has been used in the solution of the two equations 
given above. ‘The first, solved for y, gives 


_ 22(3.38 — 0.52) 
¥ = “62.40 — 2)? 





The second can be written in the form 
eee aN CT los 2y)? 
Y ~ 738 + 0.5a + y 


The numerical steps involved in solving the equation by getting the data 
for the construction of Fig. 3-15 are assembled in the following table. 
The point of intersection of the two curves, corresponding to the roots of 
the original equation, is at x = 0.64+ and y = 0.155+. 


Trial 







eee | 
——EEE a Ee 


—— 


Assumed value of z.. 





Somat 2) ot ee ee 
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0.11 : 
0.630 0.632 0.634 0.636 0.638 0.640 0.642 0.644 
5 


FIG. 3-15. Solution of the two simultaneous equations of Illustration 11. 


Using the values of x and y, the composition of the equilibrium gas is 
computed. 


Basis: 1 mol of CO. 




















Mol per cent in equi- 

Constituent ae ee Mols librium mixture at 
oe 4500°F 
COgteeie eee like 0.640 20.9 
CORR ee 1—z 0.360 Pigs 
Os ennens: y 0.155 pall 
INO 2e0 ie ab 1—2 — 2 0.050 16 
Ne........../ 1.88 + 0.52 + y 1.855 60.6 
LOtalt anaes 3.38 — 0.52 - 3.060 100.0 


SSE 


As a final check on the accuracy of the work, it is wise to substitute the 
partial pressures in the expressions for the equilibrium constants to see if 
they give the proper values of K>. 


Poo, . 0.209 
Pco(po,) —0.118(0.051)# 
Pops. _ (0.051 X 0.606)" _ 
PNo 0.016 ha * 





= 7.84 
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The results are in good agreement with the figures of 7.9 and 11 in the 
original equations, indicating that no significant errors have crept into 
the manipulation of the equations or the slide-rule work. 

Now, turning to inspect the calculated gas analysis and weigh its mean- 
ing, one finds that the number of mols of CO left by incomplete combus- 
tion to COs» is more than seven times the number of mols of NO produced 
by reaction of Ne and Ox, despite the fact that the equilibrium constants 
for the two reactions are of the same order of magnitude. This empha- 
sizes the point that it is unsafe to judge the degree of completion of a reac- 
tion solely on the basis of the equilibrium constant. The concentrations 
of the various gases and the powers to which they are raised in the expres- 
sion for the equilibrium constant are important factors that must not be 
forgotten. 

Referring again to the calculated gas analysis, one sees that more than 
one-third of the CO in the original fuel is unburnt. In other words, more 
than one-third of the chemical energy obtainable from complete combus- 
tion of the original fuel has not been converted to heat. An additional 
loss has occurred because of the absorption of heat attendant upon the 
formation of NO. Evidently, at high temperatures the effect of chemical 
equilibrium in this case is to impose severe restrictions on the availability 
of chemical energy as heat. As will appear in later chapters, an effect of 
this sort is characteristic of many chemical reactions. 

The final illustration of this chapter indicates the technique of handling 
the energy relationships when combustion is incomplete. 

Illustration 12. If heat losses from the combustion chamber of 
Illustration 11 to the surroundings are negligible and if the CO and air 
supplied to the chamber are both preheated to the same temperature, 
what is the preheat temperature required? 


Solution. 


Basis: 1 lb mol of CO fuel and theoretical air, originally at 60°F, having 
chemical energy equal to the heat of combustion of the CO. 

On this basis the CO supplied to the combustion chamber is 1 mol, the 
O> is 0.5 mol, and the Nz is 1.88 mols. Let x = the sensible-heat content 
of these gases in Btu at the temperature at which they enter the combus- 
tion chamber. ‘Their total heat content or enthalpy, then, equals the 
heat of combustion of 1 mol of CO plus a, or 67,600(1.8) + 2. 

To compute the enthalpy of the equilibrium mixture as it leaves the 
combustion chamber at 4500°F, imagine that 1 mol of CO: and 1.88 mols 
of N» at 60°F are converted to the equilibrium mixture at 4500°F by a 
series of steps, as follows: First, 0.360 mol of CO, at 60°F is dissociated to 
form 0.360 mol of CO and 0.180 mol of Os, both at 60°F. Next, 0.025 mol 
of O» and 0.025 mol of N2 react at 60°F to form 0.050 molof NO. Finally, 
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the mixture remaining after these reactions and containing 1 — 0.360 = 
0.640 mol CO», 0.360 mol CO, 0.180 — 0.025 = 0.155 mol Os, 0.050 mol 
NO, and 1.88 — 0.025 = 1.855 mols N» is heated from 60° to 4500°F. 
The over-all change in enthalpy is the sum of the changes for each of the 
three steps. 

The above is equivalent to saying that the enthalpy of the equilibrium 
mixture relative to the chosen basis is the sensible heat of the various 
constituents above 60°F plus the chemical energy, where the latter is 
simply the heat of combustion of the CO and the heat of decomposition 
of the NO, both measured at 60°F. In the present case, the magnitudes 
and signs of the chemical-energy terms are quite obvious and can be deter- 
mined without the necessity of writing out the various steps in such detail 
as in the preceding paragraph. However, in the case of complex mixtures 
one often may become confused as to just how to treat the chemical- 
energy terms. The tangle can always be unraveled by breaking the proc- 
ess down into a series of steps such as is outlined above. 

From the following table the enthalpy of the equilibrium mixture at 
4500°F is seen to be 171,400 Btu: 





Enthalpy, 
Gas Btu 
COs: 0:640° (45002 60) Csi ee er ee eee 38,100 
CO: 0.360 (4500 — 60)(8.2) + (67,600)(1.8).......... 57,000 
O2: 0.155 (4500 '— 60) (S.G) Fy. Sat Ae eee 5,900 
NO: 0.050 (4500 — 60)(8.4) + (21,600)(1.8).......... 3,800 
Nez e8558(45005— 60 (Sa) Serenata ieee 66 , 600 
LOtala tae ovine Loe he ee ee 171,400 


By an energy balance around the combustion chamber, 
67,600(1.8) + « = 171,400 


and z = 49,500 Btu. By the methods of Illustration 6 (page 79), the 
preheat temperature is found to be approximately 2000°F. 


PROBLEMS 


1. CO, gas is to be heated at atmospheric pressure. Calculate the following: 

(a) The Btu required to heat 1 lb mol from 60°F to 2000°C. Ans. 46,000. 

(b) The average value of Mc, in the interval from 500°C to 2000°C. Ans. 13.8. 

2. The flue gases from a calcining furnace contain 11.1% COs, 5.7% O2, 0.8% CO, 
6.3% H2O, and the rest No. These gases go to the regenerator, entering the regener- 
ator at the rate of 22,000 cu ft/min at atmospheric pressure and 1700°C. In the 
regenerator they are cooled to 200°C by countercurrent heat exchange with air. 

(a) Compute the sensible-heat content of the flue gases in Btu/hr above a datum 


of 60°F. Ans. 13,200,000. 
(6) How many Btu/hr must be abstracted from the flue gases in the regenerator? 
Ans. 12,000,000. 


(c) Assuming that the nitrogen in the flue gases comes wholly from the air supplied 
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to the regenerator at a temperature of 60°F, that the furnace and regenerator are 
continuous in operation, and that 15% of the heat removed from the flue gases in 
the regenerator is lost through the regenerator walls, calculate the temperature of the 
air leaving the regenerator. Ans. 1480°C. 

3. A large apartment-house boiler uses a high-grade distillate fuel oil with a heating 
value of 18,700 Btu/Ib. The temperature of the air entering the furnace is 65°F. 
The stack gas leaves at 560°F, and its average analysis is 11.2% COs, 0.4% CO, and 
6.2% Os. Assuming that the fuel oil consists only of hydrocarbons and that soot 
formation is negligible, calculate the following: 

(a) The per cent excess air. 

(b) The composition of the fuel oil. 

(c) The per cent of the heating value of the fuel oil that is lost as sensible heat in 
the stack gases. 

4. A blast-furnace stove is being alternately heated by the combustion of blast- 
furnace gas and cooled by passing the air blast to the furnace through the stove. Dur- 
ing the heating portion of the cycle, blast-furnace gas and air enter the stove at an 
average temperature of 60°F, while flue gas leaves the stove at a temperature varying 
substantially linearly with time from 580°F to 780°F. A representative sample of 
the blast-furnace gas contains 0.3% CH4, 2.3% He, 0.3% Oo, 13.3% CO2, 25.6% CO, 
and 58.2% Ne. The average composition of the flue gas is 1.2% Oz, 26.1% CO2, 0.2% 
CO, and 72.5% N». The heating value of the blast-furnace gas is 92.5 Btu/cu ft at 
60°F and 1 atm. On the average, what fraction of the heating value of the blast- 
furnace gas is carried up the stack as sensible heat in the flue gas? 

5. The stack gases from a furnace fired with a high-grade fuel oil analyze 13.9% 
CO2, 3.1% Os, and 83.0% Ne. The air for combustion is essentially dry, and the 
stack gases are at 600°F and atmospheric pressure. Determine the heat recovery 
per pound of oil burnt, when the flue gases are cooled to 300°F. 

6. A furnace is burning a high-grade oil, and the stack gases from the furnace are 
used to preheat the entering air by countercurrent exchange. The stack gases 
analyze 10.0% CO:, 6.8% Oz, and 83.2% N>. The air enters the preheater at 60°F 
and cools the stack gases from 1000°F to 600°F. Neglecting heat losses to the sur- 
roundings, calculate the temperature of the air leaving the preheater. 

7. A petroleum refiner plans to cool 850 lb mols/hr of hot hydrocarbon gases by 
heat exchange with 140,000 lb/hr of gas oil in a parallel-flow heat exchanger. The 
hot gases will enter the exchanger at 800°F. The gas oil is available at 60°F. Infor- 
mation on the thermal properties of the two streams is summarized below. 


nn LEE 


Enthalpy relative to 60°F 








Temperature, 
of Gas stream, | Gas oil, 
Btu/lb mol Btu/lb 
100 1,000 a Weg 
200 3,500 64 
300 6 ,000 117 
400 10,500 175 
500 18 ,200 238 
600 31,100 307 
700 40 ,900 381 
800 48 , 100 461 
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What is the lowest temperature to which the gases can be cooled by the proposed 
arrangement? What will this temperature be if the gas stream enters the exchanger at 
600° instead of 800°F? 

8. A plant is proposing to utilize waste gas, now being discarded at 750°F, to sup- 
ply the heat for a waste-heat boiler, which is to produce saturated steam at 400°F 
from feedwater at 70°F. The average molal heat capacity of the gas is 8.2. Under 
ideal conditions, 7.e., no heat losses to the surroundings and very large heat-exchange 
surfaces, what is the maximum possible production of steam, expressed as pounds of 
steam per pound mol of gas? 

9. Moist hot air at 280°F, carrying 0.3 Ib steam per pound of dry air, enters the top 
of a counterflow heat exchanger with vertical tubes and flows down the inside of the 
tubes. The cooled air and condensed steam flow out the bottom of the tubes. Around 
the tubes flows upward a stream of dry air, entering at 60°F. The gases on both sides 
flow at substantially 15 psig, with a flow rate of 80 lb/min of dry air (with its accom- 
panying steam) on the inside and 650 lb/min on the outside of the tubes. What per 
cent of the steam entering this unit is it possible to condense in it? Neglect heat 
losses to the surroundings and any radial temperature gradient in either stream. 
Assume that the average specific heat of air is 0.24. 

10. In each of the cases below, determine the theoretical flame temperature in 
degrees Fahrenheit. Assume that both fuel and air are supplied to the combustion 
chamber at 60°F. Neglect formation of NO and dissociation of CO, and H,0. 

(a) Combustion of amorphous carbon with the theoretical amount of air to form 
CO. Ans. 4050°F. 

(b) Combustion of amorphous carbon with the theoretical amount of air to form CO. 

(c) Combustion of rhombic sulfur to SOs, employing 100% excess air, computed on 
the basis of the theoretical amount required to form SOz (see Fig. 6-1, p. 168). 

(d) Combustion of Hz with 140% of theoretical air. Ans. 3240°F. 

(e) Combustion of H, with oxygen-enriched air containing 30% O2, employing 140% 
of the theoretical amount of Ox». 

(f) Combustion of Hz with an amount of air such that the products of combustion 
contain N» and H, in the correct stoichiometric proportions for synthesis of ammonia. 

11. If the excess air supplied to the combustion chamber of Illustration 6 is increased 
from 50% to 100%, to what temperature is it necessary to preheat the air and fuel? 

12. A furnace is fired with a fuel oil containing 83% C and substantially free from 
sulfur and nitrogen. The air used for combustion enters at 85°F and with a partial 
pressure of water vapor of 26mm. The flue gas contains 10.5% COs, 0.6% CO, and 
6.0% Oz (Orsat analysis over mercury). The stack gases leave the furnace at a tem- 
perature of 840°F and under a draft of 1.6 in. of water. The oil as fired has a heating 
value of 20,220 Btu/lb. The barometer is 748 mm. Per pound of fuel fired, com- 
pute the following: 


(a) Cubic feet of free air entering the furnace. Ans. 274. 
(b) Cubic feet of stack gases leaving the furnace. Ans. 691. 
(c) Btu lost in the stack gases as a result of unburnt CO. Ans. 455. 
(d) Btu lost in the stack gases as sensible heat. Ans. 4100. 
(e) Btu lost in the stack gases as a result of failure to condense the water formed 
upon combustion of the hydrogen in the fuel. Ans. 1267. 
(f) Btu recoverable from the stack gases by cooling them by means of a heat 
exchanger to 300°F. Ans. 2970. 


(g) Btu otherwise lost which would be recoverable by reducing the excess air to 
10%, on the assumption that the percentage of the total carbon burnt that goes to 
CO remains the same as at present. Ans. 660 


(h) Temperature to which the entering air would be preheated in the exchanger of 
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part (f) if the wall and other losses (by conduction, radiation, etc.) amount to 22% of 
the heat given up by the stack gases in passing through the exchanger. Ans. 566°F. 

13. The heat of combustion of the fuel oil of Illustration 6, Chap. 2, is 19,500 
Btu/lb. The moisture content of the air used for combustion is 12 mm, the barometer 
750 mm, and the temperature 65°F. The temperature of the exhaust gas is 1420°F. 
What percentage of the lower heating value of the fuel used is lost as unutilized chemi- 
cal heat (also lower heating value) in the exhaust gases and what as sensible heat in 
these gases above 65°F? 

14. Flue gas leaves a reheating furnace at 1500°F with the following analysis: 
11.1% COs, 1.2% CO, 5.1% Os, and 82.6% Ne. This gas passes through a brickwork 
duct to a waste-heat boiler. It leaves the boiler at 720°F and now contains 10.19% 
CO, and 0.31% CO. The fuel for the reheating furnace is an oil containing only car- 
bon and hydrogen in appreciable amounts. Soot formation and the amounts of 
unburnt gases other than CO are negligible. Calculate the total heat absorption of 
the waste-heat boiler plus the heat lost by the boiler and duct to the surroundings per 
pound of oil fired. 

15. A gas reaction conducted in metal tubes packed with catalyst absorbs 20,000,000 
Btu/hr. The tubes are heated by direct contact with combustion gases, the product 
of burning CO with 80% of the theoretical air. On account of the metallurgical 
characteristics of the tubes, the temperature of the heating gases in contact with them 
must never exceed 1200°F. At the same time, in order for the catalytic reaction to 
take place within the tubes, the temperature of the heating gases must be at least 
1000°F. Under normal operating conditions the heating gases withdrawn from the 
reactor are at 1000°F, and a portion of these gases is recycled and mixed with the gases 
leaving the CO combustion chamber in order to reduce the temperature of the gases 
entering the reactor to 1200°F. 

The CO is burnt in a combustion chamber lined with firebrick. The characteristics 
of the firebrick limit the temperature of the combustion chamber and make it inadvis- 
able to have the combustion gas leave the chamber at a temperature above 3000°F. 
To maintain this temperature without wasting any heat, a steam generator is installed 
in the chamber to generate saturated steam at a pressure of 450 psig. 

Part of the sensible heat of the combustion gases leaving the reactor is recovered 
by heat exchange with the air used for combustion. The temperature of the air 
entering the exchanger, the CO entering the combustion chamber, and the boiler feed- 
water is 60°F, and the exhaust gas leaves the exchanger at 450°F. The amount of 
free O» in the gases leaving the combustion chamber is negligible. Calculate the 
following: 

(a) The composition of the exhaust gas leaving the heat exchanger. 

(b) Mols of CO fired per hour. 

(c) Mols of recycle gas per hour. 

(d) Mols of air used per hour. 

(e) The temperature of the preheated air. 

(f) Mols of exhaust gas per hour. 

(g) Pounds of steam generated per hour. as 

16. Solve Illustration 9, assuming that the air employed as the starting material is 
replaced by oxygen-enriched air containing 

(a) 40% Ox, 60% Ne and A. 

(b) 60% Ox, 40% Nz and A. 


(c) 80% Oz, 20% Nz and A. é 
What should the percentage of oxygen in the starting material be to yield the max1- 


mum possible conversion of oxygen in the starting material to NO? To yield the 
maximum possible concentration of NO in the equilibrium mixture at 4000 F? 
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17. A high-grade fuel oil containing 91% C and 9% H is burnt in an internal-com- 
bustion engine. Operation is smooth, and there is no smoke production. Orsat 
analysis of the exhaust gases over mercury shows 15.25% CO2 and 2.98% COse If 
one assumes the existence of a frozen equilibrium in this engine, at what temperature 
did the freezing occur? 

18. Pure methane gas is mixed with 95% of the theoretical air and fed into the 
cylinder of an Otto-cycle internal-combustion engine. At a given point in the engine 
cycle, the pressure and the temperature in the cylinder are 30 atm abs and 2000°F ; 
respectively. If the combustion products are in chemical equilibrium at this point 
and the gas laws are valid, what is the composition of the gas in the cylinder on the 
wet basis? The assumption that no carbon or methane is present is justified. 

19. Solve Illustration 11, assuming 40% excess air instead of theoretical air. 

20. CO is to be burnt with air at atmospheric pressure to produce a gas in which 
the molal ratio of CO to CO. is 1. The combustion will take place in a well-insulated 
chamber, and the products of combustion are to leave this chamber at a temperature 
of 4400°F. CO will enter the furnace at 60°F, while the air will be preheated to what- 
ever temperature is necessary to give the desired flue-gas temperature. Assume that 
the only significant reaction is the oxidation of CO. 

(a) What will be the composition of the gas leaving the combustion chamber? 

(b) What per cent of the theoretical air must be supplied to the furnace? 

(c) To what temperature must the air be preheated? 

21. As a step in the production of nitrogen oxide, a dry mixture of 50% nitrogen 
and 50% oxygen is to be heated at atmospheric pressure from 600°F to a high tem- 
perature, which may reach 4400°F. Plot the heat consumption of this operation, 
expressed as Btu per pound mol of NO formed, as a function of the temperature level 
to which the mixture is heated. Repeat the construction of this curve for an initial 
mixture of 30% oxygen and 70% nitrogen and for one of 70% oxygen and 30% nitro- 
gen. Discuss constructively the significance of the curves from the point of view of 
the process in question. 

22. A plant has a spent granular catalyst contaminated with 4 wt-% of carbon, ° 
which must be removed by burning off with air. The catalyst flows down through a 
regenerating chamber as a uniform, moving bed of granules, up through which coun- 
terflows the O.-containing gas. To prevent excessive temperature rise, which would 
ruin the catalyst, the air is diluted with recycled spent O.-free gas leaving the unit. 
To ensure good reaction conditions, the diluted O.-containing gas enters the bottom of 
the unit at 800°F, while the granules enter the top at 900°F. The maximum tem- 
perature in the unit must not exceed 1000°F. 

(a) What per cent O. do you recommend in the gas entering the unit? Assume 
that combustion goes completely to CO». 

(b) What per cent O, do you recommend if the original carbon contamination is 
only 0.4 wt-%? Assume that combustion goes completely to COs. 

(c) What per cent O2 do you recommend if the original carbon is 4%, but on com- 
bustion 24% of the carbon goes to CO and the rest to CO2, with no further reaction 
above the combustion zone? 

(d) What would you expect to happen if a zone of granules in the shape of a hori- 
zontal lens of permeability to gas somewhat lower than that of the rest of the bed 
were to form at the top of the bed and move down with and through it as the flow of 
the granules proceeds? Why? 

(e) If the location of the combustion zone starts to move vertically upward through 
the bed, what will you do? 

(f) If the temperature of the combustion zone starts to rise, what will you do? 

(g) Sketch the temperature gradients through the bed. 
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Attention is called to the following characteristics of the operation: (1) The catalyst 
particle size is small enough (i.e., the ratio of surface to weight is high enough) so that 
heat exchange between gas and catalyst is very rapid. (2) When the O, in the gas 
actually meets the carbon-containing catalyst, combustion goes on so rapidly that it 
is completed in a very thin layer of the catalyst bed, i.e., no O2 is consumed any 
significant distance below this zone or layer, and no QO, as such is left in the gas any 
significant distance above this zone. Moreover, while the thermal conductivity of 
the catalyst bed is low enough so that heat flow in a vertical direction is negligible for 
the bed as a whole, the conductivity is enough so that heat distribution in the very 
thin combustion zone itself is so complete that no significant temperature gradient 
through it in a vertical direction is measurable. (3) In the temperature range 
involved, the specific heat of the catalyst is 0.4. 


Chapter 4 


SOLID FUELS 


Composition of solid fuels. Unlike gaseous and liquid fuels, most 
solid fuels (with the exception of petroleum cokes) contain appreciable 
percentages of mineral compounds. It is also true that the moisture con- 
tent is often considerably higher than is characteristic of gases and liquids. 
In the latter, in the absence of emulsified water, the moisture content is 
limited to a relatively low value by the solubility of water in oils; while in 
the case of solid fuels, moisture can be bound to the surface by adsorptive 
forces or held mechanically in the pores and crevices. Otherwise, the 
chemical elements present in solid fuels are the same as those in gaseous 
and liquid. 

Ultimate analysis. In the ultimate analysis of solid fuels carbon, 
hydrogen, sulfur, nitrogen, and ash (7.e., the mineral residue resulting from 
complete combustion of the fuel) are normally determined and reported. 
Oxygen, when reported, is usually found by difference.t The ultimate 
analysis may be reported upon either a dry, ‘“‘air-dried,” or ‘‘as-fired”’ 
basis. 

The normal use made of the ultimate analysis of an organic compound 
is to determine purity or structure of the compound. Because of the 
extraordinary complexity of structure of solid fuels, it is impossible to use 
the analysis in this way. However, as will appear in the following pages, 
the analysis is indispensable in setting up essential material balances in 
the industrial processes in which the fuels are employed. In using the 
data thus, they are often interpreted in ways that are conventional and 
arbitrary but which are justified on the basis of convenience. The stu- 
dent should keep in mind the limitations of the data. 

The data of the ultimate analysis are conveniently rearranged as 
follows: 

1. Moisture (loss in weight at 105°C). 


2. Combined water, equivalent to the oxygen of the ultimate analysis 
3. Carbon : 


‘For details of methods of analysis, refer to ASTM Standards, Part III, 1940 
Supplement, ; 
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4. Available or net hydrogen (hydrogen other than that in moisture 
and combined water) 

5. Sulfur and nitrogen (usually in small amounts) 

6. Ash 

The term ‘‘combined water” is used variously. It may or may not 
include moisture. The usage should be clearly indicated, by choice of 
basis or otherwise. 

In fuel calculations, the sulfur and nitrogen are often neglected (except 
in the calculation of the oxygen in the fuel by difference), though present 
in amounts ranging from 1 to 3% or more. 

Since the hydrogen content is always in excess of that necessary to form 
water with the oxygen, it can be assumed for purposes of calculation that 
all the oxygen is present in the form of water of chemical combination; 
the excess of hydrogen is then termed ‘‘available” or “‘net,” 7.e., com- 
bustible or burnable hydrogen. 

Net hydrogen. This arbitrary term is usually defined as the total 
hydrogen in the coal less the hydrogen equivalent to the available oxygen 
(found by difference) in the coal. This implies that the mineral constit- 
uents of the fuel, including all their oxygen, are inert and that the hydro- 
gen and available oxygen are in the organic matter of the coal. Since the 
oxygen is evaluated by difference, the percentage reported and, conse- 
quently, the calculated ‘‘net’’ hydrogen are affected by all the errors 
incurred in the other determinations. Also the change in weight under- 
gone by the mineral constituents upon ignition to ash influences these val- 
ues, the combustion of FeS: to Fe.O; exerting the major effect (although 
its magnitude is small). Loss of water of formation by clayey and shaly 
materials and of CO. by carbonates occurs but is usually small. In other 
words, the ash ‘‘as weighed”’ does not truly represent the mineral content 
as it occurs in the fuel itself, and thus the oxygen by difference does not 
represent the organic oxygen of the true fuel substance. Since the net 
hydrogen is dependent upon the value reported for oxygen, it is apparent 
that this quantity may be reported as either of two values, depending 
upon the interpretation given to the ash analysis. 

In the light of the above, a correction is sometimes made to the ash 
value. Consider the case of a coal containing pyritic sulfur, the iron in 
the pyrites appearing in the ash as Fe.0;, the combustion equation being 
AFeS, + 1102 = 2Fe203; + 8802. For each 8 atoms of this sulfur, 6 
atoms of oxygen combine with the iron. If this oxygen is assumed to be 
derived from the organic oxygen in the coal substance rather than sup- 
plied by air, then the oxygen actually existing in the organic matter of the 
coal is greater than the “available” oxygen found by difference by an 
amount equal to the oxygen which finally ends up in combination with 
the iron, namely, 6(16) /8(32) = 3/8ths the pyritie sulfur. Granting 
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that all other inorganic constituents in the ash existed in the original coal 
in the same form as they appear in the ash,’ it follows that the organic 
oxygen is the oxygen obtained by difference increased by 3/8ths the 
pyritic sulfur. Were net hydrogen defined as total hydrogen less the 
hydrogen equivalent to the organic oxygen, the value of net hydrogen 
obtained conventionally would also have to be decreased by 2/16ths 
times 3/8ths the pyritic sulfur. However, if one wishes to compute on 
this basis the oxygen theoretically required to burn the fuel, one must 
furnish enough oxygen from the air to burn the net hydrogen thus com- 
puted and also an additional amount to combine with the iron of the 
pyrites. On the other hand, if this theoretical oxygen requirement is 
computed without correcting the ash as above, the value obtained will be 
numerically equal to that when making the correction, since both the net 
hydrogen calculated on the uncorrected basis and the oxygen required to 
burn it are larger than in the corrected case by an amount equivalent to 
the oxygen necessary to combine with the iron in the ash. It is, therefore, 
stoichiometrically simpler not to correct the ash and to assume that all 
the oxygen required to form the FeO; comes from the oxygen of the coal 
(equivalent to assuming that the iron exists as Fe2O; in the fuel substance 
and thus remains unchanged during combustion). Net hydrogen may 
therefore be defined as that hydrogen for which oxygen from the air must be 
supplied for its combustion. Such a definition is entirely justified, since 
experience has shown that the value of oxygen obtained by difference is 
always a positive value, z.e., the oxygen of the coal is always in excess of 
that required for the combustion of pyrites to Fe2O3. 

Since total sulfur is reported separately, the oxygen by difference is in 
error unless the ash is in fact free of sulfur, for otherwise the sulfur in the 
ash would be counted twice. Where pyritic sulfur is present in the coal 
some of it always remains in the ash, but the amount is usually small 
enough to neglect. The correction may become important where the 
sulfur is high and the ash is basic in character. 

Proximate analysis. This important method of laboratory exami- 
nation of solid fuels is based upon their volatilization characteristics. 
It involves determination of moisture, volatile combustible matter, non- 
volatile combustible matter, and ash. The loss in weight experienced by 
a sample when heated for 1 hr at 104 to 110°C* is reported as moisture 
content. Upon ignition in a covered crucible for 7 min at 950°C, the 
dried sample loses most of its combined water and hydrogen and a large 
amount of carbon (e.g., in the form of volatile hydrocarbons), leaving the 
ash and the residual carbon. This loss is called “volatile combustible 


1 This assumption, as is pointed out above, is rarely entirely justified, but it seldom 
leads to serious error. 
* ASTM Standards, op. cit. — 
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matter.”” The combustible left after this ignition is called ‘fixed car- 
bon.” The ash is the residue left from complete combustion of the sam- 
ple in the open air at 725°C. The sum of moisture, volatile combustible 
matter, fixed carbon, and ash is, therefore, 100%. 

The proximate and ultimate analyses of a Pennsylvania coal are given 
as follows, both being on an “‘air-dried”’ basis: 





Proximate Ultimate 

per cent per cent 

ERT: co hee a ke Ree 3:2 COL eee toe eK 79.90 
Volatile combustible matter.... 21.0 ivalrowenives:.) Uae ter whiotee gest 4.85 
OS PBEM oe Ss Heatine<s.,. 6928 PLL ait aoe gee § TRO es ee 0.69 
SNES Ee Ss Pe eer ee 6.5 TOPS i fi Be Siac: ot aS aae i 1.30 
AAU Ree Se eLearn amar ars 6.50 

Oxygen (by difference)......... 6.76 

EME ES gio die vials 6 yx ts 2 100.0 SLO DAG ehh k ee eee Pte cos ee 100.00 


These two analyses must never be confused. From the proximate 
analysis it should not be concluded that the per cent of carbon in the coal 
is 69.3, for it must be remembered that the volatile matter contains car- 
bon, enough in this case to make the total 79.90%. Likewise, the differ- 
ence of 6.76% between the total of the ultimate analysis as directly deter- 
mined and 100% should not be called combined water. This difference 
is assumed to be oxygen. The hydrogen equivalent to the 6.76 of oxygen 
is 6.76(2/16) = 0.85, leaving 4.00 as the available or net hydrogen, and 
6.76 + 0.85 = 7.61 as the total of combined water and moisture. Since, 
from the proximate analysis, it is already known that the moisture is 3.2, 
the combined water is 4.41% 

In making combustion calculations it must be emphasized that when 
reliable results are desired, a knowledge of the ultimate analysis is essen- 
tial. In order to obtain by a material balance a correlation between the 
analysis of the fuel and that of the products of combustion (e.g., to deter- 
mine the volume of combustion gases per unit weight of fuel fired), the 
relative amounts of some constituent common to both analyses must be 
known. The conventional method of determining this ratio has long 
been the use of a carbon balance. In other words, all the carbon in the 
fuel shows up in the stack gas, except for one form or another of unburnt 
combustible and possible leakages of combustion gases from the furnace. 
Thus the total carbon of the fuel must be known in order that such a bal- 
ance may be used. However, because the ultimate analysis of coal is 
tedious and expensive, it is often omitted, the proximate analysis being 
substituted for it. Under these circumstances there are several methods 
for estimating the total carbon of the fuel which, though only approxi- 
mate, are satisfactory for many engineering purposes. The estimations 
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are based on various empirical relations, such as the Calderwood! or the 
Dulong? equations. In addition to the proximate analysis, the higher 
heating value and the weight per cent of sulfur of the coal are also 
required. Both of these are easily determined and are usually reported 
with the proximate analysis. 


Dulong Formula. 
Btu/lb = 14,544C + 62,028(H — O/8) + 40508 
where Btu/lb = higher heating value 


C = weight fraction of carbon 
S = weight fraction of sulfur 
H — O/8 = weight fraction of net hydrogen = total hydrogen — 


1/8 oxygen 
This equation may be used in conjunction with the flue-gas analysis for 
the calculation of the per cent carbon in the coal, the flue-gas analysis 
giving the ratio of net hydrogen to carbon. Its coefficients assume negli- 
gible heat of formation of the organic matter from the elements. Their 
values are based on the heats of combustion of the elements involved. 


Calderwood Equation. 
C = 5.88 + 0.00512(B — 40.58) + 0.0053 [80 — 100(VCM/FC)]**® 


where S = sulfur as weight per cent of the coal 


B = higher heating value in Btu per pound of coal 
VCM = volatile combustible matter in weight per cent of coal 
FC = fixed carbon as weight per cent of coal 


C = carbon as weight per cent of coal 
The sign of the last term is taken as negative if 100 (VCM/FC) is greater 
than 80. The percentages are expressed on an ‘‘air-dried”’ basis, but the 
error introduced by using a basis with any reasonable moisture content 
or even by using a moisture- and ash-free basis is usually negligible. 

The Calderwood equation is particularly applicable to bituminous 
coals, for which it was originally intended. For other grades of coal it 
has been found to apply with very few exceptions with an error of not 
more than 2%. 

Where the origin of the coal in question is known, it is usually safe to 
assume that the ultimate analysis of its total combustible matter is identical 
with that of other samples from the same field, particularly from the same 
vein. ‘Tables listing such analyses for all important fields in the United 
States are issued from time to time by the U.S. Bureau of Mines.* 

1J. P. Calderwood, Penn. State Coll. Bull. 14, 1917. 


2H. H. Lowry (ed.), ‘Chemistry of Coal Utilization,” Chap. 4, by W. S. Selvig and 
F. H. Gibson, John Wiley & Sons, Inc., New York, 1945. 
3 U.S. Bur. Mines Bulls. 123, 193, ete. 
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Unburnt combustible. In the illustrations of Chaps. 2 and 3, the 
fuel was assumed to be completely gasified by combustion, an assumption 
usually justified when oil and fuel gases are under consideration and often 
when solids are the combustible material. This assumption may, how- 
ever, lead to serious error in the case of the latter, because the furnace 
ashes often contain a considerable amount of combustible matter. 

Since the mineral constituents of the fuel are known chemically as ash, 
it is common practice to designate the ashes removed from the furnace as 
“refuse,’’ which may include varying amounts of unburnt combustible 
matter. This latter is generally one of two kinds, depending upon the 
type of grate and the method of firing employed. With some grates and 
coals the finer particles of fuel fall through before any appreciable heating 
has taken place, but the refuse is otherwise well burnt out. Here the 
combustible matter in the refuse is of the same composition as the original 
fuel. With other types, all the fuel is thoroughly coked before any can 
escape into the ash pit, so that any unburnt combustible is essentially 
carbon. From the character of the grate and coal and an examination of 
the refuse it is usually possible to decide to which class the case belongs. 
There are, of course, gradations between these two extremes, and if the 
amount of unburnt matter in the ashes appears large enough to affect the 
combustion calculations, a complete analysis should be made. 

Illustration 1. If a coal with a heating value of 14,350 Btu/lb con- 
tains 37.0% volatile matter, 40.5% fixed carbon, and 8.9% ash and the 
refuse left after combustion contains 7.4% volatile matter, 8.25% fixed 
carbon, and the rest ash, it can be seen by inspection that this is a case of 
unburnt coal actually falling through the grate, since the ratio of fixed 
carbon to volatile matter in the fuel, 40.5/37.0 = 1.094, is practically the 
same as the ratio, 8.25/7.4 = 1.114, in the refuse. The ash in the original 
fuel passes through the grate unchanged and can be used as the basis for 
any comparison. The ratio, pounds of combustible per pound of ash, in 
the fuel is (37.0 + 40.5)/8.9 = 8.71, whereas in the refuse it is 


(7.4 + 8.25)/(100 — 7.4 — 8.25) = 0.186 
Consequently, the ratio of the amount left to the total amount, 
0.186/8.71 = 0.021 


represents that fraction of the coal not burnt and therefore the fraction of 
the heating value lost from this cause. 

Suppose, however, the same coal be burnt under conditions such that 
analysis of the dry refuse shows 0.4% volatile matter and 15.6% fixed 
carbon. Here it is apparent that the fuel has been thoroughly coked but 
the coke incompletely burnt.! Since, in the process of coking, the fuel 


1 Even pure carbon shows a trace of volatile matter as the analysis is carried out. 
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has lost some of its combustible and its corresponding heating: value, a 
direct comparison cannot be made as above. However, the heating value 
of the carbon in the refuse may be found as follows: 


Basis: 1 |b coal. 


Lb Lb | Atoms Chu 
ash C in C available 
refuse 
9089, jn tB sae eae OPAL WA 247 Btu loss per pound coal 
84 12 

The loss in the heating value is, therefore, (247/14,350)100 = 1.72%. 

Illustration 2. A coal contains 4% moisture, 23% volatile matter, 
64% fixed carbon, and 9% ash and has a heating value of 14,100 Btu/Ib. 
Determination of the carbon in the coal shows it to be 79%. The refuse 
removed from the ash pit of a grate-fired furnace using this coal contains 
62% moisture (due to wetting down of the ashes by the hose to lay dust), 
3% volatile combustible matter, 117% fixed carbon, and 24% ash. 
Estimate the per cent of the heating value of this coal lost in the furnace 
as unburnt combustible and the per cent of carbon fired which remains in 
the refuse. 

Solution. The combustible matter in the refuse is not wholly coked 
fuel, as is evidenced by the presence of considerable volatile matter in it; 
neither is it wholly uncoked coal, since the ratio of fixed carbon to volatile 
in the fuel, 64/23 = 2.78, is not the same as that, 11/3 = 3.67, obtained 
from the refuse. It is fair to assume that some wholly unburnt coal has 
dropped through the grate, the amount of this being measured by the 
volatile matter in the refuse, and that additional coal, coked completely 
in passing over the grate, has not had all the carbon burnt out of it. 
These are reasonable assumptions, since in the actual coking process there 
is little loss of volatile matter until a certain temperature is reached, but 
when decomposition starts it is completed in a relatively narrow tempera- 
ture range without much further heat supply and, on a furnace grate, in a 
relatively short time. 

The volatile combustible matter in the refuse is a measure of and is 
proportional to the uncoked coal. Therefore the loss in heating value 
due to uncoked coal is estimated as follows: 


Basis: 1 |b coal as fired. 
Lb Lb 
ash | volatile 

in 
refuse 


0.09 3 100 


24 93 = 0.049 lb uncoked coal in refuse 
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4 There is a corresponding loss in heating value of (0.049)14,100 = 690 
tu. 

The total fixed carbon in the refuse is made up of that due to uncoked 
coal as well as that from the coke present. The former, expressed 
per 100 lb of refuse, is 3 X 64/23 = 8.35 lb, whereas the difference, 
11 — 8.35 = 2.65 lb, is that corresponding to the coke present. That is, 
the number of pounds of carbon in the refuse is 0.09(2.65/24) = 0.0099 
per pound of coal and the corresponding heating value is 


(0.0099/12)(97,000)1.8 = 145 Btu 


Therefore, the total per cent loss is (690 + 145)(100)/14,100 = 5.92%. 

In these computations the presence of moisture in the refuse introduces 
no complications, since ratios alone are used to transform from one basis 
to another. 

If there is 0.049 lb of uncoked coal in the refuse, there is 0.049(0.79) = 
0.0387 lb of carbon init. The total carbon unburnt is 0.0387 + 0.0099 = 
0.0486 lb, or 100(0.0486/0.79) = 6.15% of the carbon in the coal. 

Sulfur in ash. The combustion stoichiometry of high-sulfur solid 
fuels is complicated somewhat by the effect of the ash. In general, a part 
of the sulfur remains in the ash, and where the sulfur content of the fuel is 
high, it may occasionally be necessary to allow for this. Stoichiometri- 
cally, such sulfur plays no part in combustion. Total sulfur less that in 
the ash may, therefore, be called ‘‘net”’ or combustible sulfur. Since 
oxygen in the coal is obtained by difference, in computing it only net sul- 
fur should be used, since otherwise sulfur in the ash would be counted 
twice.! Furthermore, net sulfur requires oxygen to burn it. Whether 
this be assumed to come from the oxygen of the coal or from the air is 
stoichiometrically immaterial, but it is perhaps simpler to assume the 
latter, thereby counting the available oxygen as combined water and com- 
puting the net hydrogen on this basis. The amount of oxygen required 
for the net sulfur depends on the extent to which the SO: is oxidized to 
SO;. While this always occurs to some extent, it is usually allowable to 
neglect the oxidation beyond the SOz stage. 

Illustration 3. A furnace uses a coal the ultimate analysis of which 
shows 57.22% C, 5.64% H, 1.41% N, 5.06% S, and 14.67% ash. The 
combustible matter left in the ash from the furnace is negligible. The ash 
of this particular coal is found by analysis to contain 9.62% 8. On the 
assumption that this furnace secures complete combustion, using 80% 
excess air, all the sulfur in the combustion gases appearing as SO2, com- 
pute the Orsat analysis of the combustion gases, if the sample be collected 


1 However, as is stated on p. 102, correction of the ultimate analysis for the sulfur 
in the ash is not usually made. 
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through a tube filled with PbO. (which quantitatively removes SOz). 
What is the per cent net hydrogen in thisfuel? What would be the com- 
puted per cent net hydrogen if, as is normally the case, the sulfur in the 
ash were neglected? 

Solution. The sulfur determined by analysis is the total sulfur. 
Since part of it remains in the ash, part of it belongs there when arranging 
the results of the analysis. Taking a basis of 100 lb of coal, this amount 
is 14.67(0.0962) = 1.41 lb, included in the ash as determined. The 
remainder of the sulfur, 5.06 — 1.41 = 3.65 Ib, is the sulfur converted to 
SOx, z.e., the ‘‘net”’ sulfur. Arranging the analysis in tabular form, using 
the value 3.65 for sulfur, one obtains the oxygen by difference, which is 
equivalent to combined water. 


Basis: 100 lb coal. 


Pounds Mols or atoms 





Che. pe en 5.<, Sli ected pa ea a ke 57.22 4.77 

asa oe oe oy tedaar clic ress oe a es Pee ae 5.64 2.79 

NER AE ee ey: GRE care aie orate tet Mere enone 1.41 

Net Seed. «ee I ee ee 3265 0.114 

Ash® 7: 4 aeetwes 3 ec ic eee ee or eer 14.67 

O.(by differente) ssi. 3:54s situ ee ee wuiarss 17.41 1.088 
Dota aed wrote ot bis eee 100.00 


Net Hz, 2.79 — 1.088 = 1.70 mols 

Net Hy, 1.70(2.02) = 3.43 lb, or 3.438% 

O» for theoretical combustion, 4.77 + 0.114 + 1.70/2 = 5.73 mols 
Excess Oz», 0.80(5.73) = 4.58 mols 

N; from air, (5.73 + 4.58)(79/21) = 38.8 mols 


Flue gas (dry, SO2-free) contains: 











Gas Mols Per cent 
CO pee, Ac acer Se 4.77 9.9 
Or.. 4.58 9.5 
Neer 38.8 80.6 
NOUS er ot secon en: 48.15 100.0 





The same analysis is obtained when oxygen equivalent to net sulfur is 
first set aside from the oxygen in the coal and the net hydrogen is com- 
puted equivalent to the remaining oxygen. Thus, either method of cal- 
culation may be used, but it is preferable to follow the method chosen, 
since it conforms to the definition of net hydrogen as given on page 101. 
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If the sulfur in the ash be neglected, the following is obtained: 


Basis: 100 lb coal. 





a 














Pounds Mols or atoms 
See ee ee ees, Dimes 4.77 
Pe et in BED teey ort  Bis 9 oh ada 5.64 2.79 
Le, ee ed ee 1.41 
ER Ee eran 5.06 0.158 
pW ga ee, ON 14.67 
LP VOW GUMRPORUR) cia ce we. ee 16.00 1.00 





Net Ho, 2.79 — 1.00 = 1.79 mols 

Net Ho, 1.79(2.02) = 3.62 lb, or 3.62% 

Oz for theoretical combustion, 4.77 + 0.158 + 1.79/2 = 5.82 mols 
Excess Os, 0.80(5.82) = 4.66 mols 

N>» from air, (5.82 + 4.66)(79/21) = 39.5 mols 


The error is about 6 per cent of the net hydrogen. However, the error 
made in the gas analysis is much less, because the net hydrogen requires 
only about 8% of the total oxygen used for combustion. 

Flue-gas composition (dry, SO:-free, S in ash neglected): 








Gas Mols Per cent 

COA See ee eee Aah 9.75 
| OY Ras ee 4.66 9.55 
awe Meets os OOD 80.7 
rl i's): na oe ol 48 .93 100.00 








Comprehensive furnace tests. In order to summarize the ideas 
presented in Chaps. 2 and 3 and in this chapter, two examples will be 
given, in each of which a number of factors are brought together in one 
problem. This makes the apparent complexity of the problem greater, 
but in reality the individual computations merely employ step by step the 
principles already developed. 

Because of the ready availability of complete and carefully obtained 
data, the examples chosen are from the field of power generation. Com- 
bustion of fuels under a boiler in a power plant is a relatively standardized 
operation, and thoroughgoing procedures for testing boiler furnaces have 
been published.! These procedures are a valuable guide to the chemical 
engineer, although he must frequently modify them in order to deal with 
the infinite variety of conditions under which fuels are burnt in chemical 


industry. 
1 ASME, “Power Test Codes,” The Society, New York. 
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Illustration 4. The stack gas from a boiler furnace contains 10.8% 
CO2, 0.2% CO, 9.0% Oz, and 80.0% Ns. These gases enter the stack at 
760°F, at a draft of 0.5 in. of water; 1200 lb of coal are burnt per hour. 
The proximate analysis of the coal as fired is 1.44% moisture, 34.61% 
volatile matter, 57.77% fixed carbon, and 6.18% ash, and the heating 
value is 14,350 Btu/lb. An analysis for carbon and sulfur shows these to 
be 78.76% and 0.78% respectively. Furthermore, it is known that coal 
from the same field averages 1.3% N. The volatile matter of the refuse 
(dry) is 4% and the fixed carbon 21%. Air in the boiler room has a tem- 
perature of 74°F, and is 65% saturated with water vapor. The barom- 
eter is 29.7 in. Compute 

1. The per cent heat loss due to unburnt combustible 

2. The per cent heat loss due to CO in the stack gas 

3. The per cent of the heating value required to vaporize the total 
water vapor formed on combustion 

4. The per cent heat loss as sensible heat in the stack gas 

5. The per cent excess air used in the combustion 

6. The cubic feet of air used per minute for combustion 

7. The cubic feet of gas entering the stack per minute 

Solution. It is obvious that the composition of the flue gas is deter- 
mined not by total combustible fired, but only by combustible actually 
burnt. The data for securing the relation between the combustible fired 
and that burnt are found in the analyses of fuel and refuse. On the other 
hand, the analysis of the fuel is not complete, and hence the relation 
between net hydrogen and carbon must be determined from the flue-gas 
analysis, this applying, however, only to combustible actually burnt. 
Therefore, in solving this problem the first step is to get the relation 
between combustible burnt and combustible fired from the analyses of 
fuel and refuse; next, to secure from the flue-gas analysis the relation 
between net hydrogen and carbon in combustible burnt; and finally, by 
tying these two together, to compute the composition of the fuel. With 
the data thus organized and tabulated, solution of the various parts of the 
problem reduces itself to selecting and combining the specific quantities 
required in each case. 

Since the coal contains only 0.78% sulfur, the presence of sulfur can be 
neglected in all computations except the calculation of the combined 
water in the coal, by difference. 


Basis: 100 |b coal. 





Pounds 

VCM (volatile combustible matter).......... 34.61 
FC ‘(fixed sarbon)... ... vanes fs. ss5 toe nee eee 
Total combustible:.c7G i te awa sso aee vate 92.38 
Carbon. . «Jes chu wet lw Pyleekie lo eee 78.76 


Ratio, C/total combustible, 78.76/92.38 = 0.853 
Ratio, VCM/(VCM + FC), 34.61/92.38 = 0.375 
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Basis: 100 |b refuse. 


Pounds 
oR EES te ae) ER eg a 4 
a el OR a PAL 
ne eerGetee 7) ee ee 25 
AM ee Oe be i tee ee oc xy 75 
TRO eS Soin ny en ae ee 100 
Uncoked combustible, 4/0.375...................00, 10.7 
Coke = carbon, 25 — 10.7...............2 ccc cccueee 14.3 
Carbon in uncoked combustible, 10.7(0.853).......... 9.1 
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SEER OG ill od ne at ieee ce Ae ial lea 23 .4 
Basis: 100 mols dry stack gas. 
Gas Mols oe Mols O: 

CO Re > 5 ata ar 10.8 10.8 10.8 

Co. Ose Ove Ort 

OS bee oh eee 9.0 9.0 

hehe Oy Wo A oe EE ee 80.0 

Total 100.0 11.0 19.9 O» accounted for 
Re Nal ete ie fen a, ee cers 21.25 Os from air 





O» unaccounted for by analysis.......... 


1.35 O» disappearance 


Net H, burnt to H.O, 2(1.35) = 2.70 mols = H.O from combustion 


Pounds net H, burnt, 2.70(2.02) = 5.45 
Pounds C burnt, 11.0(12) = 132 
Net H, burnt /C burnt = 5.45/132. 


Basis: 100 lb coal as fired. 


Pounds 
78.76 
1.93 


76.83 = 6.40 atoms 


0.75 
78.01 


3.17 = 1.57 mols 
0.0305 


3.20 


78.76 

3.20 
.78 
30 
18 
44 


91.66 
8.34 
100.00 
8.26 


oO 


Ke Oe 








ad BES ae eee ee 
NUON RRL es eG ie neal csc alblniw ais wAh-dwin Be 50's 9's 
EN a, oasis a Ae eM fds d.9' 8s san ole oe 
C as uncoked coal in refuse, 6.18(9.1/75)............000008- 
C corresponding to net H, in gas,* 78.76 — 0.75............ 
met Hse to H.O in gas, (6.45/132)76.83....... 2.26.5... 2 000% 
USES Che ea ea) 86 2 Wy en 
en mOG Ita 1) GAGE, B80 = OL08, oor. ns ee oo awk oe ve eee 
Coal analysis 

8 Ee EE ECE do ee ne 
Net H. ook Pel ee Pa Ee ee ot Aes re Oar CATT ae OL ee ee ae ee ear a 
ae Foe casei code arin aon, « Te. es te Tiiarase. 6 
ee Peer. ee ety a Sits vs cape eee eee: 3 
ee ea ee Me), Yi Ss Ske. a SE ee Oe ee nw PE AS oS 
ES RNS Fo ROR a Se ees ee eee ee ee ee 

TL ee en TPT CECLY Ch ett kd 
NE 28 Sean oe DOE es © See Ome Perera. See ee ee ee 

ee Ne ee ee ee Eee Pn eee ee Th eee 
Combined water in gas, 8.34(78.01/78.76)..........eeeeees 

Total H,O in gas from coal, 1.57 + 0.08 + 0.46........... 


0.08 mol 


0.46 mol 
2.11 mols 


* This is the total carbon in the coal from which came the net hydrogen in the gas. 
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These preliminary calculations give the complete analysis of the fuel 
and the distribution of the combustible matter between gas and refuse. 
One can now proceed to get answers to the specific questions of the 


problem. 

1. The per cent heat loss due to unburnt combustible. The ash is the con- 
necting link between coal and refuse. 

Basis: 1 |b coal. 


Heat loss as unburnt coal: 
Lb ash Lb uncoked | Fraction 


combustible loss 
in refuse 
10 

0.0618 10.7 100 0 = 0.95% 

75 92.38 

Heat loss as coke: 
Lb ash_ | Lb coke Chu Btu 
in refuse 
; 1 
0.0618 14.3 97,000 1.8 00 = 119% 
75 12 14,350 


Total heat loss = 1.19 + 0.95 = 2.14%. 


2. The per cent heat loss due to CO in the stack gas. 


Atoms C Mols Mols Chu Btu 
in gas gas CO 
0.0640 100 0.002 68,300 1.8 100 Sig woesen 
11.0 100: 14,350 = 1.0% heat loss 


3. The per cent of the heating value required to vaporize the total water 
vapor formed on combustion. 


Mols H.O| Lb Btu | 
from coal 
0.0211 18 1052 100 





i350) 

4. The per cent heat loss as sensible heat in the stack gas. It is first neces- 
sary to obtain the total quantity of stack gas, i.e., wet stack gas. The 
water in the combustion gases from a coal-fired furnace comes from two 
sources: the fuel, and the humidity in the air used for combustion. That 
from the fuel consists of original moisture, combined water, and that 
formed on combustion of the net hydrogen in the fuel. The total H.O 
from the coal, including combustion of net H., has been calculated to be 


2.11 mols per 100 lb coal, or 2.11(11.0/6.40) = 3.62 mols per 100 mols of 
dry stack gas. 
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Water vapor from the air, 65% saturated at 74°F, with barometer at 
29.7 in., is computed as follows: 


Vapor pressure water at 74°F = 0.84 in. 
Partial pressure of water in air, 0.65(0.84) = 0.54 in. 
Partial pressure of dry air, 29.7 — 0.54 = 29.16 in. 


Basis: 100 mols dry stack gas. 
Mols N2} Mols 





dry air 
pa bcd! janie Cn Massehb. seomriilt 3 
79 29.16 = 1.55 mols H2O from au 


Total water vapor is 3.62 + 1.88 = 5.5 mols. 

The sensible heat of each component in the stack gas above 74°F equals 
the number of mols times the average heat capacity between 74 and 760°F 
times the temperature difference, 760 — 74, or 686 Fahrenheit degrees. 
For all practical purposes, the average heat capacity based on 74°F is the 
same as that based on 60°F and can be read from Fig. 1-3. 











Gas Mols | 3iz"1.3  [change| loss, Bia 
"s, 1oh og ea 10.8 10.5 686 78,000 
oa [ae 80.2 7.1 686 392,000 
Tt eres (aes: 7.4 636 46 ,000 
is Rie ICD Bia 8.4 | 686 | 32,000 
Total.......... 105.5 te. Me shr 548,000 





Basis: 1 |b coal. 
Atoms C} Btu loss 


0.0640 548,000 100 


———— = 22.2% of heat of combustion 
11.0 14,350 


5. The per cent excess air used in combustion. This may be calculated 
from the gas analysis in the usual way. 


(9.0 — 0.1) 100 


51.25 — (9.0 — 0.1) = 72% excess alr 





The above result, however, bases the excess air on the theoretical amount 
required only for the combustible that is actually burnt. While the 
result is nearly correct (only 2.14% of the heating value of the coal is lost 
as unburnt combustible), it is advisable to recompute the excess air on the 


basis of the coal analysis. 
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78.76/12 = 6.56 O» required for C 
(3.20/2.02)/2 = 0.79 Or» required for net He 
7.35 O» required for combustion 
8.9(6.40/11.0) = 5.18 O» used in excess 
(5.18/7.35)100 = 70.5% excess air 


The figure of 70.5% is the one that should be reported. 

If one has a complete coal analysis that is independent of the gas anal- 
ysis, it is possible to get an independent check on the excess air as shown 
on page 49. In this case the coal analysis has been ‘built up” from the 
analyses of gas and refuse and is, therefore, not independent of them. 
Consequently, only one result is possible. 


6. The cubic feet of air used per minute for combustion. 


Lb | Atoms] Mols | Mols | Mols humid | Cu | Cu ft, 


coal C in Ne dry air tts 29.7 
gas air 8.¢c. in. 
: 92 | 534 
1200 | 6.40 80.0 100 29.7 359 | 29.9 = 4710 ev feu 
60 100 11.0 79 (29.7 — 0.54) 29.7 492 


7. Cubic feet of gas entering stack per minute. A draft of 0.5 in. water 
is equal to (0.5/13.6) = 0.04 in. Hg. The pressure of the stack gas is, 
therefore, 29.7 — 0.04 = 29.66 in. Hg. 


Lb coal | Atoms C} Mols Cu ft, | Cu ft, 





in gas wet gas 8.c. 29.66 in. 
1200 6.40 105.5 359 29.92 1220, _ 11,000 cu ft/min 
60 100 a 29.66 492 


Illustration 5. An exceptionally painstaking and thorough series 
of tests has been made on a twin boiler installation fired with pulverized 
coal, at Hell Gate Station in New York City.! The following is a selec- 
tion from the mass of data reported and summarizes the analyses and 
flow rates observed during test No. 1 on boiler No. 91: 


Data 
Diration Gf test nas iis exe dvae ete ee 10 hr 
Proximate analysis of dry fuel.......... 22.46% VCM, 70.17% FC, 7.36% ash 
Ultimate analysis of dry fuel............ 83.05% C, 4.45% H, 3.36% O, 1.08% N, 
0.70% S, 7.36% ash 

Heating value of dry fuel............... 14,581 Btu/lb 
Moisture in fuel as fired................ 3.90% 
Orsat analysis of gas sample withdrawn 

frott: the furnace; scene oo) oe eee 15.6% COs, 3.4% Os, 0.0% CO, 81.0% Ne 


Orsat analysis of gas sample taken at the 
airsheater. cutletus.). aissc Ga gat 14.4% COs, 4.7% Ox, 0.0% CO, 80.9% Nz 
1W. E. Caldwell, Trans. ASME, 56, 65 (1934). 
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Hourly quantities: 


UTES IRC YoUs 9 gts ES Fe ae oe 37,859 lb 
OO a Ba ae ee a 3113 lb 
Air supply: 
PRMAADR reais toes Sn te SK he O's 0.0048 Ib H,O per pound dry air 
Re IORRGOT Aa eee hey Ses as 80°F 
Analysis of dry refuse.................. 14.0% combustible 


Check the consistency of the data in as many ways as possible. 

Solution. The data to be checked for consistency are essentially the 
analytical portions of the results of the test. The best test of reliability 
is to see if the figures agree with the law of conservation of chemical 
elements. Another way of assessing the dependability of the data is to 
compare the analytical results with empirical correlations, such as those 
of Calderwood and Dulong. 

In the various streams entering and leaving the furnace, the four prin- 
cipal elements to be accounted for are carbon, hydrogen, oxygen, and 
nitrogen. According to the law of conservation of elements, the input of 
each of these elements, under conditions of steady operation, must equal 
the output. However, an immediate comparison of the data with the 
requirements of this law is not possible, because the only flow rates avail- 
able are those of the fuel and refuse, and no information is given on the 
rate of air supply, the rate of production of dry flue gas, or the amount of 
moisture associated with the dry flue gas. The flow rates of these three 
streams—dry air, dry flue gas, and moisture—are unknown; hence three 
principles or relationships must be utilized to determine them before an 
element balance can be made. Asa practical method of solving the prob- 
lem, one may adopt the procedure of assuming that input and output are 
in balance for three of the major elements in the process and then check- 
ing to see if, on the basis chosen, the data show an equality between input 
and output of the fourth element. The results obtained by calculations 
of this sort depend on which three elements are chosen and thus reflect the 
matter of choice. However, in examples like the present one, it 1s cus- 
tomary to use a carbon balance to relate the fuel and refuse to the dry 
flue gas, to use an oxygen balance to determine the moisture in the flue 
gas, and to use a nitrogen balance to relate the dry flue gas to the air sup- 
ply. When the quantities of the various streams have been established 
in this manner, the consistency of the experimental data can then be 
checked by seeing if the figures show an equality between input and out- 
put of hydrogen. 

Table 4-1 summarizes the results of material-balance calculations based 
on 100 lb atoms of carbon in the dry furnace gas and using balances based 
on carbon, nitrogen, and oxygen to arrive at the various quantities. The 
combustible material in the refuse, assumed to be substantially all carbon, 
has been calculated from the measured quantity of refuse, rather than 
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from an ash balance. The further assumption has been made that all 
sulfur entering the furnace in the coal leaves in the gases in the form of 
sulfur dioxide and is included with the CO». 


Preliminary calculations. 


C in fuel fired in 1 hr, 37,859(0.961) (0.8305)............. 30,216 lb 
C in refuse in 1 br, BLIZ(0140) a2 oe oe eee 436 

C burnt in I hr, by difterencé 220-5... aso es oe 29,780 lb 
Per cent of C in fuel burnt, (29,780/30,216)100.......... 98 .56 
Percent of: Glintuel left im-refuset ee 27 ee 1.44 


Basis: 100 lb dry fuel. 





Pounds | Atoms or mols 























CDE eels Lens. ARAN Ge see 83.05 6.92 
G intrefuseleA..eh ae aoe ees 0.10 
C3 2 BOS chica. chick 325 ae ee ae 6.82 
je 4.45 2.21 
OPT OE ee ee 3.36 0.21 
Dy aes pias eG Ns eae ee 1.08 0.04 
SoS eT. i eee eee 0.07 0.02 
G + Sint gase.;'o.54 ee eee 6.84 
Moisture, 100 (0.039/0.961)/18.......... 02225 
Basis: 100 mols dry furnace gas. 
Atoms 
Gas Mols Cs Mols O2 | Mols N2 
0, 6 PAG |W Pena eat 15.6 15.6 15.6 
Ose Cees Heats 3.4 oe 3.4 
Nios ee eee 81.0 gn LRe RACE 81.0 
Totaly ee earn 100.0 15.6 19.0 81.0 














C in gas, (6.82/6.84) 15.6 = 15.56 
S in gas, (0.02/6.84) 15.6 = 0.04 
N: from coal, (0.04/6.84) 15.6 = 0.09 


Inspection of Table 4-1 shows that input and output of H» agree within 
about 8%. In addition, the figures in the table serve to emphasize the 
fact that H» plays a relatively minor role in the total input and output, 
compared to C,O, and Nz. When this is considered and it is recalled that 
all errors in sampling and analysis have been thrown on the He tally, the 
agreement must be classed as good. 

From the point of view of the combustion reactions, the method of 
accounting on H2 may be open to criticism, in that a balance has been 
made on total H», whereas the only portion that actually enters into the 
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reactions, in the sense of consuming Oy» from the air, is net Ha. From the 
table, it is clear that net H2* in the fuel is 32.4 — 3.1 = 29.3 mols, while 
net H. as derived from O disappearance is 277.0 — 244.4 = 32.6 mols. 
On a basis of net H2 instead of total He, the discrepancy between input 
and output is approximately 10%. On either basis, the absolute differ- 
ence between input and output of H.isthesame. Therefore, anadequate 
picture of the consistency of the data could have been secured by a bal- 
ance of net H» alone; and the balance on total H» could have been omitted. 


TasBiLe 4-1. MarertaLn BALANCE CALCULATIONS (ILLUSTRATION 5) 


aad ae he! ee ee oe ek Tt ae ee Soa. 
Mols or atoms 

















Item 
C H. O No Ss 
Input: 
ee oar) re anes eee 101.45 32.4 al 0.6 0.3 
Wioisture an. tele. 2m fe weve oo be 3.0 3.3 
IDV RAITT Se: Oe ae wee. Or .-61l Pao. ey. hes 277.0 520.4 
WIGISGUTEHNE MID see cede Gis e teas al pel 
UGCA ene Aare ee os, Se CLOLEAS 40.8 288 .5 521.0 0.3 
Output: 
Dry Mrnace gas, 5. 0h..:.... 100.00 Von, 244.4 521.0 0.3 
Moisture in furnace gas....| ...... 44.1 44.] 
PORE Yoke ai ck ote wo: 1.45 
Lope eee eee esl) 2LOL 245 44.1 288 .5 521.0 0.3 




















As compared to the furnace-gas sample, the Orsat analysis on the sam- 
ple taken at the air-heater outlet shows more O» and less CO:, with a 
slight drop in No. The most probable explanation is a small leakage of 
air into the duct between the furnace and the outlet of the air heater, since 
this section of a furnace is normally under an appreciable draft and a 
relatively slight leakage of air will account qualitatively for the observed 
facts. Quantitatively, the situation can be analyzed by an over-all bal- 
ance along the same lines as before, with the air leak included in the sup- 
ply of air to the furnace. However, the two gas analyses are most easily 
compared by making a carbon balance and computing the net hydrogen 
in the air-heater outlet gas. If the two analyses are consistent, each 
should indicate the same ratio of net hydrogen to carbon. Furthermore, 
the leakage of O2 and N» between the two sampling points can be cal- 
culated by means of balances on these elements, and the ratio of O2 leak- 
age to N» leakage should correspond to the analysis of air. 

* This assumes that net Hy is as defined on p. 101 and is the total H, minus that 


equivalent to available oxygen. The oxygen required for combustion is that neces- 
sary to combine with C, S, and the net H, as so defined. 
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If the Orsat analysis on the air-heater-outlet sample is corrected for the 
presence of SOz and converted to the same basis employed in preceding 
work, i.e., 100 atoms of carbon in the gaseous products of combustion, it 
is found that the total atoms of O and mols of N2 are 266.2 and 564.0, 
respectively. Input of O computed from the amount of N2 and the com- 
position of air is (564.0)(21)(2)/(79) = 300.0, and the value of net He 
obtained from oxygen disappearance is 300.0 — 266.2 = 33.8mols. This 
figure checks quite well with the value of 32.6 mols derived from the 
furnace-gas analysis. 

By difference between the two gas analyses, both on a basis of 100 atoms 
of carbon, the leakage of Oz is (266.2 — 244.2)/2 = 11.0 mols, while the 
leakage of Nz» is 564.0 — 521.0 = 43.0 mols. The per cent Oz in the leak- 
age is (11.0)(100)/(11.0 + 43.0) = 20.7. Agreement with the known 
composition of dry air is obviously close. 

As noted previously, the observed weight of refuse, 3113 lb/hr, can be 
checked by means of an ash balance. The result is : 


(37,859) (0.961) (0.0736) /0.860 = 3120 lb/hr 


which represents substantial agreement. 

It remains to compare the analytical data with the Calderwood and 
Dulong equations. As calculated from the former (page 104) the per cent 
carbon in the dry fuel equals 


5.88 + 0.00512[14,581 — (40.5)(0.70)] 
+ 0.0053[80 — (100) (22.46) /70.17]'-®5 = 82.61% 


By the latter formula (page 104), the heating value of the dry fuel is 


14,544(0.8305) + 62,028(0.0445 — 0.0336/8) + 4050(0.007) 
= 14,630 Btu/Ib 


The directly measured values are 83.05% C and 14,581 Btu/lb; and in 
each case agreement is within the accuracy of the correlations. 

One is justified in concluding that the data selected for examination are 
remarkably consistent and form a sound and trustworthy foundation on 
which to build a structure of material and energy balances describing the 
performance of the unit. 

PROBLEMS 


1. Examination of a Wyoming coal as received yields the following information: 
volatile matter, 31.4%; fixed carbon, 46.0%; ash, 3.1%; moisture, 19.5%; negligible 
sulfur; heating value, 10,100 Btu/Ib. Estimate the per cent total carbon in the coal 
as received. Ans. 56.6. 

2. Study of a large number of samples of coal from the Connellsville, Pa., field 
indicates that the average analysis of the coal in this field is 27.5% volatile matter, 
63.5% fixed carbon, 6.0% moisture, 3.0% ash, and negligible sulfur. The average 
heating value is 14,150 Btu/Ib. A sample from a certain mine in the field is found to 
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contain 15% ash and 8% moisture. Estimate the per cent total carbon and the 
heating value of the coal thus sampled. 


3. The following analyses on an ‘‘as received”’ basis are taken from E. 8. Moore’s 
“Coal’’:1 
al? : 























Per cent 
Heating 
Fuel Mois- value, 
ae V.M.| F.C.|Ash} S | H C |N|! O | Btu/lb 
Lignite RR: io 34.55/35 .34/22 .91|7 . 20/1. 10/6. 60/42. 40/0.57/42.13] 7,090 
BIUMINOUS............ 8.24/27 13/62. 52/7 .11/0.95)5 .24/78 .00)1.28 7.47) 13,919 


(a) Using only the heating value and the proximate analysis, estimate the total 
earbon in each fuel. What is the per cent error in each case? 

(6) Using the ultimate analysis, estimate the heating value of each fuel. What is 
the per cent error in each case? 

4. A typical high-grade semibituminous coal has been found to contain 16.8% 
volatile matter and 83.2% fixed carbon on an ash- and moisture-free basis. On the 
same basis the heating value is 15,880 Btu/lb, and the sulfur content is 0.79%. 

(a) Estimate the weight ratio of net hydrogen to carbon in the coal. 

(b) Estimate the ultimate analysis of this coal on an ash- and moisture-free basis, 
on the assumption that the nitrogen content is 1.2%. 

5. A billet-preheating furnace uses a coal containing 74.0% C, 4.8% H, 9.4% ash, 
and negligible Sand N. This furnace is to be fired with 50% excess air. 

(a) Calculate the flue-gas analysis on the assumption of complete combustion. 

Ans. 12.5% COs, 7.1% Oz, 80.4% No. 

(b) Repeat on the assumption that 10% of the carbon burns to CO only. 

Ans. 11.25% CO:, 1.25% CO, 7.7% O2, 79.8% Nz. 

6. A coal containing 70.1% C, 6.9% moisture, 8.0% ash, and negligible sulfur and 
nitrogen is burnt in a furnace under such conditions that the average Orsat analysis of 
the flue gas is 10.5% COs, 0.56% CO, and 8.6% Os. The air enters the furnace at 
80°F and is practically dry. The flue gas goes to the stack at 800°F, and the barome- 
ter is 740mm. Calculate the following: 

(a) Per cent net hydrogen in the coal as fired. 

(b) Ultimate analysis of the fuel as fired. 

(c) Per cent excess air used in combustion. 

(d) Mols of air entering the furnace per pound of coal fired. 

(e) Partial pressure of water vapor in the flue gas. 

7. A boiler is fired with a coal containing 76.0% C and 8.1% ash, burnt under condi- 
tions such that elimination of combustible matter from the refuse is complete. The 
air enters the furnace at 90°F and is 80% saturated with water vapor at this temper- 

-ature. The sulfur and nitrogen in the coal are negligible. The flue gases go to the 
stack at 1 atm and 640°F. The average flue-gas analysis shows 12.6% CO2, 6.2% Oz, 
and 1.0% CO. Calculate the following: 

(a) Per cent of net hydrogen in the coal. 

(b) Per cent excess air used in the furnace. 

(c) Ultimate analysis of the coal. 
(d) Cubic feet of wet flue gases going to the stack per pound of coal fired. 
(e) Cubic feet of wet air entering the furnace per pound of coal fired. 


1 John Wiley & Sons, Inc., New York, 1922. 
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8. A boiler is fired with powdered coal, known to be low in sulfur and carrying, as 
fired, 4.8% moisture and 10.0% ash. The barometer is 750 mm, the air temperature 
92°F, and the partial pressure of water vapor in the air 20 mm. Combustible Is well 
burnt out of the refuse. The firing rate is 3180 lb of coal per hour. Firing conditions 
are steady. Over an 8-hr period the average analysis of the stack gas is 14.26% CO», 
0.52% CO, 0.41% He, 4.32% Ox, and 80.49% nitrogen and noble gases. The partial 
pressure of water vapor in the stack gas is found by the dew-point technique to aver- 
age 68.8 mm, and the stack gas temperature is 444°F. Calculate the pounds of dry 
air used in this furnace per pound of coal as fired. 

9. The laboratory reports the following ultimate analysis of a coal: 68.2% C, 6.2% 
H, 1.4% N, 3.0% 8, 17.3% O, and 3.9% ash. Calculate the pounds of dry air required 
per pound of this coal (as analyzed) to furnish 20% excess air for its combustion, 
assuming that the original mineral fraction of the coal (before combustion) contains 
only traces of sulfur and that this element goes off in the gas as SO». 

Subsequent examination of the coal shows that practically all the sulfur in it is 
present in the form of FeS:. Recalculate the pounds of air per pound of coal in the 
light of this additional fact. 

10. On an “‘as received” basis the proximate analysis of a representative coal from 
the Altoona Mine of Polk County, Iowa, is 13.9% moisture, 37.0% volatile matter, 
35.2% fixed carbon, and 14.0% ash. On the same basis the ultimate analysis is 
54.7% C, 5.5% H, 0.8% N, 6.2% S, and 18.8% O. The heating value is 10,244 
Btu/lb. On the assumption that this coal is well burnt with 150% theoretical air, 
calculate the following quantities: 

(a) Mols of air required per 100 lb of coal as fired. 

(b) Orsat analysis of the flue gas. 

(c) Mols of dry flue gas per 100 Ib of coal. 

(d) Dew point of the flue gas, if the barometer is 752 mm Hg and the entering air is 
practically dry. 

(e) Cubic feet of wet flue gas leaving the stack per 100 lb of coal, if the stack gas 
temperature is 320°F, 

11. A certain coal is pulverized and burnt under a boiler. The ultimate analysis 
of the coal on a dry basis is as follows: 72.1% C, 5.0% H, 1.5% N, 5.3% 8, and 11.0% 
ash. The proximate analysis of the coal as received and fired is 3.4% moisture, 
36.3% volatile matter, 49.6% fixed carbon, and 10.7% ash. On the same basis the 
sulfur is 5.1% and the heating value 12,720 Btu/lb. The sulfur is present in the coal 
largely as FeS:, Firing conditions are such that all the iron may be assumed to burn 
to Fe.O; and the sulfur to SOs. The refuse is substantially free of combustible. A 
sample of the flue gas, collected and analyzed in an Orsat apparatus over mercury, 
contains 13.7% COs, 2.6% CO, 3.6% Os, and 80.1% No. 

(a) Assuming that only the Orsat analysis is known, calculate the atomic ratio 
of net hydrogen to carbon in the fuel and the per cent excess air used. 

(6) Assuming that you are given the Orsat analysis as reported above and the 

proximate analysis, including sulfur and heating value, calculate the ultimate analysis 
of the coal on the dry basis. 
(c) Recognizing that the Orsat analysis is incorrect because of sulfur and that there 
is nitrogen in the coal, correct the Orsat analysis, using the true ultimate analysis of the 
coal. In the corrected analysis list the percentages of COz, SO2, CO, Ov, and Nz from 
the air and that of N. from the fuel. 

12. A coal containing 68.8% C, 10.1% ash, and 8.0% moisture is burnt in a stoker- 
fired furnace, The air used for combustion is 50% saturated with water at 70°F. 
The refuse is found to contain 13.1% combustible (essentially all carbon), 44.7% ash, 
and 42.2% moisture. The Orsat analysis of the flue gas is 9.8% COs, 10.5% Oz and 
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no Neglecting nitrogen and sulfur in the fuel, calculate the per cent excess air 
used. 

13. In a test on a coal-fired furnace a representative sample of the coal as fired is 
found to contain 2.03% moisture, 14.47% volatile matter, 75.31% fixed carbon, 
8.19% ash, and 2.26% 8S. The heating value of the coal as fired is 14,081 Btu/lb. 
The refuse contains 40.0% moisture, 15.3% fixed carbon, and 44.7% ash; and the flue- 
gas analysis is 13.0% COs, 1.1% CO, 1.6% H2, and 5.6% O2. Calculate the following: 

(a) The per cent of the heating value of the fuel fired that is lost as unburnt car- 
bon in the refuse. 

(6) The ultimate analysis of the coal as fired. Neglect nitrogen in the coal. 

14. The refuse from a coal-fired furnace is found to contain 36.0% moisture, 4.2% 
volatile matter, 13.6% fixed carbon, and 46.2% ash. The coal as fired contains 1.7% 
moisture, 29.2% volatile matter, 60.8% fixed carbon, and 8.3% ash, and has a heating 
value of 14,200 Btu/lb. Sulfur and nitrogen in the coal are negligible. The flue-gas 
temperature is 430°F. A recording CO: meter indicates that the average per cent 
CO, in the flue gas is 12.6 (dry basis). Under the firing conditions employed in this 
particular furnace, the CO and H; in the combustion gases are known to be very small 
in amount. The air used for combustion is 60% saturated with water vapor at 70°F. 
The barometer isnormal. Estimate the following quantities as accurately as possible: 

(a) Per cent of the heating value of the coal fired that is lost as unburnt combustible 
in the refuse. 

(b) Complete Orsat analysis of the flue gas. 

(c) Mols of water vapor in the flue gas per 100 mols of dry gas. 

15. The coal received at a boiler house has an average heating value of 14,350 
Btu /Ib and the following average proximate analysis: 4% moisture, 23% volatile mat- 
ter, 65% fixed carbon, 8% ash, and negligible sulfur and nitrogen. Before firing, the 
coal is wetted down to prevent dusting. The weight of water added for this purpose 
amounts to 10% of the weight of the coal as received at the boiler house. The cinder 
removed from the furnace contains on the average 8% volatile matter, 34% fixed car- 
bon, and 58% ash. The air used for combustion enters at 60°F. The barometer is 
740 mm Hg, and the partial pressure of water in the air is 12mm. The stack gas 
leaves the furnace at 840°F, and an Orsat analysis of this gas, carefully conducted 
over mercury, shows 13.0% CO2, 1.0% CO, 0.8% He, 5.9% O2, and 79.3% N». Item- 
ize the following heat losses as percentages of the heating value of the coal fired: 

(a) Unburnt combustible in the cinders (higher heating value). 

(b) Unburnt combustible in the stack gases (higher heating value). 

(c) Latent heat of water in the stack gases. 

(d) Sensible heat of the stack gases above 60°F. 

16. A hand-fired boiler rated at 200 boiler horsepower (1 boiler hp = 33,475 Btu /hr) 
is being operated by three firemen, one man per 8-hr shift. The boiler is operated 
continuously at essentially rated load for an average of 7200 hr/year. The coal fired 
costs $12/ton and has an average heating value of 14,280 Btu/Ib. Its average ulti- 
‘mate analysis is 79.4% C, 5.7% H, 9.8% O, 0.7% 8, 1.4% N, and 3.0% ash. The 
average temperature of the air and fuel is 70°F, and the partial pressure of water in 
the air is assumed to average 50% of saturation. The mean annual barometer is 
748 mm Hg. Losses of heat from the furnace to the surroundings are approximately 
5% of the heating value of the coal as fired. 

If the dampers are adjusted correctly and the boiler is fired with care, it can be 
operated with 50% excess air in such a way as to achieve substantially complete com- 
bustion at all times. Under these conditions a stack temperature of 500°F can be 
However, a check reveals that the firemen are negligent in controlling 


maintained. en 
erage excess air is 100% and the stack 


the secondary air, with the result that the av 
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gas temperature 550°F. Combustion is complete 95% of the time, but for 5% of the 
time, because of improper firing, the stack gas contains 0.5% CO, as shown by Orsat 
analysis. ; 

In order to induce the firemen to exercise more care in operation, the management 
has agreed to give them a bonus of 20% of the fuel saving that they can realize by 
eareful control of the combustion. Determine the yearly bonus that each fireman 
would receive if the boiler is operated so as to maintain 50% excess air and complete 
combustion at all times. 

17. The following data on a boiler furnace represent average conditions over a week 
of steady operation. The furnace is fired with a coal the ultimate analysis of which 
is 68.36% C, 5.25% H, 0.82% S, 1.32% N, 10.50% O, and 13.75% ash. Its heating 
value is 12,400 Btu/Ib. The dry refuse contains 11.58% unburnt combustible, essen- 
tially all carbon. All sulfur in the coal is gasified. Careful analysis of the flue gas 
over mercury shows 12.99% COs, 0.61% CO, 0.73% Ha», 5.81% O2, and 79.86% No. 
The air temperature is 78°F, the barometer 754 mm Hg, and the partial pressure of 
water vapor in the air 18 mm Hg. The draft at the base of the stack at the point 
where the flue gas is sampled is 2.46 in. H,O, the temperature of the gas is 434°F, and 
the partial pressure of water vapor in the flue gas at the base of the stack is 87 mm Hg. 
The temperature of the boiler feedwater is 71.3°F, and the boiler operates under a 
pressure of 618 psig, producing essentially saturated steam. Test this information 
for consistency in as many ways as possible, and state your opinion of its reliability. 

18. An oil refinery cracks high-molecular-weight oil vapors by passing them through 
a large reactor containing a finely divided catalyst, which consists of a mixed silica- 
alumina gel. The reactor is operated at a temperature level of 1015°F. The gel con- 
tains a small amount of water, presumably chemically combined. At any rate it is 
held very stably at the temperature of the operation. The chemical reactions result 
in deposition on the catalyst of a considerable quantity of carbon, together with a cer- 
tain amount of hydrocarbons. The latter are presumably held on the catalyst by 
adsorption. The catalyst also carries approximately 0.032% of iron on a combustible- 
free basis. The catalyst is withdrawn from the cracking vessel at uniform rate, is fed 
through a stripping zone where the hydrocarbons are removed from it so far as prac- 
ticable by contact with steam, and then passes into a second vessel where the carbon 
is burnt off it with air. Because the catalyst is sensitive to heat, the temperature level 
in the second vessel is kept at approximately 1080°F. In this so-called regenerator 
the catalyst is suspended as a highly turbulent, high-density mass in the air flowing 
through it. The operation is remarkably uniform over periods of days. 

Over a specific test period the carbon content of the spent, contaminated catalyst 
entering the regenerator is found by ultimate analysis to be 4.62%. The} carbon 
content of the catalyst removed continuously from the regenerator and recycled to 
the cracking zone is 3.48%. The analysis of the combustion gases leaving the top of 
the regenerator is 10.4% CO:, 8.6% CO, 0.8% Os, and 80.2% Ne. At normal atmos- 
pheric pressure the dew point of the air supplied to the unit averages 80°F, and the 
dew point of the combustion gases averages 86°F. 

The above data have been taken with care and checked repeatedly. They seem to 
be thoroughly dependable so far as they go. What do the figures mean to you? 


Chapter 5 
SECONDARY FUELS 


Producer gas. As with furnaces and kilns, more information as to 
the performance of a gas producer can be secured by analysis of the gas 
than from any other single source. A complete test on a producer set is 
time-consuming, and the equipment is usually so arranged as to make it 
difficult or impossible to secure all the data needed, particularly the vol- 
umes of air used or of gasformed. These are hard to measure because of 
the large volumes involved, the variations in rate of production, and the 
expense and inconvenience of meters of sufficient size and precision to 
handle the gases. As in the case of ordinary furnace operations, the 
quantity of fuel used can, however, be easily and accurately determined. 
If its carbon content and that of the gas are known, a carbon balance, 
corrected for soot, tar, and any unburnt combustible in the refuse, can be 
used to compute the quantity of gas. As will later appear, the corrections 
for soot and tar constitute the crux of the problem. 

It is sometimes necessary to estimate rather than measure the quantity 
of steam consumed by the unit, and it is always desirable to determine the 
degree of decomposition of steam in the producer. One can get valuable 
information on both these points through hydrogen and oxygen balances, 
based on analysis of the gas and experimental determination of its water 
content, by allowing for water vapor in the air and for moisture and com- 
bined water in the fuel. 

Gas-producer computations are unique in that the manufacture of 
producer gas represents the combination of primary combustion with 
water-gas formation. A large fraction of the volatile matter of the fuel 
remains in the gas as CO, hydrocarbons, and hydrogen. Hydrogen and 
oxygen (the latter combined as CO or CO:) are also introduced into the 
gas by decomposition of the steam injected or of some of the combined 
water in the fuel. Asin combustion in furnaces, the gas analysis of itself 
can be made to yield important quantitative information as to these 


reactions. 
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Illustration 1. The average analysis of a certain producer gas is 





Per cent 

CO es See eee 9.84 
Oa oh: Oe eee 0.04 
Osh. eee 0.18 
CO; ice 18.28 
Hsim 12.90 
CHikg as. ae Bae 
Ne EoD Od 
Total 7): peace 100.00 


What conclusions may be drawn from these figures alone? 

Discussion. As in combustion calculations, the figures are first tab- 
ulated so that the quantities of the individual elements are shown, taking 
as a basis 100 mols of dry gas. Assuming that all the nitrogen comes 
from the air used, the corresponding oxygen is next computed. This is 
less than the total oxygen present in the gas (note the difference from 
ordinary combustion calculations), the remainder of necessity being 
equivalent to water decomposed, since this is the only other possible 
source of oxygen. The mols of water decomposed and the hydrogen 
formed therefrom are obviously twice the corresponding mols of oxygen. 
The hydrogen from the steam is, in turn, less than the total present; the 
difference between the two must be the net hydrogen from the fuel. All 
these calculations are indicated in the following table. 


Basis: 100 mols of dry producer gas. 























Gas Mols Atoms C| Mols Hz | Mols O2 

COO Pe HN et eeae ier ae 9.84 OUS4 A ASE oe 9.84 
Oe Ste Shasta oe 0 D4 dt ere hatie Sere 0.04 
LSA: PON Ahr oe ee hae atl a ke 0.18 0.36 0.36 
CA an aie ee aes 18.28 13225 |e 9.14 
Be eae oe ee es ee 12300 lee eee 12.90 
O55 PN ds Dl ke ar ht 3.12 3.12 6.24 
Ng. 2R ae Oe aie Pat eee cree 55.64 

LOLA. Sais Sane 100.00 31.60 19.50 19.02 
O: from air, 55.64(21/79).......... ASO eee 14.80 
O: from decomposition of water................| ..... hel Sa 
H. from decomposition of water, 4.22(2)........ 8.44 
Hy trom met Haan fuels hin ic ee eee 11.06 
ng eee A eee 


It will be noted that the oxygen in the gas comes from two separate 
sources, air and decomposition of water. By a nitrogen balance, that 
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from the former source is earmarked and set aside, that from the latter 
being obtained by difference. This makes it possible to earmark sim- 
ilarly that fraction of the total hydrogen derived from water, since it must 
be equivalent to the oxygen from the same source. The remainder of the 
hydrogen must come from the fuel. 

The pounds of carbon per 100 mols of dry gas and the weight of net 
hydrogen and water decomposed on the same basis can be found. 


Pounds 
Re ara a1 BOD) si tren deca hla wins’ pe 379.2 
Net H; in gas, 11.06(2.02).......... 2208 
H,O decomposed, 8.44(18).......... 151.8 


From these figures several ratios can be obtained that are informative. 
For example, per pound of carbon gasified there are: 


151.8/379.2 = 0.400 lb H.O decomposed 
(100/379.2)359 = 94.8 cu ft gas, d.s.c., produced 
(55.64/379.2) (100/79)359 = 66.8 cu ft air, d.s.c., used 


It is usual to assume that the water decomposed thus calculated is 
limited to that entering as steam with the air, but such probably is not 
the case. It is true that in an updraft producer the moisture in the coal is 
driven off and swept out of the producer at a temperature too low to react 
with carbon at an appreciable rate. On the other hand, oxygen in the 
coal substance which is present as “‘combined water” does not come off 
upon thermal decomposition solely as water, but partly as CO, COs, and 
perhaps to some degree as oxygen-containing organic compounds. The 
latter almost certainly decompose into simpler molecules before leaving 
the producer. Consideration will show, however, that in so far as oxygen 
of the fuel reacts thus directly to yield CO and COs, an equivalent amount 
of hydrogen must be liberated so that stoichiometrically the result is the 
same as though the “‘combined water” of the fuel had first been set free 
as such and had then reacted with carbon. The data throw no light on 
the mechanism of these reactions, but fortunately it is entirely immaterial 
in the over-all performance of the producer. Similarly, of the net hydro- 
gen in the coal some may burn to water and some may distill off as hydro- 
carbons, but the exact equivalent of all of it must appear in some form in 
the gaseous product. The computations correctly represent the over-all 
result, though the reaction mechanism may differ from that assumed in 
making them. 

Interrelation of gas and fuel. If a producer is fired with a low- 
volatile fuel, such as coke or anthracite, the quantities of fuel and gas can 
be related by means of balances on carbon, of the type illustrated in 
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preceding chapters. On the other hand, high-volatile coals are often 
employed, and in such a case a satisfactory balance on carbon is made 
difficult by the complications due to formation of tar. In all updraft 
producers the thermal decomposition and distillation of the coal take 
place at high temperature in an atmosphere free of oxygen. In conse- 
quence, the cracking of the distillation products results in the formation of 
considerable quantities of tar and soot. Where the hot gas goes directly 
into a furnace beside the producer, substantially all the tar is carried into 
the furnace, but where the gas is piped any considerable distance, or 
cooled, the tar settles in the flues, separates out in the coolers, collects in 
the traps, and develops a general nuisance. Because of these conditions 
it is impossible to determine tar formation with any precision in a test 
run of normal duration. 

Two alternative methods of meeting the problem are available. The 
first of these takes advantage of the fact that in a gas producer there is 
usually a stream of material not normally present in operating an ordinary 
furnace, namely, the steam used for the water-gas reaction in the pro- 
ducer. Moreover, the quantity or flow rate of this steam is usually easy 
to measure accurately. Therefore, it can be used as the basis of a balance 
for indirect determination of the amount of gas flowing. The second 
alternative is to find a method of estimating the quantity and composition 
of the tar produced in the operation of the unit, even though the direct 
determination of this tar be impossible. These two methods of solving 
the problem will be taken up in turn. 

The steam supplied to the producer brings in hydrogen and oxygen, and 
theoretically one can use a balance based on either of these elements to 
tie the steam-supply rate into the gas-production rate. An oxygen bal- 
ance is preferable because of the fact that the oxygen content of the tar is 
usually small enough to be neglected in an over-all balance. The method 
suffers from the fact that so much of the oxygen in the final gas comes 
from the air. Consequently, the oxygen from the steam must be deter- 
mined by difference. Hence, unless it is an appreciable fraction of the 
total oxygen, its determination in the gas is inaccurate. This means that 
for the method to be dependable the steam/fuel ratio must be reasonably 
high. It also requires careful measurement of the moisture content of 
the gas produced, either by sampling for analysis before any moisture 
condensation due to cooling occurs, or by determination of the quantity 
or rate of condensation, together with analysis of the moisture content of 
the uncondensed residual gas. Despite these limitations, the method can 
on occasion be a valuable auxiliary technique in the determination of 
plant performance. 

Illustration 2, A gas producer is being fired with a coal the ultimate 
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analysis of which on a dry basis is 78.5% C, 5.4% H, 14% N, 0.8% S, 
and 3.5% ash, and the corresponding volatile combustible matter, 36.2%. 
The heating value is 13,880 Btu/lb. As fired it contains 4.5% mois- 
ture. During the 63.3 hr of the test, 174,500 lb of coal were fired and 
6770 lb of ash and clinker withdrawn, containing 14.2% combustible 
matter (practically all carbon). The gas analysis, carefully conducted 
over mercury, averaged 13.25% COs, 16.10% CO, 22.65% He, 3.50% 
CH,, and 44.50% Nz and inerts. Barometer averaged 766 mm Hg; air 
temperature, 23°C; and partial pressure of water vapor init,12mm. The 
steam supplied to the blast was at 20 psig and 184°C. It was metered 
and totaled 256,000 lb during the test. The blast pressure was 5.35 in. 
water. The gas left the producer at 820°C, at practically atmospheric 
pressure, with a dew point of 65.5°C, corresponding to a vapor pressure of 
water of 192mm. Practically all the sulfur in the coal showed up in the 
gas as H.S. Calculate the cubic feet (d.s.c.) of gas produced per pound 
of coal as fired. 

Solution. The fact that the fuel contains 36.2% volatile combustible 
matter indicates that the amount of tar is probably appreciable, and it is 
unwise to attempt a carbon balance in the absence of data on the quantity 
of tar and soot produced. An oxygen balance is required. 

In problems of this type, it is usually easiest to begin with the gas anal- 
ysis. However, in this case the gas analysis is not known completely 
until a preliminary correction is made for the effect of H.S. A satisfac- 
tory approximation is to assume that the ratio of H.S to total carbon in 
the gas is the same as the ratio of sulfur in the fuel to carbon in the fuel 
less carbon in the refuse. While this assumption is not exactly true, it 
does not introduce a significant error in the over-all results. 

As a basis, choose 100 lb of dry fuel. On this basis the carbon in 
the refuse can be calculated either by an ash balance or from the meas- 
ured quantity of ash and clinker. By the first method, the figure 
obtained is 3.5(14.2/85.8), or 0.580 lb. The second yields the result 
6770(100) (0.142) /(0.955) (174,500), or 0.577 lb. By difference, carbon in 
the gas, tar, and soot is 78.5 — 0.6 = 77.9 lb, or 6.49 atoms. Since sul- 
fur in the fuel is 0.8/32, or 0.025 atom, the desired ratio of sulfur to carbon 
is 0.025/6.49, or 0.0039. 

Now turn to the producer gas, choosing a basis of 100 mols of dry gas. 
Inasmuch as H.S was absorbed in alkali and evidently reported as COs, 
the total atoms of C and § in the gas amount to 13.25 + 16.10 + 3.50, or 
392.85 atoms. From the ratio derived in the preceding paragraph, the 
portion of the gas consisting of H.S is 32.85(0.0039/1.0039) = 0.18 mol. 
By difference, CO: is 13.25 — 0.13 = 18.12 mols. A complete tabulation 
of the gas analysis is now possible. 
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The nitrogen from the fuel can be neglected with very little error, and 
the oxygen from the air determined by a nitrogen balance. 


44.50(42/79) = 23.65 atoms O from dry air 


Similarly, a nitrogen balance can be used to find the oxygen input in the 
form of water vapor in the air. 


44.50(100/79) (12)/(766 — 12) = 0.90 mol H,O in air 


Oxygen in the producer gas as water vapor is obtainable from the meas- 
ured dew point. 


100[192/(766 — 192)] = 33.45 mols H.O in gas 


On a basis of 100 mols of dry gas, one now knows the oxygen content of 
all streams for which one does not have directly measured flow rates and 
analyses and which contain significant amounts of oxygen. Hence, it is 
now possible to return to a fuel basis and set up an oxygen balance in 
which the only unknown is the volume of dry producer gas. 

Choose a basis of 100 lb of dry coal, as before. By subtraction of the 
other constituents from 100, the oxygen content is found to be 10.4%. 


10.4/16 = 0.650 atom O in dry coal 
100(4.5/95.5)/18 = 0.262 mol H.O as moisture in coal 
100(256,000) /(0.955) (174,500)18 = 8.550 mols steam 


Let « = mols of dry gas produced. Set up an oxygen balance, as follows: 
Oxygen oxygen in oxygen in oxygen in oxygen 
in dry | +] moisture | +| dry air +] moisture | + in 
coal in coal in air steam 
0.650 + 0.262 + 0.23652 + 0.00907 + 8.550 


oxygen oxygen in 
in dry | + moisture | 
gas in gas 
0.42342 + 0.33452 


Solving, = 18.5 mols. The result is easily converted to cubic feet ona 
basis of coal as fired: 


] 
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18.5(0.955) (359) /(100) 
= 63.5 cu ft (d.s.c.) of gas produced per pound of coal fired 


It is of interest to use the gas production determined by oxygen balance 
to check the carbon balance. On a basis of 100 lb of dry fuel, the carbon 
in the gas is (18.5)(0.3272)(12) = 72.6 lb, which compares with the fig- 
ure of 77.9 lb corresponding to carbon in the fuel less that in the refuse. 
The difference, roughly 7% of the carbon in the fuel, evidently went to 
tar and soot. 

It is also informative to check the hydrogen balance. This is conven- 
iently done on a basis of 100 lb of dry coal, as follows: 





Hy, input: 
Mols 
TOG COB pe) Bev es hess spur ee is Une ns ee 
IMGISCUTe MT CORL (a crt atoti ies. eos 0.26 
IMIGISHITORN ail eres ce einem as tek ono 0.17 
CEGare Vans elite ae ee clare cree oan, 1G 8.55 
TEAM M), SERN .Drilsh eales SIME S THO. 11.68 
H, output: 
Dry gas, (18.5) (0.2978)...........+-+.-+- 5.50 
Moisture in gas, (18.5) (0.3345). ......... 6.20 
AMGy ALS oe oat a IR IO ether Seotowr scm Rae 11.70 


The calculations show that the output of H» exceeds the input by 0.02 
mol. This of course cannot be true in actual fact and must be attributed 
to slight inaccuracies in the original data or calculations. Indeed this 
discrepancy is far less than one would anticipate from the probable 
accuracy of the measured data; 7.e., such a good check is fortuitous. It is 
evident nonetheless that in this particular case the amount of hydrogen 
contained in the tar and soot is very small, and a hydrogen balance would 
have led to substantially the same result as the one on oxygen. However, 
it is by no means safe to generalize from this instance and assume that 
one can always neglect the hydrogen content of tar. Indeed, the fact 
that tar always contains hydrogen is ground for the conviction that the 
close check was due to minor errors in the data. 

It should be clear that if one attempts to evaluate the gas-flow rates in 
a producer by measuring the steam-flow rate, together with the other 
necessary analytical data, under operating conditions in which the rate 
of steam utilization is small relative to the gas quantities involved, preci- 
sion will be sacrificed because one is dealing with small differences between 
large quantities. On the other hand, producers not infrequently operate 
with low steam rates. Indeed, conditions are encountered in which any 
other method of operation would involve serious sacrifice of thermal effi- 
ciency. It is obvious that one should have another method of estimating 


gas-flow rates. 
The evidence indicates that the tar formation per pound of coal gasified 
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remains substantially constant for a given coal in a given equipment as 
long as operating conditions are not too widely varied. A satisfactory 
method of allowing for tar is, therefore, to secure data on tar formation 
over long periods of time and to use these figures in computing the results 
of a test rather than using the data on the tar obtained during the test 
itself. Since under normal conditions a large fraction of the tar separates 
out emulsified with water, it is imperative to have an analysis of the water 
content of the tar. 

To get carbon and hydrogen balances on the producer, one must have 
the ultimate analysis of the tar. On the other hand, while tar formation 
is in no wise negligible, it is always a minor factor compared with the total 
combustible in the fuel, so that no serious error is introduced if its com- 
position is estimated, particularly since it is known to be rich in carbon. 
In the absence of direct analyses of the tar in question, the authors usually 
assume it to contain 90% carbon and the rest hydrogen, although it is 
well recognized that it does carry some oxygen, nitrogen, and sulfur. 

Illustration 3. The following data were obtained from a test on a 
Morgan gas producer. - The feed was automatic, ensuring uniform rate 
of fuel supply and eliminating any serious variations in rate of gas produc- 
tion. Using the same kind of coal under similar conditions of operation 
over long periods of time, it has been found that the weight of dry tar 
produced is 3.9% of the weight of the coal fired. It is desired to deter- 
mine the gas production, the steam decomposition, and a heat balance on 
the producer itself. 


ABSTRACT oF TrEst SHEET 


Per cent 

Duration of run, hr..............' 2.33 Combustible in refuse.......... 9.99 
Bream: Ibfhrin.deotnede. Pe. 338 
Steam pressure, psig............. 15 Coal analysis, wet basis: 
Wael ih fbr: Meise. Tecies Cie. 5 866 Moisturey 3 se oct. oe ae 1.06 
Temperature of air, °F: EO Oi Th Tevet Be rlete pony barns 69.40 

Dry DUST sn here Seer OSD Peis eee a ee ee 4.76 

Wer bulbet 5 CO 8 et ergo me BEN Ti. ie, MASE R BAee 1.48 
Barometer, ins Hat. ic ao). seek 29.43 INS y haart bat Beeb Sao aha 1.48 
Temperature of exit gas, °F...... B08) oO). on tae eee eee 9.18 

Ns ier eee Bere ge” Tula 12.64 
Average gas analysis, per cent by 
volume: 

COE. AT PAA SOE ER eat) is ears 7.23 

UL (Ga > ic7i ate dicen cl tee 0.58 

8 See Seer er en 0.38 Higher heating value of 

APO erates toe tals es ee ae 20.76 dry coal, 12,520 Btu/lb 

it Se HENNE Me cy om orm bv 11.36 

Sheet eet ee oe 2.98 


Nei yaw. 2 Doaiee Toe 56.71 
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Determination of the water content of the gas was made in the following 
manner: A sample was drawn through a steam-jacketed filter of glass 
wool to remove tar and dust, and thence through an absorption bulb con- 
taining P.O;. In this manner 14.40 liters of the dried gas were collected 
at 32.0°C and at 759 mm pressure. The increase in the weight of the 
bulb was 0.8451 g. 

Solution. The coal and gas analyses are tabulated, and by using the 
information regarding the refuse and tar, the distribution of carbon and 
hydrogen is shown. 


Basis: 100 |b of coal as fired. 





Pounds Mols or 
atoms 
NI ae atte A MR Eins oe ce is, cha ed bec 0.06 
DEL Sb ayes d dw idee Ce tear ane eee 5.78 
| oP Rare ESR ey a ae A 2.36 
Se Ce rere he 
geet ee rae DBS a es Bon 
OARS Se ep ee ee ee eR IB 0.29 
ACLS Se yc et at 


1 
Combined water, 2(0.29)............... 0 
C in refuse, 12.64(9.99/90.01) : 0. 
og oh OTe (i ee Se la ; 0.29 
C in gas, 5.78 — 0.12 — 0.29............ 5 
Netty it tars O10 tO)iee ec, 22 Pe 0 
Ret THs:in. gas, 178-19: 62. och eis 1 





Basis: 100 mols of dry gas. 








Gas Mols Atoms C | Mols H, | Mols O2 

6 i beeen 1.28 TES Lou wis 7.23 
jit Rg (Ot: See 0.58 £216 er) P1516 
1 ee Spe eee 1 ei MG Reet CNR Reet 0.38 
COR A Heck amist 20.76 ZO cGy ot eee 10.38 
[2 ee ee ee Liao ter hie: +: 11.36 
¢15 Ce eee 2.98 2.98 / 5.96 
WY € vicar ee acs 66:71 

LOGAN ss: <5 SeEee 100.00 32.13 | 18.48 17.99 











These two tabulated analyses of the coal and gas show, each on its own 
basis, how much carbon is present in the gas. Using the amount of coal 
‘fired as given in the table of test data, the gas production can be estimated 
directly by a carbon balance. 
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Lb Atoms Mols 











coal per| Cin dry 
hour gas gas 

866 pal 200 asi 52,000 cu ft d.s.c. per hour 
100 32.13 


A diagrammatic representation of this problem is seen in Fig. 5-1. 
A virtually independent check on the gas production may be had by 
using a hydrogen balance. Hydrogen occurs in so many places that it is 
best to tabulate the separate items. 
Gas, 52,000 cu ft 


Hydrogen Input. Basis: 1 hr. 
Coal, 866 Ib | Tar, 33.8 Ib 1¢Mirew thoes 
| ail | | Moisture + combined water + net 


H. = 0.06 + 0.58 + 1.59 = 2.23 
mols per 100 lb coal fired. 
C in refuse, 
Aa 


(2.23/100)866 = 19.3 mols/hr 


/ 12.2 Ib 
le 2. From the steam. 
Steam, 338 !b Air, 37,400 cu ft 
338/18 = 18.78 mols/hr 


FIG. 5-1. Material balance on gas pro- 3. Fromtheair. Thisisobtained 
ducer. Basis: 1 hr. j ; 

through the nitrogen in the producer 
gas, from which the air used can be computed. Let the quantity of 
dry producer gas be « mols/hr. From the wet- and dry-bulb tem- 
peratures of the air, the humidity is 70 per cent (Fig. A-3). The vapor 
pressure of water at 65.5°F is 0.63 in. This gives as the partial pres- 
sure of the water 0.70(0.63) = 0.44 in. Hg, and as the pressure of the 
dry air 29.43 — 0.44 = 29.0 in. Thus the hydrogen brought in by the 
alr as water vapor is 


Mols of Mols_ | Mols dry 


producer No air 
gas 
x 56.71 100 0.44 
i 100 ae 29.0 = 0.0109z mols H2O vapor 


Hydrogen Output. 1. As water vapor ingas. The analytical data show 
that for every 14.40 liters of dry gas at 32.0°C and 759 mm, there are 
0.8451 g of water vapor. 


Liters At At 

dry gas 0°c 8.¢. 

14.40 | 273 | 759 
305 760 22.4 


0.8451/18 = 0.047 g mol water 
0.047/0.575 = 0.0817 g mol of water per gram mol of dry gas 





= 0.575 g mol dry gas 
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This ratio is, of course, identical with the ratio, pound mols of water per 
pound mol of dry gas. Therefore, the hydrogen output in this form is 
0.08172. 


2. As H, in gas, 0.18482 mols. 


The hydrogen balance is obtained by equating the input and output as 
calculated above. 


19.3 + 18.78 + 0.0109z = 0.0817x + 0.18482 


Solving, « = 149.0, or 149.0(859) = 53,500 cu ft, s.c., per hour. 

The good agreement between this figure and that obtained from a car- 
bon balance (52,000 cu ft) furnishes a check on the dependability of the 
data and the accuracy of the assumptions. 

Steam Decomposition. This also may be calculated by either a carbon 
or a hydrogen balance. The steam actually used is 18.78 mols/hr. The 
steam decomposed is equal to the number of mols of hydrogen in the gas 
minus the net hydrogen from the coal. 


1. By carbon balance. 





Lb Atoms C 

coal in gas 
: 18.4 

866 ao aa = 26.70 mols Hz: in gas 
100 32.13 


866(1.59/100) = 13.77 mols net Hz from coal 
12.93 mols H» from steam 
(12.93/18.78)100 = 69% decomposed 


2. By hydrogen balance. 
149(18.48/100) = 27.60 mols H; in gas 
13.77 mols net Hz from coal 


13.83 mols H. from steam 
(13.83/18.78)100 = 76% decomposed 


Energy Balance. The temperature of the surroundings (65.5°F) will 
be taken as the reference point for all items of heat input and output, and 
all final results will be expressed on an hourly basis. The heat content 
(enthalpy) of water at the base temperature will be taken as zero in the 
liquid state. 

Energy Input. The three sources of energy entering the system are 
(1) coal, (2) steam, and (8) air. 

1. Coal. ‘The heating value is given for dry coal; hence, the weight of 
dry coal must be used in computing the energy input from this source: 
866(0.9894) (12,520) = 10,720,000 Btu. 
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2. Steam. A pressure of 15 psig corresponds to 
15(29.92/14.7) + 29.48 = 59.96 in. Hg 


To have this pressure, the steam (assumed saturated) must have a tem- 
perature of 249°F. The 338 lb of steam used per hour bring a quantity 
of heat into the system equal to the enthalpy of the steam at 249°F, less 
that of the liquid at 65.5°F, 2.e., 


338(1163.7 — 33.6) = 382,000 Btu* 


3. Air. Although the air used is at the reference temperature and 
hence brings in no sensible heat, the latent heat of its moisture content is 
a justifiable addition, although admittedly small in this case. Water in 
air used (calculated from the carbon balance result) is 28.45 lb, equivalent 
to 28.45(1057) = 30,000 Btu.f 

Energy Output. Since the higher heating value of the fuel can be 
realized only when all water formed in combustion is condensed, and since 
the latent heat of all water entering the system in the vapor state has been 
considered as input, then the latent heat of all uncondensed water leaving 
the system will be an item in the energy output. 


1. Latent heat of water in gas. 
Basis: 1 hr. 


Lb Atoms Mols Lb | Btu 
coal per| Cin H.0 in | H,O 


hour gas gas 
_ 866 | 5.37 8.17) 1] 18} | 105% ee a ee / 
100 32.13 or ; tu as latent heat of H.O in gas 


2. Sensible heat in gas. With small error, one can assume that the 
average specific heat of each gas between the temperature limits of 1305°F 
and 65.5°F is the same as the average specific heat between 1305°F and 
60°F, read from Fig. 1-3. For each gas, the sensible-heat content equals 
the product of the number of mols, the average molal heat capacity, and 
the temperature difference, 1305 — 65.5, or 1239.5 Fahrenheit degrees. 
In view of the small amount of illuminants, the calculations may be sim- 
plified by counting the illuminants as CHy,. 


* See Table A-3 in Appendix. 


} The latent heat at 65.5°F is used, since water is included with other gases in com- 
puting sensible heat. 
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Basis: 1 mol dry gas. 





Me. Sensible- 


Gas Mols from | heat content, 
Fig. 1-3 Btu 

MMe ak schas canines 0.0723 11.3 1,011 
Oe ep Meee ge 0.0038 (eX § 36 
od Oe ee 0.2076 7.4 1,900 
Bo gaits aks) Salesthep 0.1136 7.0 985 
are I 0.5671 7.3 5,130 
ere 0.0356 13.2 581 
Ch) 0.0817 8.8 890 

REOLALCE fcr neo S 1.0817 re 10, 5338 


The heat retained by the hot gases is 


Lb Atoms Mols 
coal per C in dry gas 


hour gas 
866 5.37 100 10,533 
$$ | ——__—___|—______|_——- = 1,26 000 Bt 
100 32.13 Jaca :: 


3. Heat of combustion of the gas. 
Basis: 1 mol of dry gas. 
Higher heating | Chemical energy, 
Mole value, Chu Chu 


BRIER hoe dc cy aN Sela seems ess 0.0058 337 ,000 1,960 





ee erie cs od oes ele ln vdi'elsaia'-e 0.2076 67 ,600 14,030 
A ae 0.1136 68 , 300 7,750 
een eer CEM Fp re Siete s ts 0.0298 213 ,000 6,350 
Higher heating value, per mol.......|  ...--- | 0 eeeeeeee 30,090 


ee nnn LEE 


Basis: 1 hr. 
Lb Atoms Mols Chu 
coal per C in dry gas 
hour gas 
866 5.37 100 30,090 1.8 


——-— = 7,850,000 Btu 


—_—— | 
———————— | 





4. Heat in tar. Assume that the heat of combustion of tar is equal to 
that of the component elements and that its specific heat is 0.5. 
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Heat of combustion: Bru 
866 (0.039) (0.10 /2.02) (68,300) (1.8).......... 207 ,000 
866 (0.039) (0.90/12) (97,000) (1.8)............ 442 ,000 

649 , 000 

Sensible heat: 

866(0.039) (1,305 — 65.5)(0.5).............. 21,000 

Lotal heat.in tar s6 sn.cchels ie ea icine enemas 670 ,000 


Latent, 225,000 


Sensible, 1,526,000 
Gas 
Chemical, 7,850,000 


Coal, 10,720,000 Tar, 670,000 


canine Vl 


Radiation and 
unaccounted for, 
685,000 


C in refuse, 


/ 176,000 
BEL, 


Air Dry, O 
Water vapor, 30,000 


i 








Steam, 382,000 





FIG. 5-2. Energy balance on gas producer. Figures represent Btu. Basis: 1 hr. 


5. Heat of combustion of carbon in refuse. 











Pounds | Pounds | Atoms Chu 
coal per C C 
hour 
6 1.4 ,000 1.8 
abe i ee! = 176,000 Btu 
100 12 
The energy balance may now be written (see also Fig. 5-2): 
Energy input: Btu 

a. Coal (higher heating value)...... 00.0.0... ccc cece cecceceue.. 10,720,000 
b. Steam (total heat — heat of liquid at 65.6°F),.7- ke 382 ,000 
c. Latent heat at 65.5°F of atmospheric moisture................. 30,000 

Total 8 isha 69s ee OR A eee 11,132,000 

Energy output: 

a. Latent heat of water in gas........ 0.00... ces cee ceccueceee. 225 ,000 
b. Sensible heat of hot gases..........0... 0. eee cceeececeee es... 1,526,000 
c. Heat of combustion of gases.....................00......... 7,850,000 
Gd. Total heat Int tarry 15.0 es csc contd ak iS fon ee 670,006 
e. Heat of combustion of C in refuse........................... 176,000 
f. Radiation and unaccounted-for losses (by difference)........... 685 ,000 

Totaly; wir tang sn aties cee tae Bee ee ee 11,132,000 


One of the most important engineering functions of material and 
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element balances is in the cross checking of experimental data as one 
means of evaluating their dependability. The following problems offer 
further constructive illustration of this point. 

Illustration 4, The following is a partial summary of operating data 
on the performance of a set of gas producers of the Rochester Gas and 
Electric Corporation. 

Fuel: Coke analyzing 0.6% moisture, 4.0% volatile combustible matter, 
76.0% fixed carbon, and 19.4% ash, with a heating value of 11,900 Btu/Ib. 
It was fired at the rate of 35 lb of dry fuel per square foot of grate area per 
hour and contained as fired 9.6% moisture. 

Air: The consumption of air was 46.5 cu ft per pound of dry fuel, and 
its average temperature was 60°F. 

Steam: The steam supplied to the blast was metered and found to be 
0.53 lb per pound of dry fuel fired. 

Blast: The pressure under the grate averaged 21.5 in. water; and the 
dew point of the blast at this same point was 142°F. 

Gas: 7.1% COs, 0.3% Oz, 27.1% CO, 13.4% Ho, 0.4% CHa, and 51.7% 
No. The volume of the producer gas was 71.4 cu ft per pound of dry 
fuel. The differential between the pressure under the grate and the gas 
leaving the producer averaged 19.5 in. water, and the dew point of this 
gas was 100°F. 

Cinder: 14.0% combustible, 86.0% ash. 

It can be assumed that the barometer was normal, that gas and air 
volumes were reported at 60°F and 30 in. Hg abs, saturated with water 
vapor, and that dew point measurements were made at atmospheric pres- 
sure. It is estimated that the relative humidity of the air was 80%. 

As a check on the consistency of the data, compute the ratio of mols of 
water vapor to mols of nitrogen in the blast, at the point where it enters 
the fuel bed, by three independent methods, using in each method none 
of the above items of information used in either of the other methods, 
except the barometric pressure. 

Solution. As the first step check the gas analysis in the usual way to 
see what information can be obtained from it alone. 


Basis: 100 mols of dry producer gas. 


Atoms or mols 

















Mols z H, 7 

Oe a eres Oe (ies TA ee 14.2 
ee ee re 0.3 een baths 0.6 
COO pase cee rf gen | 27.1 rk 27.1 
jit eke ae eee es Be 13.4 Ag 13.4 
oe! = Fe er ae 0.4 0.4 0.8 
Ne ses eee eee aS €8)6 « Bliat = 

Totalecd @aroase) 100.0 34.6 14.2 41.9 


1 Am. Gas Assoc. Proc., 1927, p. 1224; see also 1926, p. 1051. 
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Assuming a negligible amount of nitrogen in the fuel, one can use a 
nitrogen balance to determine the oxygen supplied by the air. 


51.7(2)(21/79) = 27.5 atoms O from air 
41.9 — 27.5 = 14.4 atoms O = 14.4 mols H»2 from decomposed H2O 


Thus, the figures show that net H. gasified from the fuel is 14.2 — 14.4, 
or —0.2 mol. It is, of course, impossible that the net Hz in the coke 
should be negative; the fact that one obtains a small negative value, the 
magnitude of which is within the precision of an Orsat apparatus, must 
mean that the net H2 in the coke employed as fuel in the Rochester pro- 
ducers is too small to be detected by the Orsat method of analysis, and the 
combustible material in the coke must be essentially carbon. This is an 
important point, since it indicates that tar formation is negligible in this 
case. 

Now consider the various means by which it is possible to arrive at the 
ratio of water vapor to nitrogen in the blast. The simplest way to cal- 
culate it is from the measured dew point of the blast. Almost equally 
obvious is a computation based on the quantities of air and steam supplied 
to form the blast. Since all the hydrogen, oxygen, and nitrogen in the 
blast go into the producer gas, a third method can be based on element 
balances, working backward from the gas and correcting for contributions 
from the fuel. This correction requires the ratio between fuel and gas 
produced. Had it not been given, it could be obtained by a carbon bal- 
ance, justified in this instance by the fact that tar formation is evidently 
very small. 

Method 1. Blast dew point. At 142°F, the vapor pressure of water 
is 6.19 in. Hg. ; 


6.19/(29.92 — 6.19)0.79 = 0.330 mol H;O per mol N2 


M ethod 2. Steam and air supply. At 60°F, the vapor pressure of 
water is 0.52 in. Hg. Choose a basis of 1 Ib of dry fuel. 


46.5(30.0) (492) (29.92 — 0.52)0.79 Rent 
-359(29.9)(520) (29.92) = 0.0955 mol Ne» in air 


46.5 (30.0) (492) (0.52) (0.80) ai 
359(29.9)(520)(29.92)  ~ 9:0017 mol H;0 in air 


0.53/18 = 0.0294 mol steam 
(0.0294 + 0.0017)/0.0955 = 0.326 mol H.O per mol N» 





Method 3. Fuel and gas analyses and amounts. The nitrogen, unde- 
composed steam, and decomposed steam appearing in the producer gas 
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can be calculated directly from the data given on the volume and com- 
position of the gas. A convenient basis is 1 lb of dry fuel fired. 


71.4(30.0) (492) (29.92 — 0.52)0.517 , 
“859(29.9)(520) (29.92) — 0.0960 mol N>» in gas 


0.0960(14.2/51.7) = 0.0263 mol decomposed H.O in gas 


The vapor pressure of water at 100°F is 1.93 in. Hg, and the total pressure 
of the gas is 29.92 + (21.5 — 19.5)/13.6 = 30.07 in. Hg. 


0.0960(1.93) 
0.517(30.07 — 1.93) = 0.0127 mol undecomposed H.O in gas 


In order to arrive at the composition of the blast, it is now necessary to 
subtract contributions from the fuel. It is undoubtedly safe to neglect 
the nitrogen content of the coke, and therefore the value of 0.0960 mol of 
N- in the gas is substantially equal to N2 in the blast. As shown above, 
net H» from the fuel is insignificant in this case. This makes it practically 
certain that combined water in the coke is also negligible, and therefore 
the only significant contribution of hydrogen and oxygen from the fuel is 
in the form of moisture. 


9.6/(100 — 9.6)18 = 0.0059 mol H:20O as moisture in fuel 
The water vapor in the blast can now be found by a balance on water. 


0.0263 + 0.0127 — 0.0059 = 0.0331 mol H:0 in blast 
0.0331/0.0960 = 0.345 mol H.O per mol N» 


It should be noted that in each of the three methods no test data other 
than barometer were used that were employed in either of the other two 
methods. The good agreement among the three answers supports the 
validity of the assumptions made and indicates that the operating data 
reported by the Rochester company were not only consistent but of an 
unusually high order of reliability. 

Illustration 5. The following is quoted from U.S. Patent 2111579, 
of March 22, 1938, describing an operation of the I.G.-Winkler gas 
producer (see Fig. 5-3): 


Referring to the drawings, (1) is a gas producer operated in the manner 
described in the said U.S. Patent No. 1687118 having an internal diame- 
ter of 1.1 meters and provided with brickwork (2), a grate (3), an ash 
stirrer (4), an ash outlet (5) and a grate chamber (6). 

258 cubic meters of 95 per cent oxygen are blown in per hour through 
three double-walled water-cooled nozzles (7) while at the same time 
935 kilograms of fine-grained brown coal small coke containing 11.2 per 
cent of water and 22.2 per cent of ash are forced from a bunker (9) 
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through a tube (10) into the gas producer by means of a worm conveyor 
(11). The layer of fuel is set in whirling motion up and down and has a 
thickness of about 1 meter. 258 cubic meters of water-gas and 40 kilo- 
grams of steam per hour are blown in below the grate (3) whereby the 
uniform, up and down boiling motion of the fuel is maintained. A tem- 
perature of from about 950° to 970°C is maintained in the bed of fuel by 
the gasification process. The watergas produced together with the cir- 
culating watergas (989 cubic meters per hour in all) leaves the gas pro- 
ducer through a pipe (12). Any dust carried along is partially separated 


a Finely divided solid fuel 













fag fe Water 
; See 17 
Tw Water gas 
ace 15 
ae : 13 zx 
= \A 
10-F 
‘ Dust 
a 16 
A 
ol 2 : 14 
4 
Z 
2 4 Water gas 
= 
5 |} Ps 24 
Oxygen - containing g = Z Oxygen : contains 2 
gas Z Z 
ee ——— ied Lx Water 
7 7 Steam Pe 21 
Incandescent = ae eae 29 — 
fuel body Sai r= =F 30 
Uy 6|/4 3 28 ._ 1X 
Tere 7 27 
<tHe 
Ash 5 


26 rie 
Recycled water gas 


FIG. 5-3. The I. G.-Winkler gas producer. 


in a dust separator (13), and slides back into the bed of fuel through a 
tube (14). The gas passes through a tube (15) into a washer (16) in 
which it is purified and cooled by means of water sprayed in at (17) and 
withdrawn at (18) through a receiver (19); it then passes to a blower (20) 
provided with water injection and from thence through a dip tube (21) 
into a receiver (22). 731 cubic meters of watergas per hour are with- 
drawn through a pipe (23) provided with a throttle slide (24) and used 
for any desired purpose. Before reaching the dip-tube (21), 258 cubic 
meters per hour of watergas are branched off at (25) by the steam injec- 
tion blower (27) and forced through a pipe (28) into the grate chamber 
(6) below the grate (3). The steam injection blower (27) requires 40 
kilograms per hour of steam heated to 400°C which is supplied at (29) 
under a pressure of 3.5 atmospheres. (30) is a regulating valve. 

The coke in the gas producer is maintained in vigorous movement 
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by the watergas (258 cubic meters per hour) continuously returned in cir- 
culation. The fine ashes containing only small amounts of fine grains of 
slag and the sand and siliceous matter contained in the initial coke, are 
continually withdrawn in an amount of 90 kilograms per hour through 
the ash outlet (5). 


The gas produced has the following composition: 


13.7 per cent of CO. 

50.6 per cent of CO 

29.5 per cent of He 

1.4 per cent of CH, 

3.9 per cent of N2 and 

2.2 grams per cubic meter of H.S 


1 cubic meter of the gas has a calorific value of 2418 kilogram calories. 


From this information, what conclusions can one draw as to the opera- 
tion of the unit? 

Discussion. The first thing to do is to test the dependability of the 
data by material balances. One may well start by breaking down the 
gas analytical data in the conventional way, as in the first five vertical 
columns of Table 5-1. 


TaBLe 5-1. WINKLER PRopucER GAs 

















Higher Lower pS Te 

molal Keal molal Keal geass ce ples 

Per | Atoms! Mols| Atoms] heat of | per 100| heat of | per 100 P- i 

Gas between between 
cent C He oO com- |kg mol] com- | kg mol 960°C 960°C 

= -5 wu -5 

pee seh: ops ee and 20°C | and 20°C 
MDM ssGasi: ajais a ay es WS Ga eee RAD eee Gaara Nate des gh tics owns) esarsoems 11.8 1.62 
DD. swe dices 52.5 . oi Ee ee ; 68,000) 34.40 1x6 3.84 
SS Parets F 58,000} 17.11 fen! 2.09 
CHsg. 191,000} 2.68 14.3 0.20 
ee SO etal cic ete |) eux ar | [ree mastecl| caesar, breeesss |) Seer 7.5 0.29 
DEMS: Olas kee 85% 125,000} 0.18 10.0 0.01 
GEA 5 sojourn ; ey ee Teo: Wis. s see wih Sal ae eames 54.37 8.05 





Since the data on gas-flow rates are given in cubic meters and those on 
solids in kilograms, it is necessary to know the conditions of measurement 
of the gases. While these are not stated, the fact that the flow rates in 
pipes 23 and 25 add up to that in pipe 12, despite some 900°C difference in 
temperatures, shows that the quantities are reported at some standard 
condition, which may well be 0°C and normal pressure, 7.¢., 22.4 cu m/kg 
mol. A clue to the conditions adopted as ‘“‘standard”’ by the authors of 
the patent is furnished by the heating value reported per cubic meter, 
because this can be calculated from the gas analysis in terms of the kilo- 
gram-molecular volume for any set of conditions. 
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It is usual practice in formally reporting the results of the laboratory 
determination of the heating value of a gas to give the higher heating 
value, with water formed by the combustion condensed in the calorim- 
eter. From the sixth and seventh vertical columns in Table 5-1, it is 
seen that on this basis the heating value per mol of the gas is 57,730 kcal. 
If this is equivalent to the reported value of 2418 keal/cu m, the kilogram- 
molecular volume must be 57,730/2418 = 23.9 cum. This corresponds 
to a standard temperature of 18°C for dry gas at normal atmospheric 
pressure. If, however, the lower heating value of the gas is the one 
reported, the eight and ninth columns of the table indicate a kilogram-mol 
volume of 54,370/2418 = 22.46, or within 0.3% of the value correspond- 
ing to measurement at 0°C and 1 atm absolute pressure. The whole 
uncertainty may well be due to minor errors in the experimental labora- 
tory determinations of gas analysis and heating value. The usual value 
of 22.4 will therefore be used in further calculations. 

The H.S in the table is calculated from the fact that 2.2 g = 2.2/34 
g mols = 1.45 liters at standard conditions, which, in 1000 liters, is 0.15 
volume per cent. Note that the analysis does not add up to 100.00%. 

The data of this test differ from the information ordinarily available on 
the operation of a producer in that the flow rates of all the relevant gas 
streams are reported, presumably as the results of direct measurements. 
This puts one in a position to set up various material balances, which can 
be used as independent checks upon the inner consistency and hence the 
dependability of the data. 


Basis: 1 hr of operation. 


1. Ash balance. The ash in the entering coke is 22.2% of 935 kg = 208 
kg. However, the ash withdrawn was only 90 kg. This means that 108 
kg of ash, 57% of that in the fuel charged, is unaccounted for, a discrep- 
ancy that must not be ignored. 

The combustible matter in the coke used as fuel is doubtless mainly 
carbon, and by assuming it such one can set up a carbon balance. How- 
ever, this coke probably contains some net hydrogen, which can be esti- 
mated as usual through an oxygen balance. While this could be done in 
the conventional way by using a nitrogen basis, there are two strong 
grounds for not doing so. In the first place, the phraseology of the patent 
leaves the impression that the 95% value given as the purity of the 
oxygen may well be a rounded, approximate figure, a very small error in 
which would introduce a considerable degree of uncertainty in the remain- 
ing 5%. If this residue were assumed to be solely nitrogen and noble 
gases, it would be unsuitable as a basis for calculation because of this 
uncertainty. Moreover, the quantity of nitrogen in the product gas is 
so low that its analytical determination by the conventional methods 
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presumably employed is subject to an error that can be a large percent- 
age of the amount present. Since in this operation all the gas rates were 
determined and reported, the oxygen balance can be set up directly. 

2. Over-all oxygen balance, excluding oxygen as H:O and ignoring 
recycle gas. 


Gas in, | Net Oz | Mols O2 


cum 
Es sete aak sou Wt = 21.9 atoms O entering 
22.4 
Product gas, Kg 
cum mols 
oe TR —____—— Ties = 25.4 atoms O out 
22.4 


Atoms O unaccounted for = 25.4 — 21.9 = 3.5 = 3.5 net mols H2O de- 
composed in the unit = 3.5 mols Hz introduced into the gas by water 
decomposition. 

3. Hydrogen balance. 


Product gas,| Kg 
cum mols 
731 0.3245 
22.4 





= 10.6 hydrogen out, expressed as kg mols H2 per hour 


The net H» in the producer gas which comes from the fuel is therefore 
10.6 — 3.5 = 7.1 mols = 14.2 kg/hr 
4. Carbon balance. ‘The carbon in the product gas hourly is 
(731/22.4)0.657 = 21.4 kg atoms 
or 257 kg. The total combustible matter in the coke fired hourly is 
935(1 — 0.112 — 0.222) = 623 kg. This combustible matter doubtless 
contains very little combined oxygen but consists predominantly of car- 
bon and net hydrogen. However, the amount of these two accounted for 
in the product gas is only 257 + 14.2 = 271 kg, which is only 
100(271/623) = 43.5% 


of the combustible in the fuel fired, leaving 56.5% of the original com- 
bustible unaccounted for, 
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It will be noted immediately that this fraction of combustible unac- 
counted for is substantially the same as the corresponding figure for ash 
disappeared. Granting even reasonable dependability of the data, one is 
forced to the conclusion that more than half the coke fed remains unburnt, 
presumably being blown over as dust, not recycled down pipe 14, but 
carried over into 16 and either washed out in the cooling water through 19 
or perhaps accumulating, at least in part, in the gas-washing system of 
the equipment. 

5. Nitrogen balance. 


Net gas feed, | Mols 





cum 
258 ; so OBC = 0.575 mol N2 per hour in as impurity with O, 
22.4 
Gas out, Mols 
cum 
731 0.039 


= 1.27 mols Ne per hour out 
22.4 


The difference between these two quantities, 0.695 mol N» per hour, might 
conceivably come in as air sucked in through the interstices of the solid 
fuel entering through feed hopper 9. Such an effect would decrease the 
net hydrogen calculated above by about 11%. The discrepancy between 
nitrogen input and output, large though it is percentagewise, is probably 
due to the uncertainties of the nitrogen figures in the analyses and is with- 
out significant influence on the major over-all conclusions reached. 

6. Heat balance. The inner consistency of the data can be further 
tested by an energy balance on the operation. Since no information is 
given on the energy effects in the gas-cooling and -washing steps, the bal- 
ance must be restricted to the producer itself, together with the dust- 
recycling unit, z.e., to those parts of the equipment shown in the drawing 
which lie to the left of pipes 15 and 26. In doing this, one must remember 
that the gas-synthesis rate in this part of the unit is the net gas-production 
rate, 731/22.4 = 32.6 kg mols/hr. In contrast, the dry gas through pipe 
15 is 989/22.4 = 44.1 kg mols/hr. Meanwhile, the water entering the 
unit is 40 kg or 2.22 mols/hr as injector steam plus 0.112(935) = 104.7 kg, 
or 5.81 mols/hr in the coke. This neglects water vapor in recycled gas or 
oxygen feed. Subtracting water decomposed, 3.5 mols, from the sum of 
these two, gives the water vapor accompanying the dry gas through pipe 
15, or 4.53 mols per hr. Base (ambient) temperature is assumed to be 
20°C. Unburnt combustible going through pipe 15 is 623 — 271 = 352 
kg. Assuming thorough coking of the dust blown out of the unit, owing 
to its high temperature, this quantity is substantially carbon. Its aver- 
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age specific heat over the temperature range in question (20 to 960°C) is 
about 0.4. The specific heat of the ash is assumed to be around 0.2. 

Except for the very minor quantity of heat brought into the system by 
the steam as sensible and latent heat, the whole energy input is in the 
form of undeveloped potential heat of chemical reaction between the 
components of the materials fed. One could charge the system with the 
energy equivalent to total combustion of all the fuel fed, even though the 
oxygen fed is insufficient to achieve this; one would then credit the system 
with unburnt or partially burnt combustible leaving it. Since a large 
part of the combustible is completely unburnt, a convenient alternative 
is to ignore its potential chemical energy entirely, and this will be done. 
One could even debit the operation with the energy release which would 
result were all the oxygen fed converted to complete products of combus- 
tion, CO, and H,.O, but instead the unit will be charged only with the 
chemical heat actually released in it. This is done in Table 5-2. For 
heats of reaction, see Table 3-4 on page 76. Enthalpies of vaporization 
and of high-pressure steam are from the steam tables. 


TaBLe 5-2. Eneray BALANCE ON WINKLER GAS PRODUCER 
Heat contents above 20°C, water uncondensed 








Heat input: 
Heats of chemical reactions Kcal 

aera LOT DOU IE © oe ark obi se era ee eee ees Baus Fo 433 ,000 
PAD Ma OMIIG AO AMIO MoE abi ldwtll Sidwiels LVF .1F2 PK Cas 478,000 
EEE Mi eet I LS hee MNO) Seek fais Sich vain sie WeatanialS cutee whys oa 10,000 
PT ROT aC) sie AO OO) odd cup Guns: 00 mW on lo bone 0 wis yee * — 203 ,000 
ST VELA ee ee ee en ee a ee 718,000 
Sensible heat in injector steam, (2.22)(8.4)(400 — 20)... 7,000 
UPOMVIN BAU TRUE tei as ean oe the vib pb ow 200 eats 725,000 

Heat output (sensible and latent heats): 
Dry producer gas, (44.1) (8.05)(960 — 20)............05-- 334,000 
H.O, (4.53) (9.1) (960 — 20).......5.. nee secwceeccccenes 39,000 
Ash, (208) (0.2) (960 — 20).........-. cece cece eee eeeceees 39 ,000 
Carbon, (352) (0.4) (960 — 20).............- cece reece eee 133 ,000 
Latent heat supplied to water in coal, (104.7)(586)...... 61,000 
Losses, radiation, and unaccounted for.........--+++++- 119,000 
tal Neat OUP bey. Fee ne oe ele ek ewig wis tle ewe 725 ,000 


Of the heat output, by far the largest part is sensible heat in the gas 
and dust leaving the cyclone 13. Because specific temperatures were not 
available, this sensible heat has been estimated by taking the temperature 
at the cyclone outlet to be the same as the temperature in the bed of fuel 
in the producer itself. There will be some difference between these tem- 
peratures because of wall losses from the top of the producer and the 
cyclone and also because some of the steam- and carbon dioxide-reduction 
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reactions certainly occurred in these parts of the unit, causing correspond- 
ing heatabsorption. Hence, the sensible-heat items are somewhat too high 
and the heat unaccounted for is correspondingly too low. Viewed in this 
light, this heat balance looks reasonable, and examination of it indicates 
that, other than as just pointed out, the approximations assumed in 
making it are unlikely to have influenced it seriously. In other words, the 
energy relationships confirm the general validity of the data. 

7. Equilibrium relations. Still another test of inner consistency can 
be applied to these data. It is well recognized that high-temperature 
gases containing carbon monoxide and water vapor adjust their com- 
positions according to the reaction CO + H,0 = CO, + Hz At com- 
bustion temperatures this reaction is so rapid that equilibrium is closely 
approached, especially if the gases are in contact with hot solid surfaces, 
which catalyze the reaction. This equilibrium relation can hence be 
used to test dependability of furnace data on operations involving incom- 
plete combustion. For dependable use the gas sample must be with- 
drawn from the high-temperature zone and quenched rapidly to a low 
temperature where the reaction rate is negligible, so as to ‘‘freeze”’ the 
proportions of the gases, 7.e., to prevent the reaction from going to the 
right, owing to the effect of temperature in shifting the equilibrium pro- 
portions. Because of the relatively slow cooling that undoubtedly 
occurred in pipes 12 and 15 and in separator 13, one would expect the 
composition of the gas to correspond to the equilibrium of this so-called 
water-gas reaction at a temperature definitely below that in the bed of the 
producer 1. It is desirable to apply this test, even though it can be only 
approximate, because of the fact that the rate of change of the equilibrium 
proportions with temperature is low. 

Because the number of gaseous molecules on the two sides of the reac- 
tion equation is the same, one can use either the number of the gaseous 
mols or the partial pressures of the individual gases when using the 
equilibrium constant. In this case, the former is more convenient. The 
analysis of the dry gas through pipe 15 is the same as that through pipe 
23, and the number of mols of CO2, CO, and Hz per 100 mols of that dry 
gas can be taken from the product-gas analysis as given. However, the 
mols of dry gas hourly through 15 are 44.1, and of steam, 4.53. 
Hence the steam per 100 mols of dry gas is 4.53/0.441 = 10.3. Hence 
the value of (COz)(H2)/(CO)(H20) = (13.7) (29.5) /(50.6) (10.3) = 0.78. 
This value for the equilibrium constant corresponds to a temperature of 
about 890°C, again confirming the general dependability of the data. 

The outstanding discrepancy about the data from the point of view of 
what one would consider a satisfactory operation is that apparently 57% 
of the fuel fired is blown out of the unit ungasified. Despite the con- 
sistency of the data as a whole, one should note that this discrepancy 
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depends upon a single item of the numerical quantities reported, namely, 
the figure for the coke fired per hour, 935 kg. For example, had this 
quantity been reported as 435 kg/hr, 7.e., changed thus in a single digit, 
the whole test would have been looked upon as a model of agreement and 
compatibility of engineering data and as a gas-producer operation giving 
unusually low loss as ungasified combustible.! 

Study of the calculations will make it clear that the use of the higher 
figure indicated by the data as possible for the kilogram-mol volume at 
standard conditions, 23.9 cu m, will not change results sufficiently to 
modify the general conclusions drawn. 

This problem illustrates the point that, by proper analysis of numerical 
data which are available on a plant or operation, one can frequently 
develop conclusions and bring out important information which, for one 
reason or another, were not stated in the original disclosure. 

Water-gas carburetion. Coal or coke can be converted easily into 
so-called blue water gas, a mixture containing predominantly carbon 
monoxide and hydrogen. The heating value of this gas is too low for 
economical distribution over wide areas, but it can be increased by means 
of carburetion. 

Illustration 6. The Gas Investigation Committee of the British 
Institution of Gas Engineers? reports a careful test on a water-gas set in 
which the oil used showed by ultimate analysis 85.7% C, 12.7% H, and 
0.5% S. The rest, 1.1%, may be assumed O. They found that the tar 
and emulsions removed from the carbureted gas contained 20.5% of all 
the C in the oil used, and the analyses of the dry tars averaged 91.2% G 
6.2% H, and 1.2% §, leaving 1.4% O by difference. The blue gas was 
6.1% COs, 0.1% Oz, 38.3% CO, 50.9% Ha, 0.5% CHa, and 41% Ne. 
The carbureted water gas was 5.2% CO:, 5.8% illuminants, 0.1% Oz, 
34.9% CO, 38.1% Hz, 10.3% CHa, and 5.6% Nz. From these data, 
compute the pounds of carbon per 1000 cu ft of the final product which 
came from the oil and the volume of blue gas used (volume at standard 
conditions, which in the British gas industry correspond to a pound- 
molecular volume of 385.5 cu ft). 

Solution. On a basis of 100 lb of oil, the C in the tar was 


0.205(85.7) = 17.57 |b 


With this was 17.57(6.2/91.2) = 1.19 lb of H, 0.23 lb of S, and 0.27 |b of 
©. The difference, z.e., oil gasified in one way or another, is 68.13 lb of C 
(5.68 atoms), 11.51 lb of H, (5.71 mols), 0.27 lb of S (0.01 atom), and 0.83 


That in fact the commercial Winkler unit operated substantially as the figures in 
the patent show is brought out by L. L. Newman, Ind. Eng. Chem., 40, 564 (1948). 


2Gas J., 158, 815 (1922). 
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lb of O (0.05 atom). Neglecting sulfur, the net He is 5.66 mols. Hence, 
it appears safe to assume that carbon and net hydrogen go into the gas 
from the oil in the ratio of 5.68 C/5.66 He. 


Basis: 100 mols blue gas. 


Atoms C | Atoms O| Mols Hz 














GO gee ee tee ic ae (Teal 12:2 
On Sree oe. 0.2 
OO. sie ees 38.3 38.3 
Hoge car eneretuc ore tes hae syaphs 50.9 
G1 scene eee ee 0.5 1.0 
Ned cocks peer ee beeen 

LOCAL Scacchi ae ere a 44.9 50a 51.9 
OO te Ng oes sane deat eke shoes tk ee 2.2 
O = steam decomposed, :.. i155 cele eee 48.5 48.5 


Net H. ee Sr OO Orr co A RR eo setae Shere 

















Mols Atoms C | Atoms O | Mols H, 

CO ie. Pe eee 5.2 5.2 10.4 
C3He. 5.8 17.4 1. a 17.4 
Ons hb; pace raed See aes Oe ae 0.2 
I aca Bi Me a 34.9 34.9 34.9 
Tg are ae One arene 38.1 38.1 
Egret cc wits oe creo 10.3 10.3 20.6 
Nereus 5.6 

ORAL Te oe eh ey Bees 100.0 67.8 45.5 1001 
O => N2 Bas tae wisi Wee Win raya es ale als. CoP & cig et etere ane ate ere + sel) 
O ='steam decomposed............).4......4! 42.5 42.5 
Net H, ee RS Oe et a i ee ear oh yg ee oe ies 33.6 


ee eee ee ee ee) 


Call x the mols of blue gas and y the atoms of carbon in the product 
from the oil per mol of carbureted water gas. Setup (1) a carbon balance 
and (2) a net hydrogen balance, in each case equating the amount of the 


element in the blue gas plus that coming from the oil to that in the car- 
bureted water gas. 


C balance: 0.4492 + y = 0.678 

Net H» balance: 0.0342 + (5.66/5.68)y = 0.336 
y = 0.309 atom C = 3.71 1bC 
x = 0.822 mol blue gas 
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This, however, is for 385.5 cu ft. Hence, for 1000 cu ft the carbon from 
the oil is 3.71(1000/385.5) = 9.61 lb. Similarly, the blue-gas consump- 
tion is 822 cu ft per 1000 cu ft of product. 

By entirely different measurements and methods the committee found 
9.38 lb of C from the oil and 840 cu ft of blue gas. 

This test was conducted at a carburetor temperature of about 1330°F. 
This is lower than the practice in many American plants. With higher 
temperatures, tar formation is less. Above 1400°F it is probably not far 
in error to assume as a first approximation that 90% of the C and 95% of 
the net H of the oil go into the gas. Of the remainder, however, some 
does not show up as tar but is burnt out during the air blow. 

Illustration 7. A committee report of the American Gas Associa- 
tion! gives the following data: blue gas, 5.0% COsz, 0.3% Oz, 38.9% CO, 
51.6% Ho, 2.5% CHa, and 1.7% Nz; finished gas, 4.1% COs, 10.1% illu- 
minants, 1.0% Os, 28.5% CO, 31.9% He, 14.7% CHa, and 9.7% Nz. 
While they do not give the ultimate analysis of the oil, it was a mid- 
continent stock with a specific gravity such that it probably contained 
very nearly 6 lb of carbon and 0.86 lb of net hydrogen per gallon. From 
these data and the assumption of the preceding paragraph, compute 

1. Gallons of oil used per 1000 cu ft finished gas 

2. Cubic feet of blue gas per 1000 cu ft finished gas 

3. Per cent of carbon present as oxides in the finished gas that entered 
as oxides in the blue gas 

Solution. The carbon entering the product from the oil is assumed 
to be 90% of 6 lb = 5.4 lb = 0.45 atom C and the hydrogen, 95% of 
0.86 lb = 0.817 lb = 0.405 mol He. 


Basis: 100 mols blue gas. 


ee 


Mols Atoms C | Atoms O | Mols He 














Th ae. aaa 5.0 5.0 10.0 
1 aha ne ee 0.3 ater 0.6 
Cae her ees eS ae P 38.9 38.9 38.9 
oh en eee 51.6 te 51.6 
1 A i er soe 2.5 2.5 a 5.0 
Det Ne eM ee aa cpundisgi in arbiieg Aig ioe 

Total 100.0 46.4 49.5 56.6 








1 Am. Gas Assoc. Proc., 1923, p. 1038. 
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Basis: 100 mols finished gas. 




















Mols Atoms C | Atoms O | Mols He 

COO Sac ae tae aes 4.1 a 8.2 
GH ees ete es 10.1 30.c54| eee 30.3 
One eo ew a ee 1.0 ee 2.0 
CO Be eer aes Bee 28.5 28.5 28.5 
Hy bettas. Ae, eee 31D cabal ee eg Mepereaent 31.9 
G8 biree  heree ey Wa tl ne 14.7 A ee ee 29.4 
ee 9.7 

“Totes, eamaca. eke aarti ee ae 100.0 77.6 DOL 91.6 
O > N2 Se re ne ee eT Pe pid oe Cie rrs Ber a Let lis: 
Oi steam decomposed ac ars 5 homies. ee 33.55 | 33.55 
Net Us: ccc tec. Se ae Bhan ee i ea ees Se ee 58.05 
ae SS ee ee eee 


On the basis of 1 mol of finished gas: 


x = mols of blue gas 
y = gallons of oil 


C balance: 0.4642 + 0.45y = 0.776 
Net H: balance: 0.08% + 0.405y = 0.5805 
x = 0.353 y = 1.36 


Since, in American practice, the pound-molecular volume is 380 cu ft, 
the oil per 1000 cu ft of product is 1.36(1000/380) = 3.58 gal. The 
direct measurements of the committee showed 3.69 gal, a difference of 3%. 
The blue gas per 1000 cu ft of product is obviously 353 cu ft. This blue 
gas contained 5.0 + 38.9 = 43.9% of carbon oxides, or 155 cu ft per 
1000 cu ft of finished gas. Since the finished gas contained 


4.1 + 28.5 = 32.6% = 326 cu ft 


of oxides of carbon per 1000 cu ft of product, 100(155/326) = 47.5% of 
these entered as blue gas. The rest were formed in the carburetor or 
superheater by reaction of the excess steam from the generator. The 
steam probably interacts directly with hydrocarbons, but stoichiomet- 
rically the process can be considered as water-gas formation with carbon 
deposited by cracking. This phenomenon is much more marked in this 
case than in the previous one, because of the higher temperature and the 
correspondingly higher reaction rate. This decomposition of steam dur- 
ing carburetion is a decided factor in lessening tar formation. 

If, in using this method, net hydrogen in the coke could be neglected, 
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or if, as is frequently allowable, it is possible to assume the value of the 
ratio of (net H2)/C in the generator fuel as consumed during the steam 
blow, it is not necessary to analyze the blue gas, but the ratio of carbon 
from blue gas to carbon from oil can be computed, using only the analysis 
of the finished gas and of the oil corrected for tar. Were there no net 
hydrogen in the coke, all net hydrogen in the product would come from 
oil alone; hence, this would be computed accurately from a net hydrogen 
balance. The net hydrogen in the generator fuel is only a minor correc- 
tion, and hence the computed oil value is quite dependable. The quan- 
tity of blue gas is computed from a carbon balance by difference and is a 
much less accurate figure. 

Water-gas re-forming. Catalytic conversion of water gas to hydro- 
carbon gas has been suggested as one possible alternative to carburetion. 
The sort of reactions that occur in the synthesis of secondary fuel of this 
type are indicated in the following problem. 

Illustration 8. Haslam and Forrest! took a blue water gas averaging 
1.6% COs, 0.5% Or, 35.2% CO, 51.9% Ho, 0.8% CHa, and 4.0% Ne and 
passed it over 10 g of nickel catalyst supported on 20 g of kieselguhr brick 
(14g in. down to 10 mesh; bulk density, 0.77) at a temperature of 335°C at 
a rate of 120 ml/min (d.s.c.). The effluent gas was 43.8% COs, 0.2% 
CO, 46.2% CHa, 6.0% He, and 3.8% Ne. Over a 28-hr period, no loss in 
catalyst activity was detectable. Lower gas velocity gave no further 
conversion, but conversion began to drop off at higher flow rates. Exam- 
ination of the catalyst after the completion of the series showed no deposi- 
tion of carbon. What conclusions can one draw from these data? 

Discussion. The first thing to do is to break down the data in the 
usual way and then see what information can be procured from element 
balances. 


Basis; 100 mols of inlet gas. 




















1R. T. Haslam and H. O. Forrest, Gas Age-Record, Nov. 17, 1923. 
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Basis: 100 mols of outlet gas. 


Atoms Mols Atoms 








Gas Mols C H, 0 
1G Pee Ae = te er 43.8 43.8 87.6 
COS ae rte. On2 OFZ 4 0.2 
GHL Are aaa 46.2 46.2 92.4 
Hg) PEL. 6.0 6.0 
Nook ease Bs! 
Totals eee 100.0 90.2 98.4 87.8 











Since no carbon was deposited on the catalyst, the relation between the 
two gases can be obtained by a carbon balance. A nitrogen balance can 
also be employed. Neither a hydrogen balance nor an oxygen balance 
can be used directly because of the probability of water formation by the 
water-gas shift reaction, CO. + H, = CO + H.0. By acarbon balance, 
the volumetric ratio of dry inlet gas to dry outlet gas is 90.2/43.6 = 2.07. 
On the basis of 100 mols of the inlet gas, 7.e., 43.6 atoms of carbon entering 
the reactor, the hydrogen in the leaving gas is 98.4(43.6/90.2) = 47.5 mols 
H, and the corresponding oxygen is 87.8(43.6/90.2) = 42.4 atoms. In 
other words, the hydrogen in the leaving gas as analyzed is less by 


53.5 — 47.5 = 6.0 mols 


than the hydrogen in the entering gas, and the corresponding decrease in 
oxygen is 51.4 — 42.4 = 9.0 atoms. Under the existing circumstances, 
practically the only possibility of reducing the amount of these two 
elements in the gas is by water formation, which, of course, would not 
show up in the dry-gas analysis. If this be the explanation, the ratio of 
mols of hydrogen to atoms of oxygen disappearing should be unity rather 
than the 6.0/9.0 = 0.67 found above. ' 

The discrepancy may be due simply to errors in the gas analyses. 
However, there probably is no oxygen as such in the inlet blue water gas 
as it leaves the bed of the producer. If this reported oxygen be ignored 
as an error, the decrease in oxygen drops from 9.0 to 8.0, raising the ratio 
of molecular hydrogen to atomic oxygen disappearance to 0.75. 

A disturbing thing about the analyses is the fact that the nitrogen con- 
tent of the exit gas is actually a little less than that of the entering gas, 
despite the fact that the carbon content has nearly doubled. On the 
basis of a carbon balance, the volume of exit gas should be about half that 
of the entering gas and the percentage of nitrogen in the exit gas corre- 
spondingly nearly double that in the entering gas. Another way of say- 
ing the same thing is to get the volumetric ratio of the two gas streams by 
a nitrogen balance. On this basis the ratio of dry inlet gas to dry outlet 
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gas is 3.8/4.0 = 0.95, in contrast to the ratio 2.07 calculated above by a 
carbon balance. 

While the nitrogens are small and analytical errors tend to accumulate 
in them, the discrepancy between the two values seems too large to ignore. 
Since the entering-gas analysis shows a relatively high content of Os, it is 
possible that both the oxygen and the nitrogen in this gas may be due to 
an air leak into the blue-gas sample prior to analysis. Haslam and 
Forrest did not give details of sampling, but if such a contamination with 
air is assumed, not only should the 0.5 O2 be eliminated (as has been 
already done above), but the N2 of the blue gas itself as fed to the catalyst 
unit should be reduced by 0.5(79/21) = 1.9 mols, leaving 4.0 — 1.9 = 2.1 
mols N» actually in the blue gas. This makes the ratio of blue gas (as 
actually analyzed) to product gas 3.8/2.1 = 1.81 when calculated by a 
nitrogen balance, as compared with 90.2/43.6 = 2.07 by a carbon balance. 
How well these ratios check is seen from the fact that, were the N» in the 
blue gas as analyzed high by an absolute amount of 0.3%, so that its 
actual N2 content were 3.7 % instead of 4.0%, this ratio from the nitrogen 
balance would exceed that from the carbon balance.! It is obvious that a 
check of this sort does not prove that the elementary oxygen reported in 
the blue-gas analysis was due to air contamination in sampling, but it 
makes one decidedly suspicious that this may have been the case. 

Discrepancies of this sort in gas analytical data are common and can be 
minimized only by extreme care in analytical techniques. Despite the 
discrepancies, the magnitudes of disappearance of hydrogen and oxygen 
just calculated are sufficient to justify the conclusion that in the reaction 
here recorded significant conversion to water vapor of hydrogen and 
oxygen in the entering gas occurred in the operation. 

Further inspection of the data makes it clear that the methane syn- 
thesized is formed stoichiometrically by the reaction of most of the orig- 
inal carbon monoxide with hydrogen. It is equally obvious that the 
oxygen thus replaced went either to CO: or to water vapor or both. The 
above calculations show that it went predominantly to form CO:. How- 
ever, there are two possibilities as to the primary reaction, neither of 
which, on first view, seems more plausible than the other. These are 


2CO + 2H; — CO. + CHy (A) 

and 
CO + 3H. — CH, + H.20 (B) 
the water vapor of the second reaction being transformed to COz by reac- 


1 In other words, in a case such as this the nitrogen balance as a method of evaluating 
the ratio of entering to exit gas is undependable because, in view of the analytical 
method employed, there is likely to be a considerable fractional error in the per cent 
nitrogen as determined. 
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tion with some of the remaining CO by the water-gas shift, 
CoO + H.0 — CO, + H, 


What light do the data throw on the problem of reaction mechanism? 

It should be completely clear that the material balances themselves can 
throw no light whatever on this question. The equality of output to 
input is independent of reaction mechanism and reaction path. It is 
equally true that the over-all energy balance cannot serve for the solution 
of the problem. The next relationship to which one can turn is that of 
reaction equilibrium. The equilibrium constant of the water-gas shift is 
obtainable from Fig. 3-14. At the temperature in question, 335°C, it is 
seen from Fig. 3-14 that the equilibrium ratio, (CO2)(H2)/(CO)(H:20), is 
approximately 25. The ratio calculated from the analytical data of the 
problem is (48.8) (6) /(0.2) (6.0) (2.07) = 106. 

The gas mixture leaving the catalyst is apparently not in equilibrium 
from the point of view of the water-gas shift. It contains more CO, and 
hydrogen in relation to the CO and water vapor than would correspond 
to equilibrium. This can be explained on the assumption that the pre- 
dominant primary reaction involves formation of CO. rather than of 
water vapor and is therefore reaction (A) rather than reaction (B). 
Were water vapor the primary product, the actual gas composition should 
lie on the other side of this equilibrium, 7.e., the value for the equilibrium 
ratio calculated from the analytical data would be less than 25. 

In drawing this conclusion one must keep in mind the fact that small 
changes in gas analyses can make large changes in equilibrium ratios com- 
puted from those analyses. No firm stand should be taken on this matter 
without the study of far more data than have been given in this illustra- 
tion. The fact that the equilibrium ratio is very sensitive to small dif- 
ferences in gas composition can be made clearer by the following different 
approach. 

Assume that the oxygen shown in the analysis of the inlet gas is due to 
air leak in connection with the sampling operation. Assume also that 
this inlet gas is passed over a catalyst at 335°C, sufficient in amount to 
give the same conversion of total carbon to methane shown in Illustra- 
tion 8, but a catalyst of a character such that the re-formed gas leaving 
the catalyst bed will conform to the equilibrium of the water-gas shift 
reaction at bed temperature. Calculate the composition of outlet gas 
that would be obtained. 

Take as a basis 100 mols of the inlet gas as analyzed, 7.e., 43.6 atoms of 
carbon, 53.5 mols of hydrogen, 50.4 atoms of oxygen, and 2.1 mols of nitro- 
gen. Call the resultant mols of CO. = «, CO = y, CH, = z, H.0 = U, 
and H, = v. By carbon balance, x + y + 2 = 43.6. By hydrogen bal- 
ance, 22 +u+v = 53.5. By oxygen balance, 2a + y+u= 50.4. 
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Since the conversion of carbon to methane is to be the same as in IIlustra- 
tion 8, z/(x + y) = 46.2/44.0. The water-gas equilibrium requires that 
xv/yu = 25. Solving, 


Gie-2l.1) OF 45.5% CO. 
y= 0.094 “ 0.2% CO 
fteastoo 47.9% CH, 
y= 0.878 “ 1.9% He 
1. rae a 4.5% Neo 
Total = 46.58 “ 100.0% 


Only the hydrogen differs by more than 2% from the analysis of Haslam 
and Forrest. 

Methane Re-forming. The equilibrium relations summarized in 
Fig. 3-14 play an important role in processes designed to effect the partial 
oxidation, or ‘‘re-forming,”’ of natural gas with steam or oxygen to pro- 
duce hydrogen and oxides of carbon,' 7.e., the reversal of the reactions of 
the preceding illustration. Data on the reaction, 


CH, = C (graphite) + 2H». 


have been reviewed by Austin and Day.? The values recommended by 
them are given in Table 5-8. In combination with Fig. 3-14, these data 
are a useful guide in re-forming operations. 


TaBLE 5-3. METHANE-HypROGEN-GRAPHITE EQUILIBRIUM 














Temp.,|  Pix,/Pcn, Temp., Pix,/PoH. 

GC in atmospheres eG in atmospheres 
400 0.071 800 20.0 

450 0.166 850 31.6 

500 0.427 900 47.9 

550 1.00 950 70.8 

600 2.14 1000 105 

659 3.98 1050 141 

700 7.24 1100 190 

750 1256 1150 257 








Illustration 9. Finely divided nickel supported on alumina gel is a 
superlative catalyst for the conversion of methane gas into its elements. 
It is also an excellent catalyst for the water-gas reaction (interaction of 
CO., Hz, CO, and H,0). If a mixture of methane and steam is passed 
over this catalyst, it is ‘‘re-formed”’ into hydrogen and oxides of carbon. 
The probable reaction mechanism is the following: The methane is first 


1 So important in synthetic ammonia production (Chap. 7), etc. 
2 J. B. Austin and M. J. Day, Ind. Eng. Chem., 38, 23 (1941). 
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broken down into hydrogen and carbon. This nascent carbon is extraor- 
dinarily reactive either with hydrogen to re-form the methane or with 
steam or CO: to reduce these gases. If, however, the nascent carbon 
persists for even a short time, under conditions where more nascent carbon 
is being formed, it agglomerates into larger aggregates of carbon of far 
greater stability and lower reactivity than the original. Once this occurs, 
the activity of the catalyst is killed, so that in any practical operation this 
development must be avoided. This particular catalyst has no signif- 
icant tendency to catalyze the formation of hydrocarbons higher than 
methane. 

It is desired to use this catalyst for the re-formation of methane by 
mixing the hydrocarbon with steam and passing it over the catalyst at 







Product 


CH, (2% of input) 

CO2 (equivalent to 
94% conversion) 

co 

Ho 

H20 (excess ) 


FIG. 5-4. Methane re-forming. 











H20 required 
for reaction 


Excess H20 


Catalyst chamber 








atmospheric pressure under conditions chosen to give, if at all practicable, 
a 98% total conversion of the initial methane and 94% conversion of 
it to COs. What operating conditions are necessary to meet these 
requirements? 

Discussion. The sketch of Fig. 5-4 will aid in visualizing the process. 

Choose a basis of 100 mols of CH, feed. On this basis, CH, in the 
product is 2 mols, CO, is 94 mols, and, by carbon balance, CO is 4 mols. 
From a balance on oxygen, it is found that 192 mols of H.O are consumed 
in the reactions. A hydrogen balance discloses that H, in the product is 
388 mols. Thus, the only operating conditions remaining to be specified 
are the temperature and the mols of excess HO. 

With a catalyst as active as is nickel in this case and a reactor designed 
to take full advantage of its reactivity, one can assume that the gases in 
the product are in substantial equilibrium with each other at the exit 
conditions. At any temperature the equilibrium constant K 1 for the 
reaction CH, + 2H.O = 4H, + CO, can be obtained as the product 
of the constants Ky and K; for the reactions CH, = C + 2H, and 
2H2:0 + C = 2H: + COs, provided the two forms of carbon in the last 
two are identical. The multiplication of the constants is equivalent to 
elimination of the carbon from the last two equations by adding them. 
Figure 5-5 gives the values of K, thus calculated from the Austin and 
Day values for Ks and those for K; from Fig. 3-14. 
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FIG, 5-5. 
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Determination of the equilibrium temperature and amount of excess 
steam is now a matter of trial and error. A satisfactory check is obtained 
when it is assumed that the excess steam is 17 mols per 100 mols of CH, 
feed. The temperature determined from either K,; or K; is approxi- 
mately 1050°C. 

The matter of carbon deposition remains to be checked. At 1050°C, 
according to the figures of Austin and Day, the value of pj,,/poy, in a 
mixture in equilibrium with graphite is 141. In the gases produced by 
the re-forming operation, the actual value of 


Diz,/Pou, = (888)?/(2)(2 + 94 + 4 + 388 + 17) = 149 


This means that the composition of the exit gases does not fall within the 
region of carbon deposition. At first thought, it looks as though the 
margin of safety were extremely slim. However, one must not overlook 
the facts that carbon deposited by gas reactions at temperatures as low 
as this is never graphite, but is always in forms predominantly amorphous 
in character, and that these amorphous carbons are always much more 
active chemically than graphite. This is equivalent to saying that the 
value of K2 for Hz and CH, in equilibrium with carbons having activity 
higher than graphite will be less than the value for graphite. In other 
words, the margin of safety against carbon deposition is definitely greater 
than the difference between 149 and 141 would indicate. 


PROBLEMS 


1. The following analyses of experimentally made producer gases are available. 
In each case compute the pounds of net hydrogen in the gas per pound of carbon 
gasified, and state your opinion as to the probable nature of the fuel employed. Com- 
pute also for each case the pounds of water decomposed per pound of carbon gasified. 
In the light of the data and the results of your calculations, what is your opinion of 
the operation of each producer? 











1 2 - 3 4 

Bone & | Bone & | U.S. Bur. | Am. Gas : 

Wheeler | Wheeler Mines Assoc. Haslam 
, 9 ee an re 6.3 13.25 12.4 5.8 11.03 
ater ta wiles ee) Pe, eee ie 0.3 0.75 
COM mes 2527 16.05 14.0 26.0 20.35 
Fis} ts Me, 2 € 16.8 22.65 13.8 12.1 15.63 
Lis Biman ns 3.35 3.50 1.2 0.5 0.11 
INS ete etree 47.85 44.55 58.6 55.3 52.13 








a el ee 
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2. A gas producer yields a gas containing 8.0% CO», 16.3% Hz», 20.6% CO, 1.0% 
CH,, and 54.1% N». The coal fired contains 70.0% C, 3.5% moisture, 7.5% ash, and 


negligible N and §. Tar formation can be neglected. Calculate the following 
quantities: 


(a) Cubie feet of gas produced (d.s.c.) per pound of coal fired. Ans. 70.7. 
(b) Cubic feet of air used (d.s.c.) per pound of coal fired. Ans. 48.4. 
(c) Pounds of steam decomposed per pound of coal fired. Ans. 0.278. 
(d) Ultimate analysis of the fuel. Ans. 6.22% H, 16.28% O. 
(e) Pounds of steam decomposed per pound of fuel fired in excess of that brought 
in by the fuel itself. Ans. 0.095. 


3. The coal of the preceding problem has a heating value of 12,500 Btu/lb. The 
air enters the producer at 70°F with a pressure of 18 mm of water vapor. The 
barometer is 748 mm. The gas leaves the producer at 600°C, and its dew point is 
120°F. 

(a) What per cent of the heating value of the fuel appears as available heat of com- 
bustion in the gas, if the products of its combustion are cooled to room temperature? 

Ans. 77.1%. 

(b) Per pound of fuel fired, how many Btu are supplied to the producer as steam? 
Assume that the temperature of the boiler feedwater is 70°F and that the steam is 
dry and saturated at barometric pressure. Ans. 560. 

(c) If one assumes that all the water in the fuel is driven off as such and that the 
moisture in the entering air is decomposed in the same proportion as the steam, what 
per cent of the steam supplied is decomposed in the producer? Ans. 49.1%. 

4. A coke-fired gas producer yields a gas containing 8.1% COs, 23.3% CO, 5.9% 
Hy,, 0.2% CHa, and 62.5% No, as shown by Orsat analysis. The coke contains 78.1% 
C and 3.0% moisture, and the steam used amounts to 0.52 Ib per pound of coke. Cal- 
culate the following quantities: 

(a) Cubic feet of wet gas at 500°C and normal atmospheric pressure per pound of 
coke fired. 

(b) Cubic feet of dry air at 85°F and normal atmospheric pressure per pound of 
coke fired. 

(c) Per cent of steam input decomposed in the producer. Assume that the mois- 
ture in the coke is driven off without decomposition. 

(d) The higher heating value of the total gas produced, expressed as a percentage 
of the higher heating value of the total fuel fired. 

5. Haslam and co-workers! studied the effect of certain major operating variables 
on the performance of a gas producer. In all tests they used anthracite of the follow- 
ing analysis: 2.35% moisture, 7.70% volatile matter, 76.55% fixed carbon, 13.40% 
ash, 78.84% C, heating value 12,690 Btu/lb. Each test was a batch operation in that, 
just before the test in question, the producer was charged to the desired depth 
of fuel with fresh anthracite and then blown with air sufficiently to bring even 
the top of the fuel bed to dull red heat. The rates of air and steam were then 
carefully adjusted and the unit allowed to operate for the short period of time 
necessary to bring it to steady state conditions. The gas samples were then taken 
and the other observations made. In the following table are found the data for six 
of the runs. 


1 R. F. Mackie and F. H. Reed, M. S. thesis in chemical engineering, Massachusetts 
Institute of Technology, 1925: Cf. R. T. Haslam, R. F. Mackie, and F. H. Reed, Ind. 
Eng. Chem. 19, 119 (1927); R. T. Haslam, J. T. Ward, and R. F. Mackie, Ind. Eng. 


Chem. 19, 141 (1927). 
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Run number 


1 2 3 9 10 103 
i r cent by volume: 

one tates ce vaee NCE Pic ei Oust 8.4 | 11.66} 4.73| 5.96; 6.19) 11.40 
ae ew kre ace cto k's “ake'ens ae thers pt oi a ara 0.8} 0.23) 0.21) 0.10} 0.10) 0.00 
SO soa: eo iesa in als yd Bh veto oar tad ee 21.2 | 16.15} 28.90} 26.65) 26.00} 19.40 
Ts oe: S sinnsthha ote wires aaa ee 7.9 | 6.67) 8.40) 10.56; 9.76} 16.00 
IN a Wa/sunia «Tee o aoe anita 4 eee ie ee 61.7 | 65.12) 57.76) 56.73) 57.79) 53.10 
Os FRA i ie Bie). nme ee Ty ol OO T UIT .O oun ee 0.16} 0.10 
Dry Birmidis (irri, cess on et eee 10.5 | 27.1 | 18.8 | 18.4 | 18.5 8.70 

Absolute blast pressure, mm Hg........ 760.7 |767.5 |755.8 |768.4 |765.9 |760.3 

Blast temperature, “F’....:...,.....--.|120.8 |lee.o |l2o.1 1126 123.8 |146.0 

Maximum fuel bed temperature, °F... ./1,900 |1,910 |2,390 |2,460 |2,400 |2,150 

Exit gas temperature, °F.............. 1,650 |1,320 |1,620 |1,900 |1,640 |1,350 
Fuel bed. thiekmesd, Tt. 3045 54+00..8c5 1.40) 1.75) 1.67) 2.66] 3.83} 2.60 





Calculate the following items for each run: 

(a) Mols of dry air fed per pound of carbon gasified. 

(b) Mols of water vapor in the gas per 100 mols of dry gas. Assume that the blast 
is saturated with water vapor. 

(c) Mols of water vapor in the gas per 100 mols of dry gas, calculated on the assum p- 
tion that the exit gas is at equilibrium with respect to the water-gas reaction. 

(d) Per cent decomposition of the steam. In this and succeeding calculations 
assume that the blast is saturated with water vapor. 

(e) Lower heating value of the gas, expressed as Btu per cubic foot of gas at 60°F 
and 30 in. Hg abs, saturated with water vapor. 

(f) Cold efficiency, defined as the higher heating value of the gas produced during 
the course of a run, expressed as a percentage of the higher heating value of the fuel 
consumed during the same period. 

(g) Heat loss by radiation, convection, and conduction to the surroundings, 
expressed as a percentage of the total heat supplied to the unit. Employ a base tem- 
perature of 60°F with water in the liquid state, 

6. A high-volatile coal containing 72.03% C, 8.98% H, 7.99% O, 1.38% N, 1.62% 
S, and 8.00% ash is fed to a gas producer. The entering air is at 27°C and practically 
dry, and the barometer is 753 mm Hg. Steam is supplied at the rate of 0.49 lb steam 
per pound of coal. The producer gas is carefully analyzed by the conventional Orsat 
technique and found to contain 5.68% COs2, 23.37% CO, 1.61% CH,, 28.94% Ho», and 
40.40% Ns. The partial pressure of water vapor in the gas is 30.2mm Hg. Examina- 
tion of the refuse indicates that it is substantially free of combustible matter. Cal- 
culate the following: 

(a) The mols of air supplied per pound of coal fired. 

(6) The per cent of the carbon fired appearing in the tar. 

(c) The composition of the tar. 

7. A gas producer is fired with a coal having the following ultimate analysis: 68.0% 
C, 6.5% H, 1.5% N, 1.2% S, 13.8% O, and 9.0% ash. The refuse is substantially 
free of both moisture and sulfur, but contains some unburnt carbon. The gas analysis, 
determined carefully in an Orsat apparatus with mercury as the confining liquid, is 
reported as 13.0% COs, 16.2% CO, 3.2% CH,, 23.0% H2, and 44.6% N>». Air enters 
the producer at 75°F with a partial pressure of water of 12mm. The barometer is 
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750 mm. The unit uses 0.95 lb steam per pound of coal fired. The gas leaves the 
producer at 560°C and substantially barometric pressure, with a partial pressure of 
water of 145 mm. 

(a) What is the volume of dry gas produced (measured at 32°F and 1 atm) per 
100 lb of coal fired? 

(b) Calculate the pounds of steam decomposed per 100 lb of coal fired. 

8. A gas producer is charged with a coal containing 75.6% C, 4.9% ash, and 3.0% 
moisture, with negligible nitrogen and sulfur. The resulting gas has the following 
average Orsat analysis: 9.8% COs, 0.2% C2H,, 18.4% CO, 12.9% Hoe, 3.1% CHy, 
and 55.6% Ne». The formation of tar, containing 12% water, is 190 lb per ton of coal 
used. The dry tar is composed of 88% C and 12% H. The refuse is thoroughly 
burnt. The air enters with a partial pressure of water vapor of 18 mm, while the 
barometric pressure is 750 mm. The gases leave the producer at 1300°F with a par- 
tial pressure of water vapor of 140 mm. Calculate the following quantities: 

(a) Cubic feet of producer gas (d.s.c.) per pound of coal fired. 

(b) Cubic feet of air (d.s.c.) per pound of coal fired. 

(d) Pounds of steam, as such, supplied to the producer per pound of coal fired. 

(e) Per cent decomposition of the steam. 

9. A pressure-type gas producer is being fired with a bituminous coal having a heat- 
ing value of 14,010 Btu/lb and containing 78.8% C, 6.6% ash, and 2.8% moisture. 
Coal from the same field is known to average 1.3% N and 0.2% 8. The analysis of 
the dry producer gas is 11.2% CO:, 16.9% CO, 1.1% O2, 17.1% He, 1.7% CHa, and 
52.0% Ne. Production of tar, averaging 10% water, is 80 lb per ton of coal fired. 
The dry tar contains 89% Cand 11% H. Soot (practically pure carbon) amounts to 
50 lb per ton of coal fired. The dry refuse contains 9% combustible, allcarbon. The 
temperature of the air is 75°F, and the partial pressure of water vapor in the air is 
8.8 mm Hg. The gases leave the producer at 1100°F. At atmospheric pressure a 
sample of the gases has a partial pressure of water vapor of 158mm Hg. The barome- 
ter is 755mm Hg. Calculate the following: 

(a) Ultimate analysis of the fuel. 

(b) Pounds of steam, as such, supplied to the producer per pound of coal fired. 

(c) Per cent of steam supplied that is decomposed in the producer. 

(d) Cubic feet of gas (d.s.c.) leaving the producer per pound of coal fired. 

(e) Cold efficiency, defined as the higher heating value of the total gas, expressed 
as a percentage of the higher heating value of the total fuel. 

10. The American Gas Association reports the following data obtained as the result 
of a test on a coke-fired producer in a Chicago plant (all gas quantities are at dry, 
standard conditions): 


Primary air, cu ft per pound of fuel............ 51.8 
Lr el ge a oe ek ey eer Normal 
Dew point of air blast, “F..... 2... +. +++a00+% 137 
Producer gas, cu ft per pound of fuel.......... 73.3 
Steam, Ib per. pound of fuel... se -se canes 0.646 
Steam, lb per pound of air..................-- 0.163 


Fuel and cinder analyses: 
Coke Cinder 


Moisture (as fired).........--++-eeeeereeeereeee 10.90 
Volatile combustible matter (dry basis).......... 1.88 
Fixed carbon (dry basis).....-.-.+e+eeeseeeeees 88 .27 9.97 
Ash (dry basis).........-++ssececeeeeeeecrreees 9.85 90.03 


Heating value, Btu/Ib (as | et Seen eeeE er 12,605 
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Producer gas: 5.8% CO, 0.3% O2, 26.0% CO, 12.1% He, 0.56% CH, 55.3% Nx A 
considerable portion of the fuel was in the form of fines. For each pound of coke 
fired, 0.12 lb of fines was blown out as dust in the producer gas and collected in a dust 
catcher on the gas line. The dust contained 1.7% moisture, 87.04% combustible mat- 
ter, and 11.26% ash. From these data calculate the steam supply in the air blast, 
expressed as mols of steam per 100 mols of dry producer gas, by five independent 
methods of computation, 7.e., using in each case some item of basic data or information 
not employed in any of the other methods of computation. 

11. The following questions refer to the gas producer of Illustration 5: 

(a) What would be the standard temperature of measurement of the heating value 
of the gas, if the determination were made on gas saturated with water vapor, rather 
than on dry gas, and the reported figure were the higher heating value? The lower 
heating value? 

(b) On the assumption that the excess N2 shown in the balance all came from air 
entrapped in the powdered coal fed as fuel, estimate the amount of air thus intro- 
duced, in cubic meters per hour, and the air velocity in feet per second through the 
feed pipe past the fuel. Assume that the reactor was operated under a slight suction 
to prevent the loss of producer gas. 

(c) What is the linear velocity in feet per second of the gases leaving the top of the 
reactor? Consider the linear velocity to be the volumetric flow rate divided by the 
cross-sectional area of the producer. 

12. A powdered coal, the average ultimate analysis of which is 78% C,5% H,1% N, 
negligible S, and 10% ash, is fed continuously into a deep bed of the powder up through 
which air is blown for its combustion. The mixing of the powder in the bed is sub- 
stantially perfect. The temperature of the bed is quite constant at 800°C. The coal 
is fed at a constant rate, and the solid residue is withdrawn continuously from the bed 
at a rate sufficient to maintain the amount of solid in the bed constant. The residue 
withdrawn contains 50% ash. The air is introduced at a rate such that its linear 
velocity upward into the bed after it has reached bed temperature but before any 
significant reaction has occurred is 0.8 ft/sec. Estimate the composition of the gas 
leaving the top of the bed and its linear velocity. 

13. A plant engaged in low-temperature carbonization has a battery of by-product 
coke ovens, which is fed with coal containing 3.13% moisture, 32.96% volatile matter, 
56.41% fixed carbon, and 7.50% ash as charged, with an ultimate analysis on the same 
basis of 74.99% C, 5.35% H, 0.90% 8, 1.49% N, 9.77% O, and 7.50% ash. The 
operation produces a gas the average composition of which after removal of HS is 
2.8% CO2, 0.6% Ox, 8.4% CO, 3.3% illuminants, 47.3% He, 25.2% CH,, 1.0% CoH, 
and 11.4% Ns. The illuminants may be assumed to be propylene. The tar produced 
amounts to 12 gal per ton of coal charged, has a specific gravity of 1.2, and contains 
approximately 92% C and 8% H. Estimate the following: 

(a) The yield of gas per ton of coal charged, expressed as cubic feet of gas at 60°F 
and 30 in. Hg, saturated with water vapor. 

(b) The pounds of coke produced per ton of coal charged. 

14. The following data are average operating results over a period of 1 month for 
three 11-ft blue-gas sets.! Gas volumes are measured at 30 in. Hg and 60°F, satu- 
rated with water vapor. Material per 1000 cu ft of blue gas: dry coke, 34.7 lb; car- 
bon content of coke, 32.0 lb; carbon lost to clinker heap, 4.05 Ib; steam (12 psig), 
51.9 lb; air, 2235 cu ft. Analysis of coke: 4.2% moisture, 2.69% volatile matter, 
89.80% fixed carbon, 7.51% ash, heating value 13,200 Btu per pound of dry coke. 
Analysis of blue gas: 5.4% COs, 0.7% Ox, 37.0% CO, 47.3% Hye, 1.3% CHy, 8.3% No. 


‘W. R. Morris, Am. Gas Assoc. Proc. Tech. Sessions, 1922, 21-52. 
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Analysis of blast gas entering the waste-heat boiler: 19.9% COs, 1.1% O2, 79.0% No. 
Average temperature of blue and blast gases: entering the waste-heat boiler 1,300°F; 
leaving the waste-heat boiler, 550°F. The steam pressure in the waste-heat boiler 
was 150 psig. Calculate from these data the following quantities: 

(a) Per cent of carbon in the fuel that is gasified by the steam and the per cent 
gasified by the air. 

(6) Per cent of steam fed that is decomposed. 

(c) Mols of dry blast gas per 1000 cu ft of blue gas. Compute this quantity by two 
independent methods, .e., using in each case some principle or item of data or informa- 
tion not employed in the other method of computation. 

(d) Cold efficiency, defined as the higher heating value of the blue gas expressed as 
a percentage of the higher heating value of the fuel plus the heat in the steam supplied 
to the grate, relative to liquid water at 60°F. 

(e) Pounds of steam generated in the waste-heat boiler per 1000 cu ft of blue gas. 
Assume that 3% of the heat given up by the blue and blast gases as they pass through 
the boiler is lost to the surroundings by radiation, ete. Assume that the temperature 
of the boiler feed is 60°F and the boiler delivers saturated steam. 

(f) Hot efficiency, defined as the higher heating value of the blue gas plus the heat 
absorbed in generation of steam in the waste-heat boiler, expressed as a percentage of 
the higher heating value of the fuel plus the heat in the steam supply relative to liquid 
water at 60°F. 

15. In a laboratory investigation steam was reacted with dry coke in a fluidized 
powder bed at 1900°F. The coke contained 13.7% ash and negligible volatile matter. 
The fusion temperature of the ash was 2450°F. The average height of the powder bed 
was 30 in., and the velocity of the steam as it entered the bottom of the bed 
was 0.65 ft/sec, based on the free cross-sectional area of the reactor. After removal 
of H.S§, the blue gas leaving the top of the powder bed was found to contain 1.7% COs:, 
0.2% Os, 48.0% CO, 0.3% CHa, 48.7% He, and 1.1% Ne. The partial pressure of 
water vapor in the blue gas was 29.2 mm Hg, and the total pressure was 32.4 in. Hg. 

The proposal has been made to carry out the same reaction as in the above operation 
in two reactors instead of one. In the first reactor fresh coke would be fluidized by 
and reacted with steam. In the second reactor spent coke (i.e., coke with a carbon 
content intermediate between that of fresh coke and coke from which all carbon has 
been gasified) from the first reactor would be burnt with air. The heat generated in 
the second reactor would be transferred to the first reactor to furnish the heat required. 

Assume that the theoretical quantity of air will burn substantially all the carbon 
from the spent coke in the second reactor and that all the gas streams leaving the 
reactors can be cooled to 550°F by passing them through a waste-heat boiler, which 
will generate saturated steam at 150 psig from water at 60°F. Assume that the steam 
supplied to the first reactor is drawn from a main under a pressure of 12 psig. 

Estimate for the proposed setup the items of information requested in parts (a), 
(b), (d), (e), and (f) of Prob. 14; and compare the proposed setup with that of Prob. 14. 
What are your recommendations? 

16. As astep in the manufacture of hydrogen for use in a synthetic-ammonia plant, 
water gas is being converted with superheated steam over an iron oxide catalyst at 
300°C. The water gas fed to the converter contains 4.5% CO:, 1.2% O2, 40.4% CO, 
49.4% Hy», and 4.5% Ne, while the average analysis of the gas leaving the converter 
is 27.8% CO», 0.9% Os, 6.1% CO, 61.8% Hz, and 3.4% Nx. Calculate the following 
items of information: 

(a) Mols of dry water gas per pound of carbon in the coke charged to the water-gas 


set. 
(b) Pounds of steam decomposed in the water-gas set per pound of carbon in the coke. 
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(c) Mols of dry converter gas per mol of dry water gas. 

(d) Pounds of steam decomposed in the converter per mol of dry water gas. 

17. If the same blue gas and operating conditions as In Illustration 8 are employed, 
how many pounds of nickel and what size of converter (in cubic feet) would be required 
for production of CO:-free product gas (i.e., after removal of CO2) at the rate 
1,000,000 cu ft per 24 hr, measured at 60°F, 30 in. Hg, saturated with water vapor: 
If the blue gas enters the converter at converter temperature, how much heat must be 
removed hourly by the cooling coils? , 

18. Assume that the reported analysis of the inlet gas of Illustration 8 is correct, 
but that it contains water vapor as it enters the catalyst bed. Assume that the 
catalyst not only promotes the methane synthesis but is also sufficiently active in 
catalyzing the water-gas shift so that it brings the exit gases substantially to the 
equilibrium of this shift at the bed temperature of 335°C. Assume, furthermore, that 
the water content of the inlet gases is such that, under the above conditions, the exit 
gases will in fact show on analysis 0.2% CO and 6.0% H,. Calculate the following: 

(a) The complete analysis of the exit gases (dry basis). 

(b) The dew point of the exit gases. Assume that the bed operates at atmospheric 
pressure. 

19. An equimolal mixture of CO and steam at a total pressure of 1 atm is to be 
passed over a catalyst for conversion to He. 

(a) Calculate the temperature range over which there is danger of carbon deposi- 
tion. Neglect the possibility of methane formation. 

(b) Considering also the possibility of methane formation, investigate the danger 
of depositing carbon, if the gas leaves the catalyst bed at a temperature of 550°C. 

20. The conventional commercial method for building up the heating value of blue 
water gas for use as city gas is carburetion of the gas by passing it over hot checker- 
brick on which gas oil (a middle- to high-boiling petroleum cut) is sprayed to crack 
the oil to gaseous hydrocarbons. The Btu per cubic foot can thus be raised from 
about 300 up as far as 500 to 650, depending on conditions. Because in recent years 
the cost of suitable gas oil has risen greatly, the suggestion has been made that water 
gas be raised in heating value by passing it over metallic nickel to catalyze its conver- 
sion to methane. As a preliminary test of the idea, a vertical stainless-steel catalyst 
tube, 1.25 in. I.D. and 4 ft 8 in. high, was set up. The tube was charged with 96 g of 
catalyst consisting of completely reduced metallic nickel deposited on silica gel powder. 
The nickel content of the catalyst was 30 wt-%. The tube was so heated by electric 
winding surrounded by insulation that its temperature could be held substantially 
constant throughout its length. A dry mixture of CO and H, flowed up through the 
tube. The inlet gas was preheated to catalyst temperature before entering the 
catalyst bed. The flow rate of the gas was kept adjusted so that it entered the bed at 
the bottom at a linear velocity of 1.2 ft/sec. The pressure was substantially atmos- 
pheric. The temperature of the bed was adjusted at the start to 472°C and gas 
allowed to flow through it until the outlet gas composition had settled down to a 
substantially constant value. This condition was reached quickly. Inlet- and out- 
let-gas samples were taken and analyzed. The tube temperature was then dropped 
progressively to a new constant level at which, after steady conditions had developed, 
a second set of gas samples was taken. After a similar period, a third set of samples 
was taken. The supply of feed gas gave out in the interval between the first and 
second set of samples, and a new feed had to be substituted. Throughout the runs 
catalyst powder was supported by the upflowing gas as a dense, highly turbulent cloud 
about 26 in. deep. The gases were carefully analyzed, and the analyses are believed 
to be dependable. Analyses of duplicate samples checked. The CO2, Oz, and CO 
were determined by absorption, Hz by selective oxidation with copper oxide, and 


hydrocarbon by slow combustion with Ob». 
slow combustion data as to volume shrinkage, CO, formed, and O» consumed well 
within the precision of the measurements. 


SECONDARY FUELS 


marized in the table below: 





Set of samples.......... 1 2 

Bed temperature, °C... . 472 349 

Inlet-gas analysis: 
eS?) ee 0.94 0.20 
Oe eee ee ee EIS be 0.56 
CMI OO a S58 ws 49 .52 37.30 
ee aie sco es 47 .65 58.40 
1 ae a Oe eee ae 1.89 3.54 
Pa ens Tee see ss 310 306 


Outlet-gas analysis: 








COP te RaSh ISR. o1eoS ao 1 So 
Oa ar ir ne ee 1.96 OB 
Co. bE Sesh sty on ¥ 4.67 320) 
1c Cia. Soe eas ee Werf e 12.88 
CHg. ae eee 21.10 45.80 
Nig See eee 1) Meal Fes} 6.09 
Btwewtte« 2 341 507 


Analyze these data. 


which to carry it out. 


Present a tentative opinion, based on your results, of the 
potentialities of the proposed process and what appear to be the best conditions under 








The reported values of CH, check the 


The results of the experiments are sum- 


3 
330 


0.20 
0.56 
37.30 
58.40 
3.54 
306 


22.50 
0.18 
15.27 
16.60 
44.44 
1.01 
544 


Chapter 6 


SULFUR COMPOUNDS 


The sulfur used in industry is derived either from the element itself or 
from some sulfide ore, such as pyrites. Before conversion into other com- 
pounds, these are usually burnt to give SO2. The operations are similar 
in principle to the combustion of carbon compounds, although special fur- 
naces have to be employed. Data on the heats of formation and heat 
capacities of sulfur, pyrites, and some of the important compounds deriy- 
able therefrom are summarized in Table 6-1. Average heat capacities 
computed from the equations in the table are presented in Fig. 6-1. 

Combustion of sulfur. While the main product of the primary 
combustion of sulfur is the dioxide, it is apparently impossible to avoid 
formation of some trioxide. Normally, from 2 to 10% of the sulfur burnt 
is oxidized to the hexavalent state.1 The vapor pressure of SO; is too 
high to allow it to condense as such at atmospheric pressure and tempera- 
ture when formed by air oxidation even if conversion to SO; were com- 
plete, but when it combines with water to form H.SOx, its condensation is 
quantitative. Since the usual gas analysis is carried out with saturated 
gas, SO; is removed from the gas as H.SO, before analysis starts. Hence, 
as water vapor is eliminated from the result in the analysis of combustion 
gases, so any SO; formed does not appear in the analysis of sulfurous 
gases. As in the former case, however, water formed by oxidation 
of hydrogen can be determined by oxygen disappearance, so too, in this 
case, SO; can be computed in the same way. In both cases, this is pos- 
sible because the oxygen supply is determined by the nitrogen in the gas, 
since all the oxygen comes in as air with a fixed O2/N» ratio, and because 
all other products of oxidation appear in the gas analysis. Hence the 
oxidation product that disappears can be determined by difference. 

Assume that 10 atoms of S are burnt with 100 mols of air and that 90% 
of the S goes to SO. and the rest to SOs. The reactions involved are 


‘In the manufacture of bisulfites it is important to keep this percentage low, while 
in a sulfuric acid plant it may well be high. 
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S + O. = SO. and 28 + 302 = 2503. Thus, 9 mols O2 are consumed to 
form 9 mols of SO», and 1.5 mols Oz toyield 1 mol SO;._ The remaining Oz 
‘$21.0 — 10.5 = 10.5 mols. Since the SO; is condensed prior to analysis, 


the residual gas consists of 9 mols SOs, 10.5 mols O2, and 79 mols Na, or a 
52 
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FIG. 6-1. Average molal heat capacities of iron and sulfur oxides between 60°F and 
abscissa temperature. 


8 


total of 98.5 mols. Hence the gas analysis shows 9.14% SOx, 10.66% Os, 
and 80.2% Nz. 

Calculations based on gas analysis. In practice, the gas analysis is 
determined experimentally and from this the per cent of sulfur burnt to 
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SO; may be computed. The preceding computation must, therefore, be 
reversed. Assuming the same analysis, the method is as follows: 


Basis: 100 mols gas as analyzed. 











Gas Mols Mols O, 
ee ee oh een 9.14 9.14 
OP ee eee 10.66 10.66 
Le a Ae oe 80.2 
(ber a ee 100.00 19.80 O» accounted for 
OLS (21:00 weer eee ee te 21.32 O, from air 


1.52 O»2 to SO; or 1.01 mols SO; 


Total S burnt, 9.14 + 1.01 = 10.15 
Per cent of S as trioxide, (1.01/10.15)100 = 9.95% 


The failure to check perfectly is due to the fact that the estimation of 
the SO; depends upon a small difference between relatively large quan- 
tities, and the cumulative error due to rounding off the second decimal 
place throws out the result. Careful gas analyses are essential if the 
results are to be dependable, but the percentage error involved in cal- 
culating the sulfur distribution is serious only when the fraction of sulfur 
going to SO; is small. 

In the important case of the use of gas analyses to determine SO; forma- 
tion in individual units of a sulfuric acid plant, a valuable check is secured 
upon the results by using sulfur disappearance and oxygen decrease inde- 
pendently in the computations. They should be in the ratio 1402/15, 
and divergence from this ratio is an indication of error. Thus, the aver- 
age composition of the gas entering a contact unit over a 12-hr test period 
is found by analysis to be 7.2% SOz, 13.2% Oz, and 79.6% Ne, and that 
leaving the unit is-found to be 2.8% SOs, 11.7% Ov, and 85.5% Nx. Of 
the SO, entering this unit, what per cent is oxidized to SO; in it? 

Since the nitrogen goes through this operation unchanged, it should 
be used as the basis of computation. The following tabulation is 


self-explanatory: 


Basis: 100 mols Ne. 
ost tha) oe 





Mols in Mols in Equivalent 
pe entering gas | exit gas anetree se SO; 
es 20 cue 9 9.05 3.28 “er es 5.77 
a ese as ub ee 16.58 13.69 2.89 5.78 





ee ee ee ee a 


170 INDUSTRIAL STOICHIOMETRY 


Hence, of the entering 9.05 mols of SOs, (5.77/9.05)100 = 63.8% is 
oxidized to SO3. Furthermore, the ratio of SO. decrease to oxygen 
decrease checks within 0.2%, giving independent confirmation of the 
dependability of the analyses. . 

Elimination of nitrogen oxides. When the preceding method of 
calculation is to be applied to chamber gases, nitrogen oxides must be 
eliminated. This is easily done by collecting the gas samples through 
bubblers containing H.SO, to absorb these oxides. Prior to taking the 
sample itself, enough gas should be drawn through the absorption train to 
saturate the absorbing acid with SO: at its partial pressure in the gas, in 
order to avoid loss of SO2 before analysis. This is easily done and, at the 
same time, an average sample assured by drawing continuously an excess 
of gas through the absorbers by means of an aspirator and withdrawing 
only a fraction of this washed gas for analysis. The decrease in the ratio 
of SO./N2 may then be taken as a quantitative measure of the acid forma- 
tion between the sampling points. The oxygen decrease will not check 
this unless the O2/N> ratio in the eliminated nitrogen oxides that are dis- 
solved in the absorbing acid is the same at each sampling point, but since 
the amount of these oxides is not excessive and the ratio does not vary 
greatly, the error is usually negligible. This statement does not apply if 
the computation is carried back to the original air, since the nitrogen 
oxides that are absorbed in H.SO, do not normally have the same O2/N>» 
ratio as do the materials added to make up nitrogen losses. Errors due 
to N.O formation and to any possible reduction of active nitrogen to the 
element are also usually negligible. 

Illustration 1. A plant burns sulfur which is 99.4% pure at the 
rate of 680 1b per hour. The average air temperature is 60°F. The gases 
emerge from the burner at 760°C and are found to contain 17.4% SO» and 
2.7% O2 when analyzed! in the usual way. The gases then pass to a 
cooler, which reduces their temperature to 70°F by means of water which 
rises from 58°F to 90°F. 


Calculate: 

1. The per cent of the sulfur burnt to SO; 

2. The pounds per hour of SOz2 Jeaving the burner 

3. The air consumption in cubic feet per minute 

4. The cubic feet per minute of gas leaving the burner and the cubic 
feet per minute leaving the cooler 

5. The heat dissipated from the burner in Btu per hour 

6. The water used in the cooler in gallons per hour 


1 Mercury must be used on account of the marked solubility of SO. in water, but a 
single drop of water is kept above the mercury to saturate the gas. 


SULFUR COMPOUNDS 171 


’ Solution. 


Basis: 100 mols of gas as analyzed. 








Gas Mols Mols O2 
oO Pag Ne re 17.4 a7 4. 
Oa on e wees: ft 227 Dah 
iy Pee eer CM aes 79.9 
POUR ere oo 100.0 |20.1 Os accounted for 
POLO ELAN bts Aetets sole Oats 21.21 O» from air 





1.11 O; disappearance 


S to SO; = (2/3)1.11 = 0.74 atom S = 0.74 mol SO; 


1. Per cent of sulfur burnt toSO;3. Since for every 17.4 mols of SO: pro- 
duced, 0.74 mol of SO; is formed, 100(0.74)/(17.4 + 0.74) = 4.1% of the 
S burnt goes to SOs, and 95.9% forms SOs. 

In order to secure the other information required, it is convenient to 
adopt the time bases indicated in the questions themselves. 

2. SOz leaving the burner in lb/hr. 


Basis: 1 hr of operation. 


Lb Lb | AtomsS| Mols 
S burnt | pure § SO, 
: ; 4.1 
ee ee = pees) 2009 ib AO; per hour 


3. Air consumption in cubic feet/minute. 


Basis: 1 min. Assume dry air and normal barometer. 


Lb Mols | Mols | Mols | Cu 
SO. | SOz Ne air | ft at 


S.C. 


ae ae oe aed Rae = 743 cu ft air per minute 


The results of these calculations are shown in Fig. 6-2. 
4. Gases leaving burner and leaving cooler. 


Basis: 1 min. 


Lb Mols | Mols Cu 
S02 S02 gas, | ft at 
including} s.c. 


SO; 
1293 100.74 | 359 273 + 760 


—_—— = 2645 cu ft/min leaving burner 
60 64.1 17.4 | 273 
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The volume of the gas leaving the cooler is found by correcting that 
leaving the burner for the temperature drop from 760°C (1033°K) to 
70°F (530°R). 


Cu it At 0°C, or 
at 760°C 32°F 









woe ais Bey = 753 cu ft/min leaving cooler 
1033 492 
Water Gas 
4740 gal/hr 753 cu ft/min 








Heat loss 
1,330,000 Btu/hr 


680 Ib/hr 
Air 
743 cu ft/min 





Heat removal 
1,260,000 Btu/ hr 


FIG. 6-2. Combustion of sulfur. 


5. Heat dissipated from burner in Btu per hour. 

Basis: 100 mols gas as analyzed = 100.74 mols total gas (including 
SO3). 

The heat evolved by formation of SO. and SO; in the burner is 


(17.4) (70,920) (1.8) + (0.74)(93,900) (1.8) = 2,350,000 Btu 


The heat carried out of the burner by each gas is its number of mols times 
the difference between 1400°F (760°C) and 60°F, or 1340 Fahrenheit 
degrees, times the average specific heat between 1400°F and 60°F. 


Heat Content or Gas LEAvING BURNER 











| Me?.., (Mols) (Mc? ,,) (1340), 
Gas Mols | 60 to 1400°F Btu 
Stites 17.4 11.7 273,000 
Shien se ecore SU 0.74 17.0 17,000 
Oe eee aed 2.7 7.8 28 , 000 
Nie pitas en eo 79.9 7143 781,000 
Totel, .08420..0 106.74 








Sensible heat remaining in gases............. | 1,099 , 000 
eS 


The heat dissipated in the burners is that evolved (2,350,000 Btu) less 


that carried out by the gases (1,099,000 Btu) = 1,151,000 Btu per 100 
mols of gas as analyzed, or per 17.4 + 0.74 = 18.14 atoms of § burnt. 
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Since the sulfur burnt per hour is (680) (0.994) /32.1 = 21.0 atoms, the 
heat dissipated per hour is 


1,151,000 (21.0/18.14) = 1,330,000 Btu/hr 
6. Water used in cooler in gallons per hour. 
Basis: 100 mols of gas as analyzed. 


Heat Content or Gas at 70°F 








“A Mee (Mols) (Mc§ ,,) (10 
a Mols | 60 to 70°F Btu. aS 
Bate Sec ae 17.4 9.5 1650 

BOGE ay 12.4 0.74 12.0 89 

Pee ee ee eee ait T0 189 

i, Ps ee 79.9 7:0 5600 

Total 100.74 
pensible heatun Pasesse se. =. Ale. cee ; 7528 








The heat given up by the gases in passing through the cooler is 
1,099,000 — 7528 = 1,091,000 Btu 


on a basis of 18.14 atoms of S burnt. Converting to an hourly basis, 
which corresponds to 21.0 atoms of 8, gives 


1,091,000(21.0/18.14) = 1,262,000 Btu 


as the heat removed from the gases or absorbed by the water. Since the 
cooling water rises 32 Fahrenheit degrees, the hourly requirement is 
1,262,000/32 = 39,500 Ib, or 4740 gal, on the assumption that all heat 
lost by the gases is removed by the cooling water. 

Combustion of pyrites. When gases produced from combustion 
of pyrites are analyzed it is discovered that there is an oxygen *disap- 
pearance” due not only to any SO; that may be formed but also to the 
oxygen consumed in forming Fe.03, which is also a product of the com- 
bustion. In so far as the cinder is completely roasted to trivalent iron, 
this can be allowed for quantitatively by the relationships implied in the 
reactions 

4FeS. + 110, = 2Fe.03 + SSO. 
4FeS> + 1502 = 2Fe.03 + 8SO; 


Unburnt sulfide and lower oxides of iron can be determined by analysis of 
a representative sample of the cinder and allowed for. From a furnace 
that is well designed and well operated, however, they should be small in 
amount. Allowance for sulfides of other metals can be based on the anal- 
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ysis of the pyrites. While the cinder usually holds relatively large quan- 
tities of sulfur, it should be in the form of adsorbed SO; (z.e., basic sulfate). 
Since this is stoichiometrically equivalent to direct addition of SOs to the 
cinder, it does not affect the gas analyses or their quantitative interpreta- 
tion, except that such SO; does not leave the furnace in the gas, and hence, 
to compute the SO; in the burner gas, this adsorbed SO; in the cinder must 
be subtracted from the total formed in the furnace, as indicated by the 
burner-gas analysis. 

Thus, with 6.2% SOz and 12.1% Os» in the average burner gas from a 
well-roasted pyrites, what percentage of the sulfur is oxidized to SO; in the 
burner? From the preceding equations, on the basis of 100 mols of gas as 
analyzed, the oxygen consumed to form SO, is evidently 11/8 of 6.2, or 
8.53 mols. Since the Nz is 81.7, the O2 from the air is 21.72 mols. Hence, 
O. unaccounted for is 21.72 — 12.1 — 8.53 = 1.09, which is equiv- 
alent to 8/15 of 1.09 = 0.58 mol SO;. Hence, the total sulfur burnt is 
6.2 + 0.58 = 6.78 mols and the per cent oxidized to SO; is 


(0.58/6.78)100 = 8.6% 


An analysis of the cinder would make it possible to tell how much of this 
left the burner in the gases. 

Illustration 2. Pyrites fines are burnt in a Herreshoff burner to 
form SO: for conversion to SO; in a sulfuric acid plant. The pyrites used 
carry 48% 8. Analysis of the burner gas shows 9.82% SOs and 6.93% 
Oo. The cinder carries 2.15% 8. What per cent of the sulfur fired leaves 
the burner as SO; in the burner gas? 


Solution. 


Basis: 100 mols of burner gas. 























Gas Mols Mols O, 
BO pAb aces is in ak ae Las oe Se ee 9.32 9.32 
Oe es ee ME DE ng Eh Oat 0 ai 6.93 6.93 
No. shia RReCe ne CIR eaTe Oe (eT a ee, ae 83.75 
"LOtGl os aso Gar ee oe Re ee eee 100.00 | 16.25 
O: to iron in cinder, = SO: formation, (3/8)9.32.........| 3.50 
19.75 O» accounted for 
SO. COLAND). ce etek ak vite te hence ee 22.27 O2 from air 
2.52 O» disappearance 
SO,-formed, (8/15)2.52. ner.) ue ee. oe ce ee eee 1.34 mols 4 





This gives as the per cent of the total sulfur oxidized to SOs, 


100(1.34)/(9.382 + 1.384) = 12.56% 
leaving 87.44% as SO». 
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Some of the SO; remains in the cinder as adsorbed SO; and the re- 
mainder goes into the burner gas. The analysis shows the percentage of 
sulfur in the cinder, and this can be converted to the equivalent percent- 
age of SO;. First, however, the weight of the SO;-free cinder is com- 
puted. This is done as follows: 

Basis: 100 lb pyrites. 

The sulfur fired is 48 lb and the remainder, 52 lb, is gangue and iron 
together. The latter is all oxidized to Fe.O; and the gangue is assumed to 
remain constant in weight. Regardless of whether the sulfur is oxidized 
to SOz or SOs, the equations for combustion of pyrites show that for each 
8 atoms of S burnt 3 mols of O2 combine with iron. Therefore, the 
increase in weight of the gangue and the iron as they appear in the cinder 
is 








Lb §S | Atoms §|Mols O, 
ai _———— ace Oe == 18.0 |b of 
32.1 8 acai as 


Hence, the weight of the SO;-free cinder is 52 + 18 = 70 lb. 

The sulfur in the cinder as adsorbed SO; is 2.15% of the weight of the 
cinder. If x be the number of pounds of sulfur in the cinder, then 
(80/32)x is the corresponding weight of SO; in it and the total weight is 
70 + (80/32)z. From the condition that the percentage of sulfur is 2.15, 
there is obtained the equation, 


100x 

70 + (80/322 > 7)° 
This gives, for x, 1.59 lb of S which remain in the cinder as SO;. This is 
3.31% of the 48 lb fired. Since 12.56% of the S fired was oxidized to SOs. 
12.56 — 3.31 = 9.25% left the burner as SO3. 

Bisulfites. The formation of SO: is one of the factors that interfere 
with bisulfite manufacture. SO; may form in the burners as illustrated 
above and thus be present in the gas entering the absorbing apparatus, or 
it may form in the absorbers themselves. Another factor influencing the 
results is the kind of lime used. The amount of lime necessary to absorb 
a given amount of SO» gas will be different for one containing a high per- 
centage of magnesia from what it will be for one consisting of nearly pure 
CaO, since the equivalent weights of lime and magnesia are not the same. 

Illustration 3. The cooled gas of Illustration 1 is absorbed in a 
milk of lime, to form bisulfites, in a tower in which the absorbing solution 
flows countercurrent to the gas. The gas leaves the tower at 76°F, con- 
taining 2.8% O» and no SO:. The busulfite liquor produced is 7.05% 
total SOz, of which 1.15% is “‘free,” the rest, 5.907%, being present as 
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bisulfites. The dolomitic lime used is 82% CaO and 16% MgO. Calcu- 
late the following: . 

1. The volume of gas leaving the absorbing tower per minute 

2. The consumption of lime per hour and the water necessary to slake it 

3. The amount of bisulfite liquor produced per hour 

Items 2 and 3 can, of course, be determined by actually measuring the 
quantities involved. On the other hand, the measurement of large quan- 
tities of flowing liquids requires the use of equipment that is not often 
available in connection with the process. The ratio of these different 
quantities to one another can be determined from their analyses. Since 
these analyses are easily carried out, they are very useful in computing 
the amounts in the various streams when the quantity of one of them is 
known (in this case the sulfur fed to the burners was weighed directly). 


SuMMARY OF OTHER DaTA AND CALCULATED QUANTITIES 


Pounds S (99.4% pure) burnt per hour.................... 680 
Per cent of above;burnin gto SWy45 eee ee 95.9 
Air at 6G0°R used eu fbi ia ere ee ne 743 
Analysis of SO;-free burner gas: 
SOszd vases. vet Se. RO ee ee ewe a ee eae 17.4% 
Ola hs sit codes See PRI BO > Gat eg eee i ad oe ee 2.0% 
Gas leaving cooler (entering absorber), cu ft/min......... 753 
Temperature of gases leaving cooler...................... 70°F 


1. Volume of gas leaving absorbing tower per minute. 


Basis: 1 min. 
Cu ft air at | No at Dry waste 
60°F 60°F gas 
743 79 100 536 
100 | (100 — 2.8) 520 





= 623 cu ft/min dry gas at 76°F 


It must, however, be remembered that this gas is practically saturated 
with water vapor. Since the vapor-pressure lowering of water in a sat- 
urated lime solution is negligible, the partial pressure of water vapor at 
76°F is 0.87 in., whence the total volume is 


623(29.92) /(29.92 — 0.87) = 642 cu ft/min 


2. Consumption of lime and water per hour. As a result of absorption 
of the sulfur oxides, calcium and magnesium sulfates, bisulfites, and free 
sulfurous acid are formed. First, it must be shown qualitatively whether 
any oxidation of SO, takes place in the absorber; and second, the amount 
of this oxidation must be calculated, since for every mol of SO; (from 
oxidation of SO.) going to sulfate, 1 mol of lime or magnesia must be 
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used, whereas only 1 mol of the basic oxides is requi 
; equired for every 2 
of SO, forming bisulfites. Siice 
There 4s available the analysis of the gas entering the tower and of that 
leaving it. Except for minor solubility effects in water and bisulfite 
liquor, the nitrogen in this gas is practically unchanged and is, therefore 
a suitable basis for comparing the inlet and outlet gases. ji 


Basis: 100 mols No. 





Ratio to 100 mols N» 








Component 
At entrance At exit 
Be gins ose. 4/0.709 = 21.78 None 
LO eo ae sea ACU STATS MES satente DSA.) =—2. os 





Granting no oxidation, the ratio of oxygen to nitrogen should be the 
Same at exit and entrance. However, there is a decrease of 


3.38 — 2.88 = 0.50 mol O, 


resulting from oxidation of SO» which takes place appreciably in dilute 
solution. This 0.50 mol O» oxidizes 1.00 mol of SO.. Of the total SO2 


Waste gas, 
642 cu ft/min 


Lime, 529 Ib/hr Water, 15,650 Ib/hr 










Slaker 


Absorbing 
tower 





Gas, 753 cu ft/min 





Milk of lime 


Liquor, 17,510 Ib/hr 
$02, 1,235 Ib; SO3, 143 Ib 


FIG. 6-3. Production of bisulfite liquor. 


entering the tower, therefore, 1.00/21.78, or 4.6%, is oxidized to SOs. 
Since only 95.9% of the S burnt enters the absorber as SO2, the oxidation 
in the absorber is 4.4% of the sulfur burnt, which added to the 4.1% pre- 
viously oxidized in the burners makes a total of 8.5% of all the sulfur 
burnt which goes to SO;. All this enters the absorber, since the air is 
dry, but had it contained moisture, some or all of the first 4.1% would 
have been condensed in the coolers as H2SOu.. 

The amount of oxides necessary to absorb the SO, and SOs, respec- 


tively, can now be computed. 
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Basis: 1 hr. 
Lb Lb Lb S in Mols Mols 
crude $| pure S| liquor as SOz | SO: in combined 
liquor SO. 


680__| 0.994 | (1.0 — 0.085) _ OM ou tstsi 8.06 mols CaO + MgO 
32.1 7.05 2 per hour for the com- 
bined SO: only 











Lb Lb S as Mols 
crude S| pure S| SOs SO; 


680 0.904} 10,085 = 1.79 mols oxides for SO; 





32.1 
Basis: 100 |b lime. 
Mols 
On BE /SG.. knees 1.463 
MgO, 16/40.3...........- 0.397 
Totalkoxides. tos ee 1.860 


Basis: 1 hr. 
Lime required = (8.06 + 1.79) (100/1.86) = 529 lb/hour for combined SOs and SO; 


The amount of water used can be obtained by deducting from the total 
weight of the solution the weight of its components other than water. To 
compute the weight of the components in the liquor: 








Lb Lb Lb §S as 
crude S| pureS SO. 
680 0.994 1.0 — 0.085 64.1 
stort BN Wa = 1235 lb SO2 
32.1 
Lb Lb Lb 8S as 
crude S| pure § SO; 
680 0.994 0.085 80.1 
———— |—__ |__| = 148 lb SO; 
32.1 
Pounds 
Total weight of solids, 529 (lime) + 1235(SO.) + 143(SO3).......... 1,907 
Total weight, liquor; 1236/0,0705. ...... 2. eee eee 17,510 


By difference, the water in the liquor is 17,510 — 1907 = 15,600 lb. 
To this must be added the water picked up by the gas, certainly small, 
but calculated as follows: 

The pressure of water vapor at 76°F is 0.87 in. 


Cu ft gas Cu ft Cu ft | Mols 


per hour H,0 ats.c. | HO 
vapor 
642 X 60 0.87 492 








18 
29.92 536 359 - = 51.5 lb H.O vaporized per hour 


The total water used is, therefore, 15,650 lb/hour (see Fig. 6-3). 
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3. Weight of bisulfite liquor produced per hour. 

This was calculated above to be 17,510 lb. 

Chamber acid. Besides the burner, a “chamber plant”’ consists of 
three principal units—the Glover tower, the chambers, and the Gay- 
Lussac tower. The SO:2 converted to H.SO, in the Glover tower com- 
prises about 15% of the total acid production of a chamber plant. 
Except for a few per cent that is oxidized in the Gay-Lussac tower, the 
balance of the conversion takes place in the chambers themselves. 
Besides production of H»SO,, the Glover tower functions to concentrate 
dilute chamber acid that is circulated back to it to cool the hot burner 
gases, and also to liberate oxides of nitrogen from nitrous vitriol made by 
absorbing these oxides in acid circulated through the Gay-Lussac tower. 
Both the chamber acid and the nitrous vitriol are pumped to the top of 
the Glover tower, where, in counterflow to the hot burner gases, the sen- 
sible heat of the latter serves to liberate steam and nitrous oxides. It is, 
therefore, important in the understanding of the chamber process to know 
the quantities of various acid streams being produced in and circulated 
through the various units of the plant. 

Owing to the corrosive character of sulfuric acid, its measurement when 
in flow may not be feasible unless special equipment is already installed 
for that purpose. It is usually measured directly only when necessary, 
or where measurement is a normal plant operation, such as measurement 
of production. The quantities of the various streams must, therefore, be 
obtained by calculation. 

The performance of each unit of the plant is so interwoven with that of 
the other units that any analysis generally involves evaluation of the per- 
formance of the entire plant. The problem below illustrates the method 
by which the desired information can be found. 


Illustration 4. 
TABULATED DATA 


Sulfur: Chamber acid: 
tS ee 6.70 Aheet ge ate ge a 5.50 
OU pg Se ee 99.4% CORA VIUY Suis circ eareieet eats c 52.6° Be 
Burner gas: Nitrous vitriol: 
ye RS es 7.90% N.O; content as per cent 
O» eee it Gg Se wie SiGe eee st whe 12.75% NaNO; SO en a ne ee 2.60 
aE ree Foe ee L- 79.35% Mixed nitrous vitriol and cham- 
Gas leaving Glover tower ber acid fed to Glover 
ESL 28M Re re ee 6.90% tower: 
he per eens ee 12.40% N.O; content as per cent 
RNC Shy. te 2 ne ea stents 80.70% NIN sce seen ts teas sy ve 1.64 
Glover-tower acid: Air temperature: " 
MOONE DOE ORY 0 6 occ ke a ciel s- 20.25 Tes rishi cee ke a 8 Hs iid 
LP POPE ee ee 60.5° Bé ae © ee re 51°F 
PSST OIMBUCL ME aac ies «be o> 29.45 in. 
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Calculate from these data 
1. The sulfur efficiency, 7.c., efficiency of conversion of sulfur to sulfuric 


acid 
2. The per cent of the total acid made in the Glover tower 
3. The tons per day of chamber acid returned to the Glover tower for 


concentration 
4. The tons per day of water evaporated in the Glover tower 
5. The tons per day of water fed to the chambers, as steam or 


otherwise 
6. The tons per day of Glover-tower acid circulated through the Gay- 


Lussac tower 
7. The NaNO; content of the nitrous vitriol, expressed as per cent of 


the sulfur burnt 


Solution. 


1. Sulfur efficiency. The Glover and chamber acids have different 
strengths and must be converted to a common basis before adding the 
productions of each unit to get the plant output. Similarly, the sulfur 
input must be converted to the same basis before the efficiency can be fig- 
ured. Accordingly, the quantities of these acids and the sulfur burnt 
will be converted to the equivalent of 100% H»SOu,, and all other acid 
quantities will, in general, be expressed as or converted to 100% H2S0Os, 
unless otherwise stated. 


Basis: 24 hr. 

Input: 
6.70(0.994) (98/32) = 20.40 tons of 100% H.SO, 

Output: 

Glover acid (60.5°Bé = 78.55% H.SOx,) 

20.25(0.7855) = 15.90 tons 100% acid 
Chamber acid (52.6°Bé = 66.03% Hz8O,) 
5.50(0.6603) = 3.63 tons 100% acid 


Total production, 15.90 + 3.63 = 19.53 tons 
Conversion efficiency: 
(19.53/20.40)100 = 95.7% 


2. Per cent of total acid made in Glover tower. 
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Basis. 100 mols of burner gas as analyzed. 
=: ie a ea 














Gas Mols Mols O2 
DOst Soa ee ene 7.90 7.90 
Oe ieee py OS 12.75 12:75 
NG eeee 5 na 79.35 
Total e aoh. 100.00 20.65 O» accounted for 
TO. SOU 9) ee es. os ee « 21.09 O, from air 


0.44 O. to SO; 





SO,, (2/3)0.44 = 0.30 mol 

Total S burnt, 7.90 + 0.30 = 8.20 atoms 

S converted to H.SO,, 8.20(0.957) = 7.85 atoms 

The data that will show the amount of SO. converted to H2SOx, in the 

Glover tower are the compositions of the gases entering and leaving it. 
Assuming that the N» passes through unchanged, it can be made the basis 
of comparison. Using the same basis of 100 mols of burner gas, the mols 
of each component in the gas leaving the Glover tower is found by mul- 
tiplying the percentage composition by the ratio of the nitrogen contents 
of the two gases, namely, by 79.35:80.70. 


Gas LEAVING GLOVER TOWER 











Gas Per cent Factor piols ne: 100 sn0\ 
burner gas 
Nasa ia tee se 6.90 79.35/80 .70 6.78 
OLS Sa Oe ee 12.40 79.35/80 .70 12.19 
NW Piece a: 80.70 79.35/80 .70 79.35 
CUAL See. ey AOD OT Sa rake tes 98 .32 








Comparison of the last column with the tabulation of the burner-gas 
data shows that the SO, decrease is 7.90 — 6.78 = 1.12 mols and the 
oxygen decrease is 12.75 — 12.19 = 0.56 mol, which checks the SO, fig- 
ure. Since the total sulfur converted to H2SO, is 7.85 atoms, the conver- 
sion taking place in the Glover tower amounts to (1.12/7.85)100 = 14.3%. 
However, the SO; in the burner gas, which was found to be 0.30 mol, also 
condenses as H.SO, in the Glover tower. This makes the total conver- 
sion in this tower 100(1.12 + 0.30)/7.85 = 18.1% of the entire plant 
production. This value will be used in later calculations. 

3. Tons chamber acid returned to Glover tower for concentration. Total 
production of the plant was calculated to be 19.53 tons. This gives 
19.53(0.181) = 3.54 tons that were made in the Glover tower. From 
this tower 15.90 tons were drawn off as product; the difference, 


15.90 — 3.54 = 12.36 tons 


is chamber acid that was concentrated in the Glover tower. 
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In addition to the chamber acid, the Glover tower receives a quantity 
of nitrous vitriol from the Gay-Lussac tower. As is pointed out below, 
this acid may be considered to run through the Glover substantially 
unchanged with an equivalent quantity of Glover acid withdrawn for cir- 
culation to the Gay-Lussac. However, to the extent that any acid is 
actually formed from SO, in the Gay-Lussac, this acid must be considered 
to be a part of the 12.36 tons that is concentrated in the Glover tower by 
water evaporation. 

4. Water evaporated in Glover tower. This is determined by a water 
balance. Input consists of water fed to the top of the tower in the form 
of mixed acid, made by mixing chamber acid with the nitrous vitriol from 
the Gay-Lussac tower, and of water vapor in the air used for combustion. 


31.6 tons (60.5°)+ 0.37 ton N203 












H0, 9.30 tons 


Chambers 






S, 6.70 tons 
20.40 tons, 100% H»SO,4 







Gay -Lussac 


H20 in air, 0.50 ton 


5.50 tons (52.6°) 
3.63 tons ( 100%) 





12.36 tons 
(100%) 






Product 






20.25 tons ( 60.5°) 
15.90 tons ( 100%) 31.6 tons (60.5°) 


FIG. 6-4. Chamber-acid problem. Basis: 24 hr. 


Product 


Water output includes water in the acid issuing from the bottom plus that 
evaporated. The latter passes from the top of the tower into the first 
chamber along with the other gases. 

A simplification is made by assuming that no water is gained or lost by 
the H2SO, circulated through the Gay-Lussac tower. A small quantity 
of acid mist and water is carried into this tower by the gases leaving the 
last chamber, but this is negligible compared with the quantity of acid 
passing through the tower. Water input to the top of the Glover tower 
due to the nitrous vitriol is then equal to water output in the acid from the 
bottom that is sent to the Gay-Lussac tower. Hence, water input may be 
treated as water brought in by the chamber acid plus water vapor in the 
burner gas (originally from the air); water output is that in Glover acid 
drawn off as product plus water evaporated. 

From the dry-bulb temperature of 57°F and the wet-bulb temperature 
of 51°F, the humidity of the air is found from humidity tables! to be 66%. 
At 57°F the vapor pressure of water is 0.47 in., So that its partial pressure 


‘Or from Fig. A-3 (See Appendix). 
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in the air used is 0.31 in. The barometer is 29.45 in., whence the pressure 
of the dry air is 29.45 — 0.31 = 29.14 in. 

The water vapor entering the Glover tower as a result of the humidity 
of the air used for combustion is calculated as follows: 








Tons Ton Ton Ton Ton 
crude S | atoms S| mols N2| mols air | mols H.O 
6.70 0.994 79.35 100 OS 18 0.50 t 
32.1 8.20 79 29.14 eaten cil ca 


The chamber acid contains 66.03 % H2SOx, the rest being water, so that 
the amount of the latter entering the Glover tower from this source is 
12.36(33.97/66.03) = 6.36 tons. The total input of water, exclusive of 
that contained in the nitrous vitriol, is the sum of these two quantities, 
6.36 + 0.50 = 6.86 tons. 

The water output in the form of Glover acid, exclusive of that returned 
to the Gay-Lussac tower, is 


15.90(21.45/78.55) = 4.34 tons 


Consequently, the rest of the output, or 6.86 — 4.34 = 2.52 tons, is 
evaporated by the hot burner gases. 

5. Water fed to the chambers. With the exception of 0.50 ton of water 
entering with the air, the rest of the water in the product, both that com- 
bined with SO; to give H.SO, and that used to give dilute acid, is added 
to the chambers. 

The tons of water in the Glover and chamber acids above that necessary 
to make 100% H2SOx, are 4.34, as computed above, and 


3.63(33.97/66.03) = 1.87 tons 


respectively. That combined with SO; to give H»SO, amounts to 
19.53(18/98) = 3.59 tons. The water fed to the chambers is 


4.34 + 1.87 + 3.59 — 0.50 = 9.30 tons per day 


6. Tons Glover acid circulated to Gay-Lussac tower. The analysis of the 
nitrous vitriol is given as equivalent to 2.60% NaNOs. This is mixed 
with chamber acid before it is distributed to the top of the Glover tower. 
The mixed acid shows 1.64% NaNO;. Consequently, the weight of the 
nitrous vitriol will be to the weight of the mixed acid inversely as the ratio 
of the equivalent NaNO; contents, or as 1.64:2.60. From this it is seen 
that the ratio of nitrous vitriol to chamber acid is 1.64:0.96. The actual 
weight of the chamber acid in the mixed acid is 12.36/0.6603 = 18.70 tons, 
so that the weight of the nitrous vitriol is 18.70(1.64/0.96) = 32.0 tons. 

Part of this consists of the N2O; content, 2.e., 


(32.0) (0.0260) (38/85) = 0.37 ton 
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leaving 32.0 — 0.37 = 31.6 tons as the weight of 60.5°Bé Glover acid 
circulated through the Gay-Lussac tower. This is 31.6/20.25 = 1.56 
times the quantity of Glover acid drawn off as product. 

7. NaNO; content of nitrous vitriol expressed as per cent of sulfur burnt. 
The equivalent NaNO; content of the nitrous vitriol is 


32.0(0.0260) = 0.832 ton 
or, expressed as a percentage of the sulfur burnt, 
(0.832/6.70)100 = 12.4% 


Contact conversion. If a contact converter for oxidation of SO, 
to SO; has an adequate amount of active catalyst, it should bring the out- 
going gases to equilibrium concentrations for the reaction. While equi- 
librium is never fully achieved in industrial practice, it is sometimes 
approached sufficiently closely so that it is, in fact, the ‘‘bottleneck”’ that 
limits the performance of the equipment. Calculations based on the 
assumption that equilibrium is attained are a useful guide in design and a 
convenient standard against which to compare over-all plant performance. 
The classical equilibrium data of Bodenstein and Pohl on the reaction 
SO, + 1402 = SO; are given by the following equation:! 


5186.5 
fy 





logio K = + 0.611 logio T — 6.7497 

where K = 7p,,,/ Pso,Porr with partial pressures expressed in atmospheres. 
T is in degrees Kelvin. In order to avoid trial-and-error solution when 
temperature is unknown, the equation is presented graphically in Fig. 6-5. 

The limitation that equilibrium imposes upon the combustion of SO: to 
SO; is analogous to that encountered in conversion of CO to CO» and H» 
to H.O in a flame at high temperature (see Chap. 3). In the case of SO» 
oxidation, calculations are simplified by the fact that one has to consider 
only a single incomplete reaction instead of two simultaneously occurring 
reactions. 

An important practical difference between the problems of temperature 
control of ordinary combustion flames on the one hand and of SO, con- 
version to SO; on the other is the fact that flames have a temperature 
range of some 1000 centigrade degrees throughout which fuel-reaction 
equilibria are favorable and uncatalyzed reaction rates are high, whereas 
for SQ, oxidation the spread between the lowest temperature at which 
reaction rate reaches practicable values, even when using the best cat- 
alysts available, and temperatures at which equilibrium begins to block 
conversion seriously is only about 100 degrees. Under ordinary operat- 
ing conditions the SO. oxidation reaction is too slow to “kindle” at tem- 


‘M. Bodenstein and W. Pohl. Z. Elektrochem., 11, 373 (1905). 
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peratures much below 400°C, and it is usually advisable to have the 
reacting gases at about this temperature at the point where they enter 
the bed. Meanwhile, at 500°C the highest conversion of SO2toSO;attain- 
able with air at normal pressures is about 96%. Even this can be 
secured only with very dilute gases; higher concentrations of initial 
SO, will depress the equilibrium conversion to nearly 90%. In short, 
the chemical reaction must be initiated at about 400°C and be completed 
at a level well below 500°C. Temperature control is a critical matter. 

To compute the heat effects in a conversion operation requires knowl- 
edge of heat of reaction and heat capacities. These are functions of the 
temperature, but in the relatively narrow temperature range in question 
variations caused by temperature changes are not large. For purposes 
of initial orientation in the study of this and similar problems it is highly 
desirable to use average values. The following figures, corresponding 
to 450°C, will be used in the illustrations that follow: 


SOs -- 402.—> SO; a 22,650 cal 
Mc, of SOz = 12.2; of SOs = 18.1; of O2 = 7.9; of No = 7.4 


Illustration 5. A contact sulfuric acid plant is to operate on a cooled, 
scrubbed, and filtered gas containing 12% SOs, 8% Os, and 80% Nz. 
Each converter is to be a simple adiabatic reactor, provided with a supply 
of catalyst adequate to bring the gases leaving the converter substantially 
to equilibrium at their exit temperature. If the first reactor is to convert 
60% of the SO» in the inlet gas to SO;, to what temperature must the 
inlet gas be preheated and at what temperature will the gases leave the 
converter? 

Solution. The fact that the inlet gas composition is known and a given 
conversion has been agreed upon fixes the composition of the exit gas, 
which in turn establishes the exit temperature, as a result of the relation 
between composition and temperature under the equilibrium conditions 
existing at the exit. In the light of the given inlet-gas analysis, the fixed 
exit-gas composition fixes the amount of chemical reaction and hence the 
reaction heat liberated per unit of total gas throughout. In an adiabatic 
reacton, this heat goes solely to raise-the temperature of the gases. Since 
the exit temperature is known, the corresponding inlet temperature is 
easily determined by an energy balance. 


Basis: 100 g mols of inlet gas. 


Exit gas Mols 
oo a CU 1) ee ae aa ae: 7.20 
BOs 12 ss7 20, 7 ue tee 4.80 
Os, 8 — 0.5(7.20).......... 4.40 
Nastia: s Steaks (weet 80.00 
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If one assumes that the total pressure is substantially atmospheric, mol 
fractions are numerically equal to partial pressures in atmospheres and 
K = (7.20/96.40) /(4.80/96.40) (4.40/96.40)” = 7.00. From Fig. 6-5, the 
exit temperature is 624°C. 

The energy balance can now be written as follows, letting ¢ = the 
unknown inlet temperature in degrees centigrade: 


22,650(7.20) 
= [(7.20)(18.1) + (4.80) (12.2) + (4.40)(7.9) + (80.0)(7.4)](624 — 2) 


Solving, ¢ = 424°C. 

Illustration 6. The catalyst to be used in the converter of Illustra- 
tion 5 is sufficiently active to ignite the reaction satisfactorily at 400°C. 
It is proposed to take advantage of this activity by reducing the preheat 
temperature of the inlet gases from 424°C to 400°C. If this is done and 
the reaction goes substantially to equilibrium, as before, what per cent 
conversion of SO, to SO; will it be possible to obtain in the reactor? 

Solution. Since the conversion is unknown, the material balance on 
the operation is not yet fixed, and it is difficult to avoid trial-and-error 
methods. One possibility is to assume a conversion, calculate the exit 
temperature by means of an energy balance, and then check to see if the 
equilibrium constant read from Fig. 6-5 agrees with that computed from 
the assumed conversion. The process can then be repeated until the two 
values of K agree. Another possibility is to assume an exit temperature, 
read K from Fig. 6-5, calculate the corresponding conversion, then check 
to see if an energy balance is satisfied. Either method is workable, but 
as soon as one sets up an equation relating the conversion and K, it is seen 
that it is a little easier to calculate K from the conversion than the conver- 
sion from K. For this reason, the first of the two methods described is 
simpler to work out and will be adopted. For the first trial, choose a con- 
version of 65% (a figure somewhat higher than the 60% of Illustration 5 
because of the more favorable temperature conditions) and set up the 
material balance on the converter. 


Basis: 100 g mols of inlet gas. 


Exit gas Mols 

2 Pe AG ee ee ee 7.80 
BE et A. ee eae 4.20 
Ce — Gol .BU). <n ee 4.10 
i Oe a on 80.00 
eet A a ae POU 


Let t = the exit temperature in degrees centigrade. By an energy 


balance, 
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7.80(22,650) 
= (t — 400)(7.80(18.1) + 4.20(12.2) + 4.10(7.9) + 80.00(7.4)] 
= 816(t — 400) 
Solving, t = 617°C. 

At 617°C, the value of Dgo,/ Pso.Po, at equilibrium (read from Fig. 
6-5) is 7.8, while the value corresponding to the assumed conversion is 
(7.80) /(4.20) (4.10/96.10)* = 9.0. Evidently, the assumption of 65% 
conversion is too high, and the answer must lie between 60% and 65%. 
Successive trials lead to a substantial check at an exit temperature of 
612°C and a conversion of 63.6%. These trials do not require new cal- 
culations of the heat capacity of the products of reaction, since little error 
is introduced by assuming that the heat capacity of the product gases is 
substantially equal to the value of 816 cal/°C, as computed above. The 
only change in heat capacity is due to the reaction SO2 + }402 = 80s; 
and this has negligible effect on the heat capacity of the mixture, because 
the heat capacity of SO; is not much different from that of SO2 + 1402, 
and in any case the mols affected by reaction are small compared to the 
total number of mols in the mixture. 

Illustration 7. A contact sulfuric acid plant has two simple adiabatic 
converters connected in series. In order for the reaction to kindle prop- 
erly, the gases must enter each converter at not less than 400°C. The 
gas lines to each converter are equipped with heat exchangers adequate to 
bring the gases to the desired temperature, by heating or cooling as the 
situation may require. The quantity of catalyst is sufficient to bring the 
gases passing through each converter to substantial chemical equilibrium, 
but the resistance to gas flow is such that not over 200 pound mols of gas 
per hour can be put through either converter. Moreover, plant condi- 
tions elsewhere require that the original gases going to the converter sys- 
tem contain 12% SOx, 8% Os, and 80% Ne. Under these conditions, 
what per cent conversion can be realized? In order to increase the con- 
version to 97 %, it has been proposed to recycle part of the gases from the 
outlet of the second converter back to the inlet of this converter, other- 
wise keeping unchanged all conditions as described above. With this 
arrangement, what is the maximum. capacity of the converter system, in 
terms of pound mols of SO; produced per hour? 

Solution. This plant is typical of many installations in the chemical 
industry, in that it is sufficiently flexible to permit a number of different 
sets of operating conditions. It is the responsibility of the engineer in 
charge to recommend the particular operating conditions most desirable 
from an economic standpoint. If one considers first the case without 
recycle, the inlet temperature to each converter is evidently within the 
control of the operator with the sole limitation that it must be at least 
400°C. From an economic point of view, it is obvious that, other things 
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being equal, the inlet temperatures should be adjusted in such a way as to 
cause the maximum possible conversion of SO2 to SO;. In this case, the 
lower the temperature, the more favorable the equilibrium, and therefore 
the best inlet temperature for each converter is the lowest one compatible 
with proper kindling, z.e., 400°C. Another way of stating the situation 
is to say that the conversion obtainable in the converter system as a whole 
depends upon the amount of heat that can be removed between the point 
where the gases enter the converter system and the point where they 
leave. Maximum removal of heat is obtained when the exchanger pre- 
ceding each converter cools the inlet gas stream to the lowest possible 
temperature, which is 400°C. 

With an inlet temperature of 400°C, the first of the two converters is 
identical with the reactor of [Illustration 6. Therefore, the exit gases 
from the first converter leave at 612°C, and on a basis of 100 g mols of 
inlet gas contain 7.65 mols of SO3, 4.35 mols of SOs, 4.17 mols of Os, and 
80.00 mols of No, or a total of 96.17 mols. These gases enter the second 
converter at 400°C, and the composition and temperature of the gases 
leaving the second converter may be calculated by a trial-and-error solu- 
tion of exactly the same type as demonstrated in Illustration 6. 

Assume an over-all conversion of SO» in the converter system of 90 
per cent. 


Basis: 100 g mols of inlet gas to first converter. 


Exit gas from second converter Mols 
ese SO gee ea Oli bane s 10.80 

ise Set TOL a pect cabs asain. wens 1.20 
BASS UE gE ie a ee 2.60 

ee Re A ira ie Sa 6 SiG. Ss 80.00 
ABO Bernice Se ee rer aCe 94.60 


Let ¢ = the exit temperature from the second converter. Then 


(10.80 — 7.65) (22,650) 
= (t — 400)[(10.80) (18.1) + (1.20) (12.2) + (2.60)(7.9) + 80.0)(7.4)] 
= 823(t — 400) 


Solving, ¢ = 487°C. From the assumed conversion, 
Pso,/PsoPo, = 10.80/(1.20) (2.60/94.60)* = 54 


From Fig. 6-5, Dgo,/ Pso.Pe, = 70. The first trial is therefore too low. 
Succeeding trials lead to a check at an over-all conversion of 91% and an 
exit temperature of 490°C. The corresponding analysis of the gas leaving 
the second converter is 11.58% SOs, 1.14% SOz2, 2.68% Os, and 84.60% 
N2. 

The results of the calculations show that the use of two simple adiabatic 
converters in series increases the over-all conversion of SOz to SO; in the 
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converter section of the plant from about 64% to 91%. However, even 
91% is too low a figure to be considered for a practical operation. Most 
of the unconverted SO: in the gases leaving the converter system passes 
through the absorption towers without being absorbed and is lost in the 
waste gases from the absorbers. If SOz lost in this manner amounts to 
9% of the input to the converter system, it is not only an economic waste 
of major proportions but also a nuisance that would not be tolerated by 
most local political authorities. It is imperative to increase the conver- 
sion by some means, such as, e.g., the installation of additional adiabatic 
converters in series, substitution of converters with internal cooling coils 
for the present adiabatic type, or provision for some kind of recycle 
arrangement, along the lines of the one that has been proposed. 

By the same reasoning employed in discussion of the setup with two 
simple adiabatic reactors in series, it follows that the best way to operate 
the system with recycle on the second converter is to fix the inlet tempera- 
ture to each converter at 400°C. If this is done, the first of the two con- 
verters is again identical with the converter in Illustration 6, and there- 
fore, on a basis of any convenient amount of inlet gas, the amount and 
composition of the gases leaving the first converter are known. As for 
the second converter, the composition of the exit gases is fixed by the fact 
that the recycle and product gases withdrawn from the converter system 
must have the same composition, together with the knowledge that the 
latter analysis corresponds to 97% conversion of SO, to SOs. 


Basis: 100 g mols of inlet gas to first converter. 


Product from converter system Mols 
SOs, 2(0:03)\ era Oe eee 0.36 

BOy( 13 = OS00 veers eee 11.64 
Os,'8 = 0.51164) Be. 2.18 

IN utes 2 G4 bee. sada Bieaean tance 80.00 
TLotali.: tet eee ce the 94.18 


The exit temperature from the second converter corresponds to equilib- 
rium at 97 % conversion: Po,/Pso.P. = 11.64/(0.36) (2.18/94.18)* = 212. 
From Fig. 6-5, the exit temperature is 433°C. The amount of recycle can 
be determined by means of an energy balance on the second reactor. On 
the same basis as above, let « = the number of gram mols of recycle. 
The heat capacity of the product stream is 


(0.36) (12.2) + (11.64)(18.1) + (2.18)(7.9) + (80.00)(7.4) = 824 cal/°C 


and that of the recycle is 8247/94.18 = 8.742, in the same units. SOs 


formed in the second reactor is 11.64 — 7.65 = 3.99 mols. The energy 
balance follows: 


(3.99) (22,650) = (433 — 400) (824 + 8.742) 
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From this equation, x = 219 mols, and the total feed to the second con- 
verter is 219 + 96 = 315 mols. The material balance of the process is 
thus complete, on a basis of 100 g mols of inlet gas to the converter system. 

According to the statement of the situation in the plant, the maximum 
. of gas me any point is limited to 200 lb mols per hour. Clearly, the 

ottleneck”’ so far as flow of gases is concerned occurs at the inlet to the 
second converter, and it is at this point that the limitation applies. 
Therefore, the production of SO; in pound mols per hour is to 200 as 11.64 
(the production on a basis of 100 g mols of inlet gas to the converter sys- 
tem) is to 315. Using this proportion, one finds that the maximum 
capacity of the proposed recycle arrangement is 7.4 lb mols of SO; per 
hour. 

It will be noted that the production with two adiabatic converters in 
series and no recycle is 200(0.12)(0.91) = 21.8 lb mols of SOs; per hour. 
In other words, recycle on the second reactor achieves the desired conver- 
sion at the expense of a very large reduction in plant capacity. One 
would be well advised to look into the possibility of other steps, perhaps 
other methods of recycle, which might lead to the desired increase in con- 
version without such a drastic reduction of capacity. An alternative fre- 
quently employed in practice is to dilute the inlet gas with air. The heat 
capacity of the additional air tends to depress the temperature rise accom- 
panying a given conversion. Thus, at the expense of having to handle 
the additional air, the conversion attainable in each reactor can be 
increased. Recycle is equivalent to dilution with air, in its effect on a 
converter, and it has the distinct advantage of avoiding an increase in the 
quantity of gas that must be handled in other parts of the system—an 
increase which dilution with air entails. 

Absorption of SO;._ In the contact process, the system for recovering 
SO; from the converter gases by absorption not only is capable of man- 
ufacturing strong sulfuric acid but can be adapted, if desired, to produce 
oleum (fuming sulfuric acid) in amounts and strengths that can be varied 
to suit the demand. While flexibility is thus a characteristic of systems 
for absorbing SO;, there are also definite limits on the possible range of 
operating conditions. These limitations arise chiefly from the relatively 
large heat effects accompanying the absorption of SO;, together with the 
effect of temperature on the capacity of sulfuric acid and oleum to absorb 
additional trioxide. It follows that stoichiometric calculations can be of 
considerable aid in the attempt to take full advantage of the flexibility of 
the system, as new conditions arise. 

In material-balance calculations, which are a necessary preliminary to 
considering relations of energy and equilibrium in an SOs; absorption 
tower, a minor complication is the variety of ways in which analyses of 
fuming sulfuric acid may be reported. In the laboratory, the analysis is 
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usually carried out by diluting the sample with water and titrating with 
alkali. Any free SO; in the original sample is, therefore, converted to 
H.SO, before titration; and the alkali consumed is equivalent to the 
H.SO, in the original sample plus the H,SO, produced by reaction of free 
SO; in the original sample with the water of dilution. A frequent prac- 
tice is to report the result of the titration as weight per cent H2SOu, 1.€., 
100 times the weight of H.SO, equivalent to the alkali used, divided by 
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FIG, 6-6. Enthalpy-concentration diagram for sulfuric acid and oleum. Basis: Enthalpy 
for liquid water and SO; vapor = 0 at 64°F, 


the weight of the original sample. Glearly, if there is any free SO; in the 
sample, the weight per cent H,SO, will be greater than 100. While the 
chemist will often report his results in the above terms, it has long been 
the custom to market oleum on the basis of its strength expressed as 
weight per cent of free SO;. The plant engineer, who is under the neces- 
sity of dealing with both the laboratory and the sales organization, must 
be able to convert freely from one basis to the other. Perhaps the easiest 
way to do this is to keep in mind the fact that, if the per cent H.SO, is 
greater than 100, the excess over 100 is the weight of water that combined 
with the free SO; in the original oleum as a result of dilution before titrat- 
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ing. The weight of this water, when multiplied by the ratio of the molec- 
ular weight of SO; to the molecular weight of HO, gives the weight of 
free SO; in the original sample, or, since the analysis is on a basis of 100 
weight units of the sample, it gives the per cent free SO;. For example, 
the per cent free SO; corresponding to 104.7% H2SOx, is 4.7(80/18) = 20.9. 
A third method, which is sometimes used to express the strength of fuming 
sulfuric acid, is to report the weight per cent of SO3, including both free 
SO; and that combined as H2SO.. 
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FIG. 6-7. Specific heats of mixtures of SO; and H20. 


The heat content of sulfuric acid and oleum at various strengths and 
temperatures can be computed from basic data on heats of mixing and 
specific heats that are available in the literature. The results of a large 
number of calculations of this sort are conveniently presented in the form 
of an enthalpy-concentration diagram, Fig. 6-6.* In some situations, it 
is helpful to have specific heats as well. The data of Biron! on aqueous 
solutions of sulfuric acid at 20°C and of Knietsch? on oleums at 30°C are 
presented in Fig. 6-7. 

To determine the capacity of any given solution to absorb SO; one 
must know the vapor-liquid equilibrium. The absorbent is liquid 
H.SO,. The problem is simplified by the fact that this has almost neg- 


*D. B. Broughton, Chem. Met. Eng., 52, 123 (1945). 
1See A. 8. Socolik, Z. physik. Chem. (A) 158, 305 (1932). 
2R. Knietsch, Ber., 34, 4069 (1901). 
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ligible volatility over the temperature ranges involved, but there still 
remain two independent variables, temperature and SO; concentration. 
Moreover, the equilibrium partial pressure P of SO; in the gas phase varies 
over very wide ranges under operating conditions. One can plot P 
against one of the independent variables for constant values of the other, 
but scales are awkward and interpolation clumsy. A more convenient 
correlation of the relationships is desirable. 

The ideal-solution law, P = Pox, where Pp is the vapor pressure of the 
pure solute, SO;, at the temperature in question and z its mol fraction in 
the solution, should be tested, despite the fact that it is so generally hon- 
ored in the breach. The most superficial inspection of the data! shows 
that the deviations are very great, but one should remember that the frac- 
tional deviations, P/Pox, while often changing greatly with concentration, 
at a given concentration usually change relatively little with temperature. 
Plotting P/Pox against x for various temperatures gives closely grouped 
curves. Because in the industry oleum concentrations are usually 
expressed in weight per cent, for convenience these curves are here plotted 
as P/Pow against w, where w = weight fraction of free SO; in the solution. 
Since it was found that these curves were offset horizontally from each 
other by an amount practically proportional to the differences in tem- 
perature between them, they were reduced to the single curve? of Fig. 6-8. 
Po is given in Fig. 6-8 as a function of temperature. In the industrially 
important temperature range of 20 to 80°C, these curves probably deviate 
from the data little if any more than the experimental uncertainties of the 
data themselves. 

Illustration 8. A contact sulfuric acid plant burning sulfur makes 
98% acid as its main product. However, it has an outlet for a relatively 
small amount of 20% oleum. - It makes this oleum by using an idle out- 
door SO;-absorption tower, 7 ft in diameter by 30 ft high, supported on 
piers 5 ft high. This tower is packed with 20 ft of 3.25- by 3-in. “‘eyclo- 
helix” double spirals, surmounted by a thin layer of 1-in. Raschig rings 
and another of flint pebbles. Through this tower there is by-passed a 
small amount of converter gases, the gases leaving the top returning to 
the gas stream flowing into the main absorbers for the 98% acid. Oleum 
is recirculated by a pump to the top of the tower through an external 
liquid cooler. The oleum stream from the tower bottom is split; one part 
is withdrawn for product, and the other is diluted with the 98% acid 
before recycling. It is found impracticable to hold the concentration of 
the withdrawn oleum at exactly the 20% level required in the product. 
Consequently, the tower is operated to produce a stronger oleum, and 

1F. D. Miles, H. Niblock, and G. L. Wilson, Trans. Faraday Soc., 36, 345 (1940). 


*In the range below an abscissa of 0.1, data are limited and points scatter badly, 
as indicated by the dotted line. 
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FIG. 6-8. Vapor pressure of oleum. 
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this is then diluted to 20% under controlled conditions in a separate 
operation. The daily (24-hr) production of 20% oleum is 28,800 lb. 
The following are the present operating conditions: Oleum enters the 
top of the tower at 128°F containing 23.0% SO. It leaves at the bottom 
at 122°F with 26.0% SO3. Make-up 98% acid enters the system at 80°F. 
Gas enters at 316°F with 9.9% SOs; and leaves at 123°F with 1.7% SO. 


Outlet gas, 1.7% SO3, 123°F 23.0% oleum, 128°F 
= 0.0173 mol SO3/mol inert 0.2988 Ib S03/lb H2SO4 






Absorption 
tower 












Inlet gas, 9.99% SO3, 316°F 
= 0.1099 mol SO3/mol inert 


26% oleum, 122°F 
= 0.3513 Ib S03/Ib H>SO, 










98% acid, 80°F 


Product, 28,800 Ib 20% oleum 
= 23,040 Ib H2SO, +5760 Ib SO3 


FIG. 6-9. Oleum tower of Illustration 8. Basis: 24 hr. 


98% acid 
80°F 


The ambient air is 50°F. The absolute pressure of the inlet gas is 
820 mm Hg and at outlet, 810 mm. 

1. Develop the material-balance relationships in the system. 

2. What is the total heat release (heat lost to the surroundings) in the 
absorption system? 

3. Determine the amount of heat being removed from the oleum flow- 
ing through the water cooler to the top of the tower. 

4. Determine the heat lost from the tower itself. 

5. Develop the gas-liquid equilibrium relations in the unit. 

6. The plant manager wants to know if it is possible to adjust operating 
conditions so as to obtain oleum in approximately the same amount as at 
present but having a strength of 30% SO; instead of 26%. What is your 
opinion? 


Solution. 


1. Material balances. Figure 6-9 gives the framework for the material- 
balance picture (24-hr basis). The SO; picked up from the gas stream is 
enough to produce 28,800 lb of 20% oleum from 98% acid. Part of this 
SO; goes to form the 72 mols of free SO; in the product, but part is con- 
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sumed in converting the water in the 98% acid to HSO,. The 98 % acid 
consumed can be determined by a hydrogen balance, which is perhaps 
more conveniently thought of as a total water balance, since the hydrogen 
in the product comes from no other source than total water. Now, 100 
Ib of 98% acid is 98 lb or 1 mol of H.SO, plus 2 lb or 0.111 mol of H,O or 
1.111 mols total water (including that combined as acid); 7.e., 100 lb of 
98 % acid will react with SO; to produce 1.111(98) = 108.9 lb of total pure 
H.SO,. Hence the total 98% acid needed to produce 23,040 lb H.SO, in 
the final product is 23,040/108.9 = 21,130 lb. Of this, 2% is water, 
amounting to 23.9 mols, requiring the same number of mols of SO; to con- 
vert it to H»SOy. Hence the total SO; absorbed from the gas stream is 
72 + 23.9 = 95.9 mols = 7670 lb. Total inert gas is 


95.9/(0.1099 — 0.0173) = 1035 mols 


and the total bottom gas is 1035/0.901 = 1149 mols. The weight of 
H.2SO, flowing down the tower is 7670/(0.3513 — 0.2987) = 146,300 lb. 
The total liquid entering the top is 146,300/0.77 = 189,980 lb and leay- 
ing the bottom is this plus the SO; absorbed, 197,650 lb. By simultane- 
ous balances around the point of mixing of the bottom oleum with 98% 
acid to produce the 28,800 lb of product, one finds that 4960 lb of 98% 
acid are used at that point. The rest of this acid, 16,170 lb, enters ahead 
of the oleum recycle pump. 

The degree to which the tower is idling is indicated by the fact that the 
superficial gas velocity entering the bottom is only 0.18 ft/sec and the 
liquid velocity entering the top is less than 2 ft/hr. 

2. Heat loss to surroundings. From an over-all point of view, this 
absorption system itself is dissolving 95.9 mols of SO; in 16,170 lb of 98% 
acid to make 23,840 lb of 26% oleum, while at the same time 18.1 mols of 
excess SO; and 1035 mols of inert gas flow through unabsorbed. The 
thermal data for the following table are from Figs. 1-3 and 6-6: 


OveER-ALL Heat BALANCE 
Basis: 24 hr. Base temperature, 64°F. 
Heat quantities in thousands of Btu 



















Stream gases Input Output 
BO; in................| 114(316 — 64)(13.3) 
mn mates.......-...5.) 18.0023 —O4)012.2) Pe eae 13 
Inmerts in..............| 1035(816 — 64)(7.0) 
Seorte out..........-.-| 1085(123 —64)(6.9) | —= | «es. 421 
ONL Fo fia o.oo ine» | 16,170( —576) 
Pee .|23,840(—-494) ln a ee es —11,770 
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The total heat lost to the surroundings is 4,224,000 Btu per 24hr. This 
is only 176,000 Btu per hour, which is very small, although it amounts to 
177 Btu per pound of oleum produced. 

3. Heat removed in cooler. The oleum flowing through the water cooler 
is 189,980 lb, made up of 16,200 lb of 98% acid and, by difference, 173,780 
lb of recycled 26% oleum. Figure 6-6 is the basis of the following table: 


Heat BALANCE ON COOLER 























Enthalpy of stream 
Concentra- | Temp., Enthalpy, 
; oF Pounds Btu /Ib 
tion u in Gat 
26% oleum....| 122 173,810 —494 —85, 850,000 
23% oleum....| 128 189 , 980 OLS MI eas cas He oe —95 , 200 ,000 
98% acid...... 80 16,170 —576 —9,320,000 
Heat:losa, by. diferente. 1:...«:« ¢.cnc/ ee laa Pe +30 ,000 


The striking thing is the inconsequential amount of heat lost by the 
acid, despite the mixing. There is, of course, a sensible-heat effect due to 
the rise in temperature of the liquids of a little over 600,000 Btu (from 
Fig. 6-7) which would have been evolved in addition to the 30,000 Btu 
had the liquids entered and left the cooler at the same temperature. The 
point is that the large numerical values of the enthalpies of Fig. 6-6 are 
due mainly to three effects: heat of condensation of SO; vapor, heat of 
combination of SO; with water to form H.SOx,, and heat of dilution of 
H.SO,4 with water (doubtless also due to combination of some sort). In 
the case of mixing of 98 % acid with 26% oleum, no condensation of SO; is 
taking place and heat effects involving water are small because of the 
small amount of water in 98% acid. 

The very great convenience of a data plot such as Fig. 6-6 is to a degree 
counterbalanced by its lack of precision when it is used in narrow areas, 
due to the fact that it involves the use of small differences between large 
numbers. Where proper data are available the problem can be met in 
many ways, as by enlarging the scale of a specific area or constructing an 
equivalent plot of data applicable only to that area. 

4. Heat loss from tower. The first glance at the heat data on the tower 
shows that the heat losses from the walls exceed the heat release in it, 
because both streams leaving the tower are colder than either stream 
entering it. The magnitude of the losses from the tower can be deter- 
mined by difference (the losses from the system as a whole, computed in 
Part 2, minus the losses from the cooler, calculated in Part 3) or by a bal- 
ance around the tower itself. By the former method the losses amount to 
4,224,000 — 30,000 = 4,184,000 Btu per day. As is shown in the table 
below, a balance around the tower gives approximately the same result. 
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Herat BALANCE ON ToWER 
Basis: 24 hr. Base temperature, 64°F. 
Heat quantities in thousands of Btu 



















Stream Output 
SS ee ee eee ee 189,980( —501) 

197,620(—494) | ........ —97 , 600 

ED A eee ee Cm 114(316 — 64)13.3 +382 
18.1(123 — 64)(12.2) | ........ +13 

Inerts (assumed N2)........ 1035(316 — 64)(7.0) +1,826 
1035(123 — 64)(6.9) | ........ +421 
Heat loss by radiation, etc., by difference..............] ........ +4,174 
RE Ea ye» FP Sa ee a — 92,992 — 92,992 





This heat loss is about 3.3 Btu/(sq ft of tower surface) (hr) (°F tempera- 
ture difference), which, while not excessive, is high enough to indicate at 
least a good wind or perhaps even rain at the time the data were collected. 

The low bottom-liquid temperature relative to the hot entering gas is 
hard to explain. The heat capacity of the bottom-liquid stream from 
Fig. 6-7 is 65,600, compared with about 9000 for the gases. This (from 
Chap. 3) tends to drive the heat out in the bottom liquid. The tower is 
clearly coolest in the middle, and entering gas may by-pass outflowing 
liquid by channeling through the lower part of the tower. 

5. Gas-liquid equilibrium relations. Turning to the matter of SO; equi- 
librium, one can find the partial pressure over the effluent acid from Fig. 
6-8. At 122°F (50°C) the pressure of pure SO; is 1000 mm. At the 
weight fraction of 0.26 for SO;, the Henry’s-law constant is 0.070.* The 
product of these three quantities, 18.2 mm, is the partial pressure of SO; 
over the liquid. This contrasts with the partial pressure in the gas, 


0.099(820) = 81.2 mm 


which is more than four times the back pressure over the liquid. This in 
turn should result in rapid SO; absorption at the tower bottom. This is 
another factor that should raise bottom-liquid temperature. At the top 
of the tower the liquid temperature is 53.3°C, which corresponds to a 
vapor pressure of 1185 mm for pure SOs. At a weight fraction of SO; of 
0.23, the Henry’s-law coefficient corrected for temperature is 0.065, 
whence the partial pressure of SO; over the liquid is 17.7 mm. This is in 


* The numerical value of the Henry’s-law constant, which expresses the propor- 
tionality between the vapor pressure of a solute and its concentration, depends upon 
the units chosen for pressure and concentration. In this case, 0.070 is the value of 
P/Pww as read from Fig. 6-8 for the conditions of the problem. While it is propor- 
tional to the ratio of P to concentration, it is not the Henry’s-law constant of the 


physical chemist, which is k = P/x, where x is mol fraction. 
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contrast to that in the gas, 0.017(810) = 13.8 mm. Presumably a little 
desorption occurs in the very top of the tower. — 

6. Possibility of making 30 per cent oleum. If bottom-liquid concentra- 
tion is to rise to 30%, the Henry’s-law coefficient becomes 0.085, which 
raises the back pressure of SO; over it to 25.5 mm. However, the SOs in 
the entering gas is still over three times as great as this, so the driving 
force at this point is ample. 

Illustration 9. A contact sulfuric acid plant, which has been making 
98 % acid as its only product, has the problem of increasing its capacity by 
producing an additional 1800 lb/hr of oleum containing 20% free SOs. 
This is to be done in a new unit. The gas going to the absorption system 
of the new unit will contain 12% SO;. It is proposed to have two absorb- 
ers in series, both provided with recirculation lines to take acid issuing 
from the bottom of each tower and recirculate it through a cooler to the 
top of the tower from which it came. These coolers will be designed to 
maintain the acid leaving them at 25°C. Coolers will be provided on the 
gas line bringing in the converted gas and also on the line carrying the gas 
from the first absorber to the second, both lines designed to bring these 
gases to 25°C. There will be no internal cooling in either of the towers. 
The second gas cleanup absorber is to have 98% H2SO, entering its top 
from the cooler.! It is also agreed to build up the concentration of the 
acid flowing down the second tower to 102% H.SO, and adjust that of the 
acid fed to the top of the first tower to 10% oleum. The total water 
requirement of the system for the chemical formation of the acid is to be 
supplied to the recycle line of the second absorber and will be available at 
15°C. The first absorber unit is supplied with the net production of acid 
from the bottom of the second, and the plant product, 20% oleum, is to 
be drawn off from the bottom of the first. The product will flow through 
a cooler of sufficient capacity to reduce its temperature to 25°C. 

Sketch the two absorbing units, indicating all essential connections. 
Estimate the flow rates in all streams in the system and the heat 
abstracted hourly in each of the coolers, these data to serve as the basis of 
detailed design of the construction and operation of the coolers and 
towers. : 

Solution. Figure 6-10 is a diagrammatic sketch of the operation as 
agreed upon in the statement of the problem, with the original numerical 
data entered on it. 

There are four streams of liquid acid in the operation, all of which have 
different compositions. These compositions are given as weight per cent 
and are obviously not directly comparable. Because the sulfuric acid, 

‘ Industrial experience has demonstrated that a deviation of as little as 1 or 2 per 


cent from this concentration, in either direction, creates serious mist nuisance in the 
surrounding atmosphere, The exact optimum concentration is somewhat uncertain, 
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which constitutes 80% of the product, is formed by chemical combination 
of sulfur trioxide and water, it seems preferable to express the composi- 
tions of these streams on a molal basis. This has been done in the follow- 


Inerts 


98% H2SO, 


SECOND 
TOWER 


Gas 





1800 Ib/hr 
20% oleum 


FIG. 6-10. Illustration 9. Original data. 


ing table, which gives the mols of each constituent present in 100 lb of 
each stream. These results will be used repeatedly in the further solution 
of the problem. 





Mols free | Mols free Mols Mols 








Basis H,0 SO; H.SO, total SO; 
TOO bs20 7Oleum:... s<<n | as ues 0.250 0.817 1.067 
LOO MeO Snes ence) as ys 0.125 0.919 1.044 
100 lb 98% H2SO,......... DEH Ig Ey |) aeons 1.000 1.000 


100 Ib 102% HiSQ,.......] «0... 0.111 0.930 1.041 


In problems of this type, involving recycle streams, those streams whose 
flow rates are known are usually the external rather than the internal ones. 
In such a case, it is always advisable initially to take an over-all view of 
the plant, ignoring the recirculation and focusing on the balances for the 
operation as a whole, 7.e., the streams crossing the dotted lines of Fig. 6-10. 
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Basis: 1 hr. 
Mols 
Total SO; in product, 1.067(1800/100)..........--+++se05- 19.20 
H.SO, in product = H,0 added, 0.517(1800/100)s oceans os 14.71 


The amount of SO; leaving the second absorbing tower in the waste 
top gas has to be kept negligible, not so much because of its value as to 
avoid the nuisance of escaping fumes. In consequence, the SO; gas enter- 
ing the plant at the bottom of the first tower is also 19.20 mols. The 
inert gases entering with it are, in view of the gas analysis, 


19.2(88/12) = 140.8 mols 


These inerts leave the system from the top of the second tower. 

This knowledge of the amount of each component in the various 
streams entering and leaving the plant determines the over-all heat effect, 
i.e., the change in enthalpy. The thermal data used in the following cal- 
culations are taken from Figs. 6-1 and 6-6. It should be noted that in 
Fig. 6-6 the enthalpies plotted are always per pound of the mixture in 
question. 


Basis: 1 hr. Base temperature, 64°F. 





Btu 
Enthalpy of entering streams: 
SO; in gas stream at 25°C (77°F), 19.20(11.9)(77 — 64).......... 2,970 
Hf): 6b 15°C (507); J4.7 10S G0 a BA cee en ner Ge eae —1,324 
Otel Jive bits an Fe sake aoe tua Penis te Oe. eee 1,646 
Enthalpy of product: 
20% olewm at: 25°C. 1800 (=-b25)c:< ac va eee te teed pene ae —945 ,000 
Total heat evolved, 1646 — (—945,000)....................0....-. 946 , 600 


Thus, no matter what happens inside the plant, if both the oleum prod- 
uct and the waste gases are brought to 25°C, the total heat that must be 
removed by the coolers in the system is 946,600 Btu/hr. 

These results are shown in Fig. 6-11. 

The above completes the information obtainable from over-all balances. 
One must now study what is happening within the system. 

The amount of SO; absorbed in each tower and the corresponding 
recycle can be determined from total SO; and H.O balances on each tower, 
7.e., from the changes in composition in the acid streams between the top 
and bottom of the towers and from the amount of water added. Start by 
considering the second or cleanup tower. Just as it was best to start with 
over-all balances on the whole plant, so here it is best to start with over- 
all balances on the single tower. Thus, mere inspection of Fig. 6-11 shows 
that all the 14.71 mols of water entering the recycle line of the second 
tower leaves in the 102 % acid stream flowing from the second tower to the 
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first, although present in that stream as H.SO,. Hence, by a water bal- 
ance, the amount of total SO; in this acid stream is 


14.71(1.041/0.930) = 16.48 mols SO; per hour 
A corresponding SO; balance shows that this same quantity, 16.48 mols, is 
both the total SO; absorbed per hour in the tower and the SO; in the gas 


140.8 mols Nz +02 Total heat removed (if 
0.0 mols SO3 waste gas is cooled 
25°C )= 947,000 Btu/hr 






98% H2SO, 






14.71 mols H20/br 
15°C 


SECOND 
TOWER 








25°C 









12%S0; | _ J 19.2 mols SO, 
88% N,+02 140.8 mols N+ 0, 





25°C 


1800 Ib/hr | _ { 19.2 mols SO3/hr 
20% oleum 14.71 mols H20/hr 


FIG. 6-11. Illustration 9. Results of over-all balances. 


flowing hourly from the first tower to the second. In view of the composi- 
tions, the hourly flow rates of the two streams are 


16.48(100/1.041) = 1584 Ib 


for the acid and 16.48 + 140.8 = 157.28 total mols of gas. The mol 
fraction of SO; in the entering gas is 16.48/157.3 = 0.1047, which, since 
the pressure is atmospheric, is also the partial pressure of the SO; in this 
gas, expressed in atmospheres. 

Referring again to that portion of Fig. 6-11 relating to the second tower, 
one sees that three flow rates are still unknown, 7.e., the acid stream enter- 
ing the top, that leaving the bottom, and that recycled to the point of 
water injection. Because the SO; absorbed in the tower is known (16.48 
mols), together with top and bottom acid compositions, the amount of the 
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downflowing acid stream can be calculated by an SO; balance. Because 
the total water entering the top equals that leaving the bottom, this bal- 
ance is conveniently set up on a water basis. 

The molal ratio of total SO; to H2O in the 98% acid entering the top of 
the tower is 1.000/(1.000 + 0.111) = 0.900. The corresponding ratio in 
the 102% acid leaving is 1.041/0.930 = 1.120. Thus, to absorb 16.48 
mols of SO3, there must be 16.48/(1.120 — 0.900) = 74.9 mols of total 
water entering in the 98% acid and leaving in the 102% acid. This corre- 
sponds to 74.9(100) /(1.000 +- 0.111) = 6725 lb of 98% acid entering the 
top of the tower and 6725 + (16.48)80 = 8044 lb of 102% acid leaving 
the bottom. Of this latter, 1584 lb of 102% acid is sent to the first tower 
and the remainder, 6460 lb, is recycled. To this 6460 lb of recycled 102% 
acid are added 14.71 mols (265 lb) of water, giving 6725 lb of 98% acid to 
the top of the tower. 

The same type of reasoning may be applied to the first tower. Since 
19.2 mols/hr of SOs enter the first tower and 16.48 leave, the absorption 
of SQ; is 2.72 mols/hr. Each hour, 14.71 mols of H2O (present as H2SO,) 
enter in the 102% acid and leave in the 1800 1b of oleum. The molal ratio 
of total SO; to H.SO, in the 10% oleum entering the top of the tower is 
1.044/0.919 = 1.138, and in the 20% oleum leaving the bottom it is 
1.067/0.817 = 1.307. To absorb 2.72 mols of SO; requires 


2.72/(1.307 — 1.188) = 16.11 mols of H2SOx 


in the 10% oleum entering and in the 20% oleum leaving. This corre- 
sponds to 16.11(100/0.919) = 1755 lb of 10% oleum entering the tower 
and 1642 + 2.72(80) = 1973 lb leaving the bottom. The recycle will be 
this 1973 lb minus the 1800 lb drawn off as product, 7.e., 173 lb/hr. 

The heat effects in the system can be determined by enthalpy balances. 
Thus, Fig. 6-6 shows that the enthalpy above 64°F per pound of 98% acid 
entering the top of the second tower at 25°C is —576 Btu. Similarly, the 
enthalpy per pound of 102% bottom acid is —554 Btu. Because Fig. 6-6 
is constructed on the assumption that the gaseous SO; on which it is 
based is at 64°F, a correction is necessary at this point for the enthalpy of 
the SO; which enters the tower at 25°C (77°F), or 13°F above the 64°F 
base of the chart. No correction for the inerts is necessary at this point 
because they neither contribute to the heat evolution nor enter in any way 
into the construction of Fig. 6-6. The SO; correction can be obtained 
from the heat capacity given by Fig. 6-7, namely, 


16.48(11.9)(77 — 64) = 2550 Btu/hr 
Therefore, the change in enthalpy in the tower is 
6725(—576) + 2550 — 8044(—554) = 573,000 Btu/hr 
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This figure is the hourly heat evolution in the second tower. However, 
this does not answer the question as to where the heat goes. Since there 
are no cooling coils in the tower itself, if one neglects heat losses through 
the walls, this heat must be taken out of the tower in the two streams 
leaving it, namely, the top waste gas and the bottom acid. The problem 
of the distribution of heat between two streams has been discussed in 
Chap. 3 for conditions of heat exchange but not for a case entirely anal- 
ogous to this one. 

The heat evolved in the second tower is the heat of absorption of the 
gaseous SO; in the liquid stream. This absorption occurs throughout 
the tower, but for the purpose of discussion, assume for the moment that 
all the absorption and therefore all the corresponding heat evolution 
occurs in a relatively narrow zone somewhere in the middle of the tower. 
This zone will be at a high temperature level, and both the downward- 
flowing liquid and the upward-flowing gas leaving it will be hot. Each, 
however, flows from the absorption zone to its point of outlet from the 
tower in contact with a cold stream of fluid with which it is in counter- 
current heat exchange. The discussion of Chap. 3 makes it clear that in 
such a countercurrent-heat-exchange operation the stream of lower heat 
capacity tends to leave the exchanger in thermal equilibrium with the 
entering stream of higher heat capacity, and in the limiting case equali- 
zation of temperature of the two streams at that point will result. There- 
fore, to visualize what is happening within the tower it is imperative to 
know the heat capacities of its streams. 


Btu/(hr) (°F) 

Heat capacity of the 98% acid entering the tower, 6725(0.340)..........- 2280 

Heat capacity of the 102% acid leaving the tower, 8044(0.325)..........- 2610 
Heat capacity of the gas entering the tower: 

Sn SEL 0), hice ora tic oe PS me lepaed Tg erin eerie eye FOS es Pe 196 

(TS 6 A Cr eee CURE ae A eat 985 

1181 

985 


Heat capacity of the gas leaving the tower PAGS 710) cewon> 0 eames sens 


As the acid flows down, absorbing SOx, its heat capacity increases, while 
the heat capacity of the gas flowing up the tower decreases, as it loses SOs, 
to a final value of 985 Btu/hr/°F at the top. It is seen that the heat 
capacity of the feed stream of acid entering the second tower is more than 
twice as large as the heat capacity of the gas stream leaving that tower; at 
the tower bottom the ratio of the heat capacities of the liquid and gaseous 
streams is still above 2. Consequently, in so far as the top and bottom of 
the tower act as countercurrent heat exchangers, the bottom stream of 
acid will tend to go out hot and the top stream of gas will tend to go out 
cold. This is equivalent to saying that all the sensible heat in the gas 
stream as it leaves the absorption section of the unit postulated above 
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tends to be transferred to the acid stream and carried back into the 
absorption section. Similarly, the gas stream flowing upward through 
the bottom part of the tower will be heated by the acid stream flowing 
counter to it and will tend to enter the absorption section at the tempera- 
ture of the acid leaving it, which in turn would presumably be substan- 
tially identical to the temperature of the absorption zone itself , In other 
words, the effect is to feed sensible heat into the absorption zone in both 
the acid and gas streams entering it, in addition to the heat of absorption 
released in the zone itself. This results in a corresponding rise in tem- 
perature in the absorption zone. The tower tends to get very hot in the 
middle, but the heat tends to come out of the tower as a whole in the form 
of sensible heat in the bottom acid leaving it. 

As already indicated, what really happens is not segregation of SO; 
absorption into a narrow zone in the middle of the tower. Absorption 
and heat exchange by counterflow are occurring simultaneously through- 
out the whole tower, but the tendency described above still remains. 
This is particularly true at the top of the tower, where, for satisfactory 
operation, SO; concentration is necessarily very low and absorption 
correspondingly negligible. Hence, the top of the tower functions, as 
described above, predominantly as a heat exchanger, without significant 
complications due to concomitant absorption. In so far as this is true, it 
is equivalent to saying that the conditions at the top of the tower are very 
effective in forcing all the heat evolved in the tower to leave in the bottom- 
acid stream. This also results in concentrating most of the absorption 
and hence most of the heat evolution in the lower part of the tower. 
Because the performance of a counterflow heat-exchange operation such 
as exists at the top of the tower will not brmg complete equilibrium of 
entering and leaving streams, some heat will in fact leave in the form of 
sensible heat in the top waste gas, lowering the temperature of the bottom 
acid correspondingly. The determination of the actual course of the 
absorption and of the distribution of the heat in the tower is a design 
problem in absorption, which is outside the scope of this text. On the 
other hand, the material and enthalpy balances, together with a qualita- 
tive picture of what is going on in the tower, enable one to calculate the 
maximum temperature attainable by the bottom-acid stream and to 
realize that this limiting condition will be at least approximated in the 
actual performance of the tower. 

While there is no significant uncertainty as to the limiting conditions 
of both acid and gas at the top of the tower, at the bottom there is some 
uncertainty, because the entering gas and leaving liquid need not be and 
will not be in thermal equilibrium and, in general, will not be in SO; 
vapor-pressure equilibrium either. In order for the tower to function, the 
partial pressure of SO; in the gas entering the bottom must be in excess of 
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the back pressure of SO; over the acid leaving the tower at that point. 
By the methods outlined here it is possible to determine, for the limiting 
conditions, if an excess SO; pressure is available. 

The 8044 lb/hr of 102% acid at the bottom of the tower carries out 
573,000 Btu/hr. The specific heat of the acid is 0.325 (Fig. 6-7). The 
temperature of the acid above the base of 25°C (77°F) is 


573,000/8044(0.325) = 201 Fahrenheit degrees 
giving an exit temperature of 288°F (143°C). 


140.8 mols N23 +02 Total heat removed 
0.0 mols SO3 947,000 Btu/hr 












98% H 
16.48 mols SO3 % H2SO4 
osteo Heat released in 
second tower = 


573,000 Btu/hr 


SECOND 14.71 mols H20 
15°C 


25°C 
12% 80; |_f 19.2 mols $03 a 102% H2SO. 
88% N,+0,{ 140.8 mols N,+0, 









16.48 mols SO3 


14.71 mols ef 1584 Ib 102% H2SO« 


25°C 
1800 Ib/hr | _ { 19.2 mols SO3/hr 
20% oleum{~ | 14.71 mols H20/hr 


FIG. 6-12. Illustration 9. Results of balances around each tower. The conditions at the 
bottom of the second tower are such as to make it inoperable. 


The results of all calculations up to this point are summarized by the 
flow sheet of Fig. 6-12. The critical point, as noted above, is the bottom 
of the second tower. While Fig. 6-8 is not applicable to such a high tem- 
perature, it is obvious from it that the vapor pressure of SO; in the 102% 
H.SO, leaving the bottom of the tower at 143°C is greater than 0.1047 
atm, the partial pressure of SQ, in the entering gas. In short, the tower 
is inoperable under the conditions assumed. 

If the H.SO, can be drawn off at a lower temperature, the process can 
be made to operate but heat has to be removed from the tower itself. 
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Cooling coils could be installed in the lower part of the tower, but they 
would complicate operation and maintenance. The 102% HS04 can be 
used as a cooling medium by introducing cooled recycle acid:into the 
middle of the tower, as shown in Fig. 6-13. Although this requires a 
separate cooler, it keeps the bottom-acid concentration unchanged. 

It is desirable to estimate the amount of such recycle acid required to 
make the tower function satisfactorily, 7.e., to keep the back pressure 


140.8 mols N2+O Total heat removed 
0.0 mols S03 ; 947,000 Btu/hr 







98% H2SO4 
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1800 Ib/hr | _ | 19.2 mols $O3/nr 
20% oleum| ~ | 14.71 mols H20/hr 


FIG. 6-13. Illustration 9. Final flow sheet. 


of SOs; over the bottom acid adequately below the partial pressure of the 
SO; in the gas entering the bottom of the tower, 0.1047 atm. In the 
limiting case this would be the SO; back pressure of the acid. 

In the terminology of Fig. 6-8, this is the quantity P in the ordinate of 
the plot. Since the concentration w of the acid is known, evaluation of 
the ordinate determines the pressure Py of pure SO; at the temperature 
of ee bottom acid, and Py in turn determines the temperature of that 
acid. 

As it happens, 102% acid, containing as it does only 8.89% by weight 
of SOs, is on the very flat part of the curve of Fig. 6-8. In other words, it 
is in a range of concentration in which considerable variation in tempera- 
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ture has a negligible influence on the value of the ordinate, 0.06. Hence, 
Po = 0.06 w/P = 19.66 atm = 14,930 mm Hg 


This is outside the range of Fig. 6-8, although extrapolation would 
indicate a temperature of roughly 125°C. In any event, one should 
operate with a factor of safety that will ensure beyond all peradventure an 
adequate partial-pressure driving force at the bottom. For the moment, 
assume a bottom-acid temperature of 60°C. Figure 6-8 shows that the 
SO; back pressure over it is 8.6 mm Hg. Because, granting cold top gas, 
this bottom acid still brings out of the tower all the heat liberated in it, 
the quantity of the acid is 573,000/(0.325) (60 — 25)(1.8) = 28,000 lb/hr. 
Since the net bottom acid is 8044 lb hourly, the 102% acid recycled to the 
tower itself is 19,956 lb. This recycle ratio of somewhat over 2:1 gives a 
large factor of safety in tower bottom temperature and SO; back pressure. 
Straighforward enthalpy balances show that the heat effect of absorp- 
tion in the first tower is 69,460 Btu/hr, while that of mixing the 102% 
acid with the recycle oleum is negligible. The component balances 
together with the heat-capacity data show that in this tower the 
total heat capacity of the gas stream is nearly double that of the 
liquid. This means that the heat evolved in the tower will leave pre- 
dominantly in the gas flowing from it to the second unit. In consequence, 
it may well prove to be unnecessary to use liquid coolers for the first tower. 
The heat load on the gas cooler between the first and second towers is this 
69,460 Btu/hr. That on the 98% acid cooler for the second tower can 
be computed by enthalpy balances; the result is entered on Fig. 6-13. 
Illustration 10. The calculations of the preceding problem show 
that the operation there described is highly unbalanced in that a large 
fraction of the absorption occurs in the second tower and an even larger 
fraction of the heat generated is released in that tower. As a matter of 
good engineering, it is obviously desirable to have a more nearly balanced 
absorption and heat load between the two towers. Thus, if the two 
towers perform substantially the same function, a single standby tower 
can be used to replace either of the two main towers in case of necessity 
for shutdown of one of them for repairs. A simplified flow sheet with no 
recycle stream to the middle of either tower and a single recycle cooler for 
each tower would make for easier control of the unit. Study of the situa- 
tion makes it clear that, while balance can be greatly improved by a 
variety of changes, complete equality in both absorption and heat evolu- 
tion is evidently impossible to achieve. To illustrate the method of 
approach to the solution of a problem of this sort, the flow sheet of a 
two-tower unit in which the gas and acid streams entering each tower are 
cooled to 25°C, with liquid recycle in each tower, will be developed to give 
approximately equal heat absorption in the two recycle coolers. 
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Solution. In approaching the solution of this problem, full advantage 
should be taken of the experience gained in solving the preceding one. 
This experience can be valuable despite the fact that the layout there 
developed was thoroughly unsatisfactory. The following generalizations 
based on Illustrations 8 and 9 are important in any effort to improve the 
situation. 

First of all, as noted in Illustration 9, the concentration of the acid fed 
to the top of the second tower is fixed by the necessity of preventing mist 
formation and should be maintained at approximately 98%. 

In the second place, the energy balances of Illustrations 8 and 9 show 
that the heat evolved per mol of SO; absorbed is higher in a cleanup tower 
than it isin an oleum tower. For example, if SO; vapor at 64°F is added 
to 98% acid at 64°F to produce 100% acid at 64°F, the data of Fig. 6-6 
show that the heat evolved is 570 Btu per pound of SO; absorbed. If SO; 
vapor at 64°F is added to 15% oleum at 64°F, the corresponding figure is 
only 320 Btu per pound of SO; absorbed. Therefore, it is impossible to 
make the amount of SO; absorbed in one tower equal to that in the other 
if the heat evolved in the two towers is the same. 

How important is it to equalize the evolution of heat in the first tower 
with that in the second? The answer to this question depends on whether 
or not the heat evolved within the towers is an important fraction of the 
heat removed in the recycle coolers. Taking a rough average figure of 
450 Btu evolved per pound of SO; absorbed, it is found that the evolution 
of heat within the towers is approximately 


450(19.2)(80) = 690,000 Btu/hr 


or almost three-quarters of the total heat to be removed from the unit 
(947,000 Btu/hr). Therefore, if the evolution of heat within the two 
towers can be equalized, this will be a long step toward balancing the load 
on the coolers. To secure a balance, the mols of SO; absorbed in the first 
tower should be to the mols absorbed in the second tower as 570 is to 320. 

The other point in the unit at which significant evolution of heat 
occurs is the point at which water is introduced. If this heat is to be 
distributed more evenly between the two recycle coolers, part of the water 
must be sent to the first tower and part to the second However, the 
distribution of water between the two towers is affected by concentrations 
at various points within the unit, and these in turn are affected by the 
amounts of recycle employed. In order to keep the diameter of each 
tower at a minimum, one would like if possible to use the smallest amount 
of recycle consistent with the allowable rise in temperature of the bottom 
liquid, discussed under Illustration 8. A logical approach, then, is to 
assume the amounts of recycle on this basis and see if the corresponding 
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distribution of water in the system gives a reasonably balanced distribu- 
tion of heat load between the two coolers. 

In the light of Illustrations 8 and 9, the recycle to each tower should 
have enough heat capacity to absorb the heat evolved in the tower 
without an excessive rise in the temperature of the bottom liquid. The 
minimum amount needed in each case can be readily estimated from a 
consideration of the heats of absorption, the allowable temperature rise, 
and specific heats. 

On the basis of the discussion of vapor-liquid equilibrium in Illustra- 
tions 8 and 9, the 345,000 Btu/hr evolved in each tower must be absorbed 
without causing the temperature to rise above about 60°C. Figure 6-7 
indicates that the specific heats of the liquids in the two towers are about 
the same and approximately equal to 0.34. Therefore, the minimum 
allowable recycle in each case is (845,000) /(60 — 25)(1.8)(0.34), or 16,000 
lb/hr. 

In view of the discussion of heat capacities in Illustration 9 and the 
large ratio of liquid to gas in each tower in the present case, the top gas 
from each tower must leave at a temperature quite close to 25°C. 

These generalizations, obtained from the work of Illustrations 8 and 9, 
suggest the nature of the simplifying assumptions to be made in the first 
attempt to lay out a flow sheet. As a first approximation, assume the 
following: 

1. The concentration of the acid entering the top of the second tower 
is 98%. 

2. In the first tower 12.3 mols of SO; per hour are absorbed and in the 
second 6.9 mols/hr. 

3. The rate of flow of liquid from the bottom of each tower is 16,000 
lb/hr. 

4. The top gas from each tower is at 25°C. 

These assumptions, together with the original statement of the prob- 
lem, are sufficient to fix the flow rates and compositions of all streams in 
the system and the heat duty on each of the recycle coolers. The calcu- 
lations, exactly the same in principle as those of Illustration 8, lead to the 
results entered on the flow sheet in Fig. 6-14. 

Inspection of Fig. 6-14 reveals that the heat load on the recycle cooler 
of the first tower is about 40% higher than that on the cooler of the second 
tower. Evidently, too much water is being sent to the first tower, and 
an adjustment of some kind is necessary. 

One possibility is to increase the amount of recycle to the second tower. 
This step would decrease the concentration of the acid flowing from the 
second tower to the first and thereby increase the amount of water fed 
to the second tower. However, the concentration of this acid is already 
close to its limiting value of 98%, and little improvement can possibly 
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be achieved by a further change in this direction. A more promising 
alternative is to make a slight increase in the amount of 5Os3 absorbed in 
the second tower. While this will mean that the heat evolved within the 
second tower will be greater than that within the first, the change will 
not be great and the fact that the first trial indicated a temperature of 
only 54°C at the bottom of the second tower shows that some increase 
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FIG. 6-14. Illustration 10. First trial. 


in the temperature at that point can be tolerated. Furthermore, adjust- 
ment of the SO; absorbed will bring both the absorption loads and the 
heat duties on the coolers more nearly into balance. 

Figure 6-15 represents the results of calculations in which the same 
assumptions were made as before, except that the mols of SO; absorbed 
per hour in the first and second towers were taken to be 10.8 and 8.4, 
respectively. In the flow sheet of Fig. 6-15 the heat loads on the two 
recycle coolers are practically equal, and the amounts absorbed in each 
tower are not far from equal. However, the liquid at the bottom of each 
tower is not quite so close to equilibrium with the entering gas as it might 
be. In the first tower the temperature of the bottom liquid is only 
52°C, whereas the calculations of Illustration 8 indicated that 60°C would 
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not be at all excessive. In the second tower the temperature of the 
bottom liquid is slightly above 60°C, but one should recall that the 
limit of 60°C at this point was originally chosen on the basis of Illustra- 
tion 9, in which the concentration of the bottom liquid was 102% H.SOu.. 
In the present flow sheet the concentration of the bottom liquid is only 
99% H.SO,, over which the partial pressure of SO; is extremely low. 
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FIG. 6-15. Illustration 10. Second trial. 


The way to take advantage of the situation is to reduce slightly the 
rate of recycle to each tower, which will tend to reduce the size of towers, 
pumps, and lines required. As mentioned previously, a reduction 
in the recycle will affect the concentrations at various points within 
the system and also the distribution of water between the two towers, 
with the net result of increasing the heat load on the recycle cooler of the 
first tower and decreasing the load on the recycle cooler of the second 
tower. ‘To keep the heat loads in balance there should be a slight shift 
of SO; absorption from the first tower to the second as the recycle to the 
towers is reduced. The extent to which the recycle can be reduced and 
the absorption shifted without upsetting the balance of the heat relation- 
ships or causing an excessively high partial pressure of SO; over the 
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bottom liquid of either tower requires the development of further trial 
flow sheets. Clearly, the final arrangement will not differ greatly from 


Fig. 6-15. ; 
Note that the key to the problem is successive approximation. 


PROBLEMS 


1. A contact sulfuric acid plant, operating smoothly and efficiently, burns sulfur 
of high purity in a conventional rotary burner with a brick-lined steel shell. The 
burner gases flow through a jet injector into a secondary combustion chamber of 
brick enclosed in thin welded sheet steel and thence to the coolers. Three gas samples 
are withdrawn from the system: the first from the gases leaving the rotary burner and 
flowing to the injector, the second from the gases flowing from the injector to the 
secondary combustion chamber, and the third from the gases entering the coolers. 
The techniques of sampling and analysis have been tested and found to be depend- 
able, and the analyses tabulated below are representative of normal operation of the 


plant. 
| Per cent 








oe Sample | Sample | Sample 

1 2 3 
hb Ee nee tee 11.75 8.63 9.66 
Cait, so 8.89 12.00 10.87 
Noe lnc eter. ce ee 79.37 79.47 











(a) What per cent of the total amount of O» reacting in the system reacts in the 
secondary combustion chamber? 

(b) Calculate the percentage of the total sulfur charged to the burner that enters 
the secondary combustion chamber in the form of sulfur vapor. 

(c) What per cent of the total air supplied to the system enters the rotary burner 
as primary air? 

2. A contact sulfuric acid plant is burning sulfur in a rotary burner the gases from 
which pass into a secondary combustion chamber constructed with double refractory 
walls. The secondary air enters through the space between these walls, flowing 
counter to the combustion gases, and is introduced in the conventional way into the 
stream of burning gases at the point at which they pass from the rotary burner into 
the secondary combustion chamber. The following data are available on the per- 
formance of this unit: The final burner gases going to the catalyst unit contain 7.88% 
SOo, 12.68% Os, and 79.44% N». The preheated air just before entering the burner- 
gas stream is at 562°C and contains 2.62% SOz, 17.96% Os, and 79.42% No. A sample 
of the burner gases taken just prior to mixing with the secondary air is collected 
through a water-cooled tube and shows 15.06% SOx, 5.46% Os, and 79.48% No. All 
these analyses are carefully made by conventional techniques, with mercury as the 
confining fluid. Another sample duplicating the last of these as to time and point of 
collection is analyzed as follows. The sample as it is being withdrawn is mixed with- 
out drop in temperature with a stream of pure oxygen gas, and the mixture is drawn 
slowly through a silica tube at 900°C before being cooled for analysis. The cooled 
sample is drawn through a well-designed bubbler bottle containing 100 ml of N/50 
NaOH, and the undissolved gas is collected and measured, The residual volume of 
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gas, reduced to dry standard conditions, amounts to 95.5 ml. Analysis shows it to 
contain 9.14% O, and 90.86% Ne». The excess NaOH in the bubbler is titrated with 
N/50 HCl, with phenolphthalein as indicator, and consumes 15.5 ml. Construct 
a flow sheet of this unit and indicate on it the following quantities, computed on a 
basis of 100 atoms of sulfur burnt: 

(a) Mols of SO2 and mols of SO; in the gases leaving the secondary combustion 
chamber. 

(6) Mols of SO2, mols of SO;, and atoms of S present as sulfur vapor in the gases 
leaving the burner, prior to admixture of secondary air. 

(c) Mols of primary air supplied to the burner and mols of secondary air entering 
the space between the walls of the secondary combustion chamber. 

(d) Mols of gas leakage from the secondary combustion chamber to the space 
between its walls. Assume that the gas leakage has the same composition as the 
gases leaving the secondary combustion chamber. What is your opinion of the rea- 
sonableness of this assumption? 

3. The rotary burner and the outside wall of the secondary combustion chamber of 
Prob. 2 are well lagged, and heat losses to the surroundings are small. The sulfur is 
melted by heat conducted to the feed hopper from the burner. 

(a) Compute the temperature in degrees centigrade of the gases leaving the sec- 
ondary combustion chamber and flowing to the converter system. 

(6) On the assumption that the temperature of the gas leaking from the secondary 
combustion chamber into the space between its walls is the same as that of the gases 
flowing from the secondary combustion chamber to the converter system, estimate 
the heat flow by conduction through the inner wall of the secondary combustion 
chamber. Express the result in Btu per 100 atoms of sulfur burnt. 

4. In each of the following cases, what do the facts given mean to you? 

(a) A pyrites burner using an Fe®: ore of high purity gives a burner gas the analysis 
of which by conventional technique over mercury shows an average over a 24-hr test 
period of 8.64% SO and 11.40% On». 

(b) A pyrites burner using an ore containing 45.70% 8, 44.25% Fe, and only small 
amounts of other sulfide-forming heavy metals gives a gas the average composition 
of which is 9.07% SOz2z and 5.39% Oz as determined by conventional analysis over 
mercury. 

5. A pyrites burner is roasting an ore that analyzes 45.2% Fe and 50.4% S on a dry 
basis. The cinder contains 60.8% Fe and 5.9% S, and the composition of the gas is 
8.90% SOx, 7.98% Oz, and 83.12% No, as determined by conventional technique. 

(a) How many mols of dry air are used by the burner per 100 lb of ore fired? 

(b) The unit is of the countercurrent type, similar to a Herreshoff burner. The 
inerts in the ore have a heat capacity of 0.17 Btu/(Ib) (°F), and the sulfur in the cinder 
may be presumed to be present as adsorbed SO;. If the unit be operated with the 
same air-ore ratio as at present, but conditions be modified in such a way as to drive 
the SO; from the cinder into the gas and oxidize the cinder completely to Fe2O3, what 
would be the highest possible temperature of the off gases? 

6. A sulfite-pulp mill manufactures its cooking liquor by passing the gases from a 
sulfur burner in succession through a cooler, an entrainment separator, and then two 
absorbing towers. The gases, analyzing 18.0% SOs, 0.85% SOs, 1.10% Oz, and 
80.05% N2, pass through the first tower, which is packed with chemical stoneware, 
countercurrent to weak liquor pumped from the bottom of the second or so-called 
“weak” tower to the top of the first or ‘‘strong” tower. The gases then enter the 
bottom of the weak tower, which is packed with limestone containing 95.8% CaCO; 
and 2.35% MgCOs, where they are scrubbed by a stream of water entering the top of 
this tower. The vent gases from the weak tower contain 6.19% CO», 0.73% Os, and 
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93.08% Nz. The water rate to the weak tower is 154,000 lb/hr. The cooking liquor 
contains 1.04 wt-% combined SOz (i.e., SOz that cannot be expelled by prolonged 
boiling) and 5.00 wt-% total SO». 

(a) What is the limestone consumption in pounds per hour? 

(b) What is the sulfur feed rate to the burner in pounds per hour? 

7. A chamber plant burning sulfur produces an acid of 1.71 sp gr and 78.2% HSO. 
from its Glover tower. In this particular installation all the chamber acid is sent to 
the Glover for concentration, and the Glover acid is the entire product. Per pound 
of plant product, 3.5 lb of acid are circulated from the Gay-Lussac tower to the Glover. 
This Gay-Lussac acid contains 0.923% N2Os and 77.4% total sulfur as H,SO.. The 
amount of 100% HNO; used is 2.37 Ib per 100 Ib of sulfur burnt. The waste gas con- 
tains 5.8% Oz. Conversion of sulfur to H.SO. averages 96%. Nitrogen oxides in 
the gas leaving the last chamber and in the vent gas leaving the Gay-Lussac may be 
assumed to be present as an equimolal mixture of NO and NO». 

(a) Compute the mols of air supplied to the burner per 100 Ib of sulfur burnt. 

(b) What per cent of the gas leaving the last chamber consists of nitrogen oxides? 

(c) By what percentage would a 10% increase in absorption of nitrogen oxides in 
the Gay-Lussac reduce consumption of nitric acid? 

8. Freeman! passed three streams of gas continuously into a common tube: first, 
18 ml/min of O2; second, 3 ml/min of NO; and third, 279 ml/min of No. The barome- 
ter was 766 mm Hg and the atmospheric temperature 24°C. Immediately after the 
three streams were mixed, the combined stream was bubbled through 20 ml of sul- 
furic acid solution at 24°C, having a specific gravity of 1.760. At the end of 1 hra 
5-ml liquid sample was removed. Of this, 2 ml in a nitrometer evolved 14.2 ml of 
gas at 24°C. The rest was introduced into a microburette, whence a measured amount 
was run into a solution of exactly 2.5 ml of 0.4244 N KMnO,. To discharge the color 
1.85 ml of the acid was required. The bubbling was continued for another hour, 
when the gas evolution was 20.01 ml and the acid consumed in titration 1.31 ml. 
After a third hour these figures remained practically unchanged. A second run was 
made with the same O, rate, 6 ml/min of NO, and 276 ml/min of N». After 2 hr of 
bubbling, a 5-ml sample was removed and tested. The nitrometer gas was 28.9 ml, 
and the acid needed to discharge the KMnQO, was 0.89 ml. Discuss the significance 
of these figures. 

9. In each of the following cases, what conclusions can you draw as to the operation 
of the converter? 

(a) A Pt-on-MgSO, converter of the conventional, uncooled, fixed-bed type is fed 
with a gas that has been cooled, scrubbed with sulfuric acid, filtered, and preheated 
to 400°C. The analysis of the gas as it enters the converter is 10% SO. and 10% On». 
The gas leaves the converter at 550°C, and analysis of it by the usual method with mer- 
cury as the confining fluid shows 5.52% SO. and 8.15% On». 

(b) A Jaegar converter unit has two concentric tubes embedded in the catalyst 
mass. The inlet gas is preheated by flowing up through the inside tube, then down 
through the annular space between the two tubes. It then passes into the catalyst 
mass and flows upward through it, leaving the unit at the top. A converter of this 
type with V205 on pumice as the catalyst is fed with the same gas as in part (a). 
However, in this case the gas enters the unit at a temperature of only 220°C. The 
gas leaving the unit is at 440°C, and conversion is 96%. 

(c) A platinum converter receives gas from a sulfur burner after it is cooled to 
atmospheric temperature, scrubbed with sulfuric acid, filtered, and reheated to 


'G. D. Freeman III, research report, School of Chemical Engineering Practice, 
Massachusetts Institute of Technology, 1934. 
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400°C. At the entrance to the converter the gas contains 10% SO. and 10% Os. 
As it leaves the converter, the temperature of the gas is 504°C, and it contains 4.98% 
SO, and 9.40% Os. 

10. Because of a special situation, a mining enterprise in British Columbia has 
comparatively pure sulfur dioxide and oxygen available as raw materials for a con- 
tact sulfuric acid plant.! The following data are representative of typical operation 
with the catalyst in good condition: Gas is fed to the converter system at the rate of 
6000 cu ft/min (apparently measured at 1 atm and 0°C), and this feed gas has an 
average composition of 25% SOs, 30% Oz, and 45% Ne. The SO; in the gases leav- 
ing the converter system is equivalent to 200 tons of 100% H.SO, per day. The 
plant operates at substantially atmospheric pressure. The converter system con- 
sists of three layers of catalyst with cooling provided after each layer by tubes through 
which air is circulated. The temperatures at various points are as follows: inlet gas, 
402°C; catalyst in first layer, 682°C; gas after first cooler, 586°C; catalyst in second 
layer, 642°C; gas after second cooler, 557°C; catalyst in third layer, 638°C; outlet gas, 
528°C. The air circulating through the first cooler removes 20,780 Btu/min from the 
system, and the air passing through the second cooler removes 14,980 Btu/min. The 
heat removed by the third cooler is practically zero. 

(a) What is the composition of the gas leaving the converter system? 

(b) How much heat in Btu per minute is lost to the surroundings by radiation, etc., 
from the walls of the converter system? 

(c) The construction of the system is such that the total heat losses to the surround- 
ings may be assumed to be divided approximately as follows: one-third of the total is 
lost between the point at which the temperature of the inlet gas is measured and the 
point at which the gas leaves the first layer of catalyst; one-sixth, between the point 
at which the gas leaves the first cooler and the point of exit from the second layer; 
one-sixth, between the point at which the gas leaves the second cooler and the point 
of exit from the third layer; one-third, between the point at which the gas leaves the 
third cooler and the point at which the temperature of the outlet gas is measured ; and 
a negligible amount from the coolers. On the basis of these assumptions estimate 
the temperature of the gas as it leaves each layer of catalyst. 

(d) Estimate by means of energy balances the mols of SO; formed in each layer of 
the catalyst per minute, and calculate the composition of the gas leaving the first 
layer. 

(e) If a gas having the same composition as that computed in part (d) for the gas 
leaving the first layer of catalyst is at chemical equilibrium, what is its temperature? 

(f) This same converter system was formerly used as the converter system in a 
standard contact sulfuric acid plant, operating in the conventional way with a feed 
gas containing 8 to 10% SO:. Under these conditions the production of SO; was 
equivalent to 35 tons of 100% H2SOs per day. In the light of your calculations, what 
do you think are the significant differences between the present and former operation 
of the system? If, instead of using equipment originally designed to handle a con- 
ventional feed gas, you were called upon to design a completely new system to handle 
the present feed gas, in what respect (if any) would your design differ from that of 
the present setup? 

11. The gas from a pyrites burner, containing 8.3% SOs, 6.4% Oz, and 85.3% Na, 
is dried by passing through sulfuric acid, freed from dust in coke filters, and preheated 
to 400°C before being fed to a platinum converter. T he converter is well insulated, 
and the catalyst mass is sufficiently large and active to ensure that the exit gas is 


substantially at equilibrium. 


1A. F. Snowball, Can. Chem. Process Inds. 31, 1110 (1947). 
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(a) Calculate the temperature and composition of the gases leaving the converter. 

(b) If the gases leaving the converter are cooled to 400°C and fed to a second, 
similar converter, what are the temperature and composition of the gases leaving the 
second converter? ’ 

12. Compute in terms of pound mols of SO; produced per hour the maximum capac- 
ity of the system of Illustration 7 with each of the following methods of recycle: 

(a) From the outlet of the second converter to the inlet gas line of the first. 

(b) From the outlet of the first converter to the inlet gas line of the first. 

(c) From the outlet of the first converter to the inlet of the first, and from the out- 
let of the second to the inlet of the second. 

(d) From the outlet of the second converter, with part of the recycle gas being 
introduced into the feed line to the first converter and the rest into the discharge line 
from the first converter. 

13. Compute the following quantities with the aid of Figs. 6-6 and 6-8: 

(a) Btu evolved when 1 lb mol of pure H2SO, at 100°F is mixed with 10 lb mols of 
pure H.O at 100°F and the resulting solution is cooled to 100°F. 

(b) Btu evolved when a solution of 90% acid, containing 1 Ib mol of H»SO, and 
initially at 80°F, is mixed with 10 lb mols of pure H;0 initially at 150°F and the result- 
ing solution is cooled to 130°F. 

(c) Btu evolved when 1 lb mol of pure H.SO, at 90°F is added to a 30% acid solu- 
tion containing 2 lb mols of H2SO, and initially at 150°F, and the resulting solution is 
cooled to 150°F. 

(d) Btu evolved when 100 lb of oleum at 100°F and containing 20% free SO; is 
diluted with sufficient 95% H.SO, at 100°F to form 100% H.SOu,, and the product is 
then cooled to 100°F. 

(e) The temperature of the 100% H.SO, of part (d) before it is cooled. 

(f) The temperature of the product when oleum at 100°F and containing 15% free 
SO; is fortified by the addition of SO; vapor at 150°F to make an oleum containing 
25% free SO;, without loss of heat to the surroundings during the process. 

(g) Partial pressure of SO; in mm Hg over 106.8% H2SO, at 45°C. 

14. A single absorption tower is to absorb SO; from a gas containing 12% SOs, 
fed at 64°F. Of the SO; in the feed gas, 50% is to be absorbed. The gas is to leave 
the tower at 70°F. The product from the tower will be 104.5% H2SO,. Four vol- 
umes of acid are to be recycled for every volume withdrawn as product. Make-up 
water at 64°F will be fed to the recycle line. In addition, 98% acid at 150°F will be 
added to the recycle line at a rate such that it will provide one-third of the total SO; 
in the product. Coolers will be installed in the product line and in the recycle line 
just before it enters the tower to cool these streams to 64°F. 

(a) Calculate the strength of acid (per cent free SOs) entering the top of the tower. 

(b) Calculate the temperature of the acid leaving the bottom of the tower. Can 
the tower operate as specified, so far as equilibrium limitations are concerned? 

(c) On the basis of 100 lb mols of SO; entering the tower in the gas stream, compute 
the quantity of heat in Btu that must be removed in each cooler. 

; 15. Using the same assumptions as those employed in the second trial of Illustra- 
tion 10, with the exception that the rate of withdrawal of liquid from the bottom of 
each tower is to be 14,000 lb/hr instead of 16,000 lb/hr, prepare a complete flow sheet 
of the unit, showing all flow rates, concentrations, and temperatures. 

16. A fertilizer company in the southeastern part of the United States has a con- 
tact sulfuric acid plant with the flow sheet shown in Fig. 6-16. The flow rates, tem- 
peratures, pressures, and concentrations entered on the flow sheet are average values 
over a 24-hr period during which the plant was operating smoothly and normally with 
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the catalyst in good condition. Estimate the following quantities as accurately as 
possible: 

(a) Per cent conversion of sulfur to H2SO,. 

(b) Mols per hour of quench air. 

(c) Per cent of SO; in the burner gas. 

(d) Mols per hour of primary air. 

(e) Mols per hour of secondary air. 

(f) Pounds per hour of steam produced in the waste-heat boiler. 

(g) Composition of the liquid withdrawn from the bottom of the absorber. 

(h) The management is anxious to increase the output of this plant. However, 
an attempt to achieve this by increasing the sulfur feed rate, with a proportional 
increase in the supply of air, resulted in excessive entrainment of liquid spray in the 
vent gases leaving the top of the absorber. There is evidence to indicate that if some- 
thing could be done about this “bottleneck”’ the rest of the system could take care of a 
somewhat higher throughput than the present one. List the various possible steps 
by which a higher output can be achieved, with your comments on each of the possi- 
bilities. What course of action do you recommend? 

17. Information is available on a pyrrhotite burner in a New Hampshire paper 
mill.! The unit is of the fluidized-bed type, and mixing of the material in the bed is 
so complete that the temperature does not vary more than 20°F throughout the bed. 
The feed to this burner is a concentrate obtained by flotation from copper tailings. 
The concentrate is described as mainly pyrrhotite (Fe7Ss), with minor impurities, and is 
reported to contain 8 to 10% water as received. More water is added to form a pump- 
able slurry, which is pumped continuously into the bed. Additional water is sprayed 
into the burner to control the temperature. The bed is fluidized by air supplied at 
the bottom, and the burner gas leaves at the top. Hot calcine is discharged continu- 
ously through an overflow pipe, while dust entrained in the gases is recovered by means 
of cyclone separators and a water scrubber. The overflow and cyclone products are 
quenched with water, mixed together, and conveyed to storage. 

Average analyses of the feed and calcine are tabulated below. The iron oxide con- 
tent of the calcine is described as being practically all magnetite (Fe;O,). 





Composite of 

overflow and | Scrubber solids 
Constituent Feed | cyclone product | (3% of total 
(97% of total | calcine weight) 
calcine weight) 





‘Total Sige ee ee 
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Une Siyyoee. ey) @ S566 0.49 bei 
Lotal Fert Agee s ere 4001 60.9 54.6 
Ferrous:Fer, sooo. ee) 4996 16.8 18.9 
Cres, ees tne he 0.61 0.74 123 
Li eee 8 A ee 1.03 1344 258 
Inedlublessc4,. 5 a5 8.1 8.3 14.3 


Average flow rates and operating conditions are as follows: air flow, 3600 cu ft/min 
at 68°F and 1 atm; feed rate, 75 dry tons per 24 hr; feed slurry, 141 lb/min, containing 


*R. B. Thompson, Chem. Eng. Progr., 49, 253 (1953). 
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73 wt-% solids; temperature-control water, 2.5 gpm; total water added to bed, 58 
Ib/min; temperature of fluidized bed, 1610°F; stack-gas analysis (dry basis), 13.0% 
SOo, 0.2% SOs, 1.0% Ox. 

Test the above information for consistency in as many ways as possible, and state 
your opinion of the reliability of the data. Compute the heat in Btu per minute 
evolved by the reactions in the burner (considering both reactants and products to 
be in their standard states at 18°C); and determine what percentages of this heat are 
consumed as sensible heat in the calcine, sensible heat in the dry gas, vaporization 
and heating of water to gas temperature, and loss through the walls of the reaction 
vessel. In the light of the results, what kind of additional equipment do you think 
would be needed to secure a high recovery of the heat of reaction? 


Chapter 7 
NITROGEN COMPOUNDS 


Synthetic ammonia. The great transformation brought about in 
the chemical industry by the appearance of synthetic ammonia just 
before the outbreak of the First World War may be difficult for the young 
engineer of today to comprehend. Cheap ammonia has been the basis 
of large-scale developments in the manufacture of such important 
products as fertilizer, explosives, and plastics, and in the United States 
alone production of synthetic ammonia is now well over 1,000,000 tons 
per year. Stoichiometric methods are of great value in analyzing the 
performance of the equipment used in the ammonia synthesis and in 
developing the maximum information from analytical data. 

Illustration 1. The converter layout of a large synthetic-ammonia 
plant includes a first bank of eight converters in parallel, to which the 
gases from the feed-gas purification plant are fed through a common 
header. These converters discharge in turn into another common 
header, which leads to a cooling and condensing system in which liquid 
ammonia is condensed and from which it is removed. The dissolved 
gases in this liquid are removed by rectification, after reduction of pres- 
sure, and are then compressed and returned to the header leading from the 
converters to the condenser. The gas-free liquid ammonia from this 
operation is withdrawn as part of the plant product. A part of the gas 
mixture leaving the condenser is recycled to the feed header to the bank 
of eight converters. The rest of this gas flows to a second bank of two 
converters, which, with their own. auxiliary condensing and recycling 
system, are operated similarly to the first eight. That portion of the gas 
from these two units that is not recycled through them flows to a final, 
single converter-condenser unit, which is again operated like the other 
two banks. The gas from this last converter that is not recycled back to 
it constitutes the purge gas from the whole system. 

The total pressure, the temperatures at corresponding points, and 
other externally imposed operating conditions in the catalyst chambers, 
coolers, and condensers throughout the whole system described are sub- 
stantially the same in all three banks. The recycle gases are handled by 
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booster pumps, which operate under pressure differentials that are rela- 
tively small compared with the total pressure on the system. 

The gas mixture flowing to this system from the gas-purification plant 
contains on the average about 1% of unreacting gases (mainly argon plus 
methane). The concentration of these inert gases in the recycle line 
to the first bank of eight converters averages 5%. The ammonia content 
of the gases flowing through this bank of converters rises on the average 
from a value of approximately 3.5% at the entrance to the converters to 
9% in the outlet line from them. The percentage of inerts in the gas 
purged from the final condenser of the whole system averages 25%. 
The ammonia in this purged gas is recovered by absorption in water. 






Feed 3.5% NH3 
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Liquid NH3 Liquid NH3 Liquid NH 


Rectifier 


Purge to absorber 
25% inerts 


FIG. 7-1. Synthetic-ammonia plant of Illustration 1. 


Every effort is made to keep the molal ratio of hydrogen to nitrogen 
essentially constant at 3:1. It is of course impossible to do this pre- 
cisely, but controls are provided for prompt rectification of any deviations 
from this value, and, on the average, the effect of such deviations is 
negligible. 

Calculate the following: 

1. The percentage of the nitrogen and hydrogen entering the converter 
system as fresh feed from the gas-purification plant that is converted to 
ammonia in the first bank of eight converters. 

2. The percentage yield of ammonia in the whole system, based on the 
nitrogen and hydrogen fed to it. 

2 As a matter of operating experience, the plant has found that the 
mol fraction of inerts in the recycling gas in the middle bank of converters 
is approximately the geometric mean of the corresponding mol fractions 
in the first bank and in the final converter. On this basis, calculate the 


224 INDUSTRIAL STOICHIOMETRY 


percentage of the ammonia leaving the final converter as liquid ammonia 
and as dilute ammonia in the final purge gas. 

4. Estimate the percentage of ammonia in the gases leaving the final 
converter and in the gases leaving the converters of the second bank, on 
the basis of the following considerations. 

Where the catalyst in converters of this type is good enough, and where 
the gas is properly purified and its flow held to a rate that does not over- 
load the unit, the catalyst will bring the gases to a pseudoequilibrium 
even though it will not bring them to complete chemical equilibrium. 
This is due to the fact that beyond this point the reaction rate, 7.e., the 
rate of final approach to full equilibrium, falls off to a negligible value. 
Because ammonia-synthesis gases deviate from the gas laws at the high 
pressures used, the equilibrium relationship does not conform to the ordi- 
nary expression for gas equilibrium until proper corrections for these 
deviations have been applied. However, so long as one is working at 
constant values of temperature and total pressure and the gas concentra- 
tions do not vary too widely, the square of the mol fraction of ammonia 
divided by the product of the mol fraction of the nitrogen times the cube 
of the mol fraction of hydrogen remains approximately constant under 
equilibrium conditions. (This would be the case if the gas laws held.) 
Moreover, the same is also true under a given set of conditions that 
develop the pseudoequilibrium described above, although of course the 
constant now has a different value from the true equilibrium one. Assume 
that this plant is operating under conditions of this sort. 


Solution. 


Basis: 100 mols fresh feed. 

The flow sheet of the plant is shown in Fig. 7-1. In the first bank of 
converters let x = mol fraction NH; in recycle gas, n = mols net NH; 
withdrawn as liquid, and m = total mols recycled in the unit. The 100 
mols of fresh feed contain 1 mol of inerts. Since the recycle contains 
5% inerts, the purge from the first unit must equal 1/(0.05) = 20 mols. 
By material balances (1) of ammonia around the mixing zone of the 
fresh feed and recycle gas streams,. (2) of total nitrogen plus hydrogen 
around the whole first bank and its cooler-condenser system, and (3) of 
ammonia around the condenser unit, 


zm = 0.035(100 + m) 
99 = 2n + 20(1 — x — 0.05) + 20(2z) 
(m + 20)(1 — x)(9/91) = n + 2(m + 20) 


In this last equation, (m + 20) is the total gas leaving the condenser. 
Multiplying by (1 — 2) gives this gas on an ammonia-free basis. Multi- 
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plying by 9/91 gives the ammonia leaving the converter. Solution of 
the three equations gives z = 0.04, n = 39.6, and m = 701. 
1. Percentage conversion in first bank. 


100(2)[39.6 + 0.04(20)]/99 = 81.2% 


2. Plant yield. The final purge gas contains 25% inerts. Since 1 mol 
of inerts must be eliminated, the final purge equals 4 mols. Of this 
4% is NHsz since, the noncondensable gases being so far above cheat 
critical temperatures, the change in the ratios of these gases from those 
in the gas from the first-bank condensers will not significantly change the 
fugacity and temperature of the ammonia in the gas mixture at the 
condenser outlet and hence will not change its concentration. The per- 
centage of Ne + H»2 is 71%, by difference. Hence, 


[99 — 0.71(4) — 0.04(4)(2)]/99 = 96.8% conversion 


3. Percentage split in NH; leaving final converter. The percentage 
inerts in the purge gas from the second converter is +/5(25) = 11.18%. 
Hence, by an inerts balance on the whole system up to the final converter- 
condenser unit, the total purge from the second unit is 1/0.1118 = 8.94 
mols, and since the NH; in this purge is 4%, the N» plus H: is 


(1.0 — 0.04 — 0.1118)(8.94) = 7.59 mols 


The NH; is (0.04)(8.94) = 0.36 mol. The N2 + Hz in the purge from 
the third unit is (0.71)(4) = 2.84. Consequently 


[7.59 + 2(0.36) — 2.84]/2 = 2.74 mols 
is the total NH; from the third unit. The gaseous NH; is 
(0.04)(4) = 0.16 mol 


the rest, 2.74 — 0.16 = 2.58 mols, is liquid. The per cent of the NHs 
leaving the third unit in the form of liquid is therefore 


(2.58/2.74)100 = 94% 


4. Percentage ammonia in the gases leaving the final converter and in 
the gases leaving the converters of the second bank. In the purge from 
the first bank, the molal ratio of inerts to (inerts + N.+ He) equals 
0.05/0.96 = 0.0521. This must be the same as the ratio of inerts to 
(inerts + N2 + Hz) in the gases leaving the converters of the first bank. 
Therefore, the mol fraction of inerts in these gases is 


0.0521(0.91) = 0.0474 


the mol fraction of Ne is (0.91 — 0.0474)/4 = 0.2157, and the mol frac- 
tion of H.is 0.91 — 0.0474 — 0.2157 = 0.6469. Thus, the analysis of the 
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gases leaving the converters of the first bank is completely known, and 
one can calculate therefrom the value of the pseudoequilibrium constant, 
(0.09)2/(0.2157) (0.6469)* = 0.138. 

Let x, y, z, and wu equal the mol fractions of NHs, Ne, He, and inerts, 
respectively, in the gases leaving the final converter. Four equations 
can be based on the facts that the sum of the mol fractions of the con- 
stituents must be unity; that the ratio of nitrogen plus hydrogen to 
inerts is unchanged by condensation of the ammonia by the particular 
technique employed; that the ratio of nitrogen to hydrogen is kept at 
1:3; and that, under the converter operating conditions used, the pseudo- 
equilibrium constant of the reaction should be the same as that in the 
gases from the converters of the earlier banks. 


etytz+u=1 
(y + z)/u = (1 — 0.25 — 0.04) /0.25 
z= sy 
x*/yz? = 0.138 


Solution of the equations for x gives the concentration of ammonia, 5.9%. 
By an entirely similar procedure, the ammonia concentration in the gases 
leaving the converters of the second bank is calculated to be 8.0%. 
Ammonia oxidation. In the oxidation of ammonia, as in so many 
other operations, gas analysis alone provides significant information. 
Illustration 2. An ammonia-oxidation unit using platinum-iridium 
catalyst discharges converted gases from the catalyst chamber through a 
heat exchanger for preheating the incoming air. It is desired to deter- 
mine the conversion efficiency of the unit. To this end, a sample of the 
converted gases is withdrawn at the outlet of the heat exchanger, where 
the temperature of the gases has dropped to 515°F. The analysis of this 
gas can be reported in various ways. It is not uncommon to report the 
fixed nitrogen in terms of NO. and NO, evaluating these on the basis of 
the state of oxidation as analytically determined. However, this method 
of reporting is in large measure unrealistic because of the fact that the 
NO is in process of oxidation to NO» by the oxygen in the mixture itself, 
not only in its flow through the exchanger but also in the gas phase of 
the sampling flask itself before analysis is complete. The ratio as 
determined analytically is therefore dependent on the point in the equip- 
ment at which the sample is taken and on conditions of sampling and 
absorption that bear no relation to plant operation and performance. 
The really significant information afforded by the analytical procedure 
is the determination of the total fixed nitrogen in the original gas sample 
and the determination of what may be called the active oxygen. The 
latter is the sum of all the oxygen combined with nitrogen and that 
present in the form of oxygen gas which can combine with the fixed 
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nitrogen if this is present in sufficient amount and suitable opportunity 
for combination is afforded. Active oxygen does not include any oxygen 
in the form of water, because such oxygen is not available for nitrogen 
oxidation. In any event, the results must be reported on a suitable 
basis; 100 mols of N2 is probably best for this purpose. 

In the case being considered, the analyst elected to report his results 
in still a third way. He took the analytical data and calculated what 
the gas analysis would have been on the basis of three purely hypothetical 
and indeed unrealistic assumptions: (1) that the gas sample be allowed 
to stand long enough so that all NO would oxidize to NO: but no further, 
(2) that no fixed nitrogen would condense out of the gas despite the 
presence of the water, and (3) that the NO: would be present in the gas 
as such and none of it as N20. On this basis he reported 11.2% NOz, 
2.2% Os, and 86.6% No». 

Calculate the conversion efficiency of the catalyst unit and the per- 
centage of ammonia (dry basis) in the ammonia-air mixture entering the 
catalyst chamber. 


Solution. 


Basis: 100 mols of dry gas reported by analysis. 

This contains 11.2 atoms of fixed nitrogen and 26.8 atoms of active 
oxygen. Call m the mols of NH; and n the mols of dry air. First set 
up an oxygen balance around that part of the equipment preceding the 
point of gas sampling. Knowing that all the hydrogen from the ammonia 
will appear as water, 2(0.21)n = 26.8 + 1.5m. Then by a total nitrogen 


balance, 
m + 2(0.79)n = 2(86.6) + 11.2 


Hence, n = 108.7, m = 12.6, and the conversion efficiency, which is the 
per cent of the ammonia appearing as fixed nitrogen, is 


100(11.2/12.6) = 88.9% 
The per cent ammonia in the entering gases 
= 100(12.6)/(108.7 + 12.6) = 10.4% 


Alternatively, 1 mol of NH; fed to the unit can be taken as a basis. 
Let « = atoms of fixed nitrogen resulting from it and y = mols of air 
used. By an oxygen-hydrogen balance, 2(0.21)y = 26.82/(11.2) + 1.5. 
By a nitrogen balance, 2(0.79)y +1 = «+ 2x(86.6)/(11.2). Hence, 
xz = 0.889, y = 8.62, and the conversion efficiency = 88.9%. The 
ammonia percentage in the ammonia-air mixture entering is 


100/(1 + 8.62) = 10.4% 
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Still a third approach could be used. Taking 1 mol of NH; as a basis, 
let 2 = mols air and y = mols converter gas. Then, by an oxygen 
balance, 2(0.21)x = 2(0.134)y + 1.5, and by a total nitrogen balance 
1 + 2(0.79)x = 0.112y + 2(0.866)y. Thus, x = 8.62, y = 7.94, and the 
conversion efficiency is (0.112)(7.94)(100) = 88.9%. The percentage of 
ammonia in the entering air-ammonia mixture is 


100/(8.62 + 1) = 10.4% 
It will be noted that these are not independent methods of calculation 
but merely three different arrangements of the same data according to 
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FIG. 7-2. Ammonia-oxidation plant of Illustration 3. 


the basis selected for calculation, and of course they lead to identical 
results. 

The engineer in industry is frequently faced with situations in which 
he has plant data that are obviously important but of limited accuracy 
and doubtful dependability. He is tempted to conclude that the thing 
to do in these situations is to discard the data that he has and obtain a 
new set of truly good data. However, it is often impracticable to do 
this with the time and facilities available, particularly when it is neces- 
sary to avoid interference with plant production schedules. In these _ 
situations, then, the engineer must make a careful analysis of the data 
that he has in order to determine their dependability before using them 
in the solution of the varied problems of plant control which the process 
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industries constantly face. The following problem on ammonia oxida- 
tion is intended to illustrate the technique of using material balances to 
evaluate the dependability of plant data. 

Illustration 3. Test information has been obtained on the operation 
of one unit of an ammonia-oxidation plant, using Pt-Ir catalyst, to 
analyze the plant performance when that unit was running without the 
usual introduction of secondary air into the stream of converted gas 
beyond the primary condensers, before its flow to the final absorbing 
column. Figure 7-2 is a flow sheet, showing all flow rates that can be 
measured directly. The operating pressure was 107 psig. 

The table below gives average analyses of various streams. The gas 
analyses are reported as ratios of fixed nitrogen and of active oxygen to 
nitrogen gas (N2 plus inerts). 


Gas ANALYSES 
Basis: 100 mols N» in the sample. 
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The liquid-flow rates are believed to be quite dependable. The air- 
flow rates were measured by uncalibrated orifices, and the test report 
itself points out that these may be in error, conceivably (though improb- 
ably) by as much as 10%. 

It is desired to use these data to determine the efficiency of conversion 
of ammonia to nitrogen oxides in the catalyst unit, the efficiency of 
recovery of these nitrogen oxides as liquid products, and the distribution 
of these oxides between liquid and gas streams at the point where they 
leave the cooling system and enter the final tower. 

Solution. The first thing to do is to size up the over-all performance 
of the unit. Inspection of the flow sheet shows that no data are given 
on the flow rate of the exhaust gases. Consequently, the dependability 
of the data cannot be tested directly by setting up any sort of over-all 
balance. However, the exhaust-gas flow rate can be computed by a 
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suitable balance; moreover, there are three elements on which data are 
available, so that theoretically the unknown flow rate can be computed 
by a balance based on any one of the three. For setting up these bal- 
ances, the analyses of the streams must be expressed in terms of the 
elements. The analysis of the liquid product is converted to this form 
by the conventional technique in the table below. 

Basis: 100 lb product acid. 


Seen 


Component Pounds Mols_ | Atoms N | Atoms H | Atoms O 
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The air supply to the unit must have been cooled after compression 
and is presumably saturated with water vapor. In view of the conditions 
of gas-liquid contact of the exhaust gases just before leaving the system, 
that gas also must be substantially saturated. Consequently, the 
analyses of the gas streams must be corrected for the moisture content 
which, although small, is not negligible. This is done below. 

The partial pressure of water vapor in the entering air is 1.0 in. Hg. 
Since the total pressure is 121.7 psia, or 247.5 in. Hg, the ratio of vapor 
to dry air, neglecting gas-law deviations, is 1/246.5 = 0.00405. Since a 
mol of air contains 0.42 atom of oxygen, the total oxygen per mol of dry 
air is 0.424. The number of atoms of hydrogen on the same basis is 
0.0081. 

The exhaust gas presents a complication because the state of oxidation 
of its fixed nitrogen is uncertain. It could be present as NO, NOs, N2Ou, 
or conceivably even as a dilute acid fog, or as some mixture of all four. 
The fact is that the amount of fixed nitrogen is so low that its condition 
is quite unimportant in determining the amount of water vapor in the 
gas. Assuming all of it to be present as NO:,* the total mols of dry 
exhaust gas per 100 mols of N¢ is 


0.083 mol NOz + 0.5[6.89 — 2(0.083)] mols O. + 100 mols Ny = 103.34 


Since the vapor pressure of water is 0.93 in. Hg, the ratio of H»O to dry 
gas is 0.93/(247.5 — 0.9) and that of H.O to Nz is 103.34/100 times this, 
or 0.0039. Hence, the ratio of total oxygen to No is 


0.0689 + 0.0039 = 0.0728 
while that of atoms of hydrogen to N2 is 0.0078. 


*The dissociation of N20, would be considerable on account of the low partial 
pressure, 
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With these results the hourly quantity of exhaust gases may now be 
calculated. It is desirable to give the flow rate of these gases as mols per 
hour of N» gas present as such (which is the total nitrogen less the fixed 
nitrogen). The reason for doing this is not only that the composition of 
these gases has been expressed on the basis of this Nz but also that it is 
an unchanging quantity, offering a fixed base because it takes no part in 
the complicated reactions occurring in the system. Table 7-1 sets up 
three total element balances, nitrogen, oxygen, and hydrogen. In each 
balance, the quantity of the element in question appearing under the 
heading ‘‘exhaust gas” is found by difference. The unknown flow rate 
of the nitrogen in the exhaust gas itself, which is to be calculated, is desig- 
nated x mols/hr. However, the numerical value that will be obtained 
for x will depend upon the element balance taken. 

First use a nitrogen balance. Each 100 mols of N» carry 0.083 atom 
of fixed nitrogen. Hence, the fixed nitrogen is 0.083/200.083 times the 
total nitrogen, 650.0 atoms, or 0.27 atom. Consequently, the flow rate 
of molecular N2 is 650.0 — 0.3 = 649.7 atoms/hr, or x = 325 mols/hr. 

A total oxygen balance combined with the exhaust gas analysis gives 
x = 21.2/0.0728 = 291 mols Ne perhour. Similarly, a hydrogen balance 
gives x = 11.9/0.0078 = 1526 mols nitrogen per hour. The last of these 
is obviously likely to be subject to gross error, because (1) the hydrogen 
in the exhaust gas calculated by difference is less than 6% of the total 
hydrogen flowing through the system, and (2) the hydrogen in the exhaust 
gas is very small and was estimated and not measured. The flow rate 


TABLE 7-1. ELEMENT BALANCES ON AMMONIA OXIDATION 
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calculated by the hydrogen balance should clearly be thrown out. The 
calculation based on the oxygen balance is subject to the same objections 
as those leveled against the hydrogen balance, but in far less degree. 
However, the nitrogen balance is obviously the most dependable for 
determining the exhaust-gas flow rate x. In other words, one would be 
inclined to accept the nitrogen-balance flow rate or perhaps to average 1t 
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with the oxygen-balance flow rate, giving the former considerably greater 
weight in arriving at the proper average. 

An approach alternative to a total oxygen balance is a balance based 
on active oxygen, which was defined in Illustration 2 as oxygen in the 
form of nitrogen oxides plus the oxygen available for oxidizing them. 
Actually, this is total oxygen less oxygen present as water or equivalent 
to hydrogen in nitrogen compounds (NH3 and HNO;). The total oxygen 
entering the system other than that as water or water vapor is the oxygen 
in the dry air, 172.0 atoms. In the converter 1.5(41.5) = 62.25 atoms 
of this oxygen goes to water, leaving 109.8 atoms of active oxygen in the 
converted gases. The total oxygen in the acid product is 189.0, but 
the equivalent of hydrogen in this acid, which is 94.4 atoms, must be sub- 
tracted, leaving 94.6 as the active oxygen in the product. This leaves 
15.2 atoms of active oxygen by difference in the exhaust gas, correspond- 
ing to a nitrogen-flow rate of 15.2/0.0689 = 241 mols/hr. This method 
of calculation eliminates any effects of water, either in the entering air 
or in the exhaust gases. The result should consequently be more depend- 
able than that from the total oxygen balance. It is surprising to find 
it so far below the result of the nitrogen balance. However, the nitrogen 
balance in Table 7-1 shows that the nitrogen exhaust gas comes almost 
exclusively from the air, the measured flow rate of which is admittedly 
open to question. The liquid-flow rates, determined presumably by 
weighing, gauging, or equivalent methods, ought to be by far more 
dependable than gas-orifice readings. In the nitrogen balance, these 
liquid-flow rates are given practically no weight at all. Is it possible 
to calculate the flows on the basis of liquid-flow-rate data alone? 

This can be done by ignoring the measured air-flow rate and treating 
it as unknown. Call the total air-flow rate m and the exhaust-N2 rate 
nmols/hour. It is now possible to set up three balances based on nitro- 
gen, oxygen, and hydrogen. However, for determining the gas-flow 
rates the hydrogen balance will be completely unreliable because of the 
small amount of total hydrogen present in the air and exhaust-gas 
streams and the uncertainty of their hydrogen contents. Setting up the 
nitrogen and total oxygen balances, one obtains 


1.58m + 41.5 = 38.0 + 2.0008n 
0.424m + 36.45 = 189 + 0.0728n 


Hence, 
m = 416 n = 331 


Similarly, using nitrogen and active oxygen balances, 


1.58m + .o = 38.0 + 2.001n 
0.42m — 6225 = 94.6 + 0.0689n 
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Hence, 
m = 429 n = 341 


Because these calculated gas rates are based on measured liquid rates 
only, the probability of their dependability is high. Moreover, because 
the active oxygen balance involves no assumptions as to the water con- 
tents of the gas streams, the rates calculated by using it are the more 
dependable of the two sets of values and probably the most dependable 
of any so far computed. It will be noted that this calculated air rate, 
429 mols/hr, differs by less than 5% from the measured air rate reported 
in the test, 409.5 mols/hr. 


One can use a hydrogen balance in combination with either nitrogen, total oxygen, 
or active oxygen balances, but as indicated above, one would not expect it to be at 
all dependable. In fact, the first combination gives a negative result and the last 
two give results that are impossibly high numerically. The last combination of the 
six combinations available, 7.e., the total oxygen and active oxygen balances, is clearly 
undependable because it will involve small differences in the two equations that might 
easily introduce gross error in the final results. In fact, the nitrogen-flow rate thus 
calculated turns out to be 175.0 mols/hr. 


Summing up the calculations to this point, good judgment seems to 
indicate that the best values of the gas-flow rates are 429 mols/hr for the 
total entering air and 341 mols of N» per hour in the exhaust gas. 

The yield of product acid as a percentage of the ammonia fed is 
(38.0/41.5)100 = 91.6%. This value is obviously independent of the 
gas-flow rates. The loss of fixed nitrogen unabsorbed is 


3.41(0.083) = 0.283 atom/hr 


which is 0.68% of the original ammonia fed to the system.' 

The chemical-conversion efficiency of ammonia to fixed nitrogen in the 
catalyst unit is therefore 92.3%, and the per cent absorption of the fixed 
nitrogen converted to oxides in the catalyst unit is 99.25. The mols of 
N; per hour formed by the oxidation of the ammonia is 


41.5(0.077)/2 = 1.6. 


The hydrogen lost in the exhaust gas is 341(0.0078) = 2.66 atoms/hr. 
This means that the hydrogen unaccounted for is 11.9 — 2.7 = 9.2 
atoms/hr, which, in a total of 200.7 atoms flowing through the system, is 
4.6% failure of closure of the hydrogen balance. This 4.6% is a good 
measure of the probable uncertainty of the over-all flow-rate figures. 

Now attention may be focused on the converted gas leaving the pre- 
heater. There are 13.5 atoms of fixed nitrogen per 100 mols of Nz in it. 

1 It should be noted that this value is higher than would have been obtained from 
any of the dependable values of nitrogen-flow rates calculated by other balances. In 
this sense, the figure is conservative. 
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Since the over-all data indicate a conversion efficiency of 92.37%, the NH; 
oxidized was 13.5/0.923 = 14.63 atoms, of which 7.7% went to form 
0.564 mols N>. The remaining N», 99.44 mols, presumably came in as 
air, bringing (42/79) (99.44) = 52.83 atoms of oxygen with it. However, 
inasmuch as the evidence available indicates that platinum-iridium 
catalyst converts all the hydrogen of ammonia to water, 1.5(14.63) = 21.95 
atoms of this oxygen were thus consumed, leaving 52.83 — 21.95 = 30.88 
atoms of active oxygen. This is 15.7% more than the 26.7 atoms 
reported by analysis. The discrepancy seems excessive. 

Another approach is to calculate the conversion efficiency of the 
ammonia to fixed nitrogen from the data of this same gas analysis by 
the method of the preceding illustration, 7.e., by the use of element 
balances around the whole’ of that part of the unit ahead of the point of 
gas sampling. The result is 79.3%. This contrasts with the 91.6% 
yield of product that was actually recovered and measured and with the 
92.3% conversion computed for over-all performance, both based on the 
directly measured liquid ammonia consumed. The analysis of the con- 
verted gas from the preheater is evidently so seriously in error that it is 
unwise to try to use it in interpretation of plant performance. 

Turning to the analysis of the oxidation-chamber gas, this must be 
interpreted in the light of the drip acid which has been condensed out of 
it and with which it is presumably in substantial equilibrium. The 
accompanying breakdown of the drip-acid analysis shows an atomic ratio 
of H/N of 6.031/0.854, or 7.06. This large amount of hydrogen comes 
mainly from the ammonia, since the amount in the primary air is small in 
comparison. It is true that the moisture content of the oxidation- 
chamber gas is lowered, despite its somewhat higher temperature, by its 
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lower volume as well as by the lowering of the vapor pressure of water 
by the nitric acid in the condensed drip. There will be little error in 
estimating the amount of the drip by a hydrogen balance, neglecting any 
condensation of the water vapor entering in the primary air. 

It should be obvious that the way to study the streams entering the 
absorption tower is to take a section through the equipment just prior 
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to the tower and set up balances at that section. These balances can be 
taken either around the tower or around the whole of that part of the 
system before the tower. The exhaust gas from the tower was not 
measured, and while it is true that its value has been calculated from 
over-all balances, one would prefer balances based only on directly 
measured quantities. Both streams entering that part of the system 
prior to the tower were measured, so it is practicable to set up such 
balances here. For this purpose, Table 7-3 is self-explanatory. 


TABLE 7-3. AMMONIA OXIDATION PLANT uP TO ABSORPTION TOWER 


Basis: 1 hr. 







Atoms N 
(total) 











Stream Flow rate Atoms H | Atoms O 


bammary air (Oty) on... os 6. cetsals 361 mol/hr 0 570 
TES ee eee 41.5 mol/hr | 124.5 41.5 
OE eee x lb/hr 0.060312 0.008542 


MOR P eee y mol/hr Ne 





Data are available for three balances—nitrogen, oxygen, and hydrogen. 
There are only two unknowns, namely, the quantities of drip acid and 
oxidation-chamber gas. There are, therefore, three solutions possible, 
each based on two of these balances. 

Granting that any net condensation from the gas stream of the water 
vapor in the entering air may be neglected, the drip acid can be calcu- 
lated directly by a hydrogen balance and is found to be 2063 lb. This 
means that the amount of the oxidation-chamber gas stream, expressed 
in mols of nitrogen gas, can now be calculated directly either by an 
oxygen balance or by a nitrogen balance. The results are given in the 
first two columns of figures in Table 7-4. 


TaBLE 7-4. SoLUTION TO TABLE 7-3 


HandO | HandN | N and O 








balance balance balance 
Drip acid, 2 Ib/hri..i. 012s ence sense eee. 2063 2063 1955 
Oxidation-chamber gas, y mol/hr Ne........... 253 283 284 
104.1 111.4 109.5 


Pet Cyn VOTRIOU i <x arses ais c -. cnsis' * 910-3 eke 





Alternatively, one can ignore hydrogen and calculate the quantities 
of drip acid and oxidation-chamber gas by the simultaneous equations 
corresponding to the nitrogen and oxygen balances. The results are in 
the third column of figures of Table 7-4. 
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In view of the nature of the data, the differences in the results do not 
look excessive. However, there is another way in which the results can 
be interpreted. Using the calculated flow rates, one may calculate from 
the analytical data the fixed nitrogen in each stream and from this the 
chemical conversion. These conversions are shown in the last line of 
Table 7-4. eit 

From the known chemistry of the process, conversion efficiencies above 
100% are impossible. However, excessive efficiencies are indicated by 
all three of the pairs of balances employed to interpret the data. More- 
over, these efficiencies are completely out of line with those obtained 
above from the over-all balances on the plant. There must be some- 
thing fundamentally wrong with the data. 

For each of these three pairs of balances one can now calculate the 
error (i.e., lack of closure) in the third element balance not used in the 
solution. When hydrogen and oxygen balances were used in computa- 
tion, the nitrogen balance is found to be off by 10.1% excess of input over 
output; the hydrogen-nitrogen balance results give, for oxygen, 3.6% 
excess of output; the nitrogen-oxygen balance gives, for hydrogen, 5.2% 
excess of input. 

From a balance around the whole of that part of the system prior to 
the absorption tower, the hydrogen from ammonia is 124.5 atoms per 
hour (see Table 7-3), whence the drip acid is 124.5(100)/6.031 = 2063 Ib. 
It contains 20.63(0.854) = 17.63 atoms of fixed nitrogen. Since from 
the over-all balances the total fixed nitrogen formed is 41.5(0.923) = 38.3 
atoms, the remaining 20.67 atoms must be in the gas. Hence, the N» in 
the gas is 20.67/0.101 = 204.5 mols. Of this, 41.5(0.077)/2 = 1.6 mols 
come from NHsz, leaving 202.9 mols from air. This N2 brings in 


(42/79) (202.9) = 107.9 atoms 


of oxygen with it. However, there are 20.63(5.119) = 105.6 atoms of 
oxygen in the drip, leaving only 2.3 atoms in the gas. The ratio of this 
to No, 2.3/204.5 = 0.0112, is so far out of line with the figure reported by 
analysis, 0.183, that here also there is clearly something fundamentally 
wrong with the analytical data. Whether the trouble is with analysis 
of drip acid or with that of gas is uncertain. It seems more likely that 
the gas analysis is off, because the technique of that analysis, both sam- 
pling and analysis itself, is so much more sensitive to errors than that of 
the drip acid. 

It appears that, whereas the data on the over-all performance of the 
unit are consistent within about 5% in the element balances and cor- 
respondingly dependable, the analytical data within the cooler-condenser 
system are too inconsistent within themselves and in relation to the 
over-all figures to justify giving them consideration. 
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Nitric acid. Concentrated nitric acid is normally made by distilling 
the product of ammonia oxidation in the presence of strong sulfuric acid, 
which acts as a dehydrating agent. However, reaction of nitrate with 
sulfuric acid continues to be an important source of nitric acid in certain 
areas. The final illustration of this chapter deals with some practical 
aspects of the latter method. 

Illustration 4. A chemical plant is manufacturing nitric acid from 
nitrate and sulfuric acid. The procedure is to charge a pot still with 
the reactants, heat the still, and drive the nitric acid vapors overhead to 
a system of condensers until reaction ceases and the still can be emptied 
and recharged. The standard charge is 2000 lb of nitrate and an equal 
weight of 66°Bé sulfuric acid. On a dry basis, the nitrate averages 96% 
NaNO;. However, the nitrate as weighed before charging to the still 
contains some moisture. Along with the nitric acid, water from the 
nitrate and the sulfuric acid is distilled from the pot. This appears in 
relatively large quantities as dilute acid in the initial and final stages of 
each run. However, the acid recovered during the middle portion of the 
run is quite concentrated. 

For some time, the plant has had a favorable market for the sale of 
95% HNOs, whereas weaker acids bring considerably lower prices. The 
stream of acid leaving the condensing system is sent to the 95% HNO; 
storage tank during the middle portion of each run. During the initial 
and final stages, the stream is diverted to weak-acid storage. The exact 
point in the distillation at which the stream is shifted from one tank 
to the other is left to the discretion of the operators. Their instructions 
are to cut the distillate stream into the strong-acid tank at some time 
within a half hour to an hour after the first signs of distillate in the con- 
denser sight box, following the start of a run. After the peak of the 
evolution of distillate has passed and the stream becomes increasingly 
dilute, samples are taken from the strong-acid tank from time to time, 
and when analysis shows that the concentration has dropped to 95% 
HNO,, the distillate stream is switched back to weak-acid storage. 

An engineer in the employ of this company has pointed out that it 
should be possible to increase the yield of 95% HNOs from each run by 
more judicious choice of the “cut points.” In order to provide a basis 
for analyzing the situation, a series of tests have been conducted, in which 
information has been secured on the progress of distillation during several 
runs. The averaged data are given in Table 7-5. 

It has been found that the data points for an individual run fall quite 
close to the average curve if the data are plotted as C vs. W. On the 
other hand, a scattering of the points is evident if C is plotted against 0. 
For this reason, C and W are chosen as the coordinates of Fig. 7-3. 

On the assumption that you have been delegated to go over the above 


238 INDUSTRIAL STOICHIOMETRY 


TasiE 7-5. Nirric Actp DISTILLATION 


@ = time from start of run, hr 
W = total weight of HNO; and H.0 distilled up to time 8, Ib 
C = weight fraction of HNO; in acid being evolved at time 0 


6 W C 6 Ww C 

0 0 0.608 2.50 855.3 0.956 
0.25 22.7 0.654 2.75 905.3 0.952 
0.50 33.5 0.674 3.00 1049 0.934 
0.75 61.5 0.728 3.25 1115 0.917 
1.00 187.1 0.976 3.75 1255 0.872 
1.25 347.8 0.973 4.25 1304 0.851 
1.50 513.3 0.969 4.75 1354 0.823 
1.75 713.3 0.963 5.25 1423 0.769 
2.00 761.3 0.961 5.75 1526 0.673 
2.25 809.3 0.959 7.25 1710 0.640 





information and report on it, analyze the data and prepare a summary 
of the material that should be included in your report. 

Solution. Before becoming immersed in detailed calculations, it is 
wise to review the over-all problem of how to control the “cut points.” 
The fact that the data correlate imperfectly on a time basis means that 
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C, weight fraction of HNO3 in 
distillate being evolved at time @ 
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W, total weight of HNO3+H,0 distilled up to time 9, Ib 


FIG. 7-3. Variation of acid strength during distillation of nitric acid from nitrate and 
sulfuric acid. 


the rate of distillation varies to some extent from one run to the next. 
Hence, control of the initial “cut point”? on a time basis is not very 
satisfactory from the angle of getting reproducible results. Control of the 
final “cut points”? by the analysis of samples from the strong-acid tank 
1s open to the objection that this tank is filled with acids of varying 
strengths, which are probably not completely mixed, thus making it 
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difficult to get a sample that is truly representative of the whole contents. 
Measurement of weights, as done in the tests on the unit, involves too 
many complications for daily use by the plant operators. The best 
method is to depend on analyses of spot samples of the distillate stream 
since these can be made rapidly and accurately, with simple equipment. 

If the operator is to be told to make the first ‘cut point” at one acid 
strength and the second at another, is there any simple relationship 
between the two which will help to simplify the instructions? A little 
reflection will show that there is. For maximum production of acid of a 
given strength, the operator should make his initial and final cuts at the 
same acid strength. Suppose, for example, that the initial and final 
“cut points” are both at 87% HNOs, giving (as will be shown later) a 
strong-acid cut averaging 95% HNO. If the initial cut is made at some 
concentration below 87%, the effect is to add to the mixture a certain 
amount of acid weaker than 87%. If the average concentration of the 
strong-acid cut is to remain 95%, the effect of the first change must be 
counterbalanced by moving the second ‘‘cut point’’ to a concentration 
somewhat higher than 87%. Thus, acid stronger than 87% is sub- 
tracted from the mixture and acid weaker than 87% is added. Since 
weaker acid always has a greater diluting effect than stronger, the addi- 
tion of a relatively small amount of weaker acid has a dilution effect 
that can be counterbalanced only by subtraction of a somewhat Jarger 
amount of stronger acid. The net effect, then, is a reduction in the 
weight of the 95% cut, and the conclusion is inescapable that the maxi- 
mum yield of 95% acid occurs when both ‘‘cut points” are at 87% 
HNO;.! If it is desired to produce a strong acid cut with an average 
concentration other than 95%, a similar argument applies. 

1 This conclusion is also reached if the process is visualized as being carried out in 
the following way. Suppose that the weak acid produced in the first part of the run 
is collected in a series of small tanks, the cut into each tank being made at each 1 per 
cent increase in the strength of nitric acid. When the strength reaches 95%, all acid 
above that strength is cut into one large “‘strong-acid”’ tank until the strength again 
falls to 95%. Then, at each 1 per cent change going down, other cuts are made. 
Since there is no essential difference between a dilute acid fraction going up and 
another of the same strength going down, like fractions go into the same tank. At 
the end of the run there is a large tank of acid averaging somewhat over 95% and a 
series of fractions of lesser strength each differing by 1 per cent. Now if it is desired 
to make 95% acid by blending acid in the “strong-acid” tank with the dilute frac- 
tions, the way to get maximum production of 95% is to blend the strong acid first 
with 94%, then with 93%, and so on, until the total blended acid tests 95%, never 
using an acid of low strength until all fractions of higher strength have been used. 
In this way the “strong acid” is stretched out to make the greatest amount of 95% 
acid. Since the last fraction used in making the blend contains weak acid made 
going up as well as weak acid of the same strength made coming down, 7.e., fractions 
made at the same “cut point,” it follows that the “cut point” to make the greatest 
production of 95% (or any other per cent) must be the same in both directions. 
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The next step is to establish the acid strength at which the operators 
should switch into and out of the strong-acid storage, in order to produce 
95% HNO;. As a matter of foresight, it is advisable to determine the 
proper ‘‘cut points’’ for production of other strengths of acid as well, 
since variation in market conditions may at any time make it profitable 
to manufacture an acid of different strength. It is also apparent that the 
relation between the strength of acid produced and the yield is of great 
importance in economic calculations. 

The production of a cut from acids of varying strengths evolved at 
different stages of the distillation is obviously a problem in integration. 
However, it may not be immediately evident that the integral of the curve 
through the points on a plot of the data has physical significance in rela- 
tion to the problem. The only safe procedure is to consider first a 
differential step of the process. 

In a differential element of time dé, during which dW lb of distillate 
are evolved, the weight of HNO; produced is C dW and the weight of 
H.O is (1 — C) dW. During the period from the start of the run to 


W 
time 6, the weight of HNO; distilled is the integral ih C dW, while the 
H.O is equal to W — (fe CdW. Since Fig. 7-3 is a plot of C against W, 


the area under the curve, between W = 0 and W = W, is equal to 
Ww 
ih C dW and is a graphical representation of a physical quantity, 7.e., 


the weight of HNO; distilled in the interval. The area between the curve 
and the line C = 1 represents the weight of H.O distilled. By contrast, 
if the data had been plotted in another way, e.g., as C against @, the area 
under the curve would then have had no physical significance relevant to 
solution of the problem. 

The results of graphical integration of Fig. 7-3 may be presented either 
as pounds of HNO; or as pounds of H,O distilled vs. the total pounds 
distilled. However, the amounts of H.O are relatively small compared 
to the HNO; produced, and hence large percentage variations in the 
concentration of H.O in the distillate lead to comparatively small per- 
centage variations in the concentration of HNO;. The consequence is 
that a plot of pounds of HNO; tends to mask what may be large per- 
centage effects with respect to H,O. As a general rule, it is preferable 
to focus on the impurities in a mixture (H,O in this case), as a more sen- 
sitive index of the behavior of the mixture than the principal constituent. 
In line with this principle, the results of integrating the curve of Fig. 7-3 
are given in Fig. 7-4 as pounds of HO distilled versus the total pounds 
distilled. 

At the end of the distillation (W = 1710), the curve of Fig. 7-4 shows 
that the total amount of water evolved is 210 lb. By difference, the 


NITROGEN COMPOUNDS 241 


total amount of HNO; is 1710 — 210 = 1500 lb. Comparison of these 
figures with the amounts one would predict on the basis of the charge 
serves as a valuable check on the dependability of the data as a whole. 
If one neglects moisture in the charge, the input of NaNO; is 


2000(0.96)/85 = 22.6 lb mols 


Standard 66°Bé sulfuric acid contains 93.19% H.SOs, making the input 
of H»SO, equal to 2000(0.9319)/98 = 19.0 pound mols. The production 
of HNO; amounts to 1500/63, or 23.8 lb mols. The principal reaction 
occurring in the still is NaNO; + H.SO, = NaHSO, + HNOs, followed 
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FIG. 7-4. Amount of water distilled vs. total amount of distillate. 


by the second reaction NaNO; + NaHSO. = NaSOs + HNO; Grant- 
ing complete reaction of the nitrate, the number of mols of HNOs pro- 
duced should equal about 95% of the number of mols of NaNOs, since 
about 5% of the nitrogen goes to lower nitrogen oxides. The degree of 
agreement between the nitrogen input and output is satisfactory, in 
view of the probable accuracy of weighings and sampling under plant 
conditions. It is also possible to check on the water balance. The water 
content of the sulfuric acid is 2000(0.0681) = 136 lb, leaving 210 — 136, 
or 74 lb, derived from moisture in the nitrate. This is a reasonable 
amount. 

Figure 7-4 offers a convenient means of determining the interrelation 
of “cut point,” the average strength of the strong-acid cut, and the yield. 
Suppose that one chooses to make the initial and final cuts at 90% HNOs. 
From Fig. 7-3, it is seen that these points correspond to W = 150 and 
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W = 1180. The yield is 1180 — 150 = 1030 lb. Reference to Fig. 7-4 


shows that when W = 150, the water distilled up to that time is 37 lb. 
When W = 1180, 82 lb of HzO have been distilled. By difference, the 
water in the cut is 82 — 37 = 45 lb. This means that the weight frac- 
tion of water in the cut is 45/1030 = 0.044. Therefore, if the “cut 


point” is 90%, the yield is 1030 lb and the average composition of the 
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FIG. 7-5. Interrelation of cut point, strength of product, and yield. 


cut is 95.6% HNO3. The results of a number of calculations of this sort 
are shown in Fig. 7-5, from which it can be seen that the proper “‘cut 
point”’ to use for production of 95% HNO; is 87%. 

A report should take up the question of how to control the operation, 
point out that the initial and final cuts should be made at the same acid 
strength, and give the quantitative relations of cut point, strength of acid 
product, and yield, noting that the data on which these relations are 
based are self-consistent, within the usual limits of accuracy of plant 
measurements. 
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PROBLEMS 


1. Ina Haber plant the gas leaving the CuCl tower contains 75.16% He, 24.57% 
Na, and 0.27% A. The gas entering the first bank of converters contains 79.52% Ho, 
while the gas leaving the absorber, which follows the first bank, contains 80.01% Ho. 
Absorption of NH; is substantially complete, and the design of the absorber is such 
that the amount of permanent gases removed from the system in the absorbing 
medium is negligible. What is the efficiency of utilization of H» in the first bank? 
What is the per cent conversion of He per pass, 7.e., the mols of H2 reacting to form 
NH; per 100 mols of Hz entering the converters? 

2. A synthetic-ammonia unit with a single converter is converting a fresh feed gas 
containing 75.8% He, 23.7% Noe, and 0.5% inerts. The gas leaves the converter 
containing 18.6% NH; and 70.0% He. This converted gas is fed to a cooler under 
conditions of temperature and pressure such that most of the ammonia leaving the 
converter is condensed to a liquid and removed. On reduction of pressure all the 
dissolved gases are evolved from this liquid ammonia. These are compressed and 
returned to the system just before the cooler. The residual gases from the cooler are 
recycled to the inlet of the converter, except for a purge provided in the recycle line. 
The uncondensed ammonia leaving the cooler in these gases is found to be 8% of that 
leaving the converter. Calculate the amount and composition of the purged gases 
per 100 mols of feed gas, and determine the net mols of residual gas recycled to the 
converter inlet per 100 mols of feed gas. 

3. Referring to the plant operations described in Illustration 1, calculate the 
following: 

(a) The gas-recycle ratio for each of the last two banks, 7.e., the ratio of the total 
mols of gas recycled to the converters of the bank to the mols of gas fed to the bank 
from its preceding bank. ; 

(b) The ratio of the total mols of gas entering each converter of each bank of the 
system to the fresh feed of purified gas entering the first bank. 

(c) The percentage of the total ammonia synthesized in the whole system that is 
withdrawn from the system as pure liquid ammonia from the condenser unit of bank 2. 

4. The proposal has been made to substitute for the condensation units of Illustra- 
tion 1 a set of water absorbers to take up the ammonia, followed by driers to dehy- 
drate the gas leaving the absorbers. Grant that one can thus remove the ammonia 
substantially completely from the gases and that the plant will adjust to the new situ- 
ation by reducing the recycle ratio in each bank, with no other changes in operating 
conditions and without sacrifice of yield in any bank in the system. By what per- 
centage will the recycle ratio in bank 1 be reduced? 

5. Assuming that it is practicable to install a second converter in bank 3 of the 
plant of Illustration 1, the new converter to be operated in parallel with the present 
single converter of that bank and with the amount of recycle in this third bank 
increased so as to hold the total mols of gas entering each of the two converters at the 
same value as that now entering the single converter, but with no changes in the 
operation of the system, prior to the third bank, estimate the total percentage conver- 
sion of hydrogen plus nitrogen in the original fresh feed now obtainable in the system 
as modified. 

6. In Illustration 3 accept the measured ammonia feed rate as a dependable figure, 
but in view of the uncertainty in the measured value of the rate of supply of primary 
air, treat this quantity as an unknown. Set up the three element balances around 
the whole of that part of the system prior to the absorption tower, and on the basis 
of these balances calculate the flow rates of primary air, drip acid, and nitrogen gas 
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in the gases entering the absorption tower. Compare the calculated air-flow rate 
with the reported measured value. On the basis of these results calculate the effi- 
ciency of conversion of ammonia to nitrogen oxides. Ans. 112%. 

7. The burners of an ammonia oxidation unit at Billingham, England, are supplied 
with 1860 cu m/hr of NH; and 13,900 cu m/hr of primary air, measured at 0°C and 
1 atm abs.* The ammonia feed amounts to 0.296 ton of ammonia per ton of equiva- 
lent 100% HNO; in the plant product. The burner gases pass to a cooling system in 
which the temperature of the gas stream is reduced to 30°C. The condensate formed 
as a result of this cooling contains approximately 30% HNO;. Both the condensate 
and the uncondensed gases flow to an oxidation and absorption system. To this 
system are fed 6600 cu m/hr of secondary air, measured at 0°C and 1 atm abs, and 
178 gal of water per ton of equivalent 100% HNO; in the plant product. The liquid 
stream withdrawn from the oxidation and absorption system is a practically pure 
solution of HNO; in water, essentially free of lower oxides of nitrogen, and constitutes 
the main product of the plant. The gas stream leaving the oxidation and absorption 
system flows to an alkaline-absorption system. The absorbing medium supplied to 
the alkaline-absorption system is a 25% solution of NaOH, containing 0.040 ton of 
NaOH per ton of equivalent 100% HNO; in the plant product. The liquid withdrawn 
from the alkaline-absorption system is a neutral solution of NaNO». The gases leav- 
ing the alkaline-absorption system pass through a back-pressure regulating valve, 
which maintains a pressure of 1.2 atm abs in the unit, and are then vented to the 
atmosphere. The plant production is 4.46 tons of equivalent 100% HNO; per hour. 

(a) Compute the plant production in tons of equivalent 100% HNO; per hour from 
the reported ammonia feed rate and ratio of ammonia feed to plant product, and com- 
pare the result with the reported plant production. 

(b) Compute the following quantities on the assumption that the reported plant 
production of 4.46 tons/hr corresponds to the HNO; in the main plant product (the 
liquid withdrawn from the oxidation and absorption system), while the reported 
figures for ammonia, water, and NaOH per ton of product are based on 1 ton of total 
product, 7.e., the nitrogen in the main product plus that in the nitrite liquor, expressed 
as 100% HNO:;: 

(1) Gallons per hour of water fed to the oxidation and absorption system. Com- 
pare the result with the value of 790 gal/hr given in the original report. 

(2) Per cent HNO; in the liquid withdrawn from the oxidation and absorption 
system. Compare the result with the nominal strength of 50% HNO; given in the 
original report. 

(3) Over-all recovery of nitrogen in the form of nitrate or nitrite, expressed as a 
percentage of the nitrogen in the ammonia feed. 

(4) Per cent of total nitrogen recovered appearing in the nitrite liquor. Compare 
the result with the statement in the original report that from 5 to 10% of the nitrogen 
oxides are recovered in the nitrite liquor. 

(5) Atoms per hour of nitrogen in the nitrite liquor and mols per hour of NaOH 
supplied to the alkaline-absorption system. Compare the result with the statement 
in the original report that the nitrite liquor is neutral. 

(c) Repeat the calculations of part (b), assuming that the reported figure for the 
ammonia feed per ton of product is based on the total product, but that the reported 
figures for the water and NaOH per ton of product are based on the main product. 

(d) Repeat the calculations of part (b), assuming that the reported figure for the 
ammonia per ton of product is based on the total product, the reported figure for the 
water per ton of product is the actual water rate in gallons per hour divided by 4.46, 


* G. C. Inskeep and T. H. Henry, Ind. Eng. Chem., 45, 1386 (1953). 
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and the reported figure for the rate of supply of NaOH is the actual rate in tons per 
hour divided by 4.46. Assume, however, that the value of 4.46 is not the number of 
tons of HNO; in the main product and that in actual fact the main product contains 
4.96 tons per hour of 100% HNOs. 

(e) Granting that the efficiency of conversion of the nitrogen in the NH; to fixed 
nitrogen by the burner is 92.0%, estimate the atoms of fixed N and of active O per 
100 mols of Nz» in the gas entering the oxidation and absorption system. How do 
you explain qualitatively the difference between the analyses of the gas and acid 
streams entering the oxidation and absorption system in the Billingham plant and the 
analyses of the corresponding streams entering the absorption column of the plant of 
Illustration 3? 

8. A nitric acid plant uses carefully dried NaNO; of high purity and 98% H2SOx, 
containing an amount of H.SO, that is 2% in excess of that theoretically required to 
convert the nitrate to NaHSO,. The amount of each of these materials to be intro- 
duced into the still for each batch is determined by careful weighing. In this plant 
the red acid produced from each batch is returned to the still with the charge for the 
next batch. The plant product is 96% acid of high purity, and the yield averages 
98% of the theoretical for the nitrate used. The red acid produced from each batch 
averages 40 Ib per 100 lb plant product. A representative sample of the red acid is 
taken, and 1 gram of this sample is diluted with 80% H2SO, to 20 ml. Of this solu- 
tion, 4 ml is tested in a nitrometer and yields 46 ml of NO, measured at normal barome- 
ter and 20°C. Another 10 ml of the same solution consumes 4.35 ml of N/20 KMnO.. 
Calculate the following quantities: 

(a) Atoms of total nitrogen recovered and recycled in the red acid per 100 lb of 
product. 

(b) Atoms of nitrogen as NO2 and as HNO; in the red acid per 100 lb of product, 
calculated on the assumption that the nitrogen in the red acid is present only as NO2 
and HNO;. 

(c) Pounds of water fed to the absorbers per 100 lb of product. 

(d) Mols of total H.O per mol H2SO, that in your opinion should be fed to the still 
in the charge of mixed acids entering it. 

(e) Pounds of 98% acid that should be weighed to accompany a 5000-lb charge 
of nitrate. 


Chapter 8 


LIME AND CEMENT 


In lime burning the fuel consumption is often expressed as the “fuel 
ratio,” 7.e., the pounds of lime produced per pound of fuel used. The 
fuel ratio can easily be estimated from the analysis of the kiln gas, pro- 
vided the compositions of fuel and limestone are known. 

Illustration 1. Consider the burning of pure calcium carbonate 
with hydrogen-free coke containing 83% carbon, producing a gas of the 
composition 26.5% COs, 5.0% Os, and 68.5% Ns. It is required to 
compute the ratio of lime produced to coke burnt, the per cent excess 
air used in combustion, and the amount of stack gas per ton of lime. 

Solution. This problem differs from one in simple combustion in that 
the gas contains not only the products of combustion of the fuel but also 
a reaction product from the charge, 7.e., the CO. from the limestone. In 
calculation, this CO: must be separated from the rest of the CO. that 
is a product of combustion. Since the nitrogen present in the gas comes 
from the air used for combustion, it may be employed as the basis for an 
oxygen balance in the manner illustrated under combustion calculations 
to get the oxygen actually introduced for combustion of the fuel. The 
balance of the oxygen must come from the limestone as CO,. The 
following computation should be self-explanatory. 


Basis: 100 mols of dry kiln gas. 





Component 








COg te. ated Oe eer 26.5 
Osis: S. 2404; a A ee ne 5.0 
Ngee Aen ha ae ee 68.5 

DOULA 6% pore ae een 100.0 





Os from air, OS DUSLICUl ch udu cece aera 
O: from stone = CO, from stone............ 
C from fuel = O2 for combustion........ om 


Weight CaO produced, 13.3(56.1) = 745 lb 

Weight coke burnt, 13.2(12)/0.83 = 191 Ib 

Fuel ratio, Ib CaO/Ib coke, 745/191 = 3.9 

Per cent excess air, 100(5.0/13.2) = 37.9% 

Mols kiln gas per ton CaO, 2,000(100/745) = 268 
246 
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Illustration 2. Take as a more practical problem the burning of a 
limestone containing, on the dry basis, 42.5% COs: and no other volatile 
-matter, using coal containing 81.0% C, 4.7% H, 0.5% S, 1.8% N, 4.6% 
O, and 7.4% ash, and producing a stack gas containing 24.4% COs, 4.1% 
Os, and 71.5% N». Compute as in the previous case the fuel ratio, the 
excess air, and the stack gas per ton of lime. 

Solution. Since the coal contains hydrogen, all the oxygen consumed 
in burning the fuel will not be present in the dry gas and the previous 
method must be modified. Preliminary calculations on the coal analysis 
are necessary. 


Basis: 100 lb coal. 





Constituent Pounds | Mols or atoms | O2 required 
1S Seg eee ee re See ee 81.0 6.75 6.75 
Pees bie. th. Wile ot chek tan « 4.7 2.33 
et ne: eR, 4.6 0.14 
SG Rader ae tes Pes Ys oo of 2.05 1.03 
Total (neglecting §)........ wes pode 7.78 


This table shows that, for every 6.75 atoms of C, 7.78 mols of atmos- 
pheric oxygen are required for complete combustion. Of the oxygen 
used, however, 1.03 mols will not appear in the kiln-gas analysis because 
it represents oxygen combining with net hydrogen to form water. 

Now consider the gas. The calculations are conveniently summarized 
in the following table. 


Basis: 100 mols dry gas. 














Gas Mols_ | Atoms C| Mols Oz 

COO eet icmar i sroras a td 24.4 24.4 24.4 

1 ie OS Oe ae ae 4.1 I, Mares 4.1 

Nite 29) oR ks 71,5 

Thitwirrrce. ot ew. 0 24.4 28.5 

GC from ‘Goal, 14:9(6:75/7.78) 2... .. 12.9 

C from limestone...............| 11.5 

O. from air, 71. 5(21/79).. ie ee 19.0 

ChE GOR ee ee eh fa ats Gad |\s esse sre 4.1 

O, required for combustion......|...----- 14.9 
Pounds lime, 11.5(44)(100 — 42.5)/42.5*............ 685 
Pounds coal, 12.9(100) /6.75).. ; etter hy | 
Pounds lime per pound of coal, 685/191. ee oo 
Excess air, 100(4.1/14.9)........-.-- eee e cree es 27.5% 
Mols H.O from combustion, 14.9(2.33/7.78)......--- 4.46 
Total stack gas, 100 + 4.46......---..-- eee eeeeeee 104.46 
Mols gas per ton of lime, 2000(104.46/685).......... 305 


* The figure 44 is the molecular weight of CO:. 
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It will be noted that the oxygen from the air is first calculated from the 
nitrogen. Next, the excess oxygen is “earmarked” and set aside, leav- 
ing 14.9 mols as the oxygen required for theoretical combustion. The 
calculations on the fuel analysis have given the ratio of carbon in the 
fuel to oxygen required for theoretical combustion, which is 6.75:7.78, 
making it possible to ‘‘earmark”’ similarly the carbon from the fuel and 
to get the carbon from the stone by difference. Having identified the 
amounts of all constituents in the gas from each source, it is a simple 
matter to get the quantities desired, as is shown by the calculations below 
the table. 

The preceding examples serve to indicate the general method of compu- 
tation. The illustration that follows shows how the method is applied to 
gas-fired kilns. 

Illustration 3. A gas producer supplies the fuel for several lime 
kilns. Although the composition of the gas varies, the average of a 
number of analyses gives 9.5% COs, 20.1% CO, 11.3% Hoe, 2.8% CHa, and 
56.3% Ne. Samples of the gas discharged by the kiln give 27.75% COs, 
2.25% Os, and 70.0% Ne. Find, per pound of carbon burnt, the number 
of pounds of lime produced from a limestone of the composition 1.54% 
insoluble, 1.44% R2O; (small iron), 50.07% CaO, and 3.54% MgO. 

Solution. Examination of the kiln-gas analysis shows that its carbon 
comes from the producer gas and the limestone, its oxygen from three 
sources, fuel, limestone, and air, and its nitrogen from both air and fuel. 
Furthermore, the hydrogen in the fuel does not appear in the dry kiln 
gas. While the selection of a basis for calculation is somewhat arbitrary, 
there being no single factor connecting one stream with the others, never- 
theless, as in the preceding cases, it will be found convenient to choose 
the kiln gas as the basis of computation. 


Basis: 100 mols of dry kiln gas. 














Gas Mols Atoms C} Mols O2 

OO awe ae eek eae 2140 26210 21.40 

Osnake ete eee 2320) 4. 2.25 
Nia ea 70.0. 

Lotale ose = 10050 Py bet RS 30.00 





Now, since the quantities of the other three streams yielding this kiln 
gas are not determinable directly, let 

« = the mols of producer gas 

y = the mols of air 

z = the mols of COs from the limestone 
Next the data from the analysis of the fuel are tabulated. 
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Basis: 100 mols of dry producer gas. 





Gas Mols_ |Atoms C| Mols Hz} Mols O» 
OR a tae Aout: 9.5 9.5 9.5 
CO irae, nak. See 20 51 D(a ee 10.05 
Figs chee, cal eae, tes TS 
GH te) rt 2S 223 5.6 
IN oe. Wer ew he 56.3 
AW AR Bee 2S ee 100.0 32.4 16.9 19.55 


Three simultaneous equations can be written expressing C, Oz, and N2 
balances, each on a basis of 100 mols dry kiln gas. 

C balance: 0.324% + z = 27.75 

Op» balance: (0.1955 — 0.169/2)x + 0.2ly + z = 30.00 

N2 balance: 0.563x2 + 0.79y = 70.00 
The term (0.1955 — 0.169/2)zx in the O» balance is the oxygen in the 
producer gas going into the dry kiln gas. It is obtained by subtracting 
from the total oxygen in the fuel the oxygen equivalent of the hydrogen 
in it, because (0.169/2)xz mols of oxygen will not show up in the dry kiln 
gas. These equations when solved give 

x = 45.1 mols of producer gas 

y = 56.5 mols of air 

z = 13.13 mols of CO, from the limestone 

Another solution to the problem, not algebraic, follows: 

Basis: 100 mols producer gas. The oxygen required for theoretical 
combustion is 32.4 + 16.9/2 — 19.55 = 21.3 mols, the corresponding 
amount of nitrogen being 21.3(79/21) = 80.2 mols. Adding this to the 
nitrogen already present in the fuel gives 136.5 mols as the total nitrogen 
produced by theoretical combustion. Hence, the ratio of carbon from 
the fuel to total ‘theoretical’ nitrogen is 32.4/136.5. 

Basis: 100 mols dry kiln gas. Turning attention again to the kiln 
gas, it is seen that this contains 2.25 mols of Os, the presence of which is 
due to excess air. The corresponding “excess” nitrogen is 


2.25(79/21) = 8.47 mols 


The remaining nitrogen, 70.00 — 8.47 = 61.53 mols, may be designated 
as the necessary, or theoretical, nitrogen coming from the theoretical 
combustion of the fuel. Using the ratio of carbon in the fuel to the 
theoretical nitrogen calculated above, 32.4/136.5, the actual amount of 
CO, from the fuel present in 100 mols of kiln gas must be 


(32.4/136.5)61.53 = 14.62 mols 
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The remainder, 27.75 — 14.62 = 13.13 mols, comes from the limestone. 
To calculate the amount of producer gas used, it will be noted that it 
must be sufficient to give 14.62 mols CO». Since 100 mols of producer 
gas will yield 32.4 mols of COz, (100/32.4)14.62 = 45.1 mols of producer 
gas will be necessary. 

This solution involves earmarking and setting aside the nitrogen 
equivalent to excess air, the remaining nitrogen being that corresponding 
to theoretical combustion. Since the analysis of the fuel gives the ratio 
of the carbon in the fuel to the nitrogen for theoretical combustion, it is 
now possible to earmark the carbon from the fuel and get that from the 
stone by difference. This procedure illustrates the fact that earmarking 
frequently makes it possible to simplify computations by using arithmetic 
methods rather than algebraic. Algebraic methods, however, though 
sometimes more cumbersome, are more generally applicable. 

The calculations by either method show that 45.1 mols of producer gas 
are required for each 13.13 mols of CO: produced from the stone, both on 
the basis of 100 mols of dry kiln gas. The producer gas is equivalent to 
45.1(32.4/100) (12) = 175.5 lb of carbon consumed in the producer. If 
the per cent of carbon in the coal is known, this figure can be converted 
into the corresponding weight of the coal. 

In order to calculate the pounds of lime produced per pound of carbon 
consumed, the only remaining quantity to be determined is the pounds 
of lime produced, which is obtained through the analysis of the limestone. 


Basis: 100 |b limestone. 


Pounds 
nonvolatile 

Tnsoltthl@ign: U2. hg Ace so hee 1.54 
ReOstos: ote EF eed be fal See. 1.44 
OO} te Bk ie ce on ee te eke 50.07 
1 G2 Oe ee) eS FS 3.54 
Total nonvolatile............. 56.59 
CO: by difference.............. 43.41 

Mols COs, 43-41 (4440 see 0.985 


The figure 43.41, obtained by difference from 100 of the sum of the 
other constituents, may be checked against the CO, corresponding to the 
CaO and MgO present. Theoretically, the CO, should be 


50.07(44/56.1) + 3.54(44/40.3) = 43.15% 


The useful datum obtained from this analysis is the ratio, pounds of lime 
(nonvolatile material) /mols of COs, which is 56.59:0.985. 

Returning to the basis of 100 mols of kiln gas, 13.13 mols of CO, from 
the limestone are equivalent to (56.59/0.985)13.13 = 755 lb of lime. 
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The ratio, pounds of lime/pounds of carbon burnt in the producers, is 
755/175.5 = 4.3. 

Illustration 4. An externally fired shaft lime kiln uses a coal of 
14,160 Btu/Ib as fired, which contains 78.31% C, 5.26% H, 1.55% N, 
0.90% 8, 6.37% ash, and 7.61% O. The kiln burns a limestone of high 
purity, producing on the average 2000 lb/hr of burnt lime. The average 
stack-gas analysis is 19.1% CO:, 6.8% Os, and 74.1% Ne. These gases 
leave the kiln at 300°C, and the lime is discharged at 250°C, air tempera- 
ture being 20°C. 

The heat of formation of CaCO; from CaO and CO, at 20°C is 43,700 
cal/g mol. The average specific heat of CaO between 20°C and 250°C 
may be taken as 0.20. 

Compute the following: 

1. Fuel ratio, z.e., the pounds of lime per pound of coal 

2. Excess air used for combustion 

3. Heat distribution in the kiln based on the lower heating value of 

the fuel 

Solution. In order to get the coal and gas analyses into more useful 
form, they are recalculated as follows: 


Basis: 100 lb of coal. 


Mols or Os 

















Pounds e H,0 
atoms | required 
Gite Oa oats: -|  7B.31 6.52 6.52 
Se Ee eee, eee oe 5.26 2.61 Bees 2.61 
ho Mes OS ec ee ae See 0.90 0.03 0.04 
te ee ere 7.61 0.24 
Net Hes 2.61 = Uae... 2.13 1.07 
SST Me es Oy aia hs SPS. Soares ae 7.63 





Sulfur is converted to SO; in this kiln, being absorbed by the.lime as 
CaSQO,. 


Basis: 100 mols of stack gas. 











Gas | Mols Atoms C| Mols O» 
CO Coe i Ae fet | 19.1 19.1 
ON pees ee aay 6.8 ees 6.8 
Ng tk SOR. Geo 74.1 -“ ; 
Ota woe. ores 100.0 1031 25.9 








From this table the following are computed by the techniques explained 


above: 
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O; in entering air, '74:1(21/79). ci Aacscae ew Oh ee et eee ees 19.7 
Oe TH CXOCKS so bial cc cts wade nies ee ol cle Bat ee eine 9 le fe pane eee ee 6.8 
O2 required for complete combustion.............+.2+eees see c cece 12.9 
Total O present si. oo. 6. oss bh oe oe Re ee puis ae mr sce 19.1 
CG from coal, .12.9(6.52/7 .63)...io.0l. ness sae a melee ee ee as 11.0 
Gi from. stone sise be oeeek rok aR ea a ee ee 8.1 
Lime produced, 8.1(56.1). .ns-- sc cas ct ae ee ees Ce a 454 Ib* 
Goal sused:'11,0(100/6.52) 8. ico. 85 2 <tee arate eee le 169 lb 
Poundslime per poutid coal, 454/169) 7. 3.25%, -4 5m Seas oe es 2.68 
Per cént..of excess air. 100(6.8/12.9)), 2..0- 1245048 =~ 7s pee ee 52204 
Mola: H3O from combustion, 2/61(12.9/7.63) 23. 7. 1a. eee Ce 4.4 mols 


Mols gas passing through shaft per pound of lime produced, 104.4/454... 0.23 mol 


On an hourly basis: 


Lime produced (,.. 209 ti hieds saa sang ete ee aoe: Dk eee 2000 lb 
Coal used, :2,000(169 /454)..2: 5 swears oS anil be ea ae en eee Pee 745 lb 
Stone. charged, 2000(100/56) ¢. «:s.)h0.cie 5 neta soi ee ie ee 3570 lb 
Gas made *2000(0. 28) Fine se o <tnbcsa e ee oe te a eee eee oe eee 460 mols 


These results are shown on Fig. 8-1. 


Stone, 3,570 Ib Gas, 460 mols 





(985,000 Chu = 17.4% ) 












Decomposition 
(1,560,000 Chu = 27.6% ) 


Heat loss 
(3,013,000 Chu= 53.4% ) 





Coal, 745 Ib 


(5,650,000 Chu 
= 100% ) 


Air, 414 mols 











Lime, 2,000 Ib 
(92,000 Chu=1.6%) 
FIG. 8-1. Lime kiln. Basis: 1 hr. 





In computing the heat distribution, it will be convenient to perform 
the calculations in Chu rather than in Btu since all temperatures are 
given in centigrade degrees. The heat of combustion of the coal is 
14,160/1.8 = 7870 Chu/lb, which is the higher heating value. This 
should be decreased by the amount necessary to vaporize the water 


* Exclusive of the SO; absorbed, 0.03(12.9/7.63)80 = 4 lb. 
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formed on combustion. Using 10,500 Chu per mol as the heat of vapor- 
ization gives 7870 — 10,500(2.61/100) = 7595 Chu for the lower heating 
value. Thus, the heat input is 745(7595) = 5,650,000 Chu/hr. 

The heat output is made up of the sensible heat in the stack gas, the 
sensible heat in the hot lime, the heat of decomposition, and the radiation 
loss. 

The sensible-heat content above 20°C of 100 mols of dry gas plus 4.4 
mols of water vapor at 300°C is found by using Fig. 1-3 (page 15). 


Basis: 100 mols of dry stack gas. 


Gas Mols_ | Mc},,, at 300°C = 572°F| Mols X Mc}, X 280 
CO2. 19.1 LOSE 54,000 
er iar ieee ae 74.1 7.0 145 , 200 
OG eee 6.8 7.3 13,900 
0 oe 4.4 8.3 10,200 
Total 104.4 223 ,300 





This and the other items of heat output are calculated on an hourly 
basis in the following table. 














Basis: 1 hr. 
Chu Per cent 

Stack-gas loss per hour: 

cece SIND, TERE UR OO ae ee eo eee nee 985 ,000 

ae IM Mae FeO OO) LOO seis eck wince Baia orm 2 * a) synced wiles |) Wenner os 17.4 
Heat in lime: 

POO. 20) (250 — 20). crescent ec west stensens 92 ,000 

£92000, 650,000) 100.50. 2... oe eee ee reece ee] eevee ees: 1.6 
Heat of decomposition: 

(2,000 (86,1) 43; 700 es clk ones ve ee eee eee 1,560,000 

(1,560,000/5,650,000)100..........--. eee eee e eee] eee eee: 27 .6 
otal heat Bocounted fors.:.....- 012. nee ee eee eee 2,637 ,000 46.6 
Heat loss by radiation, by difference..........--..+++++: 3,013,000 53.4 
Total heat output = heat input...........----++++-+++5> 5,650,000 100.0 


— 


This kiln has an excessive fuel consumption, due to an inordinately 
large radiation loss. It should be examined to determine the cause of 
this loss and the defect remedied if practicable. 

Illustration 5. The following data were obtained from a test on a 
rotary cement kiln, 135 ft in length and 76 in. in outside diameter. The 
mix was fed from a storage bin through a cast-iron pipe set in the brick 
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stack chamber. This dropped the charge into the rear of the kiln, 
whence it passed down toward the fire end, the time in the kiln being 
about an hour and a quarter. The fuel was finely powdered coal, from 
100 to 200 mesh, blown in by compressed air under 60 to 70 Ib pressure. 
From the fire end of the kiln the clinker dropped into a cooler, a cylin- 
drical steel shell lined with firebrick, similar to the kiln but smaller in size. 
The clinker was cooled by cold air entering at the lower end of the cooler, 
flowing countercurrent to the clinker and feeding from the upper end 
into the kiln, furnishing the main air supply. 

The object of the test was to determine (1) the pounds of coal con- 
sumed and pounds of raw mix used per 100 lb of clinker produced, and 
(2) the heat distribution. 

The only weight measurement that was practicable to be taken was 
that of the cement produced; this was corrected for the gypsum added 
in order to get the clinker. Although the coal was weighed automatically 
for the entire plant of 25 kilns, some of these were 8 ft and some 10 ft in 
diameter, with widely different production and fuel consumption, so that 
the amount of fuel used in the kiln in question could not be measured 
directly, but had to be calculated from other data obtained in the test. 

It should be noted that the temperature of the flue gas is probably 
somewhat in error. This was measured by a thermocouple inserted in 
the gas, which radiated heat to the colder walls and therefore read lower 
than the true temperature of the gas. 


OPERATING DaTA 


Draration.of Weetst..5-s.0<5 bees CE ee a ee eee 8 hr 
Cement produced (clinker plus gypsum).............. 41,260 1b 
Gypeunt Added. ov + vere Rye bl ees 1,280 Ib 
Clinker prodncedj notes ssh eo orb ns eae 39,980 Ib 
Temperatures: 
linker faliing trom kiln. ...2.2,.eequtd eae ae 2424°F 
Maximum kiln temperature....................... 2767°F 
Chinkerlesvingscoolent cia... os.ckin oss can euen on 1100°F 
IMG Bane. 4 Ulauacs chs eae aba «heen ee 1411°F 
Entering air: 
West, Dulb wi. dss sete cbs clk 42 23 .6°F 
Dry bulbs rete oe A beh one ee 27.6°F 
Barom eterss-esencde-o trier ecteniierny-deenoayeeedotenlonsderianin 29.9 in. 
Anemometer, point of air entrance to cooler.......... 244 ft/min 
Average flue-gas analysis: Per cent 
Oy. cite Big hs at et ine i i ee eae 25.39 
Oe Re OT Lee RO oer EER 5 5 thon 0.89 
0 0 eat NE tetra glee: pee eE 9 oy 0.08 


Naveen ees se tates Soe ae ee 73.64 
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Clinker analysis: Per cent 
NE, a er ar rs 63.42 
OS ee a ies ela Ny Ee 3.28 
Fe.0;, Al.O; EEA tal w ne keto, wean. Sitgoctk te Oye aie ne 11.42 
a RS eee os | eae ee ae A ch 20.80 
Bish eat cess). ..2iah Win att eure tk. oe 0.63 

Raw-mix analysis: 

CLO Le 7 oo, Sa eee Be ees 33.34 
eee ee see eek ae ed 41.97 
EC nee ee: ee) IE ee RG 13.00 
Fe.03, UA @ PY 2 eee 7.00 
PAD on eee Ra ge ye eran 2.50 
Pre ONISINRE EE 0 NE ayeres Ord or ee Ne an bins wala gop 0.65 
|S ge ee Oe Se RE Sas, Re ee 0.56 
EROS. Se ee eee O271 
Coal analysis: 
Cs ee rc EN uk oa rere fer oo 64.59 
Fe Me Arete cles OA LL. ha ea- = ENS Sod 5.07 
Be ee te on CY re x ete sto RAE A seis 1.76 
eee i Me EN wn Sivibeeadectes 71 
Cp ce . Chee ee a AY AA ben sodas eerie 5.97 
IM Gish a irene ek yr ree oan Paes 0.86 
Te aod ba. 2 Rag ek va mane deere 20.04 


Heat of combustion, 12,160 Btu 


Solution. There are three streams of materials entering the kiln— 
air, coal, and raw mix—and two leaving it—clinker and stack gas. Thus 
the problem involves the relation of these five quantities. By a nitrogen 
balance, however, the air used is a direct function of the gas evolved, 
thus reducing the quantities to four. If one of these is made the basis of 
calculation, three are left as unknowns. Let the basis of calculation be 
100 lb of clinker and the unknowns: 

x = pounds of coal per 100 lb of clinker 

y = pounds of raw mix per 100 lb of clinker 

z = mols of dry stack gas per 100 lb of clinker 
Assume that all the ash from the coal enters the clinker and neglect the 
difference in composition between the clinker and the burnt portion of 
the stack dust. It is true that alkalies concentrate in the stack dust 
because of volatilization; but, as will appear, the ratios of raw mix, coal, 
and stack gas to clinker are computed by balances involving elements 
other than the alkalies, and since the amount of dust is not large and 
the percentages of these other elements in it do not differ greatly from 
those in the clinker, the error due to dust is slight. It does, however, 
follow that the ‘100 lb of clinker” used as a basis is the sum of the clinker 
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actually discharged from the firing end of the kiln plus the corresponding 
amount of burnt clinker going up the stack as dust. Any unburnt raw 
mix going up the stack as part of the total dust does not appear in the 
computations or affect them in any way. 

To determine the three unknowns, three equations are necessary. 
The first of these is an oxygen balance, the second a carbon balance, 
and the third an equation of input to output of nonvolatile oxides. 

Before setting up the actual equations, the various analyses are 
reevaluated in order to arrive more readily at the proper figures to be 
used. 


Basis: 100 mols of dry stack gas. 


Gas Mols Atoms C| Mols O: 
CORB ee 25.39 25.39 25.39 
Ose 2A ae OF Soe eee 0.89 
COP Kae 0.08 0.08 0.04 
INie aeae here e. eeee 73.64 

(otal 100.00 25547 20na2 








Pounds 

GAO. svn + oe ee ee 63.42 
MeO 25 casita eee 3.28 
Fe.0;3, Al.O; oak SM <n OAL gw re Keres Meena 11.42 
SIOg i Hote wy aia eee 20.80 
Nonvolatile oxides.......... 98.92 
SO seactie saeco. . eee oe poe 0.63 


Basis: 100 lb raw mix. 
es Sg ee eee 
Nonvolatile 








Pounds aie Atoms C 

Us, Alls ook be 30.04) || 2 ee eee 0.758 
CaQTeer... oe 41.97 41.97 
Bide. Ot tie See SIS 13.00 
Fe.03;, Al.O; PA TR ee ee 7.00 7.00 
16 A re ae ae 2.50 2.50 
Granite. 320s. oee EPL Ad ee eet G 0.054 
ES PR ins dates 28 eran ay 0.56 0.37(Fes0;) 
HO. eee One 

LOtall; (oe ee ee 64.84 0.812 
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Basis: 100 |b coal. 





Pounds | Mols or atoms 


CSR In NENT oS SR: 64.59 5.38 
Late Re Le ee et tek be 5.07 Deol 
Sig SR ec 4 SA ee er 1.76 0.05 
Nie) RRR ns aot tas by All 

CORN SN eee. SS; 5.97 0.37 
IM Poyhinbiws tee G A Ok ene eee 0.86 0.05 
EACLE ROAR os TL ee, OE ee ee 20.04 

tle Cy 9 Moe Ui y Ga ee eae es PA ile! 





Although sulfur is present in both the coal and the raw mix, it is 
assumed that the stack gases contain none, since it is largely absorbed 
as sulfate by the lime and alkalies in the clinker and stack dust. The 
analysis of the clinker shows that over half the sulfur from the pyrites is 
converted to SO;, and since the amount of FeS, present is small, little 
error will be introduced by assuming complete combustion to SO; by 
the reaction 


4FeS» + 150.2 = 2Fe:03 + 8S03 


Therefore, 15 mols of oxygen are required for every 4 mols of FeS2. Like- 
wise, the sulfur in the coal will be considered as oxidized to SOs. 

For the oxygen balance, the following equality must hold: (O2 from 
air) + (O2 from raw mix) = (O2 in stack gas) + (O2 for net He in 
coal) + (Oz for S in coal) + (Oz for FeS: in raw mix). In this equation 
O. means only that oxygen that affects, or is affected by, the dry stack 
gas. Thus, combined water and moisture in the coal do not enter into 
account, nor does the oxygen in the form of the nonvolatile oxides, such 
as CaO, MgO, Al.Os, ete., come into consideration; yet the oxygen in the 
form of COz in the carbonates in the raw mix must be allowed for, since 
it passes into the stack gases. Using the values obtained in the tabulated 
analyses and employing mols throughout, the oxygen balance becomes 


0.73642(21/79) + 0.00758y = 0.26322 + 0.0214x/2 + 
0.00052(3/2) + (0.0056/120) (15/4)y 


Upon simplification this reduces to 
0.00740y — 0.01152 = 0.06742 
Similarly, setting up the carbon balance 


(C from coal) + (C from raw mix) = (C in stack gas) 
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gives the following equation: 
0.05382 + 0.00812y = 0.25472 
The equation for the nonvolatile oxides is 
(Oxides from raw mix) + (ash from coal) = (oxides in clinker) 


giving 


0.6484y + 0.20042 = 98.92 
Solution of these three equations gives the following values: 


x = 29.3 lb of coal 
y = 148.5 lb of raw mix 
z = 10.75 mols of stack gas 


These results may be used to determine the fuel consumption of the 
kiln. In the cement industry this is often expressed as pounds of coal 
used or as Btu consumed based on the higher heating value of the fuel 
per barrel of cement, a standard barrel being defined as 376 lb. In the 
present case this ratio equals 29.3(39,980) (3876) /100(41,260) = 107 lb of 
coal per barrel. According to Dixon,! this figure is somewhat higher 
than usual for a kiln of the size in question. A study of the heat distri- 
bution ought to show where the major losses are occurring. 


Herat BaLaANcE 


Normally, a heat balance is based upon the temperature of the sur- 
roundings, but in this case 60°F will be taken as a base line, partly for 
convenience (since Fig. 1-3 is based on this temperature) and partly to 
emphasize the fact that any reference point desired may be employed. 
Furthermore, although in furnace practice the heat balance is most 
frequently based on the higher heating value of the fuel as directly 
determined in a bomb or Junker’s calorimeter (therefore including the 
heat of condensation of all water resulting from the combustion of the 
fuel), in this case the lower heating value will be employed. The use of 
the higher heating value is, in a very definite sense, illogical, because 
industrial furnaces are almost never in a position to recover this heat of 
vaporization of the water from the fuel, and hence to charge them with it 
in reporting their efficiency tends to give a distorted impression of their 
performance. 

The heat balance will be that of the cooler and kiln combined. Here 
also the basis of calculation will be 100 Ib of clinker. 


1C, C. Furnas (ed.), “Rogers’ Industrial Chemistry,” 6th ed., Chap. 22, ““Cement, 
Lime, and Plaster,” by T. G. Dixon, D. Van Nostrand Company, Ine., New York 
1942, 
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Heat input. Heat of combustion of coal, 
29.3(12,160) = 356,000 Btu 
Heat of vaporization of water formed on combustion, 
29.3(0.0251 + 0.0005) (18)(1060) = 14,300 Btu 


The value 1060, taken from the steam tables, is the heat of vaporization 
of water at 60°F in Btu per pound. Net heat input from coal, 


356,000 — 14,300 = 341,700 Btu 


Graphite has a heat of combustion of 94,100 Chu per atom of carbon, 
and the heat of combustion of FeS., when burning to FeO; and SOsg, 
is 249,400 Chu per mol. The heat input due to the presence of these 
two substances in the raw mix is therefore 


143.5[0.00054(94,100) + (0.0056/120)249,400]1.8 = 16,200 Btu 


Adding this to the 341,700 Btu already calculated gives 357,900 Btu as 
the total heat input. 


Heat output. 


1. Heat of reaction. In burning a raw mix to obtain cement, a number 
of chemical reactions take place. As the mix is heated, calcium and 
magnesium carbonates decompose into carbon dioxide and free lime and 
magnesia. The lime thus set free reacts with the silica, alumina, and iron 
oxide present in the mixture; free magnesia, apparently, has little tend- 
ency to combine. The over-all result is that, when the mixture has been 
heated to between 1400 and 1600°C and cooled, four definite compounds 
are predominant, namely, dicalcium silicate (2CaO-SiOz), tricalcium sili- 
cate (3CaO-SiO.), tricalcium aluminate (3CaO-Al,0;), and tetracalcium 
aluminoferrite (4CaO-Al,0;-Fe20;). Microscopic studies have shown that 
in masses that are well mixed and well burnt the reactions are surprisingly 
complete. In fact, most cements contain about 1% or less of free lime, 
indicating that the rest has gone into the more complex compounds. 
Incompletely burnt clinkers are high in free lime and low in tricalcium 
silicate, indicating that the combination of free lime with dicalcium 
silicate is the last reaction to occur in the burning process. 

To compute the heat of reaction for a complex operation of this sort 
obviously requires a more elaborate technique than has been employed in 
energy calculations up to this point. Fortunately, in the present case it 
is the over-all result that is of interest, and a consideration of the inter- 
mediate reactions is unnecessary. 
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The basic thermal data are available in a number of standard texts 
and collections of data! in the form of tables giving the heats of formation 
of various compounds from the elements of which they are composed. 
In applying the data to a chemical process, use is made of the principle 
developed in physical chemistry which states that, regardless of how many 
intermediate reactions are involved, the net heat effect is simply the 
difference between the heats of formation of the final products and the 
original reactants. 

The data on heats of formation are in terms of chemical compounds; 
the analyses of the clinker and the raw mix, on the other hand, are largely 
in terms of oxides, without regard to the manner in which they are 
chemically combined. Clearly, the analyses must be expressed in terms 
of the chemical compounds actually existing in the clinker and the mix. 
To do this, a number of simplifying assumptions are necessary, since the 
analyses reported in this particular test are incomplete. These assump- 
tions are justified by the fact that the uncertainties involve constituents 
that are present in minor amount. In addition, as will be shown, the 
over-all heat of reaction accounts for only about one-fifth of the total 
heat input to the kiln. Therefore, relatively large percentage errors in 
determining the heat of reaction have a relatively small effect on the 
over-all heat balance. 

In estimating the composition of the clinker, the following items will 
be considered negligible: 

1. Free CaO 

2. Combined MgO 

3. The amount of Fe2O; in the clinker other than that derived from 
pyrites in the raw mix and the coal 

4. Compounds of SO; 

All iron present in the clinker is considered to be present as tetracalcium 
aluminoferrite, the remaining alumina as tricalcium aluminate, and the 
remaining calcium combined with silica as dicalcium and tricalcium 
silicates. 


Basis: 100 |b of clinker. 


Pounds Fe.0;: 143.5(0.0037) + 29.3(0.0176) (160) /32(4)....... 1.18 

Pounds AlsOg. 1149 =="1. 180.4 oo). ee oe ee ee eee 10.24 

Total mols’ GaO7G3.42/56 2901.24 . ae. Ge a ee eee IS13i 
Total Inols: Bi9¢!' 2080/60/15 425,40. cee 0.346 
Wotal mols, AlsQg%s10: 947102 ste oe ey We ee 0.100 
Mola My) 33:28 JA03 bo bro. Gili a kien ee 0.081 
Mols 4Ca0-Ald)s-FesQs* 1.18/160...4.0.. 0.08 ae ee 0.007 
Mots 3CaQ-Al,03: 0.100 0.00770, (eu tee ecu e ee ere 0.093 


' For example, J. H. Perry (ed.), ““Chemical Engineers’ Handbook,”’ 3d ed., pp. 236- 
243, McGraw-Hill Book Company, Inc., New York, 1950; or F. D. Rossini, D. D. 
Wagman, W. H. Evans, S. Levine, and I. Jaffe, “Selected Values of Chemical Thermo- 
dynamic Properties,” Circular 500, National Bureau of Standards, Washington, 1952. 
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Let x = the mols of dicalcium silicate and y the mols of tricalcium 
silicate. Then x + y = 0.346, while 


2a + 3y = 1.131 — (4)(0.007) — (3)(0.093) 

Solving, 

x = 0.214 mols 2CaO-SiOz 

y = 0.132 mols 3CaO-Si02 

The following assumptions are employed in estimating the composition 
of the raw mix: 

1. All the MgO is in the form of MgCO; 

2. The rest of the carbonate is CaCO; 

3. Any CaO not present as carbonate is present as CaO-SiO2 

4. The amount of Fe.0O; in the fraction reported as Fe.O; and Al.O; 
is negligible 

5. Al,O; is present as AloO3-SiO2 

The computations that follow are on the same basis as above. 


Mols 
digeiepi Wi COP: BESTE BRE GW/2 EBs ae Ran eerie Ara es ec 1.088 
Die O0 9 145.6(0,0250) (40.3% «as. no ee ne ae eh 0.089 
Ga WO OserlaUSse— 0089 sar ies eres 5c ci 2 ones eerste 0.999 
Wisral (in): £05 0.4197) 706.6 on oe cy cep ews, LLOTG 
CAO 10) sth) O69 — 10909 ers oe dds sie wees cieieye = 0.077 
Mrs ies 40.0700) / 102... 2.2 we ke le aes 0.099 
Wate er hae 262-0100) O05 ee emg own ene n rye 0.310 
Eree siOs.0.510°— 0077 — 0,009.2 ee... was: 0.134 
FeO; (from pyrites)*: 143.5(0.0037)/160........... 0.003 


* The heat of reaction associated with oxidation of FeS: in the mix to Fe2O; and 
SO; has already been accounted for in the computation of the heat input to the kiln. 
The heat effects involved in further reactions of SO; are neglected here, as in the 
calculations concerning the clinker. 


The approximate composition of the ash from combustion of the coal 
can be estimated if one knows the amounts of oxides present init. The 
lime and silica can be found by taking the difference between the quan- 
tities in the raw mix and those in the clinker. The lime in the ash 
computed in this way is 1.131 — 1.076 = 0.055 mol, or 3.08 lb. Simi- 
larly, the silica in the ash is 0.346 — 0.310 = 0.036 mol, or 2.16 lb. 
FeO; derived from oxidation of pyrites in the coal is computed directly 
and is 29.3(0.0176) (160) /(32)(4) = 0.65 Ib, giving a total of 5.89 lb of 
CaO, SiO», and Fe,O; in the ash. The total ash is 29.3(0.2204), which is 
also equal to 5.89 lb. The exact agreement between the two figures is 
fortuitous, but it justifies the assumption that the ash in this particular 
coal contains a negligible amount of Fe,O; other than that derived from 
pyrites, as well as a negligible amount of MgO and Al,O;. The assump- 
tion will be made that Fe.O; is present in the ash as Fe.03'SiOze, while 
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CaO and the remaining SiO, are combined partly as CaO-SiO» and partly 
as 2CaO-SiO.. Let u = the mols of CaO-SiO2 and v = the mols of 
2CaO-SiOo. Then u + 2v = 0.055 and u+v = 0.036 — (0.65/160). 
Solving, 

u = 0.009 mol CaO-SiOz 

v = 0.023 mol 2CaO-SiO2 


Mols Fe20;‘Si02 = 0.65/160 = 0.004 


The calculated components of the raw mix, the ash from the coal, and 
the clinker are summarized in Table 8-1, together with the energy 
calculations. 


TaBue 8-1. Heat or FORMATION OF CEMENT 


Basis: 100 |b of clinker. 


Heat of formation, 


Mols Heat of formation, Chu 
ai gi Chu/Ib mol* 
























Reactants | Products 








Raw mix plus ash: 
CaCOg comets «50% 0.999 289 , 500 289 , 200 
Mes ete 0.089 261,700 23 ,300 
CaO-SiOz...........| 0.077 + 0.009 377 ,900 32,500 
2CaO-SiOz.......... 0.023 538 ,000 12,400 











Al,O3-SiOz.......... 0.099 642 ,000 63 ,600 
Sieh ens meet ite: 0.134 203 ,350 27 ,200 
Vel ase cc tice snd cs 0.003 198 ,500 600 
Fe203-SiOz.......... 0.004 413 ,000 1,700 
Clinker: 
2CaO-SiOz.......... 0.214 B28: OOO lah ct tas 115,100 
3CaQO-SiOe.......... 0.132 688 400" ab ade, 90,900 
3CaO-Al.O;......... 0.093 SCR ee ee oe 78,900 
4CaO-Al.03-Fe.0;... 0.007 LoL U0U oe te cece 8,500 
CAS a ee 151,700 
Maes, US 7.4 0.081 143} 840- ) Cas Ge 11,600 
Gas: 
CGE Ltt Sid Be a 0.999 + 0.089 04 59s) dali: pte 102, 200 
Potala. Sista Oe oe bee Ti. Vivek te: 450,500 | 407,200 














* Values for 2CaO-SiOx, 3CaO-SiOs, 3Ca0-Al.03, and 4CaO-Al,03-Fe,O; from 
Rossini et al., op. cit. Other walues from Perry, op. cit. Value for Fe20;-SiO» esti- 
mated by adding the difference between the values for FeO; and 2FeO to the value 
for 2FeO-SiO. from the first reference. 


Therefore, the heat of reaction is (450,500 — 407,200)1.8 = 78,000 Btu. 
2. Sensible-heat content of gases. 
Basis: 100 mols dry stack gas, 
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Water vapor from air (pressure = 2 mm H,0): 
Mols N: | Mols air 


73.64 100 2 
79 758 








= 0.246 mol H,0 


Water vapor from charge: 





Mols gas Lb Lb 
charge H,0 
100 143.5 0.0071 0.526 lH 
10.75 amy Poet 


Water vapor from combustion of coal: 


Mols gas Lb 





coal 
100 29.3 (2.51 + 0.05) 
10.75 100 = 6.99 mols HO 


Total water vapor: 


0.246 + 0.526 + 6.99 = 7.76 mols 


SENSIBLE-HEAT CONTENT ABOVE 60°F 





Gas Mols_ | Mc?,, at 1411°F | Mols X Mcp, X 1351 
Oe ee ae 25.39 11.4 392 ,000 Btu 
Ae es hae ae een 0.89 7.8 9,400 
8 Nee, Ce 0.08 7.4 800 
OS re ce 73.64 7.3 728 ,000 
BGs flee Sass 7.76 8.9 93 ,500 
Petal, spe X... Sp 1,223,700 Btu 








3 


Basis: 100 lb clinker. 
10.75(1,223,700/100) = 131,900 Btu 
3. Potential heat in gas due to CO. 
10.75 (0.0008) (67,600) (1.8) = 1050 Btu 
4. Sensible heat in clinker. Assume 0.25 as its average specific heat. 
100(0.25) (1,100 — 60) = 26,000 Btu 


5. Heat required to bring charge, coal, and air to 60°F. Assume 0.20 
as the specific heat of the solids and use 7.0 as the molal heat capacity 


of air. 
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Btu 

(143.5 + 29.3) (0.20) (60 — 27.6)........---- eee cece ee eeeeeece 1120 

Mols | Mols | Mols | Mols | Btu/°F 

gas Ne dry air 

air 
10.75 | 73.64 100 760 7.0 (60 — 27.6) 2280 
100 79 758 
Total 2 gesce cco lees ca ee Re SE) ede > phere ae ee 3400 
6. Heat of vaporization at 60°F of water in charge. 
143.5(0.0071) (1060) = 1080 Btu 
SumMaAry OF Heat DistTRIBUTION 
Btu Per cent 

Heatanputbis:. cuca ae bho ce eee 357 , 900 100.0 
Heat output: 

Heatiofireactiones =.40520 eee ee eee 78 ,000 21.8 

Sensible heat im gas... beau. Sisee Gee's op ale 131,900 36.8 

Potential iéatan gad oe a 1,050 0.3 

Sensible heat in clinker.................... 26 ,000 (a3 

Heat required for charge.................. 3,400 1.0 

Heat to vaporize water in charge........... 1,080 0.3 

Heat loss, by difference................... 116,470 32.5 
Heat output = heat input...................| 357,900 100.0 





The summary of the heat calculations shows that the heat loss from 
the kiln is excessive, amounting to almost one-third of the heat input. 
The reason for this should be determined and the loss reduced if possible. 

Another third of the heat input appears in the output as sensible heat 
in the stack gas. At first thought one might be inclined to suspect that 
this was caused by an unduly high amount of excess air. That this 
is not the case is quickly revealed by the gas analysis, which shows less 
than 1 per cent free oxygen. Little can be gained by reducing the per 
cent excess air, and other means of dealing with the stack losses should 
be investigated. 

One possibility is to leave the conditions within the kiln itself unchanged 
and take steps to utilize the heat in the stack gases. For example, a 
waste-heat boiler might be installed. Another approach is to attempt 
to change the conditions inside the kiln in some way. To do this intelli- 
gently, it is necessary to understand the nature of these conditions and, in 
particular, to be aware of any equilibrium limitations that may exist. 
The final illustration of the chapter is concerned with this problem. 

Illustration 6. Lacey and Shirley! give the data shown in Table 8-2 
on the analysis of the solid charge at various distances from the discharge 
end of a 102-ft rotary cement kiln. 

1W. N, Lacey and H. BE. Shirley, Ind, Eng. Chem., 24, 332 (1932). 
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TaBLe 8-2. ANALYSIS OF CHARGE IN CEMENT KILN 


’ Weigh 
Distance from discharge ing! a gin Spiegel 


end of kiln, ft 
8 H.0 | CO, | Free CaO 








M2 (leRG co ee, nance 1.4 alee 0.9 
Bi Gen SOAS eee ee 0.4 30.1 12 
Dita Lees eee ak. i. 2 0.2 25.9 6.6 
DIES RMON ee Ge Nice 0.1 22.9 Via 
Ban oe a ME, ots clers g 0.1 14.9 19.6 
Se Ea en eee OFZ 8.9 26.1 
DERE eee lake on os: 0.2 5.9 26.3 
AG tae eS ee 2 Ded UP 0.1 2.6 28.2 
DRO TA ee St wth. 5.0 
Sr gy tol Ae See key, «5087S 4.2 
105 568 Sean cee es ig 

if ne eee ee 0.3 
SOI fae Or) 8 TY 0.2 
O (elinker) ee pease Ov 


The feed contained 3.9% MgCO;. Analysis of the clinker showed 
64.3% CaO, 3.8% MgO, 23.1% SiOz, 4.6% Al2Os, and 2.2% Fe20s. 
What do these data show about the operation of the kiln? 
Discussion. Since the feed to this kiln contains only a small amount 
of MgCO,, the percentage of CO, is an index primarily of the amount of 
undecomposed CaCO; in the charge. Inspecting the series of analyses 
with this in mind, one sees that there are five fairly distinct zones within 
the kiln. In the first zone, extending from the feed end to the sample 
point at 87 ft from the discharge end, there is only a small change in 
composition, indicating that little reaction of any kind is occurring. 
Essentially, the function of this part of the kiln is to dry and preheat the 
charge. In the second zone, from 87 ft to 33.5 ft, there is evident a 
progressive decrease in the percentage of carbonate and a simultaneous 
increase in free lime, indicating that the major reaction is decomposition 
of CaCO, to form CaO and CO». The third zone extends from 33.5 ft 
to 24.5 ft and is characterized by a continued decrease in carbonate, while 
the free lime remains practically constant. In this region there must be 
a disappearance of free lime through combination with other compounds 
in the charge at a rate approximately equal to that at which free lime is 
being formed by decomposition of CaCO;. From 24.5 ft to 18 ft, the 
principal change is a sharp drop in the percentage of free lime, evidencing 
a high rate of reaction of free lime with other compounds. In the fifth 
and last zone, from 18 ft to the discharge end of the kiln, the residual 
free lime, which is still appreciable at 18 ft, is gradually eliminated. 
While the broad outlines of the burning process are thus apparent, some 
kind of quantitative treatment of the data is obviously desirable. For 
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example, in any region in which the principal reaction is decomposition 
of CaCO; to form CaO and CO2, a comparison of the analyses ought to 
show that the increase in free CaO between any two points is stoichio- 
metrically equivalent to the decrease in CaCO; between the same two 
points. If the data are compared properly, they can also be used to 
determine the relative rates of reaction in various parts of the kiln. 
Information on rates may well reveal features of the operation not 
immediately apparent from inspection of the tabulated analyses. 

In view of the loss in weight resulting from evolution of HO and CO, 
as the charge moves through the kiln, the analyses as reported are not 
on the same basis. However, they are related by the fact that there is no 
change in the amounts of other oxides in the charge except for volatiliza- 
tion of negligible amounts of alkalis. Hence, the first step in the calcu- 
lations is to express the analyses in terms of a fixed amount of nonvolatile 
oxides. At the same time, in order to make it easier to grasp the stoi- 
chiometrical relations, the carbon dioxide and the free lime should be 
expressed in terms of mols. For example, on a basis of 100 lb of non- 
volatile oxides, the carbonate in the feed equals 


31.2(100) /44(100 — 31.2 — 1.4) = 1.051 mols 


while the free lime equals 0.9(100)/56(100 — 31.2 — 1.4) = 0.024 mol. 
The results of similar calculations at other sample points are given in 
Table 8-3. 


TABLE 8-3. CO. AND FREE CaO IN CEMENT-KILN CHARGE 
Basis: 100 lb of nonvolatile oxides. 


Distance from discharge 


end of kiln, ft Mols COz | Mols free CaO 








102. 1.051 0.024 
Of os AY bees. Aa, 0.984 0.031 
ORAS eS 2 eb thas 0.796 0.159 
Se ee ne ee 0.675 0.271 
AS oe Sels eee, See ei 0.398 0.411 
SN RL ee Be ee 0.222 0.513 
DY cs thr ee skt Ae re ete 0.143 0.500 
24,670.38 SO Lee 0.061 0.517 
LSD a te LSE Rs cet hin) Meee 0.089 
VA eo Leis aite > Sans cue egtepehoic as Ve aad oe 0.075 
LON Be heel te oar ak. oi eel es cee 0.048 
f Tieae ts Seah ok eee. ee 0.005 
Si ean\s hag caiatay anes See Tee ee 0.004 
Ost. Sa OOS fet 2 01) Boe 0.002 
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As has been noted previously, the amount of CO, in any given sample 
is an index chiefly of the content of CaCO;. However, the MgCO, in 
the feed amounts to several per cent and cannot be neglected. Some 
method of distinguishing between CO. evolved by decomposition of 
CaCO; and CO: from decomposition of MgCO; is needed. 

The MgCoO; in the charge may be present as such or in the form of 
dolomite, CaCO;-MgCO;. However, both CaCO; and dolomite are 
relatively stable compounds, decomposing at about 890°C and 750°C, 
respectively, at normal atmospheric pressure, while MgCO; decomposes 
at a much lower temperature, approximately 540°C. Since the data 
indicate that some evolution of CO. takes place even in the first 15 ft 
of travel of the charge through the kiln, where the temperature of the 
charge is still quite low, it seems likely that MgCO; is decomposing in 
this zone before the charge is heated sufficiently to effect any appreciable 
decomposition of CaCO; or of dolomite and, therefore, that MgCO; is 
present as magnesium carbonate and not as dolomite. 

This conclusion is also reached by another line of reasoning. The 
evolution of CO, is 1.051 — 0.984 = 0.067 mol in the first zone of the 
kiln, while the gain in free CaO is only 0.031 — 0.024 = 0.007 mol. 
Conceivably, this result might be attributed to the decomposition of 
0.067 mol of CaCQs;, followed by reaction of 0.060 mol of free CaO with 
other solid oxides in the charge. However, the rate of reaction of free 
CaO with solid oxides does not become equal to the rate of decomposition 
of CaCO; until a point somewhere in the middle of the kiln is reached 
where the temperatures are much higher. This further strengthens the 
likelihood that the early CO, evolution is from magnesium carbonate. 
It is more reasonable, therefore, to assume that only 0.007 mol of CaCO; 
decomposes in the first zone and that the decomposition of MgCO; 
amounts to 0.060 mol. It will further be assumed that any undecom- 
posed MgCO, remaining at the 87-ft mark is decomposed in the interval 
between 87 and 66 ft. Since the MgCO; is a minor constituent, the 
effect of any error in these assumptions on a study of the major reations 
occurring in the kiln should be small. 

The MgCO; in the feed equals 


3.9(100) /(100 — 31.2 — 1.4)(84) = 0.069 mol 


By difference, the CaCO, in the feed equals 1.051 — 0.069 = 0.982 mol, 
and the CaCO, at the 87-ft mark equals 0.982 — 0.007 = 0.975 mol. 
Since 0.060 mol of MgCO; is decomposed between 102 and 87 ft and the 
remaining 0.009 mol between 87 and 66 ft, the mols of CO: at 66 ft and 
at succeeding sample points are numerically equal to the mols of CaCQs. 

Table 8-4 presents the data recomputed in terms of MgCO;, CaCOs, 


and free CaO. 
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Basis: 100 lb of nonvolatile oxides. 


TaBLE 8-4. CARBONATES AND Free CaO IN CEMENT-KILN CHARGE 








Distance from discharge Mols Mols Mols 
end of kiln, ft MgCO; | CaCO; | free CaO 
LODE. D7 cic ee oe ed Whee 0.069 0.982 0.024 
Sf. Pith poh dn Oe 0.009 0.975 0.031 
GG Ri-E ES hes ehee ee eee 0.000 0.796 0.159 
B4 eas ced. ho eee See eee 0.675 0.271 
AD yk he sates. oye Celene. > <o-iic eeeee 0.398 0.411 
Dek Ot i. patina es te > eel teen 0.222 0.513 
DOU MY C2Y Ss. Site Be Aae eee 0.143 0.500 
O48 wen ta exe. ee 0.061 0.517 
18.45.20 Soy ke aa ee 0.089 
L4ss.ice4 aaa te abe ee, eal eon en eae 0.075 
10. casncaee Leagan Re 0.048 
TORS ska st as be ee ee ee 0.005 
A ee eek ee 0.004 
Ogtsk ks 8s ou | eee 0.002 








With the data in this form a study of the two major reactions, decompo- 
sition of calcium carbonate and reaction of free lime with the other oxides, 
can now be made. 

As an aid to visualization, the data of columns 1 and 3 of Table 8-4 
are plotted as the solid line in Fig. 8-2. The curve shows in a general 
way that the amount of undecomposed CaCO; in the solid charge drops 
off at a fairly constant rate in the region between 87 and 18 ft. This 
means that decomposition of CaCO; is a relatively slow reaction, requiring 
almost three-quarters of the entire length of the kiln for completion. 

A more severe test of the data is to consider the average rate of decom- 
position within the intervals between sampling points. Jf all other condi- 
tions were equal, the number of mols of CaCO; decomposed within any 
given section of the kiln should be proportional to the average number of 
mols of undecomposed CaCO; present in the charge as it passes through 
the section. The number of mols decomposed is also undoubtedly pro- 
portional to the residence time of the charge within the section; and the 
residence time, in turn, is probably roughly proportional to the length 
of the section. Therefore, if all other conditions were equal, the ratio of 
the number of mols of CaCO; decomposed to the product of the length 
of the section and the average number of mols of CaCO; present should 
be nearly constant. The actual values of the ratio serve to indicate how 


conditions affecting the rate of decomposition of CaCO; vary within the 
kiln, ; 
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FIG. 8-2. Analyses of the solid charge in the cement kiln of Illustration 6. Basis: 100 Ib 
of nonvolatile oxides. 





TABLE 8-5. Rare oF DECOMPOSITION OF CaCO; 
Basis: 100 |b of nonvolatile oxides. 











. Av distance Mols of | Mols of CaCO; 
Distance from Length ; Av mols a3 

- ; from dis- CaCO; | decomposed per 
discharge end of inter- h of CaCO; d 

f kiln. ft Sakae charge end icagsth ecom- | foot per mol of 

7 F : of kiln, ft posed CaCO; present 
102 — 87 15 94.5 0.979 0.007 0.0005 

87 — 66 21 76.5 0.886 0.179 0.0096 

66 — 54 12 60 0.736 0.121 0.0137 

54 — 42 12 48 0.537 0.277 0.0429 

42 — 33.5 8.5 37.75 0.310 0.170 0.0667 

33.5 — 29 4.5 31.25 0.183 0.079 0.0957 

29 — 24.5 4.5 26.75 0.102 0.082 0.179 

24.5 — 18 6.5 21.25 0.031 0.061 0.302 


ee  ) 
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Values of the desired ratio are easily computed from the data of 
Table 8-4; the calculations are summarized in Table 8-5 and the results 
shown graphically in Fig. 8-3. 

Because a plot based on differences is inherently a more severe test of 
the accuracy of the original analyses than is a plot of the total number 
of mols, the fact that the points on Fig. 8-3 fall on a relatively: smooth 
curve is a strong confirmation of the general dependability of the tech- 
niques of sampling and analysis employed by Lacey and Shirley. 

As might be expected, Fig. 8-3 shows that the rate of decomposition 
of CaCO; is very low in the early stages, being almost negligible from 


Mols of CaCO3 decomposed per foot per 
mol of undecomposed CaCO3 present 
= 
ol 


0.05 


0 





Distance from discharge end of kiln, ft 
FIG. 8-3. Rate of decomposition of CaCO; in the cement kiln of Illustration 6. 


the entrance end of the kiln to a point about 60 ft from the discharge 
end, and then rises progressively until the CaCO; completely disappears. 
The surprising aspect of the data is that the rate of decomposition 
increases no more than it does. Thus, from a value of about 0.014 at 
60 ft the rate increases to about 0.30 at 21.25 ft, a twenty-one-fold 
increase. Remembering that the rates of many chemical reactions 
double with increase in temperature of the order of magnitude of only 10 
centigrade degrees! (.e., exhibit a thirty-two-fold increase with a tempera- 
ture rise of the order of only 50 centigrade degrees), one realizes that the 
increase in the rate of decomposition of CaCO, as the charge progresses 
through the kiln is indeed remarkably small. The full significance of 


‘This is an approximation for homogeneous reactions at ordinary temperatures. 
The effect of temperature on reaction rate is less at elevated temperatures. 
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this fact will become plainer after discussion of energy and temperature 
effects (see pages 275 and 276). 

Another revealing test of the data is to compare the increase in CaO 
in each interval with the corresponding decrease in CaCO;. When 
decomposition of CaCO; is the only reaction, the molal ratio of these two 
quantities should equal 1. Actually, as may be seen from the last 
column shown in Table 8-6, the ratio has an average value of over 0.8 from 
the feed end of the kiln to the 54-ft point, 7.e., for a distance of 48 ft. 
To this point, then, only a relatively small fraction of the CaO produced 
by decomposition of CaCO; is being consumed by reaction with SiOz, 


TasBie 8-6. Ratio or CaO AccuMULATED TO CaCO; DEcOoMPOSED 
Basis: 100 lb of nonvolatile oxides. 





Distance from 


Bischarge end of Mols of CaCO; | Mols of free CaO | Free CaO accumulated 





kiln, ft decomposed accumulated CaCO; decomposed 

By 5 5 coayia se 6 0.179 0.128 0.72 
ES 0.121 0.112 0.93 
SC \. Sr 0.277 0.140 0.51 
an” =S5.0....,..: 0.176 0.102 0.58 
Me — 20 ck ees 0.079 —0.013 —0.16 
299 —24.5........ 0.082 0.017 (21 
Me — 18. 2. ona eos 0.061 —0.428 —7.0 


etc. However, in the range from 54 to 24.5 ft, the ratio drops off toward 
zero. For this fact the only possible explanation is that an ever-increas- 
ing proportion of the free CaO produced by decomposition of the car- 
bonate is being consumed by reaction with SiOz, Fe20s, and with previ- 
ously formed silicates of calcium and aluminum. The last value in the 
ratio column, being distinctly negative, must mean that here free CaO 
is reacting at a much faster rate than it is being produced from CaCQs. 
In short, the table discloses that the main reaction from 87 to 54 ft is 
CaCO; = CaO + COs, and from 24.5 ft to the discharge end it is the 
disappearance of free CaO, while the distance from 54 to 24.5 ft is a 
transition region in which both reactions are important. This means 
that the boundary between the second and third zones in the kiln, 
originally judged to be at a distance of about 33.5 ft from the discharge 
end, is actually about 54 ft from the discharge end. 

Since it is the combination of free lime with the other oxides that makes 
cement, a further study of this reaction is especially desirable. To follow 
its course, one needs a “tracer,” a substance that can be used to indicate 
the progress of reaction despite the fact that another reaction, the 
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decomposition of CaCO;, is simultaneously going on in the transition 
zone described above. For this purpose the significant value is the 
difference between the sum of the mols of CaCO; and free CaO in the 
feed and the sum of the mols of CaCO; and free CaO at any given sample 
point. This difference, which may be called ‘reacted CaO,” is the 
amount of free CaO that has combined with other compounds between 
the feed end of the kiln and the sample point. For example, in the feed 
the CaO present as CaCO; and free CaO amounts to 


0.982 + 0.024 = 1.006 mols 


At a distance of 29 ft from the discharge end, the CaO present as CaCO; 
and free CaO is 0.143 + 0.500 = 0.643 mol. The difference, 0.363 mol, 
must be present at the 29-ft sample point in combination with SiOz», 
Al.O3, etc. Values of ‘‘reacted CaO,” computed in this way, are given 
in Table 8-7 and appear as the dotted line in Fig. 8-2. 


TaBLE 8-7. ReEactepD CaO IN CEMENT-KILN CHARGE 


Basis: 100 |b of nonvolatile oxides. 


Distance from discharge | Mols of reacted 


end of kiln, ft CaO 

LOZ OI. cullen Care|. bee 
Bi ous kivekn ee cee cau eee 
66).25. ce ee ee 0.051 
Shag), SPP te eee 0.060 
CY Pee Seas ios o 0.197 
33.5 0.271 
PR RT VENER pe lise 0.363 
245.098) See oe 0.428 
18 425.5% GR Le 0.917 
14 vs eerily Petrie Soeeeie 0.931 
UY Bear PS de Bi comes 0.958 
if itecnscte gate alee ete tree 1.001 
AA ae arte 1.002 
Aer, Aaa retain ork oe 1.004 





Just as the mols of CaCO; decomposed per foot per mol of undecom- 
posed CaCO; present is a good index of conditions affecting the rate of 
decomposition, so the mols of free CaO reacting per foot per mol of free 
CaO present can be taken as an index of conditions affecting the rate of 
combination of free CaO with other compounds in the charge. The 


computations are given in Table 8-8 and the results presented graph- 
ically in Fig. 8-4. 
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TaBLe 8-8. Rate or Reaction or CaO in Cement Kin 
Basis: 100 lb of nonvolatile oxides. 


Mols of free 
CaO reacted 
per foot per 
mol of free 
CaO present 


Distance from Length Av distance Av mols | Mols of free 
discharge end of | of inter- from dis- of free | CaO reacted 
kiln, ft val. ft charge end CaO within the 
‘ of kiln, ft present interval 


66 — 54 12 0.215 0.009 0.003 
54 — 42 12 0.341 0.137 0.033 
42 — 33.5 8.5 0.471 0.074 0.018 
33.5 — 29 4.5 0.507 0.092 0.040 
29 — 24.5 4.5 0.509 0.065 0.028 
24.5 — 18 6.5 0.303 0.489 0.248 
is —14 4 0.082 0.014 0.043 
14 —10 4 0.064 0.027 0.105 
10 -—7 3 0.027 0.043 0.530 
7 —4 3 0.005 0.001 0.067 
4 —0 4 0.003 0.002 0.167 





The values in the fourth column are calculated from the figures in 
Table 8-4 (page 268), while those in the fifth column are obtained by 
taking the differences between values for reacted CaO found in Table 8-7. 
The ratios in the last column come from division of the fifth column by 
the product of the second and fourth. 

As with decomposition of CaCQs;, here, too, a consideration of rates 
is most illuminating. Figure 8-4 shows that the reaction of free CaO 
with other constituents in the charge occurs in three distinct stages. 
In the third zone of the kiln, from 54 ft to 24.5 ft, reaction begins to take 
place but is fairly slow and amazingly constant. In the fourth zone, 
from 24.5 to 18 ft, the rate of reaction increases very rapidly within a 
short distance of travel along the kiln and then decreases with equal 
rapidity to an almost negligible value. In the fifth zone, the rate goes 
through another, larger ‘‘hump.”’ 

Evidently, the two “chumps” in the curve of Fig. 8-4 must reflect the 
existence of two stages in the reaction of free CaO with other compounds 
in the charge. Mention has already been made of the fact that poorly 
burnt clinker contains free CaO and is lower in its content of 3CaO-SiO» 
than a well-burnt product. Hence, one might guess that the first stage 
involves formation of 2CaO-SiO2, 3CaO-Al,0;, and 4CaO-Al.03°Fe20s, 
while the second stage consists of the reaction 


2CaO-SiO2 + CaO = 3CaO0'Si02 


If this guess is right, the number of mols of CaO reacting in the fifth zone 
should be equal to the number of mols of 3CaO-SiO2 in the clinker. 
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The required comparison is easily made and shows that the number of 
mols of CaO reacting in the fifth zone, 1.004 — 0.917 mol, is only a little 
more than a third of the number of mols of 3CaO-SiO: in the clinker, 
calculated from the clinker analysis by the methods of Illustration 5. 
One is forced to conclude that the first stage involves not only the forma- 
tion of 2CaO-SiO2, 3CaO-Al,03, and 4CaO-Al,03-Fe.0;, but also that of 
roughly two-thirds of the 3CaO-SiO: in the final product. Presumably 
the reaction 2CaO-SiO. + CaO = 3CaO-SiOz is not completed in the 
first stage because of some kind of equilibrium limitation. This may be 





Mols of free CaO reacted per foot per mol of free CaO present 
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Distance from discharge end of kiln, ft 


FIG. 8-4, Rate of reaction of free CaO in the cement kiln of Illustration 6. 


a so-called ‘‘false equilibrium” or, indeed, a true chemical equilibrium. 
Whatever its nature, the limitation is progressively removed as the 
charge is subjected to ever higher temperatures in moving through the 
fifth zone. ‘ 


Heat or Reaction 


Analysis of the data has shown that conversion of the feed to cement 
is not a simple chemical reaction. Rather, it is the result of four stages, 
which overlap to some degree but are nevertheless fairly distinct. Con- 
sideration of the heat effect associated with each stage is worthwhile. 

The stages to be considered are (1) decomposition of MgCOs, (2) 
decomposition of CaCO;, (3) reaction of free CaO with the charge to 


o 


. 
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produce an incompletely burnt clinker, and (4) completion of the reaction 
CaO + 2CaO-Si02 = 3CaO-SiO2. The composition of the clinker and 
feed may be estimated by the methods of Illustration 5 and the heats of 
reaction computed with the aid of the heats of formation listed on page 
262. The results appear in Table 8-9. 


TaBLeE 8-9. Heat or REAcTION OF CEMENT 
Basis: 100 |b of nonvolatile oxides. 






Reaction 





Heat of reaction, Chu 








0.069 MgCO; = 0.069 MgO + 0.069 CO, 

0.982 CaCO; = 0.982 CaO + 0.982 COs 

0.895 CaO + 0.165 CaO-SiO. + 0.045 
Al.O;-SiO2 0.014 Fe.0; + 0.175 SiO. 
= 0.244 2CaO-SiO2 + 0.141 3CaO-SiO2 
+ 0.031 3Ca0O-Al,O; + 0.014 4CaO-- 
Al,O;-Fe.03 

0.087 CaO + 0.087 2CaO-SiO2 = 0.087 

3CaO-SiO2 


— 1,650 (heat absorbed) 
— 43,000 (heat absorbed) 
+ 5,900 (heat evolved) 











onre 


+ 110 (heat evolved) 


Over-all reaction, 44,650 — 6,010 = 38,640 Chu absorbed = 70,000 Btu absorbed 


Inspection of the table shows that decomposition of CaCO; requires a 
large amount of heat, more than seven times as much as the heat effect 
of any other reaction in the kiln. An important question is that of the 
temperature level at which this heat must be supplied. As has already 
been noted, the dissociation pressure of CO. over CaCO;* is 1 atm at 
about 890°C. The partial pressure of CO, in the kiln gases is about 
0.25 atm (see Illustration 5), which is the dissociation pressure of CaCO; 
at about 810°C. Since the dissociation pressure exceeds the partial 
pressure of CO, in the gases passing through the kiln at all temperatures 
above 810°C, it would appear that the CaCO; should decompose as soon 
as the temperature exceeds 810°C. However, as will be shown, the 
driving force due to the existence of this pressure differential is not enough 
to cause significant decomposition of CaCO; below 890°C. 

A major barrier to decomposition at temperatures below 890°C is the 
fact that at any instant the bulk of the charge is located in a pool along 
the bottom of the kiln and is in a relatively quiescent state. Contact 
between the main stream of gas and the large pool of charge is poor, and 
there is relatively little tendency for CO:-rich gas in immediate contact 
with the solid in the pool to be transferred to the main stream of gas. 
Therefore, until the pressure of CO2 exerted by CaCO; reaches atmos- 


* The dissociation pressure of CO, over CaCOs, i.e., its equilibrium pressure over 
mixture of CaCO, and CaO, is given in Fig. 10-3. 
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pheric pressure and the CaCO; begins to ‘‘boil,”’ little decomposition of 
the solid in the pool occurs. 

To be sure, at any instant there is a certain fraction of the charge 
that is in the process of dropping through the gas stream and is therefore 
in good contact with it. During its transit from the top to the bottom 
of the kiln, each particle is heated to a temperature that is probably well 
above that of the large pool into which it falls. However, as soon as a 
particle falls into the pool, the large heat capacity of the pool and the 
mixing effect due to rotation of the kiln act to bring the temperature 
of the particle down to that of the pool almost immediately. The net 
result is that at any time the fraction of particles in the kiln at tempera- 
tures above that of the pool is small and the time during which any indi- 
vidual particle is at a temperature well above that of the pool is 
short. 

In spite of the brief time of exposure of any given particle to high 
temperature, significant decomposition might occur if the process of 
decomposition were extremely rapid. However, like many decomposing 
solids, CaCO; has a strong tendency to superheat, and laboratory experi- 
ments at atmospheric pressure have shown that particles of CaCO; may 
be heated to as much as 40 or 50 degrees above 890°C and still take from 
half an hour to an hour to decompose. One must conclude that decompo- 
sition of CaCO; is delayed until the charge as a whole is heated to a 
temperature sufficient to cause CaCO; to ‘‘boil.’”’? Because of superheat- 
ing, this temperature will be somewhat above the equilibrium tempera- 
ture of 890°C. 

Since the heat required to decompose CaCO; must be supplied at a 
high temperature level, the temperature difference available as the driving 
force for transfer of this heat is comparatively small. Furthermore, the 
amount of heat that must be transferred is large. It therefore seems 
highly probable that the rate at which decomposition can occur is limited 
by the rate at which heat can be supplied to the surface of the CaCO. 
This is the most likely explanation for the fact, already observed, that 
decomposition of CaCO; is a relatively slow reaction. 

The large absorption of heat attendant upon decomposition of CaCOs 
also suggests an explanation for the fact that the rate of reaction of 
free CaO with the charge is comparatively low and constant as long 
as the charge contains an appreciable amount of decomposing CaCO; 
but increases rapidly as soon as the amount of CaCO; becomes small. 
Clearly, the presence of a considerable number of particles of CaCO; 
decomposing at a temperature in the neighborhood of 890°C and simul- 
taneously absorbing large amounts of heat has a tendency to keep the 
rest of the charge at a temperature not much in excess of 890°C. Only 
when CaCO; has largely disappeared can the charge be heated to the 
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higher temperature range necessary for the formation of clinker at a 
high rate. 

While the table shows that the heat effect associated with the third 
stage of reaction is comparatively small, the fact that it is exothermic 
means that it tends to kindle the reaction. Therefore, once the charge is 
raised to a temperature at which reaction begins to be rapid, the rate 
increases very rapidly indeed and the reaction is soon completed, in so far 
as is possible at the temperatures existing in this region of the kiln. 

The heat of reaction of the fourth stage is so small that its effect on 
the progress of events is negligible. 


Heat ExcHaNGE 


As was pointed out in Chap. 3, the relationships between heat trans- 
ferred and temperature level are often of great importance to the engineer. 
In the present case, in which a considerable amount of heat must be fur- 
nished at high temperature, a clear understanding of the relations is 
essential to intelligent control. 

Unfortunately, heat exchange in the kiln is much more complex than 
in any of the cases treated in Chap. 3. To be sure, the charge is heated 
by combustion gases, which flow in a direction countercurrent to that 
of the charge, and the kiln may be looked upon as a countercurrent heat 
exchanger. However, no material was transferred between the hot and 
cold streams in the illustrations given in Chap. 3. In the cement kiln, 
on the other hand, there is a transfer of water, carbon dioxide, dust, and 
volatile alkalies. In Chap. 3, the assumption was made that the heat 
lost by the hot stream in any given section of the apparatus was equal 
to that gained by the cold stream in the same section. In the kiln, 
because of heat losses to the surroundings and radiation in a lengthwise 
direction, this assumption may be far from justified in some parts of the 
unit. In the problems of Chap. 3, both streams were fluids under condi- 
tions of turbulence such that one could assume each stream to be nearly 
uniform in temperature at any given cross section perpendicular to flow. 
In the kiln, the particles dropping through the gas are appreciably hotter 
than those in the pool at the bottom. Furthermore, there is a possibility 
that sharp temperature gradients may develop within a single particle. 

When faced with a complex situation such as this, one can make use 
of a technique of great value in many areas of thought.!. The first step 
is to imagine a simplified, idealized picture of whatever is being studied. 
The second step is to focus upon the differences between this picture 
and the actual situation. When this is done, one often finds that the 
deviations are relatively small. Furthermore, a study of the deviations 


' Perhaps the most famous example is Plato’s ‘‘ Republic.” 
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often reveals a pattern that can be described, sometimes qualitatively, 
sometimes quantitatively. The net result is that it becomes much easier 
to understand the whole complicated situation. Instead of being con- 
fused by a mass of details, one has to think of only two rather simple 
ideas, an idealized picture and a pattern of deviations. 

As applied to the cement kiln of Illustration 6, the first step Is to 
imagine that the charge is heated and the gases cooled by an idealized 
process, which is simplified enough to be analyzed by the methods of 
Chap. 3. The results can then be compared with Figs. 8-3 and 8-4 and 
some conclusions drawn as to the difference between the idealized process 
and the actual operation of the unit. Finally, in the light of all this, the 
whole performance of the kiln can be reviewed and clarified. 

To obtain a simplified picture of the burning process, the following 
assumptions will be made: 

1. Terminal conditions. 

a. The charge enters the kiln at 100°C and leaves at 1400°C. 

b. The combustion gases are obtained from burning carbon and 
contain 21% CO, and 79% No. 

c. On the basis of the data of Illustration 5 the amount of stack gas 
leaving the kiln of Illustration 6 is estimated to be 11 mols per 
100 lb of clinker and its temperature 1100°C.* 

2. Heating of the solid stream. 

a. At any given cross section of the kiln the charge is uniform in 
temperature. 

b. All decomposition of MgCO; occurs at 540°C and all decomposi- 
tion of CaCO; at 900°C. The third stage of reaction begins at 
1000°C and the final stage at 1300°C. 

c. The exothermic reactions are completed almost instantaneously 
and in each case the heat of reaction is immediately absorbed by 
the charge to increase its sensible-heat content. 

d. The specific heat of the charge is 0.25 from 100 to 540°C and 0.29 
from 540 to 1300°C. 

e. Loss of water, dust, and alkali to the gas stream is ignored. 

f. The effect of temperature on heat of reaction is neglected. 

3. Cooling of the gas stream. : 

a. At any given cross section of the kiln the gas is uniform in 
temperature. 

6. The gas passes through the kiln unchanged in amount. In other 
words, the effect of evolution of COs, etc., from the charge on the 
amount and heat capacity of the gas stream is neglected. 

* The reported temperature of the stack gas in Illustration 5 is abnormally low 


because of excessive heat losses from the kiln and the effect of radiation on the reading 
of the thermocouple. Hence, a somewhat higher value has been chosen in this case. 
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©. The heat content of the gases entering the product-discharge end 
is equal to the heat in the fuel and air supplied to the kiln plus 
heat recovered from the hot clinker less the heat losses from the 
kiln to the surroundings. This is equivalent to saying that all the 
heat lost from the kiln to the surroundings is lost from the pre- 
heater or the hot end of the kiln and no heat is lost through the 
cylindrical walls. 

d. Radiation from the hot end of the kiln to any intermediate sec- 
tion is equal to the radiation from this section to the cold end of 
the kiln. 

e. The effect of water, dust, and alkali is neglected. 

With the aid of these assumptions one can easily determine the rela- 
tionship between the temperatures of the solid and gas streams at any 
point in the kiln and the amount of heat transferred from gas to solid 
between the feed end and the point in question. For example, the heat 
required to raise the charge from the inlet temperature to 540°C equals 
[100 + (1.051) (44)](0.25)(540 — 100) = 16,100 Chu. Since the specific 
heat is assumed to be constant, the relation between heat and temperature 
over the interval from 100 to 540°C is linear. At 540°C, decomposition 
of MgCO; proceeds with the absorption of 1650 Chu at constant tempera- 
ture. Hence, the total amount of heat transferred to the solid stream 
between the feed end of the kiln and the point at which decomposition of 
MgCO; is completed is 16,100 + 1650 = 17,750 Chu. The results of 
similar calculations for the entire process of heating the solid and cooling 
the gas are shown in Fig. 8-5. 

Note that Fig. 8-5 is exactly the same in principle as Fig. 3-8 (page 
73). In the latter case the discontinuity in one of the curves is caused 
by a simple change in phase from the gaseous to the liquid state. In 
Fig. 8-5 the discontinuities indicate phase changes resulting from chemical 
action. 

How closely do the idealized curves in Fig. 8-5 agree with the actual 
situation in the kiln? First, consider the terminal conditions. The 
~ actual conditions will of course vary somewhat with the fuel, the nature 
of the raw materials, etc. However, the assumed conditions are reason- 
ably representative for a coal-fired cement kiln with a length of 100 ft, 
equipped with good insulation. The heating of the solid requires closer 
study. Basically, the construction of the lower line in Fig. 8-5 involves 
the assumption that the reaction zones within the kiln are sharply 
distinct and no overlapping occurs. In actual fact, Figs. 8-3 and 8-4 
reveal that there is a considerable amount of overlapping. One can say, 
therefore, that the lower line of Fig. 8-5 is correct in its delineation of 
major trends but in error in that it fails to indicate the existence of 
transition regions between the major zones. The actual heating curve 
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must be characterized by transitions from one straight-line region to 
another, instead of by the sharp breaks of Fig. 8-5. The principal 
uncertainty in the upper curve of Fig. 8-5 is at the product-discharge end 
of the kiln (the right-hand end of the curve), where the greatest amount 
of heat is being lost from the kiln and radiation effects are large. About 
all that can be said is that if heat is in fact being lost through the eylin- 
drical walls of the kiln the actual temperature of the gas stream must lie 
above the upper curve of Fig. 8-5 and below the theoretical flame temper- 
ature. As the gas is cooled and radiation effects and the rate of heat loss 
through the cylindrical walls drop off, the actual curve for the gas 
approaches the idealized curve of the figure. Figure 8-5, then, is not a 


TemperatureeC 
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FIG. 8-5. Idealized cement kiln. Basis: 100 Ib of clinker. 


detailed drawing; it is a sketch, revealing major traits of character. A 
brief study of the figure from this point of view proves highly informative. 

Doubtless the most striking aspect is what it shows about the tempera- 
ture difference between the gas and solid streams. At no point is this 
difference less than several hundred centigrade degrees. Obviously, heat 
transfer from the gas to the solid is not being blocked by temperature- 
equilibrium limitations of the type described in Chap. 3. The blame 
for the high temperature of the stack gas and the correspondingly poor 
economy of fuel must lie elsewhere. 

While the temperature difference between the main stream of gas 
and the main stream of solid is appreciable at all points along the length 
of the kiln, it is smallest at the point at which decomposition of CaCO; 
begins. Thus, at the start of decomposition, Fig. 8-5 shows a temperature 
difference of 1400 — 900 = 500 degrees. At the end, the difference is 
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1800 — 900 = 900 degrees, or almost double. The corresponding per- 
centage increase in the rate of heat transfer from gas to solid is greater 
than this, since much of the heat transfer in the kiln, especially at the 
hot end, is by radiation, in which the rate is proportional not to tempera- 
ture difference but to the difference of the fourth powers of the absolute 
temperatures. Obviously, the situation is too complicated to permit the 
development, without further information, of any quantitative relation 
of temperature differences derived from Fig. 8-5 with heat transfer and 
the rate of decomposition of CaCOs;, plotted in Fig. 8-3. However, the 
trend of the temperature differences in Fig. 8-5 must account, at least 
in part, for the increasing rate of decomposition of CaCO; as decomposi- 
tion proceeds. 

A third point to notice about Fig. 8-5 is that the lower curve, the 
heating curve for the solid, will remain in essentially the same position on 
the diagram for all normal conditions of operation. No matter what the 
operating conditions are otherwise, the solid stream must be heated to a 
temperature in the neighborhood of 1400°C if the formation of tricalcium 
silicate is to be carried to completion, and if this is done, the same amount 
of heat must be supplied per 100 lb of clinker and at the same temperature 
levels as indicated in the figure. 

Note also that the location of the right-hand end of the upper curve 
(point A on Fig. 8-5) is quite insensitive to changes in operation of the 
kiln. This is true because the temperature of the combustion gases 
entering the kiln is determined primarily by the heat of combustion of the 
fuel and the specific heat of the combustion products, 7.e., by factors that 
are related to the theoretical flame temperature and are not affected by 
changes in throughput or the ratio of fuel to product. The other energy 
effects that influence the temperature of the gases entering the kiln are 
normally secondary. Thus, the data of Illustration 5 show that the heat 
supplied to the incoming air by the clinker is of the order of 10% of the 
heat of combustion. With well-insulated kilns the heat losses to the 
surroundings are somewhat larger than this but still fairly small com- 
pared to the total heat input as chemical energy in the fuel. The heat 
recovered by preheating the air and the heat losses almost cancel each 
other, with the result that the temperature at point A is usually fairly 
constant within the normal range of operating conditions. 

In Fig. 8-5 the variable most responsive to a change in conditions is 
the slope of the upper curve. The slope of this curve, which represents 
the cooling of the gas stream as it flows through the kiln, is directly 
affected by the relation between the heat capacities of the gas and solid 
streams, and this in turn depends on the ratio of fuel to product, 7.e., the 
fuel consumption. If the fuel consumption is high, the heat capacity of 
the gas stream is correspondingly high and the slope of the upper curve 
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is low. If the fuel consumption is low, the reverse is true. Therefore, 
in terms of Fig. 8-5, the net result of a decrease in the fuel consumption is 
to shift the upper curve in such a way that the right-hand end is in nearly 
the same position as before, while the rest of the curve drops off more 
steeply from right to left. As may be seen by a study of the figure, a 
shift of the upper curve in the manner described has the effect of decreas- 
ing the temperature difference between the gas and solid streams at all 
points in the kiln. 

To the engineer the importance of the above conclusion is great. He 
is compelled to realize that, whatever steps he may take in an effort to 
reduce fuel consumption, he will have to reckon with the existence of 
lower temperature differences within the kiln and therefore with a lower 
driving force for the transfer of heat. Practically, there are a number of 
ways in which an adjustment can be made for this reduction in driving 
force. One possibility is a reduction in the amount of raw mix handled 
by the kiln per unit time, a step which has the effect of reducing the 
amount of heat that must be transferred per unit time. Improvement in 
fuel consumption is thus gained at the expense of capacity. If, on the 
other hand, one wishes to have a low fuel consumption and a high kiln 
capacity at the same time, one can either install devices to mix the gas and 
solid streams more vigorously or increase the area available for heat 
transfer by building a longer kiln. 

If one continues to reduce the ratio of fuel to product, a condition is 
eventually reached in which the gas curve approaches the solid curve at 
some point, resulting in a temperature-equilibrium limitation or ‘‘bottle- 
neck”’ of the sort discussed in Chap. 3. In the present case, if one uses 
the lowest possible ratio, the location of the gas curve is roughly approxi- 
mated by a straight line through points A and B on Fig. 8-5. 

To summarize, the data of Lacey and Shirley make it plain that the 
high temperature of the stack gas in Illustration 5 is not the result of 
temperature-equilibrium limitations within the kiln. The kiln is short 
and is being operated with a high stack-gas temperature in order to 
maintain a high rate of production of cement. If greater economy of 
heat is desired, it can be achieved by (1) reducing the heat losses from the 
kiln to the surroundings, (2) adding a waste-heat boiler, (3) reducing 
capacity, (4) installing devices to increase the intimacy of contact of the 
gas and solid streams, or (5) building a longer kiln. Whether some such 
change is justified will depend on the cost of the change and the value 
of the fuel saved. 

As to reaction mechanism, the data show that decomposition of CaCO; 
is a comparatively slow reaction. While the fractional rate of decompo- 
sition increases as reaction proceeds, until the CaCO; is entirely con- 
sumed, the increase is not large as chemical reactions go, and the process 
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appears to be limited by the rate at which the large endothermic heat of 
reaction can be supplied to the surface of the CaCO;. So long as CaCO; 
is present in significant amount, the fractional rate of reaction of free 
lime with the rest of the charge is low and remarkably constant. How- 
ever, in the same zone of the kiln in which CaCO, finally disappears, 
reaction of free lime with the rest of the charge becomes very rapid. 
The conclusion is obvious that the increase in the rate of reaction of free 
lime is due to a pickup in temperature, which occurs as soon as CaCO; has 
largely disappeared. The figures indicate that two stages are involved in 
the clinker-forming reactions. 

Limited though the data of Lacey and Shirley are, they yield a wealth 
of information that is of value in securing not only better operation of 
old equipment but also better design of new. 


PROBLEMS 


1. Limestone is being calcined in a rotary kiln fired with coke breeze. The flue 
gas contains 31.3% COs, 1.8% Os, and no CO or Hz. The analysis of the stone is 
51.0% CaO, 2.0% MgO, 42.2% COs, 1.5% Al.O3, 1.2% SiOe, and 2.1% H:0. The 
coke is hydrogen-free and dry and contains 8% ash. The gases leave the kiln at 
860°F and the lime at 950°F. Calculate the following: 

(a) The pounds of lime produced and the cubic feet of air fed at 70°F and 760 mm 
Hg per pound of coke. 

(b) The percentage of the heating value of the coke accounted for as chemical heat 
of decomposition, sensible heat in the stack gas, sensible heat in the lime, and losses 
to the surroundings through the walls of the kiln. 

2. A vertical shaft kiln, 80 ft high and with a maximum outside diameter of 24 ft, 
is charged with 380 to 400 tons/day of dolomite (predominantly CaCO;-MgCO;) and 
145 lb coke per ton of stone.! The stone contains 52.8% CaCOs, 46.0% MgCOs, 
0.33 % SiO», and 0.10% R2O;; and the coke analysis averages 12% moisture and 12% 
ash. The heating value of the coke is 11,100 Btu/lb. The lime product leaves the 
bottom of the kiln at 160°F and contains 2.0% CO2. The lime also contains an 
amount of unburnt carbon equal to 3.7% of the carbon in the coke charged. The 
average temperature of the air entering the bottom of the kiln is 70°F. The top gas 
leaves at 120°F and contains 43% CO, (dry basis) and negligible CO and Hz. 

(a) Calculate from the above data the complete Orsat analysis of the top gas and 
the cubic feet per minute of air supplied to the kiln, measured at 60°F and 1 atm. 

(b) Compute the Btu evolved by combustion of the coke actually burnt, the Btu 
consumed in decomposition, the Btu lost as sensible heat in the dry top gas, the Btu 
lost as sensible and latent heat in the water vapor in the top gas, the Btu lost as sensible 
heat in the lime, and by difference the Btu lost to the surroundings through the walls 
of the kiln, expressing all results on a basis of 1 ton of stone charged. 

Assume that the dolomite charged to the kiln is a mixture of CaCO;-MgCoO; and 
MgCO; and that decomposition proceeds in three stages: first, decomposition of 
CaCO;-MgCO; to form CaCO; and MgCO; (heat of decomposition = 7600 cal per g 
mol of CaCO;-MgCO; decomposed); second, decomposition of MgCO; (heat of 
decomposition = 23,800 cal/g mol); and finally, decomposition of CaCO; (heat of 


1C. C. Brumbaugh, Chem. Eng. Progr., 44, 881 (1948). 
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decomposition = 43,700 cal/g mol). Residual COz in the lime may be ascribed to 
the presence of undecomposed CaCO;. The average specific heats of CaO and MgO 
between 70° and 160°F are 0.19 and 0.23, respectively. 

(c) By measurements and calculations entirely different from those involved in the 
calculations of parts (a) and (b) (except for measurement of the per cent CO: in the 
gas), the analysis of the top gas has been found to be 43% COz, 1.3% Oz, and 55.7% 
No», the air-flow rate has been determined to be between 5000 and 6000 cu ft/min, 
and the loss of heat to the surroundings is estimated at 90,000 Btu per ton of stone. 
In the light of these facts, what is your opinion of the reliability of the data available 
on the performance of this kiln? 

3. A plant is burning a limestone analysis of which indicates 51.5% CaO, 2.6% 
MgO, 43.4% COs, and 1.1% moisture. The kiln is fired with a natural gas the com- 
bustion analysis of which shows 94% CH, and 6% C2H.. The operation of the kiln 
is such that the lime is incompletely burnt, but this is not a serious matter for the 
purpose for which the product is to be used. This lime contains 6.4% CO». The top 
gas is sampled half-hourly for a 12-hr period, and the average analysis is found to be 
18.57% CO., 1.93% Oz, and 79.5% No. 

(a) Calculate the pounds of burnt lime produced by this kiln per 1000 cu ft of fuel 
gas consumed, d.s.c. 

(b) The plant operating the kiln uses the same natural gas as fuel in another kiln, 
burning the same stone. The gas from the second kiln analyzes 17.0% CO», 9.76% Oz, 
and 73.24% Ne. The burnt lime from this kiln carries a negligible amount of residual 
CO:,. The plant is well managed and well operated, and there is every reason to 
believe that both kilns are being operated intelligently and effectively. Granting 
these premises, what conclusions do you draw as to the two kilns in the light of the 
facts given? 

4. A calcination pilot plant manufacturing 11 tons/day of lime consists of three 
compartments, one above another, in a vertical shaft 5 ft in diameter.! Each com- 
partment contains a fluidized bed. The middle bed, which is maintained at a tem- 
perature of 1700 to 1750°F, is the calcination zone, while the top bed serves to exchange 
heat between the hot gases leaving the calcination zone and the cold limestone feed, 
and the bottom bed to exchange heat between the hot lime leaving the calcination 
zone and the cold air entering the bottom of the kiln. The average temperature of 
the top bed is 1100°F and that of the bottom bed 500 to 550°F. The bottom bed is 
fluidized by the air supplied to the kiln, the middle bed by the preheated air from the 
bottom bed, and the top bed by the hot gases from the middle bed. The charge (a 
crystalline limestone) is fed continuously to the top bed, preheated stone overflows 
continuously from the top bed to the middle one, hot lime overflows from the middle 
bed to the bottom one, and the lime product is withdrawn continuously as overflow 
from the bottom bed. The fuel is Bunker C fuel oil, which is injected continuously 
into the middle bed at the rate of 43 gal per ton of lime. The product is a high- 
quality lime and contains less than 1% COs. 

As an aid to study of this operation, the following simplifying assumptions are 
recommended: (1) The stone is pure CaCO; and the lime pure CaO. According to 
Kelley,* the heat capacity of pure CaCO; in cal/(g mol) (deg K) is 19.68 + 0.011897 
— (307,600/7?) and that of pure CaO is 10.00 + 0.00484 T — (108,000/T72), where T 
is in degrees Kelvin. (2) The analysis of the oil is 88% C and 12% H, its heating 
value 19,000 Btu/Ib, and its density 7.9 Ib/gal. (3) Mixing in the fluidized beds is 
sufficiently perfect so that the gas and solid streams leaving the top bed are at 1100°F, 


1R. P. Kite and E. J. Roberts, Chem. Eng., 54, 112 (1947). 
?K. K. Kelley, U.S. Bur. Mines Bull. 371 (1934). 
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those leaving the calcination zone at 1725°F, and those leaving the bottom bed at 
525°F. (4) The bottom bed is sufficiently well insulated and at a low enough temper- 
ature so that heat losses from it to the surroundings can be neglected. (5) The stone, 
oil, and air enter at 60°F. (6) The gases leaving the middle bed contain negligible 
co and Hz. 

j (a) Calculate the per cent CO, in the top gas and the per cent excess air employed 
in burning the oil. 

(b) A sketch in the reference cited indicates that the calcination compartment is 
approximately 7 ft high. Estimate the heat losses through the walls of this compart- 
ment in Btu/(hr) (sq ft). 

5. A plant consisting of five identical vertical lime kilns was tested over a 12-hr 
period under normal operating conditions to determine its performance. Each kiln 
was 63 ft high and had an outside diameter of 10 ft. The kilns were housed in a 
building 40 ft high. Below the roof, the average temperature of the outside shells of 
the kilns was 296°F; above the roof, the average temperature was 120°F. The aver- 
age analysis of the charge was 97.5% CaCO;. The total production of lime from all 
five kilns during the 12-hr period was 139,500 lb, and the average analysis 93% CaO, 
3.8% core, and 3.2% inerts. The average temperature of the lime at the fire boxes 
was 1920°F and at the discharge table 569°F. The fuel was producer gas, which 
entered the kilns at an average temperature of 787°F. The producer gas contained 
7.9% CO2, 1.0% Oc, 18.4% CO, 3.7% CHa, 12.1% He, and 56.9% N2; and its dew 
point was 112°F. The average composition of the top gas was 22.4% CO», 5.6% Os, 
0.3% CO, and 71.7% No»; and its temperature averaged 626°F. The air entered the 
bottom of the kiln at an average temperature of 60°F, carrying 0.0046 Ib H2O per 
pound dry air. Calculate the following quantities: 

(a) Mols of dry producer gas per ton lime. 

(6) Mols of dry air per ton lime. 

(c) Mols of dry top gas per ton lime. 

(d) Mols of H,O in the top gas per 100 mols dry gas. 

(e) Per cent excess air. 

(f) Btu lost to the surroundings through the walls of the kilns per ton of stone. 
To what factor or factors do you attribute the difference between the heat loss from 
these kilns and the estimated loss of 90,000 Btu per ton of stone from the kiln of 
Prob. 2? 

(g) What suggestions, if any, can you make for improving the operation of the 
plant? 

6. Plaster of paris (calcium sulfate hemihydrate, CaS0O,-14H.O) is being manu- 
factured by the low-temperature calcination of gypsum (calcium sulfate dihydrate, 
’ CaSO,-2H.O) in a well-lagged rotary kiln. The source of heat for calcination is a 
stream of hot air passing through the kiln. The department superintendent gives 
the following data as representative of operation: Gypsum enters the kiln at 25°C. 
Air enters the opposite end at about 300°C and leaves at 100°C. The calcined prod- 
uct, averaging 1000 lb of plaster per hour, leaves at around 210°C. 

The heat of conversion of the dihydrate to the hemihydrate and water vapor at 
25°C is 23,500 cal/g mol. The equilibrium pressure of the reaction is 1 atm at 
101.5°C, but the rate of decomposition of gypsum at atmospheric pressure becomes 
appreciable only at temperatures above about 130°C. The decomposition pressure 
of the hemihydrate is 1 atm at about 200°C, but the rate of decomposition is very low 
below 300°C. The specific heat of the dihydrate is approximately 0.27 and of the 
hemihydrate 0.24. 

(a) Estimate the hot-air requirement of the kiln, expressed as pound mols per hour. 

(b) Plot the temperature in degrees centigrade of the solid stream flowing through 
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the kiln vs. the amount of heat transferred to the solid stream in Btu per pound mol 
of dihydrate charged. Assume that all decomposition takes place at 130°C. 

(c) To the plot of part (6), add a curve showing the temperature of the air stream 
in degrees centigrade vs. the amount of heat transferred to the solid stream in Btu per 
pound mol of dihydrate charged. Assume that the water vapor driven from the solid 
does not mix or exchange heat with the air in the region of the kiln in which decomposi- 
tion is occurring but mixes completely with the air as soon as it leaves this region. 

7. A large vertical shaft kiln is to be designed to burn a high-grade limestone with 
producer gas. The composition of the gas is expected to be approximately 5% CO, 
25% CO, 30% He, and 40% No, with a partial pressure of water vapor of 30 mm Hg; 
and 5% excess air will be employed. The gas will be delivered to the eyes of the kiln 
at about 800°F. 

The following simplifying assumptions have been agreed upon as a basis for study- 
ing the characteristics of the proposed operation: (1) The charge will be considered to 
be pure CaCO; and the lime pure CaO. (2) Both stone and air will be assumed to 
enter the kiln at 60°F. (3) Heat losses to the surroundings will be neglected. (4) 
The specific heats of CaCO; and CaO will be considered to be 0.28 and 0.24, respec- 
tively, independent of temperature, and the molal heat capacities of COs, H2O, Os, 
and N», will be considered constant and equal to 14, 11, 9, and 8, respectively. (5) 
Dissociation of CO, and H2O and formation of NO in the combustion products will be 
neglected. (6) In line with the solution to Illustration 6, the proposed kiln will be 
considered to have four distinct zones. These will be, first, a charge-preheat zone 
in which the descending charge is preheated without significant decomposition to 
950°C by heat exchange with the hot gases from the combustion zone; second, a 
decomposition zone in which the stone is completely decomposed at a constant tem- 
perature of 950°C by means of heat obtained from the gases flowing up the shaft; 
third, a combustion zone in the neighborhood of the eyes of the kiln, in which com- 
bustion is complete and which is so narrow (in the vertical direction) that no appreci- 
able transfer of heat from the gases to the solid stream occurs within it; and finally, 
an air-preheat zone in which the lime descending from the combustion zone at 950°C 
gives up heat to the ascending air. The CO: evolved by the stone will be assumed to 
flow upward through the decomposition zone without mixing or heat exchange with 
the combustion products until it reaches the upper boundary of the decomposition 
zone, at which point it will be completely mixed with the combustion products. 

(a) Make a plot of the stone temperature in degrees Fahrenheit in the stone preheat 
and decomposition zones vs. the quantity of heat transferred to the stone in Btu per 
pound of CaCOs. 

(b) Make a plot of the lime temperature in degrees Fahrenheit in the air preheat 
nie vs. the quantity of heat transferred from the lime to the air in Btu per pound of 

aQ. 

(c) What is the minimum possible ratio of fuel to product in this kiln, expressed 
as mols of dry producer gas per ton of CaO? 

(d) Using the minimum ratio of gas to product, show on the plot of part (a) a 
curve representing the temperature of the gas vs. the quantity of heat transferred to 
the stone and on the plot of part (6) a curve representing the temperature of the air 
vs. the heat lost by the lime. 

8. During a representative 7-hr period of steady operation an oil-fired rotary 
cement kiln in California consumed 124,300 Ib of feed and produced 79,670 Ib of 
clinker, together with 4830 lb of dust deposited in the stack chamber and 820 Jb of 
dust recovered by electrical precipitators.1 The analyses of the various streams are 
given below in weight per cent. 


1 W. N. Lacey and H. Woods, Ind. Eng. Chem. 27, 379 (1935), 
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Constituent Kiln feed | Clinker | Stack dust | Treater dust 
6 ERE eet aN 0 11.8 
OS § SEE oy aie 4 2.4 
KF e2O; cniy ole & pitepee’s ny? i A 
bi ee Ree 47 56.3 
Os aes aera St 5 4.1 
“ht Re Oe ee eee 0 6.8 
RMN Ae sie one w kclatic Bde 2 12.4 

CEL Pee cee .0 95.4 


The kiln feed was a mixture of limestone and clay. Special analysis of the feed showed 
that the 32.3% loss on ignition was 29.1% CO» and 3.2% H.O. However, the mois- 
ture removable by drying at 105°C was only 0.2%, indicating that most of the water 
in the feed was combined with the clay. The low totals of the last two analyses are 
undoubtedly due to the presence of alkalies, which were not determined. Estimate 
the following quantities: 

(a) The composition of the total solid product (7.e., the clinker plus dust) in terms 
of the chemical compounds actually present. Express the amount of each compound 
as mols per 100 lb of clinker plus dust. 

(b) The Btu evolved per pound of total solid product formed, if the total solid 
product is considered to be formed at 25°C from the constituent oxides, present 
originally solely as oxides. 

(c) The composition of the kiln feed in terms of the chemical compounds actually 
present. Express the amount of each compound as mols per 100 lb of clinker plus 
dust. 

(d) The over-all heat of reaction in the kiln in Btu per 100 lb of clinker plus dust. 
The heat required for dehydration of the clay was estimated to be 4000 Btu per Ib of 
water removed. 


Chapter 9 


FIXED ALKALIES 


In the fixed-alkali industry there are a number of operations in which 
success depends upon understanding the chemistry of solutions. The 
chemical systems involved are sometimes quite complex, and the prin- 
ciples of stoichiometry can be of invaluable assistance in determining 
the nature of the reactions and aiding in their control. A relatively 
simple example is the causticization of soda ash. 

Illustration 1. A small manufacturer undertakes a new commitment, 
which involves the preparation of a caustic-soda solution by causticizing 
a solution of soda ash (practically pure NasCO;) with lime. As he is 
unfamiliar with the operation, he employs a locally available dolomitic 
lime, analyzing 66.5% CaO and 21.6% MgO. The soda-ash solution 
is 2.69 N and has a specific gravity of 1.126. It is imperative that the 
conversion of carbonate to caustic be not less than 98% in order for the 
product to be satisfactory for the use intended. 

In his first trial run the manufacturer uses 225 lb of lime and 240 U.S. 
gallons of soda-ash solution. The mixture is boiled for 1 hr and then 
allowed to settle. Analysis of the clear, supernatant solution for NasCO; 
and NaOH discloses that it is now 3.01 N and only 89.0% of the alkali 
in the solution is in the form of NaOH. On the theory that he may not 
have been using enough lime, the manufacturer makes a second run, 
using 600 lb of lime instead of 225. The composition of the clear liquor 
is found to be substantially the same as before. 

At this point you are called in to assist. What do you think is the 
trouble, and what do you recommend be done about it? 

Discussion. The quantities of materials, expressed as volumes of 
solution and weights of solid, do not reveal what is happening chemically. 
A better orientation is obtained if one converts the input of the reactants 
to mols and compares them with the stoichiometrical proportions of the 
reaction NasCO; + R(OH), = 2NaOH + RCO;. Ona basis of 240 gal 
of initial solution, the input of NasCO, is 

Gal | Cuft | Liters Geq | Lbheq 


240 oeh'Y 28.3 2.69 1 


7.48 454 2 
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= 2.69 lb mols 
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The supply of CaO and MgO in the first run is 


225[(0.665/56) + (0.216/40)] = 3.89 mols 


These figures make clear that even in the first run an appreciable excess 
of hydroxide was used. Since Ca(OH). and Mg(OH), are only sparingly 
soluble, the excess ensured that solid Ca(OH): and Mg(OH), were in con- 
tact with the final solution. This explains why larger quantities of lime 
in the second run had no noticeable effect on the concentrations in the 
liquid phase. The concentration of hydroxyl ion in the solution could 
not be increased by adding solid lime, because the concentration had 
already reached the upper limit imposed by equilibrium. 

It is instructive to consider the equilibrium situation first from the 
point of view of the phase rule.!' Neglecting for the moment the compli- 
cations due to presence of MgO in the lime, one can visualize a system 
containing solid Ca(OH), and solid CaCO; in equilibrium with an aqueous 
alkali solution and gaseous CO, as being made up of four components, 
Na.CO;, Ca(OH)2, H.O, and COs, the latter being gained from or lost 
to the vapor phase. There are four phases: two solid, one liquid, and 
one vapor. If one fixes the temperature and the concentration of sodium 
ion in the solution, the system is, according to the phase rule, nonvariant. 
That is, so long as all the above conditions apply, the concentrations of all 
constituents in the liquid phase must remain the same even though the 
relative amounts of the four phases may be changed. Since the tempera- 
ture cannot be raised above the atmospheric boiling point without the 
installation of expensive equipment constructed to withstand pressure, 
the only practicable method of removing one of the above restrictions 
is to change the concentration of sodium ion in the solution. This can 
be done by varying the strength of the initial solution of Na2COs3. 


! The principle known as the phase rule states that in any system the sum of the 
number of phases P and of the variance V is greater by two than the number of com- 
ponents C; that is, 

P+V=C+2 
The “‘variance”’ of a system, which is also called the “degrees of freedom,”’ is defined 
as the number of independently variable quantities, such as pressure, temperature, 
and composition, that must be specified in order to define the system completely, 7.e., 
to determine or fix the intensive properties of each phase of the system, such as density, 
index of refraction, and specific conductance. The number of components C is the 
least number of independently variable chemical substances that must be specified 
so that the composition of each phase of the system will be fully determined. In 
phase-rule considerations the term “system” never means a selected or particular 
system but the full series of “systems” of the same qualitative but varying quantita- 
tive composition that can be made from the components. For further discussion, 
including definitions of terms used in describing phase problems, see any standard 


text on physical chemistry. 
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The direction in which to move in the attempt to increase conversion 
is made plain by a consideration of solubility products. Let (Na*), 
(Ca++), (COs), and (OH) represent the concentrations of sodium, 
calcium, carbonate, and hydroxyl ions, respectively, in gram ions per 
liter. Ina solution in equilibrium with solid Ca(OH): at a given temper- 
ature, the law of mass action requires that the product (Ca**) (OH)? 
be constant. Let this constant be K;. Similarly, in a solution in equi- 
librium with solid CaCOs;, the product (Cat+)(CO;-) = Ke. In the case 
under discussion, the solution is in equilibrium with both solids, and 
therefore both equations apply simultaneously. Division of the first 
by the second gives the result (OH-)?/(COs-) = Ki/K2. The ratio of 
K, to Ke is a third constant, which may be denoted by K. It will be 
noted that the equilibrium constant K equals the product of (OH~) and 
(OH-)/(CO;-). If this product is to remain constant, then as (OH-) 
approaches zero the ratio (OH—-)/(CO;=) must approach infinity. In 
other words, the conversion of carbonate to caustic, which can be meas- 
ured by the ratio (OH-)/(CO;7), is favored by low concentrations. It 
follows that the way to improve conversion in this instance is to use a 
more dilute soda-ash solution. 

A quantitative relation between concentration and conversion can be 
derived algebraically. Since all sodium ions in the final solution come 
from NazCO; feed, the per cent conversion of NazCO; to NaOH is equal 
to 100(0H-)/(Nat). Let the per cent conversion equal C. Remember- 
ing that the negative and positive ions in the solution must be equivalent, 
one can set up three simultaneous equations, as follows: 

(OH-)?/(COs*) = K 
100(0H-)/(Nat) = C 
(Nat) = (OH-) + 2(CO;7) 
Solving for C in terms of K and (Nat), the result is that 


100 »/K? + 8K(Nat) — 100K 
4(Nat) 

The characteristics of this relation may be explored by considering what 
happens when the solution is infinitely dilute, 7.e., when (Nat) = 0. In 
this case, the fraction on the right-hand side of the equation is found to 
be indeterminate. However, application of standard mathematical 
methods shows that the limiting value of the fraction as (Nat) approaches 
zero is equal to 100. 

The value of K is obtained by utilizing data on the solubility products 
of CaCO; and Ca(OH)s. According to Seidell,! the concentration of 

1A. Seidell, ‘‘Solubilities of Inorganic and Organic Compounds,” 2d ed., Vol. i 


p. 191, D. Van Nostrand Company, Inc., New York, 1919. See also ibid., 3d ed., 
Vol. I, p. 264, 1940. 


cme 
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Ca** in aqueous solution saturated with CaCO; at 16°C and under a 
partial pressure of CO, of 0.0003 atm is 5.79 X 10-4 ions per liter, while 
the concentration of CO;~ in the same solution is 0.17 X 10-4 ions per 
liter. From these figures, 


K, = (5.79 X 10~*)(0.17 & 10-4) = 9.85 « 10-9 


The same reference gives the solubility of Ca(OH). in water at 25°C as 
0.159 g per 100 g of water; 0.159(10)/74 = 2.15 X 10-? ions of Cat+ 
per liter; the OH~ ions are double in number, and 


(2.15 X 10-*)(4.30 X 10-%)? = 3.98 x 10-5 = K, 


It follows that K = 3.98 X 10-5/9.85 x 10-° = 4000. Substitution of 
this value for K in the equation for C gives the relation between C and 
(Nat). For example, in a solution having a normality of 3.01, which was 
the concentration used in the trial runs, 


¢ = 100 V/4000)" + 84000)(8.01) —100(4000) 


4(3.01) 


which turns out to be greater than 99%. 

In actual fact, the conversion which the manufacturer secured was 
only 89.0%, even though the negligible effect of additional lime indicates 
that an approach to equilibrium prevented further reaction. This dis- 
crepancy may conceivably have been due to any one of several factors 
or a combination of them. For example, attainment of equilibrium 
may have been apparent rather than real, because of extremely low 
reaction rate near the end of the operation. Equilibrium may have been 
reached in the boiling, agitated solution, but equilibrium with the solid 
phase may not have been reached in the settled, cooler solution. Again, 
the conversion may have been lower than otherwise because of imperfect 
protection of the solution from contact with the atmosphere and conse- 
quent absorption of CO.. The presence of MgO in the lime undoubtedly 
affects the equilibrium to some extent. Finally, the activity of Catt, 
CO;-, and OH- in a caustic solution may be significantly different from 
the activities in dilute aqueous solutions, such as those of the experiments 
in which the solubility products were determined. 

If the manufacturer is to be given sound advice, it is desirable to 
ascertain, if possible, the relative importance of the various factors listed 
above. The effect of change in temperature on equilibrium may be 
discarded as a major factor because to explain a conversion as low as 
89% a change of more than 100-fold in the equilibrium constant K is 
necessary, and this is deemed to be unlikely. Some clues to the situation 
may be found by reference to the scientific literature. For example, 
laboratory experiments on causticization of soda-ash solutions have been 
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Per cent conversion of soda ash to caustic 


reported by Lunge,! whose results are tabulated below and shown 


graphically in Fig. 9-1. 


Normality of 
final caustic 


eee. 
Tiga: eens 
aa 


Per cent conver- 
sion of soda ash to 





solution caustic 
0.39 99.4 
0.97 99.0 
2.08 97.2 
2000 96.8 
3.04 94.5 
3.52 93.7 
4.58 90.7 





At a normality of 3.01, Fig. 9-1 shows a conversion of 95 %, somewhat 
higher than the 89% conversion obtained by the manufacturer. Inas- 
much as the experiments of Lunge were performed with Ca(OH): instead 


'G. Lunge, “Sulfuric Acid and Alkali,” 3d ed., Vol. II, part 2, p. 807, Table A, 


Exp. I, Gurney and Jackson, London, 1909. 





Normality of final caustic solution 


FIG. 9-1. Data of Lunge on causticization of soda-ash solutions. 
with respect to NaOH + NasCOs. 


(OH~)? 
(CO; 





127 
191 
141 
149 
99 
98 
81 


Normality is expressed 
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of a dolomitic lime and under laboratory conditions facilitating adequate 
provision against absorption of CO, from the air during handling, the 
difference between the two figures is a good index of the combined effect 
of MgO in the lime and absorption of CO». It should be possible for the 
manufacturer to improve his conversion materially by purchasing a non- 
dolomitic lime and taking steps to prevent contact of the caustic solution 
with air. However, in addition to these steps, it will be necessary 
according to Fig. 9-1 to dilute the soda-ash solution to somewhat less 
than 2 N, if a conversion as high as 98% is to be secured. The exact 
degree of dilution required for the particular lime employed will have to 
be determined by trial runs in the plant. 

If the difference between Lunge’s data and the conversion predicted 
from solubility products were due primarily to a difference between the 
activities of the various ions in dilute aqueous solutions and relatively 
concentrated caustic solutions, the calculated and observed conversions 
ought to approach each other as the normality of the final caustic solu- 
tion decreases. In the limiting case of zero normality, the two conver- 
sions should be identical and equal to 100%. However, the data of 
Fig. 9-1 show a trend toward intersection with the y axis at a conversion 
less than 100%. This trend is admittedly slight, but the point is con- 
firmed and emphasized by the values of the apparent equilibrium con- 
stant (OH~-)?/(CO;-), which is a far more sensitive index of the behavior 
of the solutions than is conversion. The calculated value of K, it will 
be recalled, is 4000. By contrast, all the values observed by Lunge fall 
below 200, and far from tending toward a value of 4000 at zero concentra- 
tion, these data indicate that K in the most dilute solution tested was 
lower than K in more concentrated solutions. The conclusion is plain 
that effect of concentration on ionic activity does not account for the low 
conversions observed in Lunge’s experiments. The explanation must be 
in extremely low reaction rates at high conversions or an equilibrium of 
an unknown character. 

Illustration 2. In a test performed by students at the Bangor 
station of the M.I.T. School of Chemical Engineering Practice, informa- 
tion was secured on the operation of an Allen-Moore cell. The effluent 
liquor was found to contain 110 g of NaOH, 170 g of NaCl, 1.1 g of 
NaClO;, and negligible NaClO per liter. The voltage on the cell was 3.8, 
and the current consumption was 88,000 amp-hr per cubic meter of 
effluent liquor. The gas from the cell was absorbed in a dilute milk of 
lime to produce a bleach liquor. The bleach liquor thus produced 
amounted to 2.58 volumes for each volume of effluent cell liquor. This 
bleach liquor was analyzed for available chlorine by addition of KI, 
acidification with acetic acid, and titration of the liberated iodine with 
N/10 thiosulfate. Each milliliter of the bleach liquor consumed 9.65 ml 
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of thiosulfate solution. It was analyzed for its total chlorine content by 
acidification with nitric acid and reduction with nitrous acid, followed by 
titration of the resulting solution with N/10 AgNOs. Each milliliter of 
the bleach liquor consumed 10.85 ml of V/10 AgNOs, under these con- 
ditions. An analysis of the gases leaving the cell and passing to the 


Waste gas, Milk of 









chlorine-free lime 
Absorption 
tower 
Cell gas 
Vol % Bleach liquor 

oa sn 2.58 volumes per volume 

O> 1 of cell effluent liquor 

No 28.4 9.65 ml of N/10 thio 
consumed per ml of 
bleach liquor 


10.85 ml of N/10 AgNO3 


Effluent liquor consumed per ml of 


Voltage, 3.8 iter : 
Current consumption NaOH 110 bleach liquor 
88,000 amp-hr per NaCl 170 
cubic meter of NaCl03 11 
effluent liquor NaClO Negligible 


FIG. 9-2. Test data on an Allen-Moore cell. 


absorption tower for bleach production showed them to contain 60.0% 
Cle, 0.5% COs, 11.1% Os, and 28.4% Ne. The gases leaving the bleach 
absorption tower were chlorine-free. 

Calculate 

1. The current efficiency of caustic production 

2. The current efficiency of chlorine production 

3. The current efficiency of hydrogen production 

Solution. The principles involved in a material balance on this cell 
can best be appreciated by reference to Fig. 9-2. Choosing 1 liter of 
effluent liquor as a convenient basis, the production of caustic is obtained 
directly from the effluent-liquor analysis and is 110 g. Two methods are 
available for determining chlorine production. In the first place, it is 
evident that all chlorine leaving the cell appears in the bleach liquor, 
and the known amount and total chlorine content of this stream provide 
a direct measure of the quantity of chlorine manufactured by the cell." 


' The fact that the available chlorine is slightly lower than the total chlorine is 
typical experience and reflects the occurrence of a certain amount of reduction of the 
bleach liquor in handling. 
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A second approach depends upon a sodium balance. In the entering 
salt, each atom of Na is associated with an atom of Cl. All Na entering 
in the salt appears in the effluent liquor as NaOH, undecomposed NaCl, 
or NaClO;. Each atom of the entering Na that leaves as NaClO; or as 
undecomposed NaCl is still carrying the atom of Cl originally associated 
with it, but those atoms of Na appearing as NaOH have lost their Cl 
atoms. The only place the latter could have gone is into the gas, and 
therefore the atoms of Cl in the gas should equal the mols of NaOH in the 
effluent liquor. In other words, the current efficiencies of caustic and 
chlorine production must be equal and can be calculated either from the 
amount of caustic in the effluent liquor or from the chlorine in the bleach. 

In the reasoning of the preceding paragraph, chlorine and sodium 
balances have been utilized. There remains the possibility of using 
balances on oxygen and hydrogen. The oxygen picture is complicated 
slightly by the fact that the gas analysis shows an appreciable amount 
of N», indicating leakage of air into the chlorine-gas line, which is normally 
operated under a slight suction to prevent any chance of leakage of 
chlorine outward into the cell room. The gas analysis also shows a small 
amount of CO2, which can be ascribed to oxidation of the carbon elec- 
trodes. However, the amount of N» serves as an index of the quantity 
of air leakage, and one can subtract the input of O2 from this source. All 
the remaining oxygen output as COs, Os, NaOH, and NaClO; must have 
come from decomposition of H,O in the feed to the cell. The amount of 
H, equivalent to the H,O decomposed can, therefore, be calculated. 
A hydrogen balance requires that Hz in the gas be equal to the H.O 
decomposed less Hy appearing in the effluent liquor as NaOH. 

The detailed calculations on a basis of 1 liter of effluent cell liquor 
appear below. 


110/40 = 2.75 equivalents of NaOH in cell liquor and of Cl in gas 
(calculated from the amount of caustic in the effluent liquor) 

2.58(1.085) = 2.80 equivalents of NaOH in cell liquor and of Cl in gas 
‘(calculated from the chlorine in the bleach) 


An average of the two methods of determining caustic and chlorine 


production gives a figure of 2.78 equivalents. 
On a basis of 100 mols of gas, the equivalents of Cl equal 120.0, and 
the atoms of oxygen, exclusive of that from the air, amount to 


2(0.5 + 11.1 — (21/79)28.4] = 8.1 


Returning to a basis of 1 liter of effluent liquor, one finds that the atoms 
of oxygen in the gas, exclusive of that introduced with air, equal 


2.78(8.1/120.0) = 0.19 atom 
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The total oxygen from decomposed HO is 
0.19 + 2.75 + 3(1.1/106) = 2.97 atoms 


From a hydrogen balance, the production of H. gas turns out to be 
9.97 — (2.75/2) = 1.59 mols, or 3.18 equivalents. 

To summarize, the productions of NaOH, Clz, and Hz are 2.78, 2.78, 
and 3.18, respectively, with all quantities expressed as gram equivalents 
per liter of effluent liquor. 

According to the energy relationship discovered by Faraday, a cell 
reaction consuming 1 g equivalent of each of the reactants and manu- 
facturing 1 g equivalent of each of the products requires 96,500 coulombs 
of electricity. In this case, the input of electricity is 


88,000(3600) /1000 = 316,500 coulombs per liter of effluent liquor 


If the cell were 100% efficient (no side reactions), this quantity of elec- 
tricity ought to yield 316,500/96,500, or 3.28 equivalents of each product 
of the reaction NaCl + H.O = NaOH + 4H2+ %Cl. The actual 
results are (2.78/3.28)100 = 85% NaOH and Cl, efficiency, and 


(3.18/3.28)100 = 97% Hz efficiency 


According to Mantell,! the caustic-chlorine current efficiencies of 
Allen-Moore cells range from 90 to 95%. However, it is likely that these 
figures represent average plant performance, somewhat lower than that 
of cells with fresh electrodes and higher than that of cells with worn 
electrodes, soon to be replaced. The relatively low efficiency of 85% 
obtained in this case probably means that the test was conducted ona 
cell that had been on the line for a long time. 

Solvay soda. The manufacture of soda ash by the Solvay process 
is a complicated operation in which good control is absolutely vital 
to success. Hence, the correct interpretation of data is peculiarly 
important. 

Illustration 3. Certain limited information has been secured con- 
cerning the current operation of a Solvay plant, from which it is desired 
to get as clear a picture as possible of plant performance. The flow 
sheet of Fig. 9-3 gives the original plant layout and process, but the data 
indicate that at the present time all the kiln gas going to the carbonating 
towers flows to the lower of the two towers, which is equivalent to saying 
that the two carbonating towers are in effect operated as a single unit. 

The data available show that the brine fed to the top of the first 
carbonating tower contains 66 g/liter of COs, 74 of total NHs, 4 of fixed 
NHs3, and 250 of NaCl. The term ‘fixed NH;” is used to describe the 


“C. L. Mantell, ‘Industrial Electrochemistry,’”’ 3d ed., McGraw-Hill Book Com- 
pany, Inc., New York, 1950, 
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ammonia that cannot be evolved from the solution by prolonged boiling. 
The NaCl is determined analytically by evaporation to dryness, followed 
by careful low-temperature ignition to constant weight. The analysis 
of the liquor finally leaving the bottom of the precipitating (carbonating) 
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tank 


Waste gas 










Primary 
ammonia 


Make-up 
absorber NH3 


Main 
carbonating 
towers 


Ammonia still 


Wash 
water 







NH,Cl, etc., 
to ammonia still 


FIG. 9-3. Solvay plant of Illustration 3. 


towers averages 39 g/liter of COs, 77 of total NHs, 57 of fixed NH;, and 
85 of NaCl. The mixed gases entering the bottom of the precipitating 
towers contain approximately 52% of COs, and the final waste gas from 
the top of the ammonia-recovery system has 6% COs. The plant uses 
high-grade limestone, low in magnesia. Analyses of the final soda ash 
produced by the plant show that it averages about 1% salt. 
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While definite data on the following points are not available, it seems 
permissible to assume that the limestone decomposition in the kiln 
averages about 85%, that the hydrogen content of the coke used as fuel 
may be neglected, that the lime kiln operates with an average of 5% 
excess air, and that in the washing of the solid bicarbonate about 17% of 
it is redissolved and goes to the ammonia still with the main filtrate. 
Calculate 

1. The per cent CO, in the kiln gas 

2. The pounds of coke burnt per 100 lb of CaCO; decomposed in the 
kiln 

3. The lime requirement, expressed as mols of CaO produced by the 
kiln per mol of NaCl in the feed to the plant 

4. The gross utilization of NH;, expressed as pounds NH; added to 
the brine feed per pound of NazCO; produced 

5. The per cent conversion of NaCl in the feed to NazsCO; 

Solution. Before starting computations, it is important to be perfectly 
clear regarding the analytical data. The solution fed to the carbonating 
tower is made by dissolving CO, and NH; in a concentrated solution of 
NaCl. It contains the chlorides, carbonates, carbamates, and _ bicar- 
bonates of ammonium and sodium, as well as ammonium hydroxide and 
carbonic acid and presumably ammonia and carbon dioxide as such, all 
existing in an exceedingly complex equilibrium. Vaporization from this 
solution would cause loss of ammonia and carbon dioxide, progressively 
upsetting the equilibrium, but resulting finally in a solution containing 
nothing but the nonvolatile salts, sodium chloride and ammonium 
chloride, the latter being the so-called fixed ammonia. This means that 
any sodium carbonate or bicarbonate existing in the original solution 
would double-decompose with ammonium chloride to form sodium 
chloride and the volatile ammonium salts of carbonic acid. It is clear 
that any solution of pure sodium chloride in water into which ammonia 
and carbon dioxide are dissolved in any proportions without separation 
of a third phase would, if boiled long enough, give off all the dissolved 
constituents and leave behind in the solution the original sodium chloride. 

Any further interpretation of the data requires detailed knowledge of 
the chemistry and mechanism of the steps of the process. 

Since the solution entering the top of the precipitating tower contains 
fixed ammonia, this ammonia must be present as ammonium chloride. 
Since the original solution contained only sodium chloride, the solution 
under consideration must contain more equivalents of chlorine than of 
sodium, 7.e., the solution must have lost sodium. Under the circum- 
stances, this can have occurred only by precipitation of NaHCoOs, the 
amount of the precipitate being of necessity equivalent to the fixed 
ammonia left behind in the solution. In other words, as a result of the 
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process of solution of the ammonia and carbon dioxide, some bicarbonate 
has already been precipitated from the brine before it enters the main 
precipitation tower, this bicarbonate presumably being carried in suspen- 
sion in the liquid. 

As the ammoniated brine flows down the precipitation tower, it comes 
in contact with a counterflowing gas rich in CO». It absorbs this gas, 
increasing the concentration of ammonium bicarbonate, which, however, 
immediately double-decomposes with the sodium chloride to form sodium 
bicarbonate, most of which precipitates. It is clear that all the con- 
stituents of the solution are changing except the total ammonia and the 
chloride. Furthermore, it is improbable that the ammonia is completely 
constant because it certainly vaporizes to some degree as the ammonia- 
free gas enters the bottom of the column and it probably continues to 
vaporize or perhaps condense as the gases go up the column. Clearly, 
therefore, the chloride content offers the best promise as a basis of compu- 
tation to enable one to follow the complex changes that are occurring 
as the brine goes down the tower. In other words, the change in the 
ratio in the liquid of each constituent to total chloride gives a measure 
of the gain or loss of that constituent by the liquid stream. The follow- 
ing table shows the analytical data recomputed to this basis. The 
significance of the results is most easily seen by entering them as shown 
on the flow sheet of Fig. 9-4. 


MATERIAL ENTERING AND LEAVING CARBONATING TOWERS 
Basis: 1 atom Cl-.* 











Entering in Leaving in 
liquid stream | liquid stream 
ME occ var cS 1.0000 1.0000 
WORE iles «o> 6 45 o55 0.9655 0.9425 
ys Vl ES ae a 0.0521 0.6978 
0 ee ee ee 0.3325 0.1844 
NS Ss Sotiieed pnt 0.9479 0.3022 





* This means 1 g atom of Cl in solution as chloride ion, 7.e., 1 g ion. 


On the basis of this arrangement of the data, a variety of important 
and interesting relationships comes to light. While it is true that the 
original data disclose that some chloride goes into the precipitate, this 
amount is small and may justifiably be ignored for the moment. In the 
first place, it is seen that the total ammonia leaving the bottom of the 
tower is in fact less than that entering the top by more than 2%, sub- 
stantiating the point already made that some vaporization of ammonia 
does occur. This vaporized ammonia, 0.0230 mol by difference, obvi- 
ously goes to the ammonia-recovery system, where it is absorbed in the 
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incoming purified brine. The data also throw quantitative light on the 
bicarbonate precipitation in the tower. Thus, it is clear that if steady 
operation of the towers is assumed, 7.e., that on the statistical average 
all the sodium bicarbonate precipitated is carried along with the liquor, 


Gas to brine ammonia scrubber 
NH3 0.0230 (0.0230) 
CO2 0.2365 (0.2376) 
N2+0,2 0.6780 (0.6786) 
































Liquid from primary 
ammonia absorber 
Total CI~ 1.0000 
Total NH3 0.9655 
Fixed NH3 0.0521 
C02 0.3325 
A NaCl 0.9479 
i Suspended solid 
Main 
carbonating NaHCO3 0.0521 


towers oe i 
NN To ammonia still 


Total NH3 0.9425 (0.9425) 
Fixed NH, 0.6908 (0.6864) 
C02 0.1914 (0.1902) 
NaCl 0.3092 (0.3073) 





Gas from lime kiln 
CO2 0.3887 (0.3866) 
N2+ O2 0.6780 (0.6400) 






External liquid 
Total CI~ 1.0000 (0.9936) 
Total NH3 0.9425 (0.9365) 
Fixed NH3 0.6978 (0.6934 ) 
CO2 0.1844 (0.1832) 
NaCl 0.3022 (0.3003) 
Suspended solid 
NaHCO; 0.6978 (0.6958) 
Occluded liquid 


—~  Calciner gas 
C02 0.3454 (0.3471) 
No+ O2 (0.0386 ) 











Gas to carbonating towers 
CO2 0.7341 (0.7337) 
N>+0O, 0.6780 (0.6786) 
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Total NH; (0.0060) 
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C02 —— (0.0017) 
NaC} — (0.0040) 










Crude bicarbonate 
NaHCO 0.6908 (0.6888 ) 
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FIG. 9-4. Material balance, uncorrected for occlusion, on Solvay plant of Illustration 3. 
Basis: 1 equivalent of chlorine. The figures in parentheses are the original values, corrected 
for the effect of occlusion. 


the amount of suspended sodium bicarbonate leaving the bottom of the 
precipitating tower must be 0.6978 mol per equivalent of chloride con- 
stituent, since, as has been explained above, the fixed ammonia in the 
solution must correspond to the precipitated sodium bicarbonate. Of 
this, 99%, or 0.6908 mol of solid bicarbonate, goes to the calciner. 
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Granting no loss of the CO, evolved in the calciner, half this, or 0.3454 
mol of COs, is fed back to the bottom of the precipitating towers. More- 
over, the sodium carbonate product is also equal to 0.3454 mol. All this 
information comes from component balances on the towers. 

1. The per cent COz in the kiln gas. In a well-run system of this sort, 
the still for recovery of ammonia should return substantially all the 
ammonia and the CO, entering it to the ammonia-absorbing towers in 
the brine-flow system. The reason for this is that the top part of the 
ammonia still is designed to strip practically all the CO. and the free 
ammonia from the liquor before it goes to the bottom part of the still, 
since otherwise lime will be wasted in precipitating CO». Moreover, the 
bottom part of the still should always be operated to secure substantially 
complete recovery of ammonia. This means that complete recovery, 
ultimately by solution in the incoming brine, of both the CO, and the 
ammonia contents of the filtrate from the solid bicarbonate can be 
assumed to take place. Consequently, a CO, balance around the whole 
system exclusive of the lime kiln can be set up. If this is done, it is clear 
that the only source of CO, is from the lime-kiln gases and the only out- 
lets are the 0.3454 mol of CO, in the soda ash produced and the waste CO2 
in the top waste gases. Call x the mols of CO, entering the tower from 
the lime kiln and y the mols of nitrogen plus oxygen from the same source. 
If it is assumed that the inert gases come only from the kiln and use is 
made of the fact that the ratio of CO: to inert gases in the waste gas is 
6/94, this is equivalent to writing « = (6y/94) + 0.3454. Now attention 
may be focused on the point of mixing of the kiln and calciner gases. The 
CO, in the mixed gases is « + 0.3454 mol. The number of mols of inert 
gases in the mixture is y. The ratio of CO2 to-inerts in the mixture as 
shown by analysis is 52/48 = (x + 0.3454)/y. Solving, x = 0.3887 mol 
CO. from the lime kiln and y = 0.6780 mol of nitrogen plus oxygen from 
it. The CO, entering the bottom of the tower in the gases is therefore 
0.3887 + 0.3454 = 0.7341 mol. The kiln gas consists of 0.38887 mol CO2 
and 0.6780 mol nitrogen plus oxygen, which gives a composition of 

2. The pounds of coke burnt per 100 lb of CaCOs decomposed. 


Basis: 1 mol carbon burnt. 


Mols 
Per PNA cass oe hae op l 
Air Yequired...........--.3..«. 4.76 
Air used (5% excess).......... 5.00 
Products from combustion: 
ee se Ses tees) 1 
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Basis: 100 mols gas produced by lime kiln. 


Mols 

CN'g = Os) tise sisinice Soe 0 pepe ere aoe eens 63.5 

COs: total is osc incomes paar eee 36.5 

CO, from coke, 63.5/4.00..............-- 15.9 

CO, from limestone, 63.5 — 15.9........ 20.6 
1 mol of CO. from CaCO; = 1 mol CaCO; decomposed = 100 lb CaCO; 
decomposed 

lb coke burnt _ 15.9012) _ 9.97 





100 lb CaCO; decomp. _—20..6 


3. The lime requirement. On a basis of 1 atom Cl-, it was shown that 
0.3887 mol CO, is required from kiln gas. Of this, 0.3887(20.6/36.5) 
or 0.220 mol CO, is from limestone. On the basis of the reaction 


2NH.Cl + CaO = 2NH; + CaCl, + H2O0 


Mols CaO required = 1/2 (mols fixed NH; leaving system) 
1/2 (0.6978) 
= 0.3489 


The CaO produced for CO. requirements = 0.220 mol. Therefore, 
the lime kiln will be run to satisfy the CaO requirements and will produce 
excess kiln gases, which will not be sent to the process. 

4. The gross utilization of NHs3. 


Basis: 1 atom Cl-. 
Total NH; in top of precipitator = 0.9655 mol 
Na2CO; produced = 0.3454 mol 
lb NH3/Ib NazCO; produced = (0.9655) 17/(0.3454)106 = 0.448 


5. The percentage conversion of NaCl. 


Production of NasCO; = 0.3454 mol 
NaCl fed in = OOD 
% conversion 2(0.3454)100 = 69.0% 


The preceding discussion implicitly assumes purity of the sodium carbonate pro- 
duced and no contamination of the gases from the bicarbonate ealciner. However, 
the soda ash contains approximately 1% of sodium chloride, and the calciner gases 
recycled to the precipitating towers after substantially complete removal of water and 
ammonia contain approximately 10% of air resulting from leakage into the calciner. 
While these facts are of obviously minor importance in the main analysis of the 
problem, the situation can well be reexplored in their light. 

The mechanism of chloride contamination of the washed bicarbonate crystals is 
not clear. Sodium chloride might be adsorbed on the surface of the progressively 
growing erystals of bicarbonate, with no other similar contamination, but this seems 
unlikely. A more probable explanation is that mother liquor is included or occluded 
in the crystals as they form and is not completely removed by the washing operation. 
The performance of the tower will be explored on the basis of this latter assumption. 

If occlusion is the major factor, it doubtless occurred progressively during the deposi- 


I 
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tion of the crystals. This would mean a progressive change in the composition of 
the occluded liquor. Its composition at the end of the precipitation is known, i.e., 
that of the effluent liquor from the tower. Its composition at the beginning of precipi- 
tation in the primary ammonia absorption unit for ammonia recovery is not known. 
However, most of the precipitation occurred in the main tower, and one will prob- 
ably not be far from correct in assuming as the average concentration of the occluded 
liquor the arithmetic mean of the liquor concentrations at tower entrance and exit, 
t.e., 0.2585 mol of COs, 0.954 of total NHs, 0.625 of NaCl, and 0.375 of fixed NH; per 
mo! of chloride constituent. 

It is important to keep clearly in mind that there are three separate bodies of 
material leaving the bottom of the precipitating tower. The first of these is the 
liquor external to the bicarbonate crystals (the supernatant liquor, if the crystals are 
allowed to settle), the analysis of which was given in the statement of the problem. 
The second is the occluded liquor, the composition of which was estimated in the pre- 
ceding paragraph. The third is the mass of crystals themselves, which are for the 
Moment assumed to be pure bicarbonate. These three bodies and the changes in 
them must be followed through the operations of filtration, washing, and calcining. 
For this purpose, one can no longer use the chloride constituent as a direct, unchang- 
ing basis, because it is distributed in unknown amount between external and occluded 
liquor. An algebraic solution will be employed, but the setting up of the equation is 
somewhat involved. A technique of tabulation will be used which can well be kept 
in mind for similar cases. 

Still using as a basis one equivalent of chloride constituent in the liquor entering 
the top of the precipitation zone, call y the equivalents of chloride constituent occluded 
in the crystals as they leave the bottom of the precipitating tower. This leaves 1 — y 
equivalents of chloride constituent in the external liquor itself. Table 9-1 gives in 
terms of y the quantities of each component in each stream. Columns 1 to 3 refer 
to the two bodies of liquid leaving the bottom of the tower and should be self-explana- 
tory in the light of the preceding discussion. Column 4 gives the total NaHCO; 
precipitated; this is equal to the fixed NH; in the total liquid (see column 3). 

It seems reasonable to assume that the volume of liquid occluded per unit of precipi- 
tated bicarbonate remains constant throughout the precipitation. As the total 
volume of liquid per unit of chloride does not change much, the chloride concentra- 
tion in the tower may be taken as constant. Thus, one can assume that the ratio in 
the precipitate of total chloride constituent to solid bicarbonate remains constant 
throughout the precipitation process. One also assumes that the occluded liquor 
removed by washing has substantially the same composition as the external liquor 
leaving the bottom of the tower. With these two assumptions one can calculate the 
‘reduction of occlusions by washing as in column 5. The result should be fairly satis- 
factory because it is used only to estimate a fairly minor correction term, 7.e., the 
fraction of the constituents in the occluded liquor that is removed in the wash water 

along with the 1% of the bicarbonate dissolved in the washing operation. 

The occlusions left after washing (column 6) will be equal to the original occluded 
liquid (column 2) less that lost by washing (column 5). Notice that the NaHCO; 
that is dissolved upon washing is also included in column 5 and that remaining 1s 
shown in column 6. 

Column 7 gives the quantities in the main filtrate plus wash water as obtained by 
addition of 1 and 5 (or the difference of 3 and 6). Here the NaHCO; is measured as 
such. Column 8 transforms the figures of column 7 into the same convention of 
reporting analytical results used throughout the problem by reporting the sodium in 
the NaHCO, as NaCl and the carbonate as CO». This is done because the NaHCO 
is in the filtrate plus wash not as solid bicarbonate but as Na*, H*, and CO;7 ions, 
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In calcination the occluded fixed ammonia reacts with solid bicarbonate, forming 
volatile (NH,)2CO; and correspondingly reducing the amount of the latter and increas- 
ing the sodium chloride. The amount of sodium bicarbonate that goes to carbonate 
on calcination will be equal to the sodium bicarbonate left after washing (0.6908 
— 0.3196y), less the occluded NH; (0.368y). The sodium carbonate formed will of 
course be equal to one-half this amount. Since the weight ratio of salt to carbonate 
in the final product is 1/99, one can write 


eee eR) 2 
106(0.6908 — 0.3196y — 0.368y) 99 
whence y = 0.0064. 

This gives 0.9936 atom Cl- in external liquid. The amounts of the other constitu- 
ents in the external liquid have been calculated. From column 6 one obtains the ocelu- 
sions with the precipitated bicarbonate and also those in the filtrate that goes to the 
ammonia still. 

The quantities of interest in the table have been evaluated and inserted in paren- 
theses in the flow sheet of Fig. 9-4.* The changes are not large enough to modify 
the general picture of the operation as drawn from the first interpretation, but proper 
corrections of this sort are clearly necessary for any dependable analysis of the relation- 
ships, such as is necessary when the presence of impurities in the product affects the 
economics of the process. 

It will be noted that these conclusions are independent of the technique of operation 
of the calciner, provided only that it recovers all the volatilizable constituents of the 
bicarbonate fed to it. 

With the new corrected values obtained for the various streams several quantities 
may now be calculated more accurately than could be done previously. 

1. The per cent COz in the kiln gas. The kiln gas contains 0.3866 mol CO: and 
0.6400 (Nz + O2), which is equivalent to 37.8% CO: and 62.2% (N2 + Os). Without 
correcting for occlusion, a composition of 36.5% CO. and 63.5% (Nz + O2) was 
obtained. 

2. The pounds of coke burnt per 100 lb CaCO; decomposed. 


Basis: 1 mol carbon burnt. 


Mols 
he edeted se ie 45 eek Se] 
te RAMI 2. 28 Se edie wk 4.76 
Air used (5% excess).......... 5.00 
Products from combustion: 

Rane eh eect ks Kang 1 
MRI oe nag sci se 


* With regard to the figures in parentheses, the method of calculation obviously 
implies a correction to the figures on the liquor entering the precipitation tower, on 
account of the accompanying bicarbonate. Thus, approximately 0.05% of the total 
chloride constituent is occluded before entering the precipitation tower. However, 
while the occluded components are not negligible relative to the totals, the sum of 
external and occluded components per equivalent of total chloride (also external plus 
occluded) does not differ within the fourth significant figure from the figures given in 
the flow sheet for the original case. Hence in the flow sheet no changes are shown for 
these figures, but it must be kept in mind that as applied to the case in which occlu- 
gion is assumed these figures refer, not to external liquid alone, but to the sum of 


external and occluded portions. 
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Basis: 100 mols kiln gas. ie 
(Nie. At Os) s sinaiguncieent cos 4 eee oe be 62.2 
COs, total sock t-.75 ds ap 9 Bare, oe eee 37.8 
CO. from.coke; 62.2/4,00, ..455..45 bon LOO 
CO: from limestone......... 22.2 


1 mol of CO, from CaCO; = 1 mol CaCO; decomposed = 100 lb CaCO; decomposed 
lb coke burnt per 100 lb CaCO; decomposed = 15.6(12)/22.2 
= 8.43 (uncorrected value was 9.27) 


3. The lime requirement. 
Basis: 1 atom Cl~ entering precipitating tower. 


CO, from kiln gas = 0.3866 mol 
CO, from limestone = 0.3866(22.2/37.8) = 0.227 mol 


On the basis of 2NH,Cl + CaO = 2NH3 + CaCl, + H,0, 


1/2 (mols fixed NH; leaving system) 
1/2 (0.6864) 
0.3432 mol (uncorrected value was 0.3489) 


Mols CaO required 


ll 


ll 


4. The gross utilization of NH:z. 


Basis: 1 atom Cl~ entering precipitating tower. 
Total NH; in top of precipitator = 0.9655 mol 
NaHCO; entering calciner, 0.6908 — 0.3196(0.0064) = 0.6888 mol 
NaHCO; lost by conversion to NaCl = 0.368(0.0064) = 0.0023 mol 
Na»CO; produced = 0.6865/2 = 0.3433 mol 
lb NH;/lb NazCO; produced = 0.9655(17) /0.3433 (106) 
= 0.451 (uncorrected value was 0.448) 


5. The percentage conversion of NaCl. 


Na2CO; produced = 0.3433 mol NaCl fed in = 1.0000 mol 
% conversion: 2(0.3433)100 = 68.6 (uncorrected value was 69.0) 


Illustration 4. The data of Table 9-2 on the operation of an 18-plate 
Solvay tower, 70 ft high and 6! ft in diameter, were published by Brad- 
burn.! The analyses are of the feed to the top of the column and of the 
liquid flowing out of each plate. The tower produced 44 tons per 24-hr 
day of soda ash from the calciner. Gas from the lime kiln averaged 36% 
COs2, 1.6% Oz, and 62.4% Ne, while that from the calciner was 84% CO». 
The mixed gas contained 45% COs, was fed to the bottom of the column 
under a pressure of 55 in. Hg, and left the top at 9 in. The slurry 
leaving the bottom of the column had a specific gravity of 1.19, a figure 
that did not change much in the flow through the column, owing to the 
compensating effects of the density of the precipitated bicarbonate and 
of the change in volume of the residual mother liquor. 

In the table the figures for the free and total ammonia are reported as 
titer, z.e., the milliliters of N/20 solution used in titrating 1 ml of the 
solution being analyzed. 


‘J. A. Bradburn, Z. angew. Chem., p. 78 (1898). 
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TaBLe 9-2. OperaTING Dara on 18-PLATE SOLVAY TOWER 




















Plate | Temp., | Free NH; | Total NH;} NaCl, 

No. og, (titer) (titer) g/liter | g/liter 

Feed 34 85 89 248.8 | 67 
18 40 81.2 89.2 242.4 71.2 
17 4d 77.4 89 231 76 
16 47 71.4 88.3 221 73.3 
15 48.5 66 88.6 210 69.1 
14 50.5 62.5 89 191 65.5 
13 60.5 58 .2 89 188 .2 638 
12 49 53 — —-89.3 170 59.3 
il 48 50 89.2 162.2 Sf 
10 47 46.8 89 150.6 54 
9 46 44 89 139.4 52 
8 44.5 40 89 131 49 
7 42 36.5 89.2 12s 47.1 
6 40 33.3 89.6 115 45 
5 37 30 89.6 105.8 43.3 
4 oo70 Zi 89.3 99.7 41.8 
3 31 24.7 89.8 94 40.6 
2 28.5 23 90 88 40 
1 29 23 89.8 88.3 40 
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Plate number ( bottom plate is No. 1) 
FIG. 9-5. Bradburn data. Sodium in solution vs. plate number. Basis: 1 atom of 
total Cl-. 
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These data can be analyzed by the method of Illustration 3. The 
results can be plotted in different ways. Figure 9-5 shows the atomic 
ratio of sodium to chlorine in the solution, plotted against the plate 
number in the column. ‘The temperature data are shown on the same 
figure. The sodium curve is smooth and consistent, showing a reasonably 
uniform rate of precipitation of bicarbonate per plate until one approaches 
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Mols of NaHCO3 precipitated per plate 


aia 


Plate number (bottom plate is No. 1) 


FIG. 9-6. Bradburn data. Sodium bicarbonate precipitated per plate vs. plate number. 
Basis: 1 atom of total CI-. 


the bottom of the column, where the rate drops off, precipitation ceasing 
below the second plate. However, one can plot sodium precipitated per 
plate against plate number as in Fig. 9-6. Despite the fact that they 
are the same data, the points look far less consistent. The obvious reason 
is that the ordinates for Fig. 9-6 are small differences between relatively 
large numbers, extremely sensitive to small fractional errors in the 
original data. Nevertheless, Fig. 9-6 is the more informative of the two. 
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It indicates a definite increase in precipitation rate in the upper plates 
of the tower, which can easily escape notice from inspection of Fig. 9-5. 
Moreover, it brings out wide fluctuations on plates 11, 12, and 13. One 
would at first be inclined to ascribe these to experimental errors in 
analysis, except for the fact that this region also shows abnormality in 
the temperature curves. The slow precipitation, particularly in the 
lower part of the tower, is due to the necessity for building up crystals of 
bicarbonate of relatively uniform particle size, so as to get good filtration 
characteristics, 7.e., high filtration rates and low liquid retention. By 
maintaining a low degree of supersaturation during the later stages of 
precipitation, the crystals already formed can be allowed to grow without 
running the risk of developing new crystal nuclei, which would inevitably 
result in the presence of relatively large numbers of small crystals along 
with the large ones in the final suspension. 

The way in which a given set of data are presented can be extremely 
important in bringing out their significance and arriving at a sound 
interpretation. 

Illustration 5. Hempel and Tedesco! published the data of the 
adjoining table, obtained by introducing pure CO, gas at a gauge pressure 
of 1.8 atm into various solutions of salt in aqueous ammonia. The 
Magma was agitated until substantial equilibrium was secured, the 
remaining liquor was filtered off, and the precipitate was washed free 
of mother liquor by using as wash water a solution of sodium bicarbonate 
saturated at 30°C. The resulting precipitate was weighed and analyzed. 


Basis: 1000 ml of initial solution. 


Weight in initial solution, g| Weight of precipitate, g 








NH, NaCl NaHCO; | NH.HCO; 
76.52 262.22 269. 46 11.06 
82.86 257 .86 282.08 11.46 
133.27 222.56 261.34 83.50 
210.31 194.98 248.5 565.30 





The first two vertical columns give the concentrations in the initial 
solutions of salt in ammonia liquor, before the introduction of COs, 
and the last two give the weights of each of the two bicarbonates in the 
precipitates produced. These well-washed precipitates were substan- 
tially free of chlorides.* The table below converts the figures to mols. 


1W. Hempel and H. Tedesco, Z. angew. Chem., 24, 2459 (1911). 
2 This fact supports the assumption made on p. 303 that residual chlorides in the 
washed precipitate are due to mother liquor entrapped in the crystal magma, which 
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Basis: 1000 ml of initial solution. 
iccabibreh yr meses ee 











Mols in initial solution | Mols precipitated pete Rack 
converted 
NH; NaCl NaHCO; | NH4sHCO; 
4.50 4.45 3.21 0.140 72 
4.86 4.4] 3.36 0.145 76 
7.84 3.81 3211 1.056 82 
12.37 3.34 2.96 7216 89 








Inspection of the data makes it clear that, as the ammonia content 
of the initial solution rises much above 80 g/liter, there is a sudden 
increase in ammonium bicarbonate coprecipitating with the sodium salt. 
It is true that there is some ammonium bicarbonate in the precipitate at 
initial ammonia concentrations below the level stated. However, this 
ammonium bicarbonate precipitating at low concentrations is only about 
4 per cent of the sodium bicarbonate and apparently increases quite 
slowly as the ammonia concentration rises, until the latter is somewhat 
more than 80 g/liter. It looks as though these lower values of ammonium 
bicarbonate contamination represent not precipitated salt but rather 
some form of superficial contamination.! This small contamination is 
not serious, but the gross precipitation of ammonium bicarbonate at the 
high ammonia concentrations is obviously to be avoided, since, while it 
could be removed in the calcining operation, its bulk is so great that it 
would seriously interfere with filtration and washing and _ probably 
increase the ammonia losses in calcining. Is there any possibility of 
securing the high salt conversions of the last runs without the correspond- 
ing ammonium bicarbonate contamination of the precipitate? 

Hempel and Tedesco were convinced that carbonation went substan- 
tially to completion in each of their experiments. If this be true, it 
means that the mother liquor left in the last experiments must be in 
equilibrium with both bicarbonates. Now in true heterogeneous equi- 
librium the compositions of the phases are independent of the quantity 
of the phases. Thus, in the last two runs if one could remove the pre- 
cipitated ammonium salt, one would in no way affect the composition 
or amount of the liquid or of the solid sodium bicarbonate. Similarly, if 
one could adjust the conditions of the operation so as to avoid formation 
of the solid NH,HCOs, this might be done without in any way affecting 





was not completely removed by washing in the commercial operation. It indicates 
that this entrained mother liquor was held between the crystal grains and not occluded 
within them, since otherwise a washing operation which dissolved practically none of 
the bicarbonate could not eliminate the chlorides. 

' For example, it might be a limited solubility of the ammonium bicarbonate in the 
sodium salt in solid solution. 
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the quantities or compositions of the other phases. Theoretically this 
ean be achieved by stoichiometric control of the operation, 7.e., by seeing 
to it that, without affecting the other quantities, the material for the 
formation of the solid ammonium bicarbonate is not introduced. This 
solid is made up of three components, ammonia, water, and carbon 
dioxide. The quantity of CO, to be introduced in this type of operation 
is not under the control of the operator, because enough must be admitted 
to keep the pressure up to 1.8 atm, however much this amount of CO, 
may be. The quantity of both the other components, ammonia and 
water, can, however, be reduced by an amount equal to the ammonium 
bicarbonate which it is desired not to form. This should result in the 
setting up of exactly the same equilibrium, so far as the compositions 
and quantities of the liquid and sodium bicarbonate phases are con- 
cerned. In the light of the first two runs it appears that one must 
anticipate a contamination of the sodium bicarbonate precipitate with 
approximately 4% of the ammonium salt, corresponding to about 10.4 g 
NH,HCO; in the third run and 9.9 g in the fourth. This would result in 
eliminating the formation of 83.5 — 10.4 or 73.1 g of ammonium bicar- 
bonate in the third run and 565.3 — 9.9 = 555.4 g in the fourth run. 
Hence, if under the conditions of the fourth run, one will start with an 
initial solution containing 12.37 — 7.03 = 5.34 mols of ammonia and 
7.03 less mols of water than was actually employed, using the same 
quantity of initial salt, one should wind up with the same quantity of 
sodium bicarbonate and the same mother liquor, but with only 9.9 g of 
ammonium bicarbonate. One would thus secure the high salt conversion 
of the last run and at the same time eliminate the excessive contamina- 
tion of the precipitate with ammonium bicarbonate. 

The trouble with this operation is that the quantity of strong ammonia 
solution required is insufficient to dissolve the salt. One could introduce 
the salt and let the excess stay in suspension in the liquid. However, 
while theoretically this salt should ultimately dissolve and yield the 
desired final equilibrium, the salt crystals left suspended in the original 
ammonia solution before carbonation starts become coated with precipi- 
tated bicarbonate, and their rate of solution, as salt is consumed by the 
chemical reaction of carbonation, is so retarded that the operation is com- 
pletely impractical. On the other hand, it is by no means out of the 
question to introduce the solution saturated with salt into the top of the 
carbonating tower, let precipitation go on to substantial completion at 
the carbon-dioxide pressure existing in the tower, and then remove the 
solution and resaturate it with salt, reintroducing it into the tower and 
allowing the carbonation reaction to proceed. Whether resaturation is 
justified or not depends upon the economic importance, for any particu- 
lar plant, of high efficiency in the utilization of salt. 
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A much clearer picture of what was going on in Hempel and Tedesco’s 
experiments is obtained by use of a Janecke diagram." Take as a 
basis 1 mol of mixture of any neutral salts having only two anions and two 
cations between them (in this case, NaCl and NHyHCOs). Construct 
a plot such as Fig. 9-7, in which the abscissas are the mols of sodium ion 
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FIG. 9-7. Janecke diagram for solutions containing Nat, NH,y*, Cl-, and HCO;~ at 
30°C. Basis: 1 equivalent of Na* plus NH,*. The numbers on the dotted lines indicate 
grams of water at saturation with NaHCOs;. 


and the ordinates those of chlorine ion. Obviously, the mols of ammo- 
nium ion may be read from right to left and those of bicarbonate from 
top to bottom; 7.e., each point in the square corresponds to a single 
specific salt mixture. Any solution of these salts corresponds to such a 
unique point. Furthermore, if any neutral salt that is a combination 
of the ions present be either added to the solution or taken from it (as 


1K. Janecke, Z. anorg. Chem., 51, 132 (1906); Z. angew. Chem., 20, 1559 (1907). 
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by crystallization), the solution changes composition along a straight 
line through the point corresponding to its initial composition and the 
point representing the composition of the salt added or separated. ! 

Such a solution has five phase-rule components, corresponding to the 
four ions and the solvent, and if one grants the presence of liquid and 
gaseous phases, its variance is five. However, it presumes that the sum 
of anions and cations is the same (neutral salts) ; this intensive restriction 
reduces the variance to four. The diagram is normally used for an iso- 
thermal system, so that, in the absence of solid phases, the degrees of 
freedom are three and each solid in equilibrium with the solution reduces 
them by one. Hence, equilibrium coexistence of three solid phases means 
a nonvariant system, corresponding to a fixed point on the diagram. 
Two solids give monovariance, corresponding to a line, since if the abscissa 
is given, the ordinate is thereby fixed. However, a single solid can be 
represented by any point that lies within the area of potential existence 
of that solid. 

The quantitative details of the diagram can be determined only by 
experimental data on the system in question. Figure 9-7 is based on lab- 
oratory measurements at 30°C.* A is the nonvariant point correspond- 
ing to coexistence of solid NH,Cl and the two bicarbonates; B corresponds 
to the two chlorides and NaHCO;. Along AC the two ammonium salts 
can coexist; along BD, the two chlorides; along BE, the two sodium salts; 
along AF, the two bicarbonates; and along AB, NH,Cl and NaHCO. 
Thus far, the plot gives information regarding the salts only. Its axes 
are not designed to tell anything of absolute concentrations, 7.e., about 
the amount of solvent present. However, if at any specific point in an 
area, such as that between the lower right corner and the curve FABE, 
solid (NaHCO) be present in equilibrium, the fact that ordinate and 
abscissa, both intensive variables, are specified by the location of the 
point means that all other intensive properties of the system, including 
concentration of the solution, are also fixed. In other words, in the area 
one can draw curves of constant concentration; these are shown dotted 
and are expressed as grams of water at saturation per mol of salt mixture 
in the solution. Unfortunately, in the given diagram the dotted curves 
have had to be estimated because of paucity of data. 

More disturbing than this, however, study of these data convinces 
one that they are in serious error in that the sum of anions in the solu- 
tions analyzed is far less than that of the cations; 7.e., there is not in fact 
enough CO, in solution to convert alkali in excess of chloride to bicar- 
bonate (e.g., contrast these data with the analyses of the liquor on the 


1 See also the discussion of phase diagrams in Chap. 11. 
*P. P. Fedotieff, Z. angew. Chem., 17, 1653 (1904); B. Neumann and R. Domke, Z. 


Elektrochem., 34, 136 (1928). 
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two bottom plates of the tower of Ilustration 4, which are clearly in 
substantial equilibrium with incoming gas). Most if not all the labora- 
tory workers assumed all titratable alkali to be bicarbonate. In view 
of the weakness of ammonia as a base and particularly of carbon dioxide 
as an acid, together with the low solubility of the latter, a molal ratio of 
unity of total CO. to free ammonia in solution is unthinkable, and in faa 
the ratio is far less. In other words, the assumption of ‘‘neutrality”’ of 
the dissolved salts, which is the normal basis for use of the Janecke 
diagram, is unjustified. i 

On the other hand, study of the situation shows that it is not too black. 
Solution neutrality fixes one phase-rule variable. All the laboratory 
investigators, however, worked at constant (or substantially constant) 
COs, pressure, which itself is a phase-rule variable. This being the case, 
lack of ‘“‘neutrality”’ of the solution does not increase the degrees of free- 
dom of the system, because for it is substituted constancy of pressure. 
One must, however, make sure that the method of plotting is still legiti- 
mate. If one will use as a basis one equivalent of total sodium plus total 
ammonia in the solution and will interpret the abscissa as the ratio of 
equivalents of sodium to total equivalents of sodium plus ammonia, and 
the ordinates solely as the ratio of equivalents of chlorine to sodium plus 
ammonia, the situation becomes clear. What one must not do is to 
interpret the vertical distance down from the top of the plot as bicar- 
bonate constituent. The dependability of the nonvariant points A and 
B and of the two-solid-phase lines is unimpaired,! but the uncertainty 
of the dotted water lines is enhanced (except on the right-hand edge) by 
the error in COs. 

The significance of the table on page 310 now becomes clear. For the 
first run the abscissa at the start is 0.497 and the ordinate obviously the 
same. Getting the composition of the mother liquor from the table by 
difference, one finds that the abscissa is 0.222 and the chloride ordinate 
0.795. Plotting the first point G, drawing a line through it from the 
NaHCO; corner of the diagram, and extending it to the abscissa 0.222 
gives a chloride ordinate of 0.774. The check is good, and it is obvious 
that the solution never got out of the area in which NaHCO; is the only 
possible equilibrium solid phase.- Treating the fourth run similarly 
gives a starting point H of 0.212, 0.212, through which the NaHCO; pre- 
cipitation line almost immediately hits line A where coprecipitation of 
NH,HCO; starts. Solution concentration then travels along FA toward 
A. However, calculation from the table of the diagram coordinates of 
the mother liquor by difference gives an abscissa 0.068 and ordinate 
0.597. The lowest attainable abscissa according to Fig. 9-7 is 0.14 at 
point A with an ordinate of 0.88. The discrepancy between the two 


* As is to be expected, liquid composition is very insensitive to COs pressure. 
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pairs of figures is due to the fact that, in washing a precipitate so rich in 
NH,HCO; with a saturated solution of NaHCOs, a considerable amount 
of the former dissolved. The composition of the mother liquor calcu- 
lated by difference is therefore high in ammonia, lowering the computed 
value of both ordinate and abscissa. 

Had Hempel and Tedesco planned their work on the basis of a careful 
analysis of the physical chemical information available to them, or even 
interpreted their results in that light, they could not have failed to make 
their work far more constructive. 

Illustration 6. A Southern paper mill is engaged in the manufacture 
of pulp by the sulfate process. A flow sheet of the plant is shown in Fig. 
9-8. Note that in this particular mill the supply of make-up alkali and 
sulfur, which the process requires, is being purchased in the form of salt 
cake and elemental sulfur. 

Table 9-3 gives actual operating data, taken from the plant records of 
this mill. The figures represent the average performance for 24 hr of 
operation, during a period when the plant was running smoothly and 
performance was typical of normal conditions. 


TaBLeE 9-3. CHEMICALS USED IN SULFATE PROCESS 
Quantities per ton of pulp: 


Ree PRS. kre ee ule ba Su pane tus sic trae ore js eels Ghapadi liens sx 196.2 lb 
IR 0 RR Gey gad Me tie Bh ds x 4 Las esopn eg) 2.S finale ae 14.7 lb 
MS COM MOCEVO GMO). 55555 re warhead ONION a en eee e 35.6 Ib 
rie Etta (RS SOtIVS CBO). x. oie how os Letom Sy aie lsyrigts @ 359.1 lb 
RP eg OP ne Pee Ee 2 eee ee 77.9 cu ft 
White-liquor analysis (all substances expressed as equivalents of alkali): 
G eq/liter 
Active alkali, NaOH + NadS.............. 6 cece eee eee teens 3.48 
Sulfidity, Na2S/(NaOH + NaS + NazCOs;)............. 00ers 0.235 
Activity, (NaOH + Na.S)/(NaOH + Waa: 4 NaeG@Os) occ cca cccs- 4c 0.805 
Reduction, NasS/(Na2S + Na2SO,)......-. 6... cece eee eee eens 0.937 
Lime analysis: 
Weight % 
Active CaO in unslaked fresh make-up lime.............-0-+0++++5 90.5 
Active CaO in unburnt lime........... 0... eee cece eee e eee eeees 81.4 
Free CaO in lime sludge.............-- 6. cece cece eee eee eeeeeenes 1.1 
Total alkali in lime sludge (as per cent Na2SO,).......--6--.00 2555+ 4.3 
Residual solids in lime sludge...........----.- sees estes eee reeees 48.5 


The alkali in the lime sludge was determined by washing it thoroughly 
with dilute (NH4)2CO; solution, filtering, adding excess H.SO, to the 
filtrate, evaporating, igniting, and weighing the residue. The result is 
reported as weight of Na2SO. obtained per 100 parts of sample. The 
insoluble residue from the filtration was dried, weighed, and reported as 


the residual solids in the lime sludge. . 
The pulp was washed twice and after washing was essentially sodium- 
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and sulfur-free. The first wash water was added to the black liquor. 
The second wash water, containing sodium in an amount calculated as 
21.7 lb of Na,O* per ton of pulp, was too dilute for economical recovery 
and was discarded. 

From the data of Falk, quoted by Schorger,! it is estimated that the 
relief condensate (oil and water) contains about 1.7 lb of sulfur per ton of 
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FIG. 9-8. Sulfate pulp mill of Illustration 6. 


pulp. According to Schorger, the sulfur content of the noncondensed 
gases is of the order of 0.02 lb per ton of pulp. 

This plant has just been acquired by a large paper company operating 
a chain of mills. As an engineer employed by the new owner, you have 
been asked to analyze the above information and present your comments. 
What points would you stress in your report? 

Discussion. An analysis of the data ought to throw light on how the 
chemicals are being consumed and should suggest methods for improving 
economy in their utilization. The major chemical costs are the salt 
cake and the sulfur, compared to which lime is relatively cheap. Hence, 


*It is customary in the trade to express the strength of solid caustic soda and of 
its solutions as per cent Na.O, 

‘A. W. Schorger, “The Chemistry of Cellulose and Wood,’’ McGraw-Hill Book 
Company, Inc., New York, 1926. 
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attention should be focused primarily on the losses of sodium and sulfur 
at various points in the system. 

Let the basis of computation be a ton of pulp, and express the quantities 
of sodium and sulfur at various points in terms of pound atoms. From 
the figures on input, the sodium supplied to the plant as salt cake (which 
can be considered as being practically all NasSO,4) amounts to 


196.2(2)/142 = 2.77 atoms 
The sulfur introduced in the salt cake and as elemental sulfur is 
(196.2/142) + (14.7/32) = 1.84 atoms 


Attention may be centered first of all upon the losses of sodium. 
Consideration of the flow sheet will show that there are three places where 
major losses of sodium can be expected: (1) the waste wash water; (2) 
volatile material and entrained solids in the stack gases from the burner; 
and (3) mechanical losses in the lime-recovery system, 7.e., handling 
losses and entrainment of solids in the kiln gases. Sodium losses in the 
pulp, the blowoff gas, the insoluble residue after leaching, and elsewhere 
in the system ought to be negligible. 

The loss in the waste wash water has been measured directly and is 
equal to 21.7(2)/62 = 0.70 atom, or about a quarter of the total. Three- 
quarters of the sodium consumption must be accounted for by 2 and 3. 

No information is available on losses from the burner, but losses during 
recovery of the lime can be estimated from the amount of make-up lime 
required. If the losses of sodium and calcium all occur during handling 
of the sludge or as entrainment of dust in the kiln gases, then the sodium 
and calcium must be lost in the same ratio as that in which they exist 
in the sludge entering the kiln. - From the known amount of calcium 
loss, z.e., the make-up required, and the ratio of sodium to calcium in the 
sludge, one can estimate the absolute amount of sodium loss. 

Although the principle of the calculation is essentially that outlined 
in the preceding paragraph, a slight modification is required by the fact 
that the analysis of the sludge is not complete, and one cannot dis- 
tinguish between CaCO; and inerts in the residual solids. The method 
of analysis is such that the so-called residual solids represent the weight 
of inerts in the sludge plus the calcium in the form of CaCO;; and this 
suggests that instead of using Ca as a “tracer” for losses of Na, it is 
better to use the sum of the inerts and Ca, the latter being expressed as 
CaCO;. The make-up to the lime-recovery system is 


35.6(100/56) + 35.6(100 — 90.5)/90.5 = 67.2 lb 


of inerts plus Ca as CaCO;. In the sludge, the ratio of Na to inerts 
plus Ca, as CaCO;, equals 4.3(2)/(142)(48.5) = 0.00125 atom of Na 
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per Ib; and the estimated loss of Na from the lime-recovery system is 
0.00125(67.2) = 0.08 atom, or about 3% of total Na losses from the 
plant. By difference, it is seen that losses of Na in the burner must 
amount to 2.77 — 0.70 — 0.08 = 1.99 atoms, or almost three-quarters 
of all losses of this element. 

The make-up sulfur introduced as Na,SO, and S was 1.84 atoms, as 
noted above. The proportion of this sulfur leaving as mercaptans and 
sulfides in the relief condensate and noncondensed gases has been esti- 
mated as equal to (1.70 + 0.02)/32 = 0.05 atom, less than 3% of the 
total. Evidently, the chief losses are elsewhere. Referring to the flow 
sheet, one concludes that the chief losses of sulfur must be in (1) the 
waste wash water, (2) volatile compounds and entrained solids in the 
burner-stack gases, and (3) entrained solids in the lime-kiln gases. 

While no direct determination was made of sulfur in the waste wash 
water, the sodium content is reported, and it is reasonable to suppose 
that the ratio of sulfur to sodium is practically the same in the waste 
wash water as it is in the mixture of pulp and spent liquor discharged 
from the bottom of the digesters. The only possibility that might inter- 
fere with this conclusion is that sodium and sulfur compounds may have 
been adsorbed to some extent on the pulp in the digester, and then, when 
removed by washing, they may have been removed at different rates, 
thus appearing in different ratios as the washing progressed. However, 
by far the greater part of the sodium and sulfur leaving the digester must 
have been in solution, and the amount in adsorbed form was in all prob- 
ability too small to have any significant effect. 

In order to calculate the ratio of Na to § in the mixture discharged 
from the bottom of the digesters, the amounts of Na and S supplied to the 
digesters in the white liquor are first obtained and the sulfur is then 
corrected for that evolved in the blowoff gas. Let the gram equivalents 
of NaOH, NaS, NasCOs;, and Na»SO, per liter of white liquor be 2, y, z, 
and u, respectively. From the analysis, one can set up the following 
equations: 


zr+y = 3.48 
y/(% +-y + 2) = 0.235 
(x + y)/(e@ + y + 2) = 0.805 
y/(y + u) = 0.937 


Solving, x = 2.46, y = 1.02, z = 0.84, and u = 0.07. Per liter of white 
liquor, the gram equivalents of Na amount to 


2.46 + 1.02 + 0.84 + 0.07 = 4.39 


while the atoms of sulfur total 0.5(1.02 + 0.07) = 0.55. 
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On a basis of 1 ton of pulp, the corresponding quantities are 
77.9(28.3) (4.39) /454 = 21.3 pound atoms of Na 


and 77.9(28.3) (0.55) /454 = 2.67 pound atoms of S. Subtraction of 0.05 
atom of § in the blowoff gas gives 2.62 atoms in the mixture of pulp and 
liquor discharged from the bottom of the digesters. The S/Na ratio in 
this stream is therefore equal to 2.62/21.3, or 0.123. The resultant 
estimate of sulfur loss in waste wash water is 


0.123(0.70) = 0.09 atom of S 


This amounts to approximately 5% of the total sulfur make-up required. 

Losses in the lime-recovery system can be estimated by a technique 
analogous to that employed for Na. While the sludge analysis does not 
include a determination of sulfur, the liquid content of the sludge must 
be essentially white liquor diluted with wash water (the wash water being 
included in the white-liquor stream). On the assumption that the com- 
position of the total alkali in the sludge is the same as that in the white 
liquor, losses of S from the lime-recovery system are obtained as follows: 


Lb of inerts Lb of total | Equivalents 
plus Ca as CaCO;| alkali (as of total 


in losses Na»SO,) in alkali 
losses 
67.2 4.3 2 0.55 _ pitas fs 
48.5 142 rT Yipes aha 


By difference, sulfur losses in the burner are 


1.84 — 0.05 — 0.09 — 0.01 = 1.69 atoms 


In other words, more than 90% of the make-up sulfur added as salt cake 
and elemental sulfur in the burner feed is lost in the stack gases. 

Since the stack gases evidently account for most of the losses of both 
alkali and sulfur, the next step is to inquire regarding the mechanism by 
which these losses occur. Some information is provided by the ratio of 
Na to S in the stack gases. According to the balance above, the atomic 
ratio of Na to S in these gases is 1.99/1.69, or 1.18. This figure shows 
that losses cannot be occurring solely in the form of compounds of Na 
and 8, such as NaS or Na2SO,, for in that case the ratio would be 2. 
Apparently a part of the losses must be in another form that is rich in 
sulfur. The probabilities are that the chief losses from the burner are 
SO, which is evolved in the earlier stages of concentration and incinera- 
tion, and NaSO, fumes, which result from volatilization of Na2,CO; and 
Na.SO, in the later stages, followed by reaction of Na2COs with SO, and 
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air. If it is assumed that the stack losses are as Na2SO, and SO:, then 
the Na.SO, is 1.99/2, or 1.00 mol, and the SOz2 is 1.69 — 1.00, or 0.69 mol. 
Expressed as a percentage of the sulfur losses in the burner, the estimated 
amount of sulfur present as Na2SO, fumes in the stack gases is 


1.00(100)/(1.00 + 0.69) = 59% 


The report to the management on the performance of this mill should 
emphasize that the plant is faced with a serious fume problem, which 
accounts for a large fraction of the consumption of salt cake. Efforts 
should be made to change the operation of the burner in such a way as to 
reduce the formation of fumes within the burner itself. At the same 
time the installation of improved methods of recovery of fumes from the 
stack gases should be considered. 

With regard to the consumption of sulfur, it should be pointed out 
that there are considerable losses due to volatilization in the earlier 
stages of the burning process and these must be due in large measure to 
the fact that the elemental sulfur in the make-up is volatile at relatively 
low temperatures. A serious study should be made of various possible 
methods of adding sulfur to the system, in such a way that the sulfur is 
introduced in a relatively nonvolatile form. 


PROBLEMS 


1. A 225-g sample of a certain lime is causticized with 2000 ml of 2.69 N soda- 
ash solution. A 1.25-ml sample is removed from the final solution and titrated with 
0.139 N HCl. To reach the end point with phenolphthalein 25.66 ml of acid is 
required, and an additional 1.44 ml to reach the end point with methyl orange. What 
is the normality of the final solution? What is the per cent conversion of soda ash to 
caustic? Ans. 3.01 N; 89.4%. 

2. A special-purpose caustic soda is being made by causticization of soda ash in a 
system consisting of a reaction tank, a dissolving tank, a filter, and two thickeners in 
series. The slurry produced in the reaction tank is pumped continuously to the filter. 
The caustic liquor obtained as filtrate is sent to evaporators, which produce a mixture 
of solid NaOH and NaCO;. The sludge from the filter, which contains approxi- 
mately 10% of the sodium compounds in the slurry, is fed to the first thickener and 
from there flows to the second thickener. - The sludge leaving the second thickener is 
substantially free of sodium compounds and carries 1 lb water per pound of dry solids. 
Fresh water is supplied continuously to the second thickener at the rate of 2.66 Ib per 
pound of fresh NasCO; fed to the dissolving tank. The overflow from the second 
thickener is pumped to the first thickener. The wash water overflowing from the 
first thickener, together with fresh water added directly to the dissolving tank, is 
used to dissolve the soda ash ; and the resulting solution is fed to the reaction vessel. 
Solid Ca(OH)2, 10% in excess of that stoichiometrically equivalent to the soda ash, 
is also fed to the reaction vessel. Past experience indicates that in this particular 
operation the ratio (OH-)2/CO,= in the liquid phase of the slurry withdrawn from the 
reaction vessel is approximately 100. 

(a) What is the weight per cent Na.CO; in the dry. caustic soda? 
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(6) What is the composition in weight per cent (dry basis) of the sludge discharged 
from the system? 

(c) On the assumption that the caustic liquor obtained from the filter is 3.0 N at 
20°C, estimate what per cent of the total fresh water supplied to the system is fed to 
the second thickener. 

3. A Vorce cell in good condition and operating smoothly is consuming 1500 amp 
at 4.34 volts. It is being fed with a solution having a specific gravity of 1.181, con- 
taining 24% NaCl and 0.1% HCl, and is producing a lye of 1.142 sp gr, containing 
16.32% NaCl, 5.60% NaOH, 0.06% NasCOs;, and 0.14% NaClO;. The composition 
of the anode gas is 71.95% Clo, 5.25% He, 1.75% COs, 7.20% Ox, and 13.85% Ne. 
The cathode gas analyzes 80.35% Hoe, 5.55% Os, and 14.10% Nz. The gases are 
being withdrawn from the cell under a suction of 4 in. of water at a temperature of 
42°C, with a partial pressure of water vapor of 2.01 in. Hg. The brine feed is being 
supplied at the rate of 28.4 liters/hr. The barometer is 752mm Hg. Compute the 
following: 

(a) Production of Cl. gas in pounds per 24-hr day. 

(b) Current efficiency of caustic production. 

(c) Current efficiency of chlorine production. 

(d) Current efficiency of hydrogen production. 

4. Data have been reported on the performance of a de Nora mercury amalgam 
cell, of a type employed in a number of plants in Italy.!. The unit has two main parts. 
The first of these is the cell in which brine is electrolyzed between graphite anodes and 
a mercury cathode to produce chlorine gas and sodium amalgam. The second part 
is the decomposer, which is a steel tower packed with lumps of graphite. Amalgam 
flows continuously from the cell to the top of the decomposer, while water is fed con- 
tinuously to the bottom. Hydrogen gas and a strong caustic solution are withdrawn 
at the top of the decomposer; at the bottom, regenerated mercury is removed and 
pumped continuously back to the cell. 

Under typical operating conditions the cell is fed with 3 gal/min of brine? containing 
310 g/l of NaCl. The depleted brine withdrawn from the cell contains 270 g/l 
of NaCl. The current is 15,000 amp, the voltage 4.10 to 4.15, the power consumption 
3,000 kwhr per short ton of Cl», and the temperature of the cell approximately 70°C. 
The amalgam flowing to the decomposer contains 0.1% Na, and the regenerated mer- 
cury only 0.001% Na. The average analysis of the caustic leaving the decomposer 
is 45% NaOH and 0.95% Na2zCO;, with a number of minor impurities. Per metric 
ton of Cl.manufactured, 3 kg of graphite are consumed. The air-free Cl. gas produced 
by cells of this type is known to contain approximately 0.5% Hz» and also a small 
amount of COs. Compute the following quantities from the above information: 

(a) Production of Cl, in metric tons per day. 

(b) Current efficiency of chlorine production. 

(c) Current efficiency of caustic production. 

(d) Current efficiency of hydrogen production. 

(e) Rate of circulation of mercury in gallons per minute. 

(f) At what point in the system do you think that most of the consumption of 
graphite is taking place? 

5. A Solvay plant with the same flow sheet as that of the plant of Illustration 3 
(Fig. 9-3) has the following average operating conditions: The purified brine fed to 
the brine ammonia scrubber contains 23.1% NaCl. Analysis of the liquid leaving the 
bottom of the main carbonating tower shows 40 g COs, 78.1 g total NHs, 57.8 g fixed 

1R. L. Kenyon and P. Gallone, Ind. Eng. Chem., 45, 1162 (1953). 

2 [bid., p. 1171. Calculated from the table on p. 1171 and from the reported con- 
centrations of the feed and the depleted brine. 
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NH:;, and 87.9 g NaCl per liter. The wash water leaving the filters contains 0.5% 
of the solid NaHCO; coming from the bottom of the main carbonating towers. The 
CO; content of the dry kiln gas is 44.1%, and of the dry waste gas from the brine 
ammonia scrubber 2.8%. Loss of NH; in the waste gas is negligible. Calculate the 
following: , , 

(a) The molal ratio of CO, to NH; in the gases evolved from the ammonia still. 

(b) The mols of dry waste gas per 100 lb brine fed to the system. 

6. The questions below refer to the Solvay plant of Illustration 3. Neglect the 
presence of NaCl in the product and of air in the calciner gas. 

(a) What is the composition (dry basis) of the CaCl: slurry leaving the bottom of 
the ammonia still? oy 

(b) If the plant undertakes the production of sodium bicarbonate, discontinuing 
operation of the calciner, how many mols of CaO can be made, over and above the 
requirements of the process itself, per atom of Cl in the liquid from the main car- 
bonating towers? Grant that the kiln is to be operated to satisfy the CO. require- 
ments. As before, 5% excess air will be used; 85% decomposition of the stone will 
be attained; and the kiln gas will again contain 36.5% CO». The waste gas will con- 
tain 6% CO: and negligible NH;. Washing of the precipitate recovered by filtration 
will again result in dissolving 1% of the solid NaHCO; from the towers. 

(c) In order to avoid dilution of the brine with water, the plant dries the gases 
recovered from the ammonia still before recycling them to the primary ammonia 
absorber. The dried gases are at 50°C. If cooled, they deposit ammonium car- 
bamate. The sublimation pressure of this material is 171 mm Hg at 34.6°C, 295 mm 
at 43.2°C, 389 mm at 47.5°C, and 517 mm at 52.2°C. At what pressure in millimeters 
of mercury must these gases go to the absorber to avoid any possibility of precipita- 
tion at 50°C? 

7. In the Solvay plant of Illustration 3 the pressure of the gases entering the bot- 
tom of the main carbonating towers is 35 psig, the temperature of these gases is 38°C, 
and their superficial velocity is 0.132 ft/sec. The specific gravity of the effluent liquid 
is 1.177, and of the erystal bicarbonate suspended in it 2.20. In order to maintain 
proper conditions of precipitation to ensure a free-filtering crystal magma, the rate of 
precipitation of sodium bicarbonate from the liquid in the slurry on the bottom plate 
of the main carbonating towers must be 18% per hour of the total sodium constituents 
in the liquid. Of the total sodium bicarbonate produced in the towers 0.5% is pre- 
cipitated on this plate. On the assumption that the slurry is expanded in volume by 
the gases rising through it to twice the volume of the slurry itself, calculate the depth, 
in inches, of liquid on the bottom plate. 

8. Experimental measurements of the equilibrium in the Solvay reaction have been 
reported by Hempel and Tedesco.!. From a study of the details of the technique that 
they used in analyzing their solutions, what do you conclude were the constituents 
that they actually determined? 

9. Measurements of the equilibrium in the Solvay reaction have been reported by 
Neumann and Domke.2 From a study of the experimental technique that they 
employed in analyzing their solutions, what do you conclude were the constituents 
that they actually determined? 


10. Seidell® gives the following information on aqueous solutions saturated with 
NaHCo;: 


1Z. angew. Chem., 24, 2459 (1911), 

? Z. Elektrochem., 34, 136 (1928). 

* A. Seidell, ‘“Solubilities of Inorganic and Metal Organic Compounds,” 3d ed., D. 
Van Nostrand Company, Inc., New York, 1940. 
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SoLupruity or Purr NaHCO; ar 30°C 
Dibbits, 1874; Fedotieff, 1904 
11.1 g NaHCO;/100 g H.O 


So.utions or NaHCO; anp NaCu ar 30°C 
Freeth, 1922 
a i mS DRE SI a 
g/100 g saturated solution 








Solid phase 
NaHCO; NaCl 
9.9 0.0 NaHCO; 
4.9 8.8 NaHCO; 
1.9 19.5 NaHCO; 
i 26.1 NaHCO; + NaCl 
Fedotieff 
g/1000 g H.O 
NaHCO; NaCl 
110.2 0.0 
i2.8 59.9 
47.3 121.9 
32.0 186.3 


22.3 256.0 
13.9 358.1 


SoLutTions or NaHCO; anp NH,HCO; 
Fedotieff, 1901 


g/1000 g H.O 


Tae Gre, SO 
NaHCO; | NH,HCO; 





15 88.0 0.0 
15 80.0 23 .0 
15 74.6 44.0 
15 66.7 85.7 
15 59.2 170.6 
30 138.6 0.0 
30 70.0 230 


(a) Employing the data on pure NaHCO; and on NaHCO;-NaCl solutions, make 
a plot showing the relation between the grams of H.O per equivalent of sodium ion 
and the equivalents of chloride ion per equivalent of sodium ion. 

(b) Utilizing the data on NaHCO;-NH,HCO; solutions, make a plot showing the 
relation between the grams of H,O per equivalent of sodium plus ammonium ions and 
the equivalents of sodium per equivalent of sodium plus ammonium. On the basis of 
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all the Seidell data on aqueous solutions saturated with NaHCoO,, what is your esti- 
mate of the grams of H.O per equivalent of sodium plus ammonium ions in a solution 
of NaHCO; and NH,HCO; at 30°C, saturated with NaHCO; and containing 0.75 
equivalent of sodium per equivalent of sodium plus ammonium? 

11. A kraft-paper mill at Port Townsend, Wash., has the flow sheet shown in 
Fig. 9-9.1_ The mill operates continuously except for the digesters, in which the 
chips are cooked in a series of batches. During a typical cook a digester is charged 
with 23.3 tons of chips (12.3 tons on air-dry basis), 760 cu ft of white liquor, and 
525 cu ft of weak black liquor, and produces 6.5 tons of pulp. The white liquor con- 
tains 12.5% solids and has the following analysis in terms of pounds of equivalent 
Na,O per cubic foot: NasCOs, 1.6; NaOH, 4.1; NaS, 1.9; Na2SO,, 0.1; and Na.S.0s, 
0.05. The weak black liquor contains 15% solids and has a gravity of from 10 to 
11°Bé. The net production of weak black liquor (7.e., the liquor leaving the washers 
less that recycled to the digesters) contains 1800 lb of organic material and 1200 lb of 
inorganics per ton of pulp manufactured. Each ton of pulp contains an amount of 
NaSO, equivalent to 40 lb of Na.O. 

In the evaporation and recovery system the weak black liquor is concentrated to 
produce strong black liquor, which is mixed with make-up salt cake, make-up sulfur, 
and stack dust and then charged to the furnace. On a basis of 1 ton of pulp the 
amounts of salt cake, sulfur, and dust are 100 Ib, 15 Ib, and 100 1b, respectively. The 
average analysis of the stack dust is 80% Na»SO,, 15% NazCOs, 4% Na.SOs, and 1% 
miscellaneous. The green liquor contains 15% solids and has the following analysis 
in terms of pounds of equivalent Na.O per cubic foot: NasCO; 5.2, NaS 2.1, NaOH 
0.2, Na2SO, 0.1, and Na2S.0; 0.05. 

In the causticizing system the green liquor from the dissolving tank is divided, 
approximately half being fed to the slaker and half to the causticizing tank. The 
slaker is also suppliéd with 35 lb of fresh lime per ton of pulp and 500 lb of reburnt 
lime per ton of pulp. The average analysis of the latter is 88% CaO, 8.5% CaCOs, 
1.5% NaOH, and 2.0% miscellaneous. 

Audit the utilization of chemicals in this mill, and submit a brief memo giving 
your results and conclusions. 


' F. G. Sawyer, W. F. Holzer, and L. D. McGlothlin, Ind. Eng. Chem., 42, 756 (1950). 
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METALLURGY 


The roasting of sulfide ores is typical of the metallurgical operations 
where problems concerned with quantities of air, products, and the like 
may be solved by stoichiometric methods. The roasting of FeS, has 
already been treated in Chap. 6, and the roasting of sulfides of other 
metals may be treated by similar techniques. It seems unnecessary, 
therefore, to discuss the minor stoichiometric differences that exist among 
the various sulfides. This chapter is concerned primarily with another 
important problem, namely, the reduction and refining operations in the 
metallurgy of iron. The methods of computation are applicable to 
similar reactions in the treatment of other metals as well as to the more 
general problem of gas-solid reactions. 

Illustration 1. The following figures are abstracted from the data 
sheet of a test on a blast furnace using hematite ore: 


Data 
Reduced to 24-hr basis 

Burden: 

TG. 3c), srenesbe pe ans Ce sw aha bo 2,150,000 lb 

Coke Fe ini hs Ve ae es 1,048 , 500 Ib 

Seales he so seceed at tee eo ee 151,800 lb 

Stone 6) ox cies satan na Lane ae 414 Ges 
Flue dust (dry basis)................. 120,000 lb 
PAR et Asia a oe eal ew ae Oe eee 1, 203 ,600 Ib 
Baromoter. «ss. «1 2 ck. oes 4g Se 
Alf temperature... bic... s Ab a<ctt leks TOE 
Relative humidityies.< 2.4. 4 «ens. eee 
Average blast pressure................ 14.1 psig 
Average blast temperature............. 960°F 


Average top-gas temperature.......... 330°F 
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ANALYSES 
Per cent Per cent 
- Seale: 

Wikia arta ae kcoais ala’ Gla ata ek obec 51.6 Re 72.68 
Mn 0.83 1) F eprgy' gk ean ie Ae a ee 0.57 
Ss 0.032 Pig 
SEES ali Goes 5. hac eRe 10.6 OR are PENS ak en ea 92.12 
2 UY, ae Bee eer Saat 8.78 RIG aE oe RE SP trod on sea 1,386 

Coke INIT ee hye ee cs ae 1.49 
PeehO OBTDON «|. ~ . ken cg ssh ee 80.7 A Pe ae ee eee Se 0.027 
Vol. comb. matter..... Pi Ek id, 2c a yee pe aergeediod Ae tag Rl ahaa 4.65 
AIT CO eee we AS 4.4 Flue dust: 

WEMIRCNEE SP, ss ae ee 12.7 Hip ee ee ees eee soe 41.4 
Total C (combined).......... 82.14 OR reek atte ek. ies dics 7.9 
Total H (combined)*: 238 2224 0.83 Gas: 

Btu/Ib, 12,130 [eH 9 PO Sets Mt SRT. ose 14.1 

Limestone: Ne Pig SO foes alee Ne eae 
7 Oe ae pe RR alte igh 54.55 aie hot ae ee eee ‘ipa 
er Pri ie Ae aa Beant ar Be Aer 0.80 Peres. os GANT act 232 
MP RBULE Dat ACES a PE ia ae 0.70 Dies core. 038. tS Se vee. 59.0 
Serethhon 2008 o45s awk wk oad 43 .30 


Discussion. From the data as presented, it is immediately possible to 
set up an iron balance, which will give a check on the accuracy of the 
data: 


Tron BALANCE 


Input: Pounds 
Sa Pa RN Cig cae 2c Got 5 nw ann whgep tsb adc athals bide we ws de 1,109,400 
OT E00 By. | a er ee eer ee ee ae 110,000 

ree enn, ete Poly nS oh vei Sea ee sige Sey el> ake ns oe 8 1,219,400 

Output: 
og oy) Gi LU > ) ee ere 2 ee ck 1,108,800 
oa SOOO. 494) Sr Ge ss cca ie le eee ee canes 49 ,600 
Renna En Fee ery bah. oe Oe TV De eee ae Sales oS SN hie os 8 61,000 

TAS ye ee! AL sand ye polis 1s a ag er ce ek a 1,219,400 


The calculation shows that the output of iron is about 5% less than 
the input. This may be due partly to iron in the slag, largely as emulsi- 
fied nodules of pig. ‘There is also the likelihood that the pig withdrawn 
from the furnace did not quantitatively correspond to the charge fed 
at the top. On a blast furnace it is necessary to have a long test period 
in order to make this error negligible. 
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It is also possible to set up a carbon balance that will give the carbon 
in the gas by difference. 


CarRBON BALANCE 


Input: Pounds 
Coke, 1,048,500(0.8214) «5. ven. 8. fem avery eae Pee bu iW lars wiv a aes iric iss 861 , 200 
Stone, 414,000(0.4330) (12/44)... cis ster ens rete saansereseneetrss 48 , 900 

Total ocosacd che cbmc tbs ae ea ee er ee ee re eae a oa 910, 100 

Output: 

Pig, 1,203,600(0.0468) «2... au $s ceslgens same sed 28 he A ee 56,000 
Dust, 120,00000.070)< 2. ca. «gece waar ed oe 9,500 
Gas by differenGe.: <. << co.cc oes sce aries 5 wee sree ol ne ee 844, 600 

To tial «ccc. cte Sui Godivvindeso deg ace thts os a et a ee 910,100 


(844,600/12) (100/38.7) = 181,900 mols dry top gas 


Since the iron balance is out by 5%, the carbon balance may include 
a similar discrepancy. Therefore, it is advisable to compute the quan- 
tity of top gas by an oxygen balance to see if a check can be obtained 
on the above result. The oxygen content of the gas depends not only on 
reactions of air oxygen with carbon and hydrogen but also on reactions 
of these elements with oxygen in the charge. The first step, then, is to 
recompute the analyses of the various materials to show the oxygen 
content, or the oxygen equivalent to the elements that enter into reaction 
with it. 


Basis: 100 lb coke. 


Atoms Ch. 89.14/19... oe 80.) ee Gree 

Mols total He, 0.83/2.016............. 0.411 
Mols H.0, 4.4/18.. POM (otk ooh ce Ue ea 
Mols net Ho, 0.411 - _ 0.244. Berese W aloyy 
Ratio, (net H:)/C, 0.167 /6.85 . tas Bek 0.0244 


Basis: 100 lb ore. 
The ratio of O/Fe in pure hematite is 3:2. Assuming Mn in the ore 
as MnO: and neglecting sulfur, the oxygen removed in reducing the ore is: 





Atoms Factor | Atoms O 











Fer61.6/55.842 “| 26979)" 6.995 x 34 14387 
Mn: 0:83/54.03.. 2.4/2. ...21 Si O1E x2 0.030 
Total seers et aes dl eee ee WALZ. 


Ratio, O/Fe, 1,417/0.925 
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Basis: 100 |b scale. 

The scale contains 72.68% Fe and 0.57% Mn. No serious error will 
be made if the remainder, 26.75%, is considered to be all oxygen. The 
composition of 100 lb of scale is, therefore, as follows: 


Atoms 

Fe: 72.68/55.84.......... 1.302 

PASS O07 JO4.08 kos ons 0.010 

ig me Fal a 1.672 
Ratio, O/Fe, 1.672/1.302.......... 1.285 


Basis: 100 lb pig. Oxygen removed by reduction. 

Since the iron comes from two sources, ore and scale, it will be assumed 
that the quantities coming from each are in the same ratio as the iron 
contents of the measured quantities of the charge. 


O removed from Atoms 
Ore, (92.12/55.84) (1,109,400/1,219,400)1.532*.......... 2.299 
Seale, (92.12/55.84)(110,000/1,219,400)1.285*........... 0.191 
Pe TE Be seule sn ei oot ee ee. oe ee ee UR ON 8 UE Se 0.097 

Total O removed by reduction.............4...0s65- 2.587 
Total per 24 hr, 1,203,600(0.02587).......... 31,200 atoms 


The oxygen from the air and charge and the elements that react with 
it, such as carbon and hydrogen, are tied together in the gas from the 
furnace. At this point one may turn to the gas and use it as the basis 
for continuing the calculations. 


* Note that this oxygen includes that from reduction of manganese oxides. The 
oxygen equivalent to the Mn in the pig can, of course, be computed separately from 
that equivalent to the iron, but this requires making an assumption regarding the 
state of oxidation of the Mn. This has already been allowed for when the analyses 
of the ore and scale were recomputed to an atomic basis. To show that the method of 
computation is substantially in accord with other data, the manganese can be checked 
by an independent balance as follows: 








Basis: 24 hr. 

Pounds 

Mn from ore, 2,150,000(0.0083) ...........6 02 cece eee eee teen tenes 17,850 
Mn from scale, 151,800(0.0057).......- 2... - 6s ee eee eee etnies 870 
RRS SAUNAS ome de pac nag acm END pk ik Cabrel TURD th Oe ot op. 18,720 
Mn in pig, 1,203,600(0.0149)..........-. 60sec cece eee eee nee nees 17 ,920 
ia a 16 detained ia eds a naperee sara eae nt te 800 
jn Pw Re RR ee ee orn ee ee ee rear 18,720 


This balance shows about the same discrepancy between input and output as does 
the iron balance. 
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Basis: 100 mols dry gas. 























Gas Mols Atoms C | Atoms O | Mols Ne 

el 0 ie aR renee eres er 14.1 14.1 28.2 
OYE es et ee a eae tacks eee 24.6 24.6 24.6 
Ola oon ae Cale bh his Seas ae O41. Sees 0.2 
Phas coc cxsie oe eis Yee re eee iy fl Ie ree fete ee: 2.2 
Week ee tiecic Ae es Ati ear Serene eka ae 59.0 

Total ck ce tes Soe. ee 100.0 38.7 53.0 2.2 
C from stone, 38.7(49,000/844,500)*...............- 2.25 
C trom fuel; by difteranes. 0. o. 0: cosy eee eee 36.45 
© from. stone; 202.25) 45 6!s wis xia uae @ > a me geet Le Pe 4.50 
Oss Ne BO0GE2770) 02s og a nk Coa etna wees <aeite  Sole Cite aris ans 31.35 
Net: H, from coke, 36.45(0,0244)2 205) 8 Soa see ey FR oe 0.89 
H, from decomposition of H2O, by difference...............---| «+++: 1.31 
O from deeomposition of HsO.07;..995 vere oe eae ees ee Fen 1.31 
Total O accqunted for.: ...: 20H ee ee te 37.16 
O from reduction of ore and scale, by difference................| 15.84 

53.0 


* Figures obtained from the carbon balance. With this exception, the computation 
of O from reduction of ore and scale is an independent calculation. 


Top gas is computed from the oxygen balance as follows: 


Basis: 24 hr. 
Atoms O 
31,200 | 100 
15.84 





= 197,000 mols dry top gas 


While the carbon and oxygen balances are based on analyses of the same 
materials, they are none the less independent except for the fact that 
in the oxygen balance the oxygen from the stone had to be computed 
from carbon data. The difference between the two values for the top 
gas, 181,900 mols and 197,000 mols, about 8%, is a reasonable measure 
of the dependability of the data. The carbon balance, however, ought 
to be given more weight than the other, because on the gas basis oxygen 
from the ore represents a difference between relatively large quantities. 
Unless expensive equipment is available to measure the huge volume of 
gas leaving the furnace, balances of this sort represent by far the easiest 
and most accurate method of determining its amount. See Fig. 10-1 
for a diagrammatic representation of this problem. 
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It is instructive to compute the following quantities: 

1. Volume of top gas leaving the furnace per minute 

2. Volume of free air per minute at the blower intake, neglecting any 
possible leakage between the blower and the furnace 

3. Btu as potential heat of combustion in the furnace gas, expressed 
as per cent of the heat of combustion of the fuel 


4. Percentage of the carbon in the coke charged that is burnt at the 
tuyeres 


Ore, 2,150,000 Ib Coke, 1,048,500 Ib 







Stone, 414,000 Ib Scale, 151,800 Ib 


Gas, 181,900 mols 
Seen 
Dust, 120,000 Ib 


Air, 136,000 mols Slag 
ee 


—_——> 
Pig, 1,203,600 |b 


FIG. 10-1. Blast-furnace problem. Basis: 24 hr. 


1. Volume of top gas. First compute the amount of water vapor in 
the air, that from the charge, and that formed on combustion of the 
coke, and then deduct from the sum of these three the equivalent of the 
H, in the gas. 


Basis: 24 hr. 
Mols of water vapor. 


a. From air: 72°F, 82% relative humidity ; 
Partial pressure of H.O vapor = 0.82(0.79) = 0.65 in. Hg 
Partial pressure of dry air = 29.84 — 0.65 = 29.19 in. Hg 


Mols dry Mols Mols 
gas N2 dry 
air 
181,700 | 59.0 100 0.65 


hs = 3,020 mols H:O 
100.0 79 29.19 
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b. From ore: 
2,150,000(0.106)/18......-.---+s--seeeee 12,650 mols H2O 

c. From coke: 
1,048,500 (0.411/100)........--...+-+.-. 4,310 mols H2O 

19,980 mols H.0 (a + b +c) 

Leaving as He, 181,700(0.022)............ 4,000 mols 
TieftisseHsO 4. nce eit core he eee 15,980 mols H2,0 
DPF: BBG h. isle een eee sk kg Me ee 181,900 mols 





197,880 mols 


Basis: 1 min. 
Mols gas | Cu ft At 
per min Frcs 330°F 
197,880 | 359 | 790 | 29.92 


= 79,400 cu ft/min 
(24) (60) 492 29.84 





2. Volume of free air per minute at the blower intake. 


Mols dry Mols Mols | Cu ft | Dry at 








gas Ne air disiee ere 
1 atm 
32 29.92 : 
181,900 59.0 100 359 53 = 37,600 cu ft/min 
(24) (60) 100.0 79 492 29.19 


3. Btu as potential heat of combustion in the furnace gas. 


Basis: 1 mol dry top gas. 








Molal heat of 
Gas Mols combustion, Product 
; Chu 
101 ¢ Rae Fw Be res pe 0.246 67 ,600 16 ,600 
He eee O22 68 , 300 1,500 
Totaling Wee Stel ee ee eee ee ee 18,100 








(181,900) (18,100) (1.8) = 5,920,000,000 Btu potential heat. 
Heat input, (1,048,500) (12,130) = 12,720,000,000 Btu 
Potential heat of combustion as per cent of the heat input: 


(5,920,000,000/12,720,000,000)100 = 46.5% 


Of every 100 heat units charged to the furnace as heat of combustion 
of the coke, 46.5 units leave the furnace as potential heat of combustion 
in the gas. It must, however, be remembered that heat also enters the 
furnace as sensible heat in the blast, and this fact must be taken into 
account when getting the complete picture of heat distribution. 
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4. Percentage of the carbon in the coke charged that is burnt at the tuyeres. 
At the very high temperature of the bottom of the blast furnace, COs, 
which is formed in the immediate vicinity of the tuyeres, is reduced with 
extreme rapidity by contact with more carbon, substantially completely 
to CO. This must be the condition in the bottom of the furnace, since 
COs:, if present in quantity, would reoxidize the iron to the oxide. It 
therefore follows that in the tuyere zone there must be consumed an 
amount of carbon substantially equivalent to quantitative conversion 
of the oxygen in air to CO. There is actually consumed an additional 
amount corresponding to the conversion of some of the nitrogen to 
cyanogen, but this will be neglected. (These reactions are further dis- 
cussed in Illustrations 2 and 3.) 







Mols dry Mols_ | Atoms O Lb 
gas Ne =atoms| coke 
C 
181,900 59.0 42.0 100 100 79.6 
100.0 6.85 1,048,500 7 


Blast-furnace shaft-gas analyses. By the use of suitable tech- 
niques, it is possible to withdraw gas samples from various locations 
within the shaft of a blast furnace. The analyses of these gas samples 
can be used to throw considerable light on the nature of physical and 
chemical processes occurring in the shaft, as will be shown in the follow- 
ing examples. In addition to their significance for metallurgical opera- 
tions, the general methods of attack employed in these examples are 
useful in a wide variety of situations involving countercurrent contact of 
solid and gaseous streams. 

Illustration 2. A number of years ago the Bureau of Mines! con- 
ducted a series of tests on 13 blast furnaces, differing considerably in 
construction and operation, in which they collected in each furnace a 
series of gas samples all taken at the level of the tuyeres but at different 
distances from the nose of the tuyeres radially inward toward the center 
of the furnace. The data, even on analyses of gas samples taken at 
different times at a given point in a given furnace, scattered widely. 
However, when the individual analyses are plotted against the distance 
radially inward from the nose of the tuyere, even with the data for all 
the furnaces on a single plot, the general trend cannot be mistaken 
despite the scattering of the points.2, The Bureau averaged all the 

1G. St. J. Perrott and S. P. Kinney, Trans. Am. Inst. Mining Met. Eng., 69, 543 (1923). 

2 The scatter of the experimental results is to be expected considering the operating 
conditions existing at the tuyere level of the furnaces. The furnace at this point is 
filled with lumps of coke, which are being consumed, allowing the charge to settle so 


that the lumps are continually being replaced by fresh ones sliding down from above. 
This means that the gas-flow pattern through this part of the furnace is highly irregu- 
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Center of furnace 


7 


Volume per cent 





0 10 20. 30 40 50 60 70 80 
Distance from nose of tuyere, inches 
FIG. 10-2. Horizontal survey of blast-furnace gases at the fuyere level. 


numerous analyses taken at each individual point in each furnace, 
plotted these averages against the radial distances, and for each furnace 
drew smooth curves among the points. Again, these curves all have 
common trends and shapes. 

Figure 10-2 reproduces the smooth curves of the Bureau for Alabama 





lar and continually changing. This is probably particularly true of the horizontal 
component of velocity. This change in flow pattern is sure to have a profound effect 
on gas composition at a given point as time goes on, although in the long run the aver- 
age composition will settle down to a quite definite value. Moreover, the problem 
of collecting a representative sample is very real. For example, at the high temper- 
ature levels in the furnace, the authors report frequent burning out and fusion of the 
water-cooled gas sample tubes. In consequence of all this, the significance of a single 
analysis is almost negligible, but statistical averages can be relevant and important. 
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Furnace No. 2 for Oz, COs, and CO. The Bureau did not plot the data 
that they reported for hydrogen or nitrogen. The hydrogen curve 
shown on Fig. 10-2 has been obtained by the method that they used for 
the curves that they did show. The nitrogen curve on this figure is 
obtained by difference from the sum of their average curves and 100, 
rather than being independently drawn by eye through the averages of 
the nitrogen points. These curves, then, are representative of the Bureau 
of Mines data, except that the values for CO, shown in this figure are 
definitely higher toward the middle of the furnace than is characteristic 
of their data as a whole. The general trend of their data on samples 
taken more than halfway in toward the center of the furnace was toward 
negligible levels of CO». 

What conclusions can one draw from the curves of Fig. 10-2? 

Discussion. In interpreting these data one must keep in mind that the 
nitrogen in the samples came from the air blown into the tuyeres. The 
nitrogen is unaffected by the reactions occurring in the furnace (except 
for the formation of a small amount of cyanogen). Consequently, in 
view of the fact that gases once mixed do not segregate spontaneously, it 
is legitimate to use a nitrogen base for the correlation and interpretation 
of the analyses. The data have been recalculated and tabulated below. 

Basis: 100 mols No». 


oe ———————— 


Radial distance from tuyeres, in. 








| 74 


0 10 20 30 40 50 ~=~— 60 70 ; 
(centerline) 











NAS ae tiey vers ows 6.2|12.5| 14.5) 6.5 5.4 5.0; 6.0) 8.0 9.0 
eee a 1.2) 13.0} 46.0) 105 138 160 180 185 

tn Jaccwn ee bet) sa.o) 4.4). 801 10 LO. @,5 0.5 0.5 
ee 0 0 1.3| 2.4 4.4 4.0) 3.0 4.0 4.5 








In the immediate neighborhood of the tuyeres, from 0 to 10 in. in, it 
is evident from the disappearance of O2 and appearance of CO: that the 
major process occurring there is combustion of coke by air, according to 
the over-all reaction C + O2 = COs. From 20 to 40 in. in, reaction of 
O» is practically completed. Meanwhile the CO, is depleted as CO is 
formed by the over-all reaction COz + C = 2CO. In the remainder of 
the distance to the center, the only significant reaction is an increase in 
the amount of CO in the gas. Since there is no possible source of CO 
in the gas itself in this region, the CO must be evolved from the solid 
phase. Thus, there are three rather definite zones, the first being a 
region in which the predominant reaction is combustion of coke to form 
CO>, the second characterized by reduction of CO: to CO by coke, and 
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the third a region in which CO is evolved from the solid phase in the 
furnace. 

If the above conclusions as to what goes on at the tuyere level of the 
furnace are correct, it should be possible to check the data to see if they 
satisfy the stoichiometric relationships implied by the postulated reac- 
tions. For example, if the only reaction occurring between the tuyeres 
and 10 in. in is C + Os = COs, then the appearance of CO» should equal 
quantitatively the disappearance of Os. Furthermore, the sum of the 
free O2 and COz should equal the O:2 originally present with the N» in the 
entering air. In the second zone, where the reaction C + O2 = CO: is 
completed and CO, is reduced by carbon to CO, the sum of the Op» 
present as free Oz, CO, and CO: should still remain equal to the Oz 
originally present in the entering air. 

For purposes of making a quantitative check on the reactions it is 
convenient to calculate LO, the sum of the atoms of oxygen present in 
whatever form, at each sampling point in the furnace. At the same 
time, it is informative to list 2C. Thus, at zero distance from the 
tuyeres, ZO, on a basis of 100 mols of No, is 2(6.2 + 18.0) = 48.4, while 
z2C = 6.2. In the entering air, ZO = 100(2)(21/79) = 53.2. The 
results of the calculations for the various sampling points are summarized 
below. 


Basis: 100 mols No. 




















Radial distance from tuyeres, in. 
Air i = 
0 | 10 | 20 | 30 | 40 | 50 | 601] 70! 7a 
SCH LeU Let 53.2| 48.4] 51.2|50.4|65.2]117.8|150 | 173] 197| 204 
Bator stig om 0 | 6.2|13.7|27.5]52.5/110.4|143 | 166! 188| 194 
Surette, & 7. |) 0% |e tars Teo aal Oe ee 





Ot 


Inspection of the figures in the line for SO reveals that the total oxygen 
in the gas, far from remaining constant, as required by the reactions 
C + O2 = COz and CO; + C = 2CO, decreases appreciably in the zone 
near the tuyeres and then increases markedly as the gas flows in to the 
center of the shaft. Clearly, chemical reactions other than the two 
reactions already mentioned must be taking place. In the first zone 
the reaction must be of such a character as to result in a net transfer of 
oxygen from the gas to the solid phase, while in the second and third 
zones the reaction must be one that causes a net transfer of oxygen from 
the solid phase to the gas phase. 

The figures in the line for =C likewise indicate that the gas analyses 
are not quantitatively consistent with the hypothesis that the reactions 
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at the tuyere level are C + O2 = COs, followed by CO. + C = 2CO. If 
these were the only reactions occurring, the maximum amount of carbon 
that could possibly be gasified would be the number of atoms equivalent 
to the oxygen in the entering air, 7.¢., 53.2 atoms of carbon per 100 mols of 
No. It is evident that the carbon actually gasified is considerably in 
excess of this figure. Therefore, the reactions occurring in the shaft 
must account not only for the observed variations in YO but also for the 
gasification of carbon by means other than oxidation by Oy» or by reaction 
with COs. 

The decrease in the total oxygen of the gas in the zone near the tuyeres 
can be explained on only one basis: oxygen must be consumed by the 
solid phase, by some substance whose oxidation product is a solid and 
not a gas. At this point in the furnace, the only substance that can do 
this is metallic iron, and the reaction must be 2Fe + O2 = 2FeO. Evi- 
dently, this reaction must be extraordinarily rapid initially, because at 
zero distance from the tuyeres the oxygen content of the gas is already 
below that of air. In all probability the samples reported at zero distance 
were taken at a point that was slightly in from the nose of the tuyeres, 
because of the difficulty of placing the sampling tube exactly at the nose. 

In like manner the increase in total oxygen content of the gas as it 
moves in toward the center of the shaft can be explained only on the 
basis that oxygen is evolved from the solid phase by some reaction. So 
far as the stoichiometry of the situation is concerned, the increases in 
oxygen and carbon contents of the gas, resulting from the appearance of 
large amounts of CO in the third zone of the shaft, might be explained by 
evolution of COz from limestone, followed by rapid reduction of the CO 
by coke. However, this explanation can be ruled out because the decom- 
position temperature of CaCO; is considerably below the temperature 
at the level of the tuyeres, and it is well established that the limestone 
is thoroughly decomposed at higher levels in the shaft, above the tuyeres. 
The only other possible source of oxygen from the solid phase is from 
reduction of an iron oxide. At the same time, it is known that the lowest 
oxide of iron, FeO, is reducible by CO at temperatures somewhat lower 
than those at the tuyeres, and that, in fact, by the time the charge has 
worked its way down to the tuyeres, the iron oxides have all been reduced 
to metal. Hence, the iron oxide that is being reduced in the second and 
third zones must come from some source other than the charge descending 
from above. In view of the fact that iron oxide is being formed in the 
neighborhood of the tuyeres, where the concentration of Oy» is high, it 
seems reasonable to infer that the oxide thus formed near the tuyeres is 
the source of the oxide undergoing reduction in the center of the shaft. 
Now, what is the reaction for this iron oxide reduction? 

Since it is obvious from the first table that there is no net production of 
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CO, in the center of the shaft and the net product of the reduction reac- 
tion is CO, the reaction must be either FeO + C = Fe + CO, or 


FeO + CO = Fe + CO: 


and if the latter it must be immediately followed by the reaction 
CO. + C = 2CO 


Inasmuch as the analyses in the second zone indicate that the reduction 
of COz by C proceeds at a relatively slow rate at the tuyere-level tem- 
perature even when there is a significant concentration of COsz, it appears 
that the reduction of FeO in the third zone, and probably also in the 
second zone as well, is being carried out by reaction with solid carbon. 

While the above interpretation accounts qualitatively for the decrease 
in XO near the tuyeres, followed by an increase as the gas passes in 
toward the center of the shaft, it does not explain the facts that ZO in 
the center of the furnace exceeds the oxygen contained in the entering air 
and that =C exceeds the amount equivalent to the oxygen in the air. In 
this connection the point to remember is that the choice of 100 mols of N» 
as a basis does not imply that the nitrogen in the gas reaching the center 
of the shaft at the tuyere level is the same in amount as the nitrogen in 
the air supply to the tuyeres. One can picture the entering air as con- 
sisting of a number of elements or ‘‘slugs.’”’? As the air passes in toward 
the center of the shaft it has a vertical component of velocity, with the 
result that elements of the gas are progressively lost in the upward 
direction and relatively few of the slugs that enter at the tuyeres ever 
reach the central part of the shaft, at the plane of the tuyeres. However, 
in each slug that actually does get to the center, the mols of N» are sub- 
stantially the same in number as those contained in that particular slug 
when it was in the entering air. Hence, the use of a basis of 100 mols of 
N> is legitimate for the purpose of obtaining information on the history 
of a typical element of gas moving horizontally inward at the level of the 
tuyeres, but there is no reason to expect that the total number of mols of 
N2 reaching the center is equal to that entering the tuyeres. Instead, 
the number of mols of Nz reaching the center is much less. Therefore, 
while the actual number of atoms of oxygen added to the gas phase in the 
center cannot be greater than the atoms abstracted from the gas phase 
near the tuyeres, the effect on the gas analysis is magnified by the fact 
that the oxygen is added to a relatively small amount of gas. 

In view of the fact that the distance from the rim to the axis of the 
shaft may be as much as 6 ft or more, the question may be asked as to 
the mechanism by which FeO formed in the former region is transferred 
to the latter. One possibility is mechanical entrainment of FeO in the 
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blast of air injected into the furnace at high velocity. However, this 
explanation seems unlikely, because of the obstructed and tortuous path 
the gas must follow through the lumps of coke, which fill the shaft at the 
tuyere level. The more probable explanation is the existence of a 
thermosiphon circulation in the pool of liquid slag and metal contained 
in the hearth of the furnace, below the tuyeres. It seems most reasonable 
to suppose that FeO formed near the tuyeres dissolves in the liquid slag 
descending the shaft and is carried down to the hearth in the stream of 
liquid metal and slag. Through observation windows at the tuyere level, 
molten material can be seen trickling down over lumps of coke. In the 
region of the hearth underneath the tuyeres, the liquid bath is relatively 
cool, because of heat losses through the walls of the furnace, whereas 
the center of the bath is relatively hot. As a result of the difference in 
temperature, there is also a difference in density, which tends to cause the 
hot, less dense liquid in the center to rise to the surface of the bath and 
spread out toward the walls, while the colder, denser liquid near the 
walls tends to sink to the bottom and flow in toward the center. Carried 
from the walls to the center of the shaft by this mechanism, the FeO 
can then be reduced through contact of the slag with the lumps of coke, 
which fill the hearth and support the weight of the descending column of 
charge in the shaft. CO evolved in the hearth must of necessity pass up 
the shaft and appear in the gas sampled at the level of the tuyeres. 

The conclusions that have been drawn from the above analysis of the. 
data have an extremely practical bearing, when it comes to judging the 
worth of various proposals that have been made for modifying the con- 
struction of a blast furnace. Clearly, modifications must be of such a 
nature that they do not interfere with the present mechanism for reducing 
FeO formed near the tuyeres, or else they must provide some equally 
effective means for achieving the same results. 

The appearance of He in the gas analyses remains to be explained. 
Since any free water in the ore, stone, and coke is distilled at relatively 
low temperatures, considerably above the tuyeres, the only remaining 
possible sources are chemically combined Hz; in the coke and decomposi- 
tion of H.O vapor in the air. There is some evidence that suggests that 
most of the H» in coke is evolved before the coke reaches the tuyere 
level (see page 344). Furthermore, the magnitude of the H. formed 
corresponds approximately to what could be obtained from decomposition 
of air of typical humidity. On the assumption that the highest value of 
H, reported, 4.5 mols per 100 mols of No, corresponds to complete 
decomposition of H,O vapor in the entering air, the calculated humidity 
in pounds of water per pound of dry air is 4.5(18)(0.79/100) (29) = 0.019. 
This is a typical value for the humidity of air in many steel-manufacturing 
regions of the United States. 
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Illustration 3. The following data have been reported on the per- 
formance of a Silesian blast furnace, operating on a mixed charge of 
various iron ores and slags.! The coke contained 75% carbon and the 


pig 91% iron. 
Analyze and interpret these data. 











Beets Pressure, a Per cent | Per cent | Per cent | Percent) Per cent 

above atm gauge biG H, CH, N2 
tuyeres, m 

1.0 0.250 0.85 0.20 64.70 
2.5 0.225 0.95 0.25 62.85 

4.7 0.150 0.95 0.40 62.70 
10.0 0.082 1.00 0.45 61.95 
13.9 0.038 1.15 0.40 61.45 
18.5 (top) 0.0076 2.6 0.40 59.3 


Discussion. It is evident that the gases rising through the shaft of a 
blast furnace undergo progressive changes both in composition and 
amount and that, therefore, the analyses are not reported upon a com- 
parable basis. The first step in an evaluation of the data is to convert 
the figures to a basis that can be presumed to be constant. Carbon, 
oxygen, and hydrogen are all involved in reactions between the gas and 
solid streams. However, all the nitrogen in the gas at any stage comes 
from the air and flows upward through the shaft in a single stream. 
Hence, as in the preceding illustration, nitrogen offers a logical basis for 
computation. A tabulation of the analyses is given below. 


Basis: 100 mols No. 
—$—<—<$ 




















ae 4c | 10000: | 100CO | 100H, | 100 CH, 
tuyeres, m No N» Ns Me 
1.0 1715 0.4 52.5 ee 0.3 
2.5 1010 0.6 56.6 1.5 0.4 
4.7 860 1.7 55.6 1.5 0.6 
10.0 738 3.2 55.9 1.6 0.7 
13.9 660 4.9 55.4 1.9 0.7 
18.5 (top) 160 12.5 51.1 4.4 0.7 


ee ee eee ee ee ee Pr Ee a 
Between the 1.0- and 2.5-m levels, the table shows that the principal 
change consists of an increase in the CO content of the gas stream. As 
far as the stoichiometry of the situation is concerned, appearance of CO 
1 F. Ullmann, Enzyklopiidie der technischen Chemie, Vol. 4, p. 376, Urban and 


Schwarzenberg, Berlin, 1916. The Ne» values have been adjusted slightly to make 
the total of the various constituents add up to 100. 
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might be due to the decomposition of limestone followed by reduction 
of the evolved CO, by carbon, or it might indicate that difficultly reducible 
solid oxides are being reduced by carbon. However, it is known from 
the decomposition pressure of CaCO; and experience with lime kilns 
that limestone decomposes at temperatures lower than those existing 
between the 1.0- and 2.5-m levels. It may be concluded that in this 
region of the shaft reduction of difficultly reducible solid oxides by carbon 
is occurring. 

In the region between 2.5 and 13.9 m, the chief phenomenon is seen 
to be an increase in the CO: content of the gas stream, while at the same 
time there is little change in the amount of CO. An increase in CO. 
without a corresponding change in CO can occur through decomposition 
of limestone, or through reduction of solid oxides by CO, followed by 
reduction of half the CO, by carbon to replace the CO reacting with the 
solid oxides. Considering temperatures, it is probable that decomposi- 
tion of CaCO; cannot be appreciable above the 10.0-m level but may be 
appreciable just below it, while reduction of easily reducible oxides in the 
ore is probably not taking place below the 10.0-m level. It will be noted 
that this statement implies the occurrence of appreciable decomposition 
of stone at temperature levels in the furnace that are considerably lower 
than those required for decomposition of limestone in a lime kiln. For 
example, a certain amount of decomposition of CaCO; appears to be 
taking place in the 4.7- to 10.0-m section at temperatures of 738 to 860°C, 
whereas in lime-kiln operation it is found that the stone is not decomposed 
until heated to temperatures in excess of 900°C. The explanation for 
this difference lies in the fact that when limestone is at temperatures 
such that the equilibrium partial pressure of CO: is less than atmospheric, 
the rate at which CO: is evolved is controlled by the rate at which it can 
diffuse through the porous CaO formed on the surface of the lumps from 
the undecomposed CaCO; in the interior. Since the gas contained in the 
pores of the CaO phase is stagnant, diffusion of CO. through it, under the 
influence of the difference in partial pressure of CO. between the CaCO; 
surface and the gas at the outside surface of the lump, is slow. In a 
lime kiln, the only way to obtain a reasonable rate of decomposition and 
satisfactory capacity is to heat the charge to a temperature in the neigh- 
borhood of 900°C, where the decomposition pressure becomes equal to 
760 mm and the material “boils.” In a blast furnace, on the other hand, 
the rate of throughput is limited by other factors and is very low com- 
pared to that in a lime kiln. The stone is in the furnace for a much 
longer time so that it is possible for it to decompose by the diffusion 
mechanism, as long as the temperature is high enough to give a sig- 
nificant difference between the partial pressure of CO. at the CaCO; 
surface and the partial pressure of CO, in the shaft gases. Above the 
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10.0-m level, the partial pressure of CO2 over CaCO; and CaO is so low 


that decomposition must be negligible. 
The foregoing points are brought out clearly by reference to Fig. 10-3. 
The equilibrium line in this figure is based on data from International 
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FIG. 10-3. Comparison of blast-furnace shaft-gas analyses with equilibrium of the 
reaction CaCO; = CaO + CO,. 


Critical Tables.! As shown by the plot, the partial pressure of CO» over 
CaCO; is less than the partial pressure of CO» in the shaft gases at all 
temperatures in the shaft up to 700°C. Therefore, there can be no 
decomposition below this temperature level. Actually, the steep por- 
tion of the lower curve is located at temperatures just above the point 


‘International Critical Tables, Vol. VII, p. 297, McGraw-Hill Book Company, 
Ine., New York, 1930. 
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where the decomposition pressure of CaCO, equals 1 atm, indicating 
that the major part of the decomposition occurs by the “*boiling”’ 
mechanism. 

From the 13.9-m level to the top of the shaft, there is not only a marked 
increase in the CO, content of the gas, but also a considerable decrease 
in the amount of CO. The CO must be used up in reducing easily 
reducible oxides in the charge, but if this were the only reaction occurring, 
the CO, formed should equal the CO consumed. Actually, the table on 
page 340 shows an increase in mols of CO: greater than the loss in mols of 
CO. Therefore, reduction of iron oxides with CO cannot be the only 
reaction occurring in this section. As explained above, it is impossible 
for any appreciable evolution of CO2 from limestone to take place above 
the 10.0-m level, and hence one must look elsewhere to explain the lack 
of equivalence between CO loss and COz gain. The simplest explanation 
is that as the partial pressure of CO, builds up in the ascending gases, 
as a result of evolution of CO, from the stone and from reduction of ore 
by CO, the producer gas reaction, COz + C — 2CO, begins to take place 
to a significant extent. This reaction manufactures 2 mols of CO for 
every mol of COz consumed, and tends to replace CO consumed by ore 
reduction. The net result of the balance between the two types of 
reaction is a build-up of COs. 

If in addition to noting changes in the amount of major constituents 
as the gas moves up the shaft, one also considers variations in the total 
amount of each element, it is possible to extract further information 
from the data. The following table is derived from the gas analyses. 
The first horizontal line in the table is calculated from the known compo- 
sition of air. 


Basis: 100 mols of No. 











— : 100=C | 10020 | 1002H, 
above ie eo i fo 
Ne Ne Ne 
tuyeres, m 
Air Beton 0 63.2 0 
1.0 1715 53.3 53.3 1.9 
2.5 1010 57.6 57.4 2.3 
at 860 57.9 59.0 2.7 
10.0 738 59.8 62.3 3.0 
13.9 660 61.0 65.2 3.3 
18.5 (top) 160 64.3 76.1 5.8 


The carbon column shows the various ways in which coke charged 
to the furnace is consumed. For example, the carbon appearing at the 
1.0-m level, 53.3 atoms, is the carbon utilized at the bottom of the furnace 
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in combustion of coke to CO to provide heat and a supply of reducing 
gas. The increase of 4.3 atoms between the 1.0- and 2.5-m levels 
corresponds to reduction of solid oxides by carbon. From 2.5 to 10.0 m, 
the gain is largely caused by evolution of CO» from stone; while the 
increase of 4.5 atoms in the top two sections is carbon consumed by the 
producer-gas reaction. 

Inspection of the oxygen column brings out the relative importance 
of the various zones in which reduction of the charge is accomplished. 
For example, the fact that no oxygen is picked up between the tuyeres 
and the 1.0-m level means that there cannot be any significant reduction 
of the charge in this region. Neither can there be any appreciable 
reduction of water vapor in the air. Hy, present at 1.0 m must come from 
the coke, for otherwise there would be an appearance of oxygen in the 
shaft gases. 

In the carbon-reducing zone (1.0 to 2.5 m) 4.1 atoms of oxygen are 
removed from the solid charge, while in the CO-reducing zone (10.0 to 
18.5 m), oxygen removed amounts to 13.8 atoms. Thus, almost one- 
quarter of the total reduction is by carbon. Silicon and Manganese in 
the pig cannot possibly account for this amount of reduction by carbon. 
Neither can it be ascribed to reduction of iron oxide as such, for it is 
known that Fe.03, Fe304, and FeO are all reducible by CO at relatively 
low temperatures. The answer must lie in the fact that the charge 
to this furnace includes quantities of slag. Reduction of FeO chemically 
combined in slag can be accomplished only by carbon at high tempera- 
tures. To return to the upper reduction zone, it is worth noting that 
most of the reduction by CO appears to take place in the topmost section 
of the shaft, where 10.9 atoms of oxygen are added to the gas. 

The figures in the hydrogen column give evidence of a slow but steady 
increase in the H, content of the gas as it flows up the shaft. Since the 
total oxygen also increases slowly and the increase may be due to more 
than one cause, it is impossible to distinguish stoichiometrically between 
He formed by reaction of water vapor with carbon and residual Hs 
distilled from the coke. However, the low percentage of CO, reported 
at the 1.0-m level, together with the fact that H.O is known to be more 
easily reduced by carbon than is CO:, suggests that water vapor in the 
air must be almost quantitatively reduced by the time the gases reach 
the 1.0-m level. If this be true, the absence of any increase of 
oxygen in the dry gas between the tuyeres and the 1.0-m level indicates 
that the amount of water vapor in the entering air is negligible and that 
a H» appearing at higher levels in the shaft is residual H» from the 
Caney ie a herein ee, ny is to focus upon the incre- 
sampling point to the next one. In eis Fie! So ae 

. ; particular, it is instructive to calcu- 
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late the ratios of the increments of carbon and oxygen. Increments 
taken from the preceding table are listed below. 





Height above 


cayeree: m A(100ZC/N2) | A(100Z0/N2) | A(1002H:2/N>) A(2O) /A( ZC) 











Air-1.0 -1715 53.3 0.1 1.9 0.002 
1.0-2.5 1715-1010 4.4 4.1 0.4 0.93 
2.5-4.7 1010-860 0.3 1.6 0.4 5.3 
4.7-10.0 860-738 1.9 3.3 0.3 i A 
10.0-13.9 738-660 1,2 2.9 0.3 2.4 
13.9-18.5 (top) 660-160 3.3 10.9 2.5 3.3 





Several facts about the above figures should be noted. In the first 
place, the value of 0.93 obtained for AO/AC in the 1.0- to 2.5-m section 
is within 7 per cent of the theoretical value of 1.0, based on the assump- 
tion that the principal reaction occurring there is the reduction of solid 
oxides by carbon. Since reduction by CO goes on at a considerably 
higher level in the shaft and oxides reduced by carbon but not by CO 
are known to be reducible only with difficulty at the highest temperatures 
existing in a blast furnace, it is reasonable to suppose that most of the 
reduction by carbon is effected in the lower, hotter portion of the 1.0- to 
2.5-m section. In the upper portion of this section, there is presumably 
little chemical reaction of any sort going on. 

In the 2.5- to 4.7-m section, the increments of carbon and oxygen are 
clearly small compared to those in other sections. Here, too, then, there 
is apparently little chemical reaction occurring, except evolution of final 
traces of CO, from the stone, in the upper part of the section. It can be 
said that there is an appreciable section of the shaft, extending from about 
the 1.5-m level to the neighborhood of 4.0 m, in which chemical reaction 
is negligible and the major activity that is going on is heat transfer 
between the rising gas and descending charge. Because of the small 
increments involved in the 2.5- to 4.7-m section, the value of 5.3 for the 
ratio of AO/AC is of low accuracy and not particularly significant. 

It has already been pointed out that the principal reaction between the 
4.7- and 10.0-m levels appears to be evolution of CO, from stone. For 
this reaction, the theoretical value of AO/AC is 2.0, and it can be seen 
that the value of this ratio for the 4.7- to 10.0-m section agrees with the 
theoretical within 15%. This is quite satisfactory when one recalls 
that small errors in the original data are greatly magnified by the taking 
of differences. 

Since reduction of iron oxides by CO affects only the oxygen content 
of the gas and not the carbon, while the producer-gas reaction affects the 
carbon content of the gas but not the oxygen, the values of AO/AC in the 
top two sections are equal to the mols of CO reacting with the ore, 
divided by the mols of CO, reacting with carbon. 
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From the picture of furnace operation given by the shaft-gas analyses, 
it is possible to estimate the coke consumption, expressed as tons of fuel 
per ton of pig produced. On a basis of 100 mols of Ne, the carbon from 
the coke can. be estimated as 53.3 atoms utilized to produce heat and 
CO, 4.3 atoms to reduce FeO in the open hearth and other slags included 
in the charge, and 4.5 atoms used in the producer-gas reaction at the top 
of the shaft, making a total of 62.1 atoms. The oxygen contained in the 
iron oxides in the charge includes 4.1 from the carbon-reduction zone 
and 13.8 from the CO-reduction zone, or a total of 17.9. The average 
state of oxidation of the iron in the mixed charge is not given; but the 
atomic ratio of iron to oxygen must lie between the extreme limits of 
1.0 for FeO and 0.67 for Fe.O3, and the error cannot be very large if an 
average composition of 0.75, corresponding to Fe;O.4, is assumed. From 
these figures, the ratio of coke to pig is readily calculated. Remembering 
that the pig is 91% iron and the coke 75% carbon, one finds that this 
ratio is TS IF SO TENS = 1.2 tons of coke per ton of pig. In 
actual fact, the coke consumed and pig produced by this furnace were 
measured independently and are reported in the original reference from 
which Ullmann secured the data on the shaft-gas analyses. The directly 
measured ratio of coke to pig is 1.1. 

The above calculations of the ratio of coke to pig furnish a good check 
upon the accuracy of the shaft-gas analyses and the way in which they 
have been interpreted. It has been shown that the data are remarkably 
self-consistent and give a valuable insight into the processes going on in 
the reaction vessel. However, a question that merits some discussion 
is that of the dependability of sampling techniques in the shaft of a blast 
furnace. Up to this point, the computations have assumed that the gas 
samples withdrawn at various levels are reasonably representative sam- 
ples of the total gas stream passing up through the shaft. Is this assump- 
tion justified, and if not, how does that fact affect the general reliability 
of the calculations? 

That the sample withdrawn at a given level is truly representative 
of the gas stream passing through the entire cross section of the furnace 
at that point is highly unlikely. The fact that the coke and stone are in 
lump form, while the ore particles are usually relatively small, must lead 
to segregation and channeling of the solid charge; and this in turn must 
cause differences in resistance to gas flow, which lead to channeling of 
the gas. It is also very probable that the flow of solid and gas is much 
faster at the center of the shaft than it is near the walls. 

On the other side of the picture, there are factors tending to minimize 
the effects of segregation and channeling. For one thing, the solid charge 
is in motion, and as it moves down the shaft it must undergo a continual 
process of reshuffling and mixing. A second point is that the history of 
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FIG. 10-4. Equilibrium constants of the reduction of iron oxides and carbon dioxide. 
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each element of gas as it moves up the shaft must be somewhat parallel 
to the history of all the other elements, although the level in the furnace 
at which a given stage of reaction is reached may not be the same for 
each element. In general, it may be said that each of the various gas 
analyses corresponds to a definite stage in the interaction between 
ascending gas and descending solid, but that the level from which the 
sample was withdrawn may not correspond exactly to the level at which 
the bulk of the gas stream reaches the stage in question. It is obvious 
that uncertainties are reduced, if gas samples are collected over a long 
period of time. 

Finally, it is of interest to compare the CO and CO, in the shaft-gas 
analyses with (1) equilibrium data on the reduction of iron oxides and 
(2) equilibrium data on the reaction of CO. with carbon. A review of 
the data on the equilibrium constants for these reactions has been made 
by Austin and Day.! Figure 10-4 is a plot of the values recommended 
by them. 

Perhaps the simplest way to see the relation of actual conditions in the 
furnace to equilibrium is to compare the actual values of pco,/Pcoo and 
Deo/ Poo, at each level in the shaft with equilibrium values at the corre- 
sponding temperature. The ratio pco,/pco is obtained from the gas 
analyses, as the ratio of per cent CO, to per cent CO. In the calculation 
of pio/Pco,, the units of partial pressure do not cancel; and it is necessary 
to use the data on the total pressure in the shaft to compute peo and 
Pco,, The calculations are tabulated below, and the results are shown 
in graphical form in Figs. 10-5 and 10-6. 



















































Pco,/Pco Poo/Pcos 
Actual | Equi- | Actual | Equi- 
Height | Pres- P P value lib- value lib- 
above sure, | mm oK 10,000 ah r caleu- | rium | ecaleu- | rium 
tuyeres,| atm . # od on lated | value | lated | value 
m abs. from read | from | read 
gas from gas from 
analy- Fig. | analy-| Fig. 
sis 10-4 sis 10-4 
120 1250 1988 5.03 | 0.25 | 34.0 | 0.0074 | 0.21* | 58 
2.5 1,225 1283 7.78 | 0.35 | 35.6 | 0.0098 | 0.38 44 170* 
4.7 1.150 1133 | 8.81 | 1.05 | 34.9 | 0.0301 | 0.48 13.3 21 
10.0 1.082 1011 9.88 | 2.00 | 34.6 | 0.0578 | 0.60 6.49 2.5 
13.9 1.038 933 | 10.71 | 3.0 | 34.0 | 0.0882 | 0.72 4.00 0.43 
18.5 1.0076 | 433 | 23.09] 7.4 | 30.3 | 0.244 |..... 1.25 



















* Extrapolated values. 


‘J. B. Austin and M. J Day, Ind. Eng. Chem., 33, 23 (1941). 
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Figure 10-5 is of interest because of the light it throws on reduction of 
iron oxides by CO. As would be expected, the composition of the gases 
moving up the shaft shows a trend toward equilibrium. On the other 
hand, the approach to equilibrium is not close; and it is evident that 
nearness to equilibrium is not a serious factor in determining the top-gas 
composition. If one makes a rough extrapolation of the trend of the gas 
analyses (the dotted line in Fig. 10-5), the horizontal line corresponding 
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FIG. 10-5. Comparison of blast-furnace shaft-gas analyses with equilibrium of the 
reaction FeO + CO = Fe + CO». 


to the top gas composition is intersected at a temperature of approxi- 
mately 500°C. Below this temperature, apparently, there is little if 
any chemical interaction of charge and gas. At the same time, it has 
already been shown that most of the reduction of iron oxides occurs in 
the top section of the shaft; and the highest temperature 1n this section 
is 660°C. Therefore, reduction of iron oxides by CO must take peers 
in a relatively narrow temperature range, approximately 500°C to 700 C. 

Interpretation of Fig. 10-6 is not quite so self-evident. According to 
the graph, the line corresponding to the actual analysis of the gas eo 
the equilibrium line at a temperature of about 820°C, and ee 
temperature the reaction CO, + C = 2CO cannot go to the right, 
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because the equilibrium is unfavorable. This directly contradicts a 
previous conclusion, which was that the reaction CO. + C = 2CO must 
be going to the right in the top section of the shaft, at temperatures not 
exceeding 660°C. Actually, the most probable explanation seems to be 
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FIG. 10-6. Comparison of blast-furnace shaft-gas analyses with equilibrium of the 
reaction C + CO, = 2CO. 


that the equilibrium data do not correspond exactly to true conditions 

of equilibrium in the shaft; for the laboratory data were obtained with 

carbon in the form of graphite, whereas carbon in the shaft is more or less 

amorphous in character. There is evidence to indicate that amorphous 

carbon is a more powerful reducing agent than graphite, particularly at 

lower temperatures.! If this be true, the equilibrium line in Fig. 10-6 
1 Ibid. 
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should be displaced a little to the right, with an increasing degree of dis- 
placement at the lower end. 

Illustration 4. Assume that tomorrow afternoon you are to attend 
a staff meeting of a small steel company to discuss performance of their 
ferromanganese blast furnace. You have been given the following 
information and average data as representative of their operation, 
expressed on a 24-hr basis. Production: 93 tons* of pig, averaging 75% 
Mn, 6% C, and 0.3% Si. (The low silicon is dictated by the use to 
which the pig is to be put and is obtained by holding a low temperature, 
around 1420°C, at the tuyere level in the furnace.) Ore charged: 186 tons 


Basis: 1 day of operation. 


Ton atoms 


Stream 





In this table the air is 18,700(60) (24) /359(2240) = 33.5 ton mols = 971 tons. Dry 
top gas (average mol. wt. 28.3) = 33.5(0.79)/(0.605) = 43.8 ton mols = 1240 tons. 
In the total input, moisture in the air is omitted but so is moisture in the top gas, which 
must include that in the air. The moisture in the coke, 31.3 tons = 1.74 ton mols, 
should perhaps be added to top gas, which would reduce the differences between total 
input and output to 21 tons. Moisture in ore and stone could reduce it still further, 
although some of the H: in top gas could be due to moisture decomposition by carbon, 
in which case that water would show up in dry top gas. Total top-gas hydrogen is 
equivalent to 26 tons of moisture per day, had it all come from this source. Iron in 
the pig is assumed by difference, 18.7%. Because of incomplete data, lime and 
magnesia are lumped together, and likewise silica and alumina. The stone is treated 
in the table as pure CaCO;. The equivalent of silicon in the pig is shown in the last 
column in parentheses (its oxygen went off in top gas). 


* All tons are long tons (2240 lb). 
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(51% Mn, mainly as slightly hydrated dioxide, 7% Fe, and 6% SiOz). 
Stone: 94 tons. Coke: 241 tons (81% C and 13% moisture). Slag: 
107 tons (about 37% CaO, 1% MgO, 12% Al2Os, 29% SiOz, and 18.5% 
MnO). Blast: 18,700 cu ft/min (d.s.c.). Its temperature entering the 
tuyeres is 520°C. Top gas averages 6.4% COs, 30.2% CO, 0.4% CHa, 
2.5% Ho, and 60.5% Ne at 515°C. Analyze these data to prepare your- 
self to participate as constructively as possible in the conference. 

Discussion. The table on page 351 is largely self-evident, but certain 
details of its computation are given below it. 

Looking at these balances, one is at first inclined to think that the check 
of total input and output seems excellent, particularly in view of the fact 
that output should be increased by an amount of moisture that might be 
over 30 tons. On second thought, however, one realizes that, since the 
amount of top gas was calculated from the amount of inlet air by a nitro- 
gen balance, the quantity of that air, 971 tons, merely appears on both 
sides of the balance sheet, even though camouflaged on the output side. 
The significant items to compare would be input and output, both less 
air; 7.e., input = 1492 — 971 = 521 tons, and 


output = 1440 — 971 = 469 tons 


The discrepancy is 10% and will be discussed further below. 

As to the element balances, the manganese deficiency is also about 10%. 
This may well be ore dust blown over in the top gas; if so, it needs no 
discussion, since methods of handling it are obvious. The loss in the slag 
is serious, but it too will be considered later. The iron discrepancy is 
high, 34% of the input figure, but the per cent in the pig is high, obtained 
as it was by difference, and the iron in the ore is a rounded figure, which 
might easily be low. Moreover, iron is a small item in the total figures. 
The carbon balance looks excellent. Another check can be obtained 
by a balance on oxygen other than from air. Manganese in the pig 
gave up 1.27(2) = 2.54 atoms; that in the slag, 0.279 atom. The iron 
in the pig lost 0.312(1.5) = 0.47 atom, the silicon 0.02, and the CaCOs, 
0.94(2) = 1.88, totaling 5.19 atoms of oxygen lost by the burden to the 
gas. The total oxygen in the top gas less that equivalent to its nitrogen 
is 10.84 atoms per 100 mols dry gas, or 4.75 atoms per day, a deficiency 
of 8.5%. On the whole, while the data are not exact, their general con- 
sistency is sufficient to justify careful study of them till more dependable 
figures are available. 

As to the slag-forming components, it is striking that CaO + MgO 
show a 23% deficiency whereas SiO, + Al.O; have a 72% excess. The 
sum of the two quantities, 6.5 tons, is only 6% of the total slag. How- 
ever, the input figures assumed the stone to be pure CaCO ;. If one 
will calculate the CaCO; in the stone used as equivalent to the CaO in 
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the slag, 107(0.37) = 39.6 tons, or 0.706 ton mol, and assume the rest 
of it, 94 — 70.6 = 23.4 tons, to be SiO. + Al.O;, the balances look far 
better. (SiO. + Al.sOs3) input becomes 25.7 + 23.4 = 49.1 tons vs. an 
output of 44.1, or an excess of 5.0 tons. The CaO + MgO now show 
the magnesia only as excess, 1 % of 107 tons of slag, or 1.1 tons. The total 
excess of these slag-forming components is 6.1 tons, less than 6% of the 
total slag. Meanwhile, this also makes the carbon input drop by 0.23 
atom to a total of 16.96 atoms vs. the output of 16.67, or a deficiency of 
less than 2%. Moreover, the oxygen input from the burden drops to 
5.19 — 2(0.234) = 4.72, compared with the 4.75 showing up in the top 
gas. This leads to the conclusion that substantially all the moisture in 
the burden went off as such in the top gas and should have been added 
to total output, greatly reducing its discrepancy. The conclusion 
seems warranted that the stone used was high in impurities, probably 
argillaceous. 

One is at last in a position to begin to grasp what the figures indicate. 
The disturbing fact is the manganese loss in the slag, 21% of the product 
and over 15% of the input. It is extremely improbable that the slag 
analysis for manganese is significantly in error. The loss is real. The 
question is, what can be done about it? 

There are two possible explanations of the high concentration of 
manganese in the slag. It may be that insufficient time has been pro- 
vided in the bottom of the furnace for the reduction of the manganese 
out of the slag, or it may be that the reducing conditions in the bottom 
of the furnace are inadequate for removal of the metal from the slag, 
i.e., that the slag is essentially in manganese equilibrium with the metal. 

Were the charge to the furnace pure MnO and carbon only, the cause 
of incomplete reduction would indeed be inadequate time for reaction. 
One would be dealing with a three-component system (Mn-O-C) with 
four phases (metal, carbon, gas, and any unreduced oxide). Having 
fixed a pressure of operation for this monovariant system, one has fixed 
all phase-rule variables. Paraphrased, this means that if conditions 
are such that any reduction at all occurs (7.e., one is not at equilibrium), 
reduction will keep on going as long as the same conditions are maintained 
until the oxide has disappeared, 7.e., till reduction is complete. How- 
ever, in the actual furnace there are slag-forming components and the 
slag is a powerful solvent for MnO. As the MnO content of the slag 
drops, the difficulty of further reduction of metal from it increases 
greatly, both from an equilibrium point of view and a rate point of view. 

The slag melts in the lower part of the furnace and promptly dissolves 
a large quantity of the MnO. It flows in relatively thin layers down the 
shaft of the furnace, over the lumps of coke that fill it. When it reaches 
the crucible and accumulates in a pool, there is submerged in it a pile of 
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solid hunks of coke, held down in it (and in the pig as well) by the weight 
of the furnace burden. This means that the slag has had extensive 
contact with solid carbon, but whether this has been sufficient to carry 
reduction to substantial equilibrium is not clear.! 

If more time is required to complete reduction, one solution would be 
to carry a much deeper layer of slag above the pig in the crucible of the 
furnace, thereby increasing its residence time and its contact with solid 
carbon. Another approach might be to increase reduction rate by 
increasing crucible temperature and perhaps also by modification of slag 
composition. However, in a given furnace producing a product of satis- 
factory quality, one always hesitates to tamper with either of these two 
factors. 

Assume for the moment that the slag has indeed come to substantial 
Mn equilibrium with the pig, so that further time of contact with carbon 
will achieve no further reduction. It follows that the manganese loss in 
the slag is proportional to the amount of the slag, since the percentage of 
manganese in the slag is dictated only by the conditions of equilibrium. 
Now the function of the slag is to get rid of the unreducible impurities in 
the charge, and hence its quantity ought to be proportional to those 
impurities. These contaminants are the gangue of the ore and the ash 
of the coke, the amounts of which can probably not be reduced in a case 
like this. These impurities, however, are predominantly siliceous and 
argillaceous; they are infusible or impossible to handle by themselves 
under furnace conditions. They must be fluxed by conversion to metallic 
silicates and aluminates by addition of lime in suitable proportion. The 
trouble in this furnace is that the lime itself carries an excessive amount 
of silica and alumina. Indeed, roughly half the total SiO, + Al.O; 
charged to the furnace comes from the stone. If one can get pure CaCO, 
as flux, the amount of slag and therefore also the manganese loss in the 
slag can immediately be reduced one-half by this step alone, with no 
change whatever in furnace conditions at the crucible, either as to 
temperature or as to the composition of pig or slag. Indeed, if one 
wishes, the total average slag quantity in the crucible can be kept 
unchanged simply by allowing it twice the residence time in the crucible. 
Meanwhile, the quantity of the purer stone required would be only about 
35 tons, in contrast to the 94 tons now used. If one can get a 10% 
increase in ferromanganese production by cutting losses, together with 
a 63% reduction in stone consumption, along with a minor saving in coke 


? Conditions in the iron blast furnace differ drastically, in that iron ore is reduced 
by CO in a zone in the furnace shaft above that at which slag melts. MnO, however, 
is harder to reduce, requiring a higher temperature than iron oxide. The ningun of 
surface in direct contact with solid carbon is also an important factor in determining 
the rate of reduction of either oxide. 
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due to lowered heat requirement, all with no new investment and no 
increase in total operating expense whatever, one can well afford to pay 
a far higher price per ton for the better stone. This assumes no possible 
further reduction from the slag; if more reduction can indeed be achieved, 
the argument still holds, but in progressively lessening degree. The first 
thing to do is to find out if the stone is indeed as impure as the data 
indicate. The second is to explore the possibility and practicability of 
further reduction of metal from the slag. 

Still another possibility would be to put the high-manganese slag 
through a small auxiliary coke-reduction furnace, operated at far higher 
temperature, to recover most of the manganese as metal. Reduction 
could be aided by making the slag much more basic in this step. The 
product would be impure but could be returned to the main furnace for 
what would be essentially a refining operation by recycling. However, 
no such suggestion should be considered until the potentialities of lessen- 
ing the quantity of slag and increasing its reduction have been fully 
explored. 


PROBLEMS 


1. A blast furnace is charged with 1282 long tons/day of a hematite ore containing 
52% iron, 162 long tons/day of limestone containing 53.2% CaO and 1.2% MgO, 
and 617 long tons/day of coke containing 1.5% iron and 87% carbon. The average 
analysis of the blast-furnace gas is 11.2% COs, 27.4% CO, 2.2% He, 0.7% CHs,, and 
58.5% Ne. Calculate the following: 

(a) The percentage of the total oxygen in the dry blast-furnace gas that comes from 
reduction of the ore. 

(6) The percentage of the total coke gasified in the furnace that is burnt at the 
tuyeres. 

2. A blast furnace was tested over a 24-hr period of steady operation by students 
at the Buffalo station of the M.I.T. School of Chemical Engineering Practice. The 
furnace was using a Lake Superior hematite ore carrying 50.5% Fe. The rest of the 
charge consisted of 690 long tons of coke analyzing 0.3% moisture, 2.0% volatile 
matter, 85.8% fixed carbon, and 11.9% ash, and 220 long tons of limestone containing 
96.0% CaCO; and 2.5% MgCO;. The furnace produced 710 long tons of pig with an 
average analysis of 1% Si, 1% Mn, 3.7% C, and traces of 8 and P; 35 long tons of 
flue dust, carrying 7.0% C, were collected. The average outdoor temperature was 
74°F, and the blast entered the tuyeres at 1120°F and 22 psig. The average analysis 
of the top gas was 11.1% CO», 26.1% CO, 1.2% CHg, 3.9% Ha», and 57.7% N». 

(a) Estimate what per cent of the total oxygen in the dry top gas came from the 
ore and what per cent from the stone. 

(b) How much air is delivered by the blowing engines to the tuyeres, in cubic feet 
per hour at 32°F and 760 mm Hg abs? 

(c) Of the total heat above atmospheric temperature supplied to the base of the 
furnace, estimate what per cent was supplied as sensible heat in the air and what per 
cent as heat due to combustion of carbon burnt at the tuyere level. 

(d) Express and explain your opinion as to the general dependability of the data. 

3. The following data are totals or averages, as the case may be, from the record 
sheet of a blast furnace for a 24-hr period (midnight to midnight) during which the 
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operation was extremely steady. All weights are in long tons. The charge consisted 
of 2028 tons of hematite ore (53.1% Fe), 168 tons of open-hearth slag (21.2% Fe), 60 
tons of flue dust (7.2% coke), 958 tons of coke (84% C), and 337 tons of stone (94.7% 
CaCO;). The production of pig was 1236 tons, and its average analysis 0.047% §, 
0.89% Si, 0.64% Mn, and 4.96% C. The weight ratio of CaO to SiO: in the slag was 
1.18. The average analysis of the top gas was 13.2% COs, 26.0% CO, 2.5% Ha, 
0.4% CH,, and 57.9% Nz. The temperature of the air intake to the blowers was 60°F, 
the partial pressure of water vapor in the air 10.7 mm Hg, and the barometer 748 mm. 
From the total strokes of the blowing engines and their known piston displacement 
and efficiency, the air delivered to the stoves was calculated to be 4339 tons, moisture- 
free. What conclusions do you draw from these data as to the operation of the 
furnace? 

4. The equilibrium constant of the reaction 4Fe;0, + CO = 34Fe + COs: is 
equal to 0.77 at 700°C, 0.62 at 900°C, and 0.58 at 1100°C. The constant of the reac- 
tion FeO + CO = Fe + COz is 1.80 at 400°C and 1.18 at 500°C. With the aid of 
this information and Fig. 10-4 determine at several temperatures in the range from 
400 to 1100°C the ratio of CO to CO + CO: required for each of the following reactions: 


(a) Reduction of Fe3;0, to Fe. 
(b) Reduction of FeO to Fe. 
(c) Reduction of Fe3;0, to FeO. 


Plot the three ratios versus temperature on a single plot with the temperature in 
degrees centigrade as the abscissa. 

5. A company has available from one of its operations a moderate quantity of pure 
hydrogen, and it is considering the production of iron for powder metallurgy by reduc- 
tion of Fe;0,4. This is to be done by passing hydrogen up through a bed of Fe;O, 
moving downward through a cylindrical shaft. Provision will be made for controlling 
the temperature, and the temperature may be assumed to be constant throughout 
the bed. The shaft will be equipped with devices to prevent back-mixing of the gas, 
so that the flow of gas and solids will be essentially countercurrent. No attempt 
will be made to recycle hydrogen. Laboratory experiments have shown that reduc- 
tion proceeds rapidly at temperatures of 800°C and above. The question of what 
is the best temperature at which to operate is being discussed, and you have been 
asked to determine the influence of temperature on hydrogen requirements. On the 
assumption that the shaft will be high enough so that chemical equilibrium is closely 
approached, calculate the mols of Hz required per atom of Fe produced at 800 and 
1300°C, 

6. In the reduction of zine oxide with carbon in a conventional retort at atmospheric 
pressure three main reactions are involved. At temperatures of 600 to 700°C and 
above, the reaction ZnO + CO = Zn + CO, is rapid. At 900 to 1100°C ZnO reacts 
with carbon to form Zn and CO. At 1100 to 1300°C, the range of temperature in 
which the bulk of the distillation is normally conducted, the rate of reduction of CO 
by carbon is appreciable. At no stage in the operation is it desirable to have any 
significant amount of CO, in the exit gases, since as the gases are cooled, the reaction 
ZnO + CO = Zn + CO, reverses and a portion of the zine vapors is reoxidized. To 
suppress formation of CO, the usual practice is to provide a large excess of carbon in 
the original charge, so that the gas phase in the retort is in contact mainly with ecar- 
bon, and to heat the charge as quickly as possible to temperatures at which the reaction 
COz + C = 2CO is rapid. Despite these precautions a certain fraction of the zine 
vapors is always reoxidized. Furthermore, the large excess of carbon reduces the 


amount of ZnO that can be included in the charge to a retort and hence reduces its 
production capacity. 
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Values of the equilibrium constant of the reaction ZnO + CO = Zn(gas) + CO, 
have been reported by Maier,’ as follows: 


PzxPco,/Pco, 
partial pressures 
Temperature, °C in atmospheres 
627 1.970 X 10-5 
727 2.416 X 10-4 
827 1.849 X 10-3 
927 9.943 X 10-3 
1027 4.088 X 107? 
1127 1.362 X 107! 
1227 3.845 X 107! 


(a) If an ordinary tight retort is charged with zine oxide and excess carbon and 
the gases are vented as heating proceeds in order to maintain essentially atmospheric 
pressure within the retort, and if the rate at which the zinc is driven off is not a con- 
sideration, what is the minimum temperature to which the retort must be heated, if all 
the metal is to be distilled? 

(6) As one possible alternative to providing a large excess of carbon, the use of 
a retort capable of withstanding pressure has been suggested. If the gases leave the 
retort at an average temperature of 1100°C, containing not more than 1% COs», and 
are substantially at equilibrium so far as interaction of ZnO and CO is concerned, but 
not with respect to reduction of COz by carbon, what pressure must be held on the 
retort? 

7. The table below shows analyses of the gases leaving a Bessemer pig-iron con- 
verter at various times after the beginning of the blow.?. The total length of the 
blow in question was 18 min. 


Time from commencement of blow, min 




















Gas ; 
2 4 oo ts tu | 12 14 
ie ene 3.95 4.60 | 19.59 | 29.44 | 31.11 
aig Sees 5 einly .02 10.71 8.57 8.15 3.58 | 2.39 | 1.34 
a SS roreerre 0.92 | | 
SS ee ee } 88.37 bine | seid 76.83 Basket 67.55 
H2, % Soap aly cre Sa | | 2.16 


What are your conclusions from these data? 

8. The U.S. Bureau of Mines tested a blast furnace in South Chicago, IIl., to deter- 
mine the composition of the gas at various levels in the shaft. The greater part of 
the burden in this furnace consisted of hematite ores from the Mesabi Range. The 
average gas compositions tabulated below were obtained by the most careful methods 


of sampling and analysis. 


1C. G. Maier, U.S. Bur. Mines Bull. 324 (1930). 

2 J. Snelus, Jron Steel Inst. I1, 247 (1871). Quoted by C. R. Alder Wright in the 
article on Iron, ‘‘ Encyclopaedia Britannica,” 9th ed. (1881). 

+8. P. Kinney, U.S. Bur. Mines Tech. Paper 442 (1929). 
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a a 
Distance 





Average per cent Pressure, 
above tuyeres Tempera- nH 
Location pees SSS ae ee eee in. Hg 
gauge 
Feet | Inches | CO, | CO H, Ne 
Blaster ee fast se red cas, 3 3 ih wea ees Se 1,138.0 39.1 
Tuyeres.... 0 0 0 32.0 | 1.37 | 66.63 | 2,372.0 30.6 
Plane 4....| 24 014 5.5,| 84.7] 0.9 }-58°9 NP” oo Bes 22.4 
Plane 3....| 46 614 iD PT aR ie fia | Rede :3 58.1 1,574.6 13.22 
Plane 2....| 57 14 15,2;| 25.3 | 3.2: b66.3 1,301.0 10.31 
Plane 1....| 65 1% 14.9 | 25.2 | 3.4 | 56.5 724.7 4.74 
JN et 68 144 14.7 | 24.8 | 4.1 56.4 400 3.98 








The air supply at the time of the test was 828.9 cu ft/sec at 32°F and 29.9 in. Hg, 
and it carried 5.37 grains of H2O per cubic foot. The output of the furnace was not 
measured at the time the above data were obtained, but plant records indicated that 
the normal production was approximately 700 long tons of pig iron per day. Check 
the accuracy of the test data by computing the daily production of pig iron in long 
tons from the reported air rate and gas compositions. In the light of the results, 
what is your judgment as to the dependability of the test data? What do they indi- 
cate regarding operation of the furnace? 

9. A zinc smelter operated by the St. Joseph Lead Company! uses a zine sulfide 
concentrate as raw material. The sulfide concentrate is first roasted. The roasted 
concentrate is mixed with the ‘blue powder”’ (see below) and a portion of the residue 
from the smelting furnace and is then sintered. The sinter is mixed with coke, and 
the mixture is preheated to 850°C in a rotary furnace fired with a portion of the waste 
gases from the water washer attached to the smelting furnace. Volatilization of zinc 
in the preheater is negligible. The preheated mixture is charged to a continuous 
smelting furnace. The average analyses of the dry sulfide concentrate, roasted con- 
centrate, and sinter are tabulated below: 


aa en tac el kt SE a) eres OS ee 
Zine sulfide | Roasted 

















Constituent concentrate | concentrate Binter 
TR Petia, kb Boke eee 58.28 67.69 58.94 
ge an Oe eee a ee 0.56 0.06 0.03 
Insolubles..... 1.6 175 9.48 
Lae oe ae mee eer! f 1B ale. 1.26 8.62 
FeO Gelath tile Aha "6.4 7.24 9.02 
ALD eos T iol oR arene raid plete send » Naee 
BaQeudh, 2) ee adtveal 0.47 0.47 LeT 
MaeOwieegio ui wea eee 0.27 0.36 0.6 
Mist csuen ald, <d Peeedtehe 0.24 Os27 0.39 
ae ea ae ee, eel 0.06 0.07 0.11 
ORR Ais AR Os. 0.1 0.005 
hie GS Say Ce Rie oe Be lanes 31.9 1.88 0:23 
Lose Gn, janition ty Swisich so ieee ady AL ald del 


1G. F. Weaton and CG. C. Long, Metals Technol. 6 (February, 1939), 


ot Ve 
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The coke contains 0.6% volatile matter, 86.6% fixed carbon, 12.8% ash, 0.018% Cl, 
and 0.94% 8S. 

The smelting furnace is 37 ft high with an internal diameter of 69 in. and is of the 
charge-resistor type. The electrodes, which are of pitch-impregnated carbon, are con- 
sumed at the rate of 5 lb per short ton of zine produced. Sinter and coke are charged 
to the top of the furnace at the rates of 36 Ib/min and 16 Ib/min, respectively. The 
main body of the solids in the furnace shaft is at a temperature in the neighborhood 
of 1200°C. As the charge moves down the shaft, 70 to 73% of the ZnO in the sinter 
isliminated. The furnace residue is withdrawn at the bottom of the shaft, and the 
ash and unused coke are separated. The remaining residue is divided, a portion being 
discarded and the rest mixed with the roasted concentrate, as noted above. The 
vapors leave at 850°C through the side of the furnace, which operates under a slight 
vacuum. 

From the furnace the vapors pass to a condenser in which most of the zine is con- 
densed and removed from the system. The condensate removed at this point is the 
plant product and contains less than 0.007% Fe and 0.025% Pb. The uncondensed 
vapors leave the condenser at 550°C and flow to a water washer in which the gases are 
cooled to atmospheric temperature and zinc is precipitated as ‘blue powder.” Both 
the condenser and washer are under a vacuum of 16 to 18 in. Hg. At the location of 
the smelter the average barometer is 29.2 in. Hg. The gases leaving the washer 
analyze 82% CO, 1.6% COz, 1.4% Os, and 15% Ne. The over-all recovery of zinc 
from the sulfide concentrate averages 92.62%. 

(a) Estimate the percentage of the zinc in the blue powder that is present as oxide. 

(b) Identify the point or points in this plant at which the chief losses of zine are 
occurring, and determine what percentage of the total loss of zinc is being lost at each 
point. Can you suggest any steps that might be taken to improve over-all recovery? 

(c) What percentage of the furnace residue (after removal of ash and coke) is 
recycled? 

(d) Compute the daily production of liquid zine in short tons. 

10. The input of electrical energy to the furnace of Prob. 9 is 2564 kwhr per short 
ton of zine produced. What fraction of this energy is lost as heat through the walls? 

11. Analyze the performance of the ferromanganese blast furnace of Illustration 
4 from the standpoint of the utilization of energy. What are your conclusions and 
recommendations? 


Chapter 11 
CERAMICS 


Computations in the field of ceramic technology will naturally include 
those pertaining to combustion operations and to related problems 
having to do with the design of furnaces and kilns. Computations of 
this sort are covered in Chaps. 2 through 5 and in Chap. 12. Additional 
problems will involve the ware itself, particularly the estimation of the 
amounts of raw materials required to produce a body, a glaze, or an 
enamel of a desired composition. Problems of this type are the subject 
of this chapter. 

The chemical compounds in the raw materials used by the ceramic 
industries are extremely complex, and in many cases their exact consti- 
tutions are unknown. Most materials are relatively impure in the usual 
chemical sense, and they may consist of several chemical compounds of 
indefinite composition, sometimes in varying proportions. However, 
methods have been developed to simplify the calculations required and 
to rationalize the complex constitution of raw materials and of ceramic 
compositions made from them so that they may be treated as conveniently 
as if they were simple, pure chemical compounds, or at least no more 
complex than industrial gas mixtures such as have already been treated 
in other chapters. 

For example, the mineral kaolinite has the chemical formula H4Al2SieOg, 
which shows that it is an aluminosilicic acid containing the designated 
number of hydrogen, aluminum, silicon, and oxygen atoms. For pur- 
poses of calculation, however, the fermula is more conveniently written 
in terms of the constituent oxides, as Al,03-28i02°2H20, as this formula 
shows that kaolinite may be treated stoichiometrically as if it consisted 
of a mixture of 1 mol of alumina, 2 mols of silica, and 2 mols of combined 
water. Similarly, the mineral orthoclase (potash feldspar) is written as 
K,0-A1,03:68i0. rather than as KeAlSisO 16, or as KAISi;Os. 

Empirical formulas. The ceramic industries, however, do not use 
pure kaolinite and pure orthoclase but use clay (kaolin) and commercially 
available feldspar. The latter usually contains sodium oxide and possibly 
calcium and magnesium oxides in place of part of the potassium oxide, 
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and the ratios of alumina and of silica to basic oxides may differ from 
the exact 1:1 and 6:1 ratios, respectively, as specified by the formula for 
orthoclase. However, the raw material from any given source will have 
a reasonably uniform chemical analysis, from which the proportions of 
the oxides may be computed. The composition may then be expressed 
as an empirical formula similar to the exact chemical formulas shown 
above for pure materials. 

In writing empirical formulas, the oxides are arranged in the order 
R20,RO-R:O3-ROs. R denotes any element of the proper valence to 
correspond with the formula for the oxide in which it appears. Thus, 
R:O stands for K,0 or Na2O; RO for the alkaline-earth oxides, or for 
zine or lead oxides; R:O3 for Al.O;; RO» for SiOz; ete. To further 
simplify the writing of a formula for a general type of composition, 
ceramists commonly use RO to denote all basic, or fluxing, oxides. The 
actual formula will disclose whether K:0, Na2O, CaO, ZnO, or other oxide 
is meant. 

Illustration 1. The analysis of a New York State feldspar has been 
found to be as follows: : 


Per cent 
Bigs. a A 70.60 
Al e)§ eo Mites. ooh 16.80 
6.6 er ee 0.25 
MgO.. 0.39 
Leb lage eS as 7.70 
Na.O rate oS niece Gl ele 4.06 


Calculate the empirical formula and formula weight from this analysis. 
Solution. Take as a basis for calculation 100 parts by weight of the 
feldspar and compute the number of mols of each constituent oxide. 


Parts by | Mol. | 





Oxide weight weight Mols 
testo RO? tk le 60 1.175 
i Serres rel eT 0.165 
Call... 255. ccsekie. 0.26 56 0.004 
MeO... oe. <n. 2) 0.39 40.3 | 0.010 
ROMA ee). Ra 94 0.082 
Nath Oi eos we 62 0.066 

Fotalh: 492.504 999180 








These results are then arranged in the order R2O,RO-R2O3-RO, as 
follows: 
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0.082 K,0 
0.066 NasO 
0.004 CaO 
0.010 MgO 


0.162 RO 


To make the RO group add up to unity, all terms are then divided by 
0.162, giving 
0.51 KO 
0.41 Na2.O 
0.02 CaO 
0.06 MgO 


1.02 Al2O3°7.25 SiO» 


Since 100 lb of feldspar (99.8 lb accounted for in the analysis) contain 
0.162 formula weights (basis RO = unity), the formula weight must be 
100/0.162 = 617. Note that this is not 99.8/0.162. Although the dif- 
ference would be negligible in this case, a large error would result for a 
substance like clay or whiting in which there is a large amount of volatile 
matter that is neglected in deriving the empirical formula in terms of 
nonvolatile oxides. Thus, 617 is the ‘formula weight” since it is the 
number of pounds, or other weight units, that must be taken to obtain 
one unit of the ‘“‘formula”’ as written, but it includes the 0.2% of ‘‘unac- 
counted-for’’ material, which may be “‘loss on ignition”’ or, what is more 
probable, the accumulation of all the errors in the analysis for the indi- 
vidual elements. 

Fractions of molecules do not exist; thus, 617 is not the ‘“‘molecular 
weight”’ in the usual chemical sense in which these terms are used. 
However, the “formula” will be considered as being made up of so many 
‘“‘mols’’ of individual oxides or other groups, so that the term ‘‘mol”’ 
has the same significance here that it has in other chapters. 

The ratio of Al.O; in this spar to RO is seen to be nearly 1:1, but the 
ratio of SiO. to RO is 7.25:1. Since the highest ratio of SiO. to RO in 
aluminosilicates of definite chemical composition is found in orthoclase 
or albite (Na2,O-Al.03-6Si0O2), the ratio of 7.25 indicates that some free 
quartz is associated with the aluminosilicates. 

Formulation of ceramic mixes. Empirical formulas are convenient 
in making computations for ceramic mixes, they facilitate making com- 
parisons between one formula and another, and they aid in visualizing 
the effect of differences in composition that are not readily discernible 
from a weight analysis. There is some scientific basis for this last 
advantage. Most ceramic wares are heated to the point where there is 
more or less fusion of the various constituent materials. Thus, the 
fusion point or vitrifying point is an important physical property. 
Vitrification is aided by the fluxing oxides, K.O, Na.O, and others of the 
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RO group. On a weight basis these oxides are not equivalent, pound for 
pound, in their effect on fusion point, but on a molecular basis 1 mol of 
one oxide comes much closer to substituting for 1 mol of another oxide 
of the same class. As with aqueous solutions the correspondence between 
fusing point and composition is reasonably close so long as the solution 
is dilute (up to 1 or 2 mol per cent) whatever the molecular species of 
the solute, but this correspondence cannot be expected to hold for con- 
centrated solutions. Substitution of 0.3 mol of PbO for 0.3 mol of CaO 
in one formula weight of a glaze would be expected to change the fusing 
point considerably. 

Not all oxides should be placed in the empirical formula according to 
the valence of the element forming the oxide. To do this would be mis- 
leading if it were construed as implying similar chemical behavior to 
all oxides of like chemical constitution. Thus, FeO belongs with the 
RO group since it is a basic oxide, but Fe20; does not behave chemically 
like alumina even though for practical purposes it may be listed in the 
R.O; group. Borax yields B.O;, which behaves as an acidic oxide like 
silica, and therefore it should be placed in the RO» group rather than 
with Al,O;. Titanium, zirconium, and tin, like silicon, are in Group IV 
of the periodic table and form oxides having the formula RO». These 
oxides are employed as opacifying agents in glazes. Since they dissolve 
sparingly at the relatively low temperature at which glazes are fired, they 
do not enter into reaction with the RO and R.O; groups, and for this 
reason they are listed separately. Fluorine is another opacifying agent, 
which is introduced by use of fluorspar or cryolite, and many composi- 
tions show this by writing the element by itself or with the RO» group. 
It is preferable to show it with the element with which it is combined 
originally, such as Na2F2, CaF2, or AlsFs. Pigmentary oxides like CoO, 
which are added in very small amount, are often listed separately. In 
spite of these limitations, the method of expressing the composition of 
raw materials, bodies, glazes, and enamels in molal units according to 
oxide groups is informative and convenient. 

Illustration 2. A satisfactory glaze for sanitary ware is stated to 


have the composition 
0.16 KO 
0.64 CaO }0.22 AloO;°2.5 SiO» 
0.20 ZnO 


It is desired to find the proportions of clay, feldspar, whiting, and zine 
oxide to make this glaze. The analysis of the clay is 44.7% SiO», 37.5% 
Al,O;, 1.5% CaO, and 0.3% MgO, the remainder being H2O and loss on 
ignition plus cumulative errors. The feldspar has the composition given 
in Illustration 1. The other materials may be considered practically 


pure. 
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Solution. The compositions of the glaze and of the feldspar are avail- 
able as empirical formulas; other compositions are given in terms of 
percentages by weight. Calculations may be made either in terms of 
molal units or in weight units by conversion of all analyses to one basis 
or to the other. It is seen, however, that the raw materials contain soda 
and magnesia which are not present in the glaze formula, and this fact 
might lead one to reject these materials except that a certain amount of 
substitution of soda for potash and of magnesia for lime is permissible. 
Thus, it will be preferable to make the computations on a molal basis, as 
the degree of substitution of one oxide for another will be more clearly 
apparent. It is, of course, not certain that the composition to be com- 
puted when using these materials will yield a glaze of the exact physical 
characteristics required to go with a particular body. Experimental 
evidence may be necessary to determine the suitability of the formula. 

As a first step, calculate the empirical formula and formula weight 
for the clay. Basis of calculation is 100 lb of material. Dividing the 





Mol. 

Oxide Pounds a is t Mols 
DIOS. a ae ae, 60 0.745 
Ales teach Mal el ees 102 0.368 
OsO™”. ones 1.5 56 0.027 
Mir Qiey ee ees 0.3 40.3 0.007 


mols of each oxide by 0.368 to make Al.O; equal to 1.0 for clay, the 
empirical formula can then be written as 


0.07 CaO 


Similarly the formula weight is 100/0.368 = 272. 

If the amount of each material needed is designated as an unknown 
quantity, a series of material balances can then be written. Solution 
of these equations gives the answer to the problem. However, in most 
problems of this type it is not necessary to resort to an algebraic method, 
as the amount of some materials is obvious from inspection of the glaze 
formula. Starting with the more complex materials like feldspar and 
clay, the amounts of oxides introduced by known quantities of these 
materials are ‘checked off’? and the remainders needed are supplied 
by the simple materials like whiting, zinc oxide, and quartz. 

To solve the problem by this method, first write down the formula 
for the glaze in columnar arrangement. It is seen that all the 0.16 mol 
of R»O is derived from the feldspar. By simple ratio the number of 
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formula weights of feldspar needed is 0.16/0.92 = 0.174 inasmuch as 
there is 0.92 “mol” of R:O in the feldspar empirical formula. Below 
the formula for the glaze, write in the appropriate column the mols of 
each oxide introduced by this amount of feldspar. Subtracting shows 




































Material Pure R:O} RO | ZnO) A105 | sid. | ect Pounds 
ST Gee ae ee ae E : ; 2.50 
OO ee ee , ; at 0 te a 0.177 |1.26 107.4 
First remainder.........| ...... 1.24 
ST ices 3 gute scot LOSS |... 10.0081... . 0.043 |0.087 Lal bese 
Second remainder.......| ...... |... .|0.623 1.153 
See y so er es a) 10 ag oe, is. 62.3 
it gis 3) ee 20 tS AAS So 3 120 hae FRO AEA 16.3 





ree. Ln us hh he 4 a EEE Wee Ce, eee 









how much of the other oxides is still needed. 

Since all the remaining alumina comes from the clay, the amount of 
the latter can be written as 0.043 formula weight. The quantities of 
RO, Al.O;, and SiO, introduced by this amount of clay can then be 
computed. Subtraction gives the second remainder, from which the 
amounts of whiting, zinc oxide, and quartz are obvious. 

The last two columns in the table give, respectively, the formula 
weight and the number of pounds of material corresponding to the num- 
ber of formula weights given in column 2. The sum of the figures in 
the last column is 266.9 lb, which is the ‘“‘batch weight”’ for the glaze. 

Illustration 3. White enamel for sheet steel can be made by the 
following formula: 


0.2 -0.7 (K,Na).0 1.0-2.0 SiOz 
0.05-0.3 CaO 0.3-0.6 B.O; 
0.0 -0.2 ZnO 0.1-0.5 AlOs 0.5-2.0 F 

0.0 -0.2 BaO 0.2-0.4 SnO» 


Calculate the batch weight of materials needed to make this formula. 

Discussion. Enamels are made from the following ingredients: feld- 
spar, flint, borax, soda ash, niter, fluorspar, cryolite, tin oxide, zinc 
oxide, manganese dioxide, cobalt oxide, lime or whiting, barium car- 
bonate, red lead, litharge, and other suitable materials. 

Examination of the enamel formula shows that an extremely wide 
variation in composition is permissible and that literally hundreds of 
different mixes are possible. The formula can be simplified by consider- 


ation of the following points: 
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1. Fluorine is probably introduced by fluorspar, which may be indi- 
cated by writing it as CaF,. As this is an opacifier, it is preferable to 
list it with SnOs, which is used for the same purpose. The equivalent 
amount of CaO must, of course, be deducted from CaO in the RO group. 

2. It is desirable to decide on an average composition that falls within 
the limits specified in the formula. This is most easily done by fixing 
the proportions of the oxides in the RO group and of other key materials 
like B.O; and SnO, and letting Al,O; and SiO» remain as variables. 

3. The formula does not disclose whether 0 to 0.2 mol of ZnO is needed 
in addition to 0 to 0.2 mol BaO or whether up to 0.2 mol of either oxide 
is satisfactory. For purposes of illustration it will be assumed that 0.1 
mol of each is desired. 

4, Because a considerable range in composition is allowable, it will be 
unnecessary to take into account variations in purity of the raw materials. 
All of them may be assumed to be pure minerals or chemicals. 

Solution. Assume that the following average formula meets with 
requirements: 


0.1 ZnO 0.1-0.5 Al.O; 23 
0.1 BaO 0.3 SnO,. 
0.3 CaF; 


By inspection it can be seen that 0.1 mol ZnO, 0.1 mol BaCQs, 0.22 
mol Na2B407:10H20, 0.3 mol SnOs, and 0.3 mol CaF, are needed. Fur- 
thermore, the borax used will supply 0.22 mol of NazO, leaving 0.28 mol 
of R:O to be obtained from some other source. Assume that this is 
supplied by potash feldspar which will also supply 0.28 mol Al,O; and 
6(0.28) = 1.68 mols SiO». The amounts of these last two substances, 
which were the only variables left, fall within the range specified by the 
formula. It is now possible to compute the batch weight. 

















Material Formula Mols Mol. Pounds Per oa 

weight by weight 
AINGHOXIAGT a eee ae ZnO 0.1 81.4 8.1 2.4 
Barium carbonate. ..... BaCoO; OR 197 19.7 5.9 
Borax ee NaeB,O;7-10H20 0.22 381 84.7 2561 
‘AbroataccS ats OES Pe ee ate Py SnO, 0.3 151 45.3 13:4 
HUMOPSOAE os cs ee oe CaF, 0.3 78 23.4 6.9 
Feldspar...., 050. .... 1 sO’ AlsOp6RiOg “Ue28 556 156 46.3 

(Stal. 2: ?..., eae ai latin! Lea RY 337.2 | 100.0 











There are, of course, many technological problems that are not taken 
up in this text in connection with the compounding of the above enamel. 
For example, it would be necessary to make a frit of all or of part of the 
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ingredients, including the borax because the latter is a soluble salt. Fur- 
thermore, it may be desirable to mix the ground frit with a little clay 
for ease of application. If this is done, adjustments in the batch will be 
necessary, such as decreasing the feldspar and supplying soda or potash 
from some other source. Technical problems of this sort are discussed 
in texts on ceramic technology; the above treatment serves to illustrate 
the method used to solve numerical problems. 


PHASE DIAGRAMS 


Chemical compounds that form when ceramic mixtures are heated 
can be predicted by reference to the phase diagram for the system under 
consideration. These diagrams show the composition of the minerals 
formed and the equilibrium relationships between solid and liquid phases. 
They are described in most books on general chemistry, and the various 
types of diagrams are discussed in more detail in texts on physical chem- 
istry.’ Phase diagrams of interest to ceramists have been compiled by 
Hall and Insley.’ 

It is sometimes necessary to know the relative quantities of liquid 
and of solid phases, or the percentages of the various crystalline phases, 
that are present in an equilibrium mixture. These quantities can be 
found by setting up equations for material balances containing them as 
unknowns, but the same information can be obtained more quickly by 
using certain geometrical relationships obtainable from the phase dia- 
gram. It is frequently possible to make an approximate estimate of the 
quantities desired by visual inspection alone. The method of doing this 
and the proof of the relationships are given below. 

Two-component systems. Figure 11-1 shows a phase diagram for 
the system’ composed of substances A and B, which are completely 

' For a thorough treatment of the phase rule and phase diagrams see J. E. Ricci, 
“The Phase Rule and Heterogeneous Equilibrium,’’ D. Van Nostrand Company, Inc., 
New York, 1951. 

2F. P. Hall and H. Insley, J. Am. Ceram. Soc., 16, 463 (1933) ; Suppl., 21, 113 (1938); 
J. Am. Ceram. Soc., 30, (11), pt. 2 (1947). 

*In the technical literature the term “system” has two meanings. In the first, 
the “system” is taken to mean that portion of the universe that one chooses to 
separate in thought from the rest of the universe (called the ‘‘surroundings”) for 
purposes of considering physical and chemical changes in it as the conditions under 
which it exists are altered. Consideration is usually given to the energy interchange 
between the ‘‘system” and the “surroundings.”’ In the second meaning the term 
“system” stands for all possible “systems” or aggregations of matter that can be 
derived from the particular chemical species under consideration. Thus, when one 
speaks of the “system CaQ-SiO2,” he means to describe the equilibrium relations that 
exist for all possible mixtures from 100 per cent lime to 100 per cent silica and not be 
limited to a particular mixture of CaO and SiOy. 

It should be further understood that Fig. 11-1 is a section of a three-dimensional 


(P-T-z) diagram taken at a specific pressure. 
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miscible with each other in the liquid condition and which form no solid 
solutions or binary compounds. (In the ceramic field, MgO and CaO 
form a system of this type.) In the diagram, temperature is plotted 
against composition. The solid lines show the boundaries between 
phases; the dotted lines have been drawn for explanatory purposes. 
Consider a mixture of A and B having the composition and temperature 
represented by the point X in Fig. 11-1. Let this mixture be cooled from 
XtoYtoZ. At Y, solid A starts to crystallize. As A is deposited from 


Bt Liquid 


Temp —> 


Solid A+ Solid B 





a Fraction of A —> a 
: <— Fraction of B 


FIG. 11-1. System A-B. 


solution, the latter becomes less rich in A and its composition changes 
along the curve YQ. Thus, at Z the system will consist of two phases; one 
is solid A, and the other is the remaining solution having the composi- 
tion represented by the point Q. The question is, what are the relative - 
quantities of these two phases? 

Consider one unit (mol or pound) of the original solution. Let 
« = parts A which have solidified and 1 — x = parts of liquid remaining. 
Then the ratio x/(1 — x) is the quantity sought. 


An equation containing x may be written by setting up a material 
balance as 


(A in solid) + (A in remaining solution) = (A in original solution) 
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To complete the writing of the equation it is necessary to know the 
composition of each phase in addition to its quantity. The solid, of 
course, consists entirely of A. The fraction of A in the remaining solu- 
tion is MQ, the length of this line being read on the scale at the base of 
the diagram. Similarly, the fraction of A in the original solution is MZ. 
To be consistent and use line lengths throughout to express compositions, 
the composition of A is MR, which is the unit width of the diagram. 
The material balance then becomes 


(x)MR + (1 — z)MQ = (1)MZ 
This gives 
7 = MZ— MQ _ 
MR— MQ QR 
and 
QZ _ QR—QZ ZR 


(lei ae i ee Se 


Oni. QR QR 


Dividing the first expression by the second gives 


=~ (St) ie) ~ 2 
l—x QR Zhe ZR 
Thus, the ratio of solid A to remaining solution, or x/(1 — zx), is the 
ratio of the length of the line QZ to the length of the line ZR. These 
can be scaled off and actual numbers substituted for the line lengths 
to obtain a numerical result. If the scale is in weight fractions, the 
result is a weight ratio; if it is in mol fractions, the result is a molar ratio. 
An important precaution to observe in using molal units is pointed out 
below. 

The conclusion reached above may be stated as the following rule: 
When a mixture separates into two phases whose compositions are indicated 
by points at the ends of a straight line passing through the original composi- 
tion point, then this point divides the line into segments that are inversely 
to each other as the quantities of the two phases. In this statement the 
term “inversely” refers to the fact that the segment that includes the 
point of composition of one phase refers to the amount of the other phase. 
In the proof given, the segment QZ includes the composition point Q 
for the liquid, but the length of this segment refers to the quantity of 
solid. ‘This rule is commonly referred to in the literature as the “‘lever 
rule” from the similarity between it and the rule of mechanics governing 
the inverse proportionality between forces and the arms of a lever to 
which they are applied. 

Figure 11-2 is for the system A-B when the single binary compound 
AB isformed. It will be noted that the vertical line drawn through the 
composition AB divides the diagram into two parts, each like Fig. 11-1. 
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To illustrate an important difference between diagrams using mol per 
cent and those using weight per cent it will be assumed that the molecular 
weight of A happens to be equal to the molecular weight of B; thus, the 
weight-per cent diagram and the mol-per cent diagram appear identical. 

Assume that a mixture of 20% of A and 80% of B is heated slowly until 
melting begins and that it is held at this temperature (while con- 
tinuing to add heat) until further addition of heat would cause a rise In 
temperature. How much of the original mixture is liquefied? 

The mixture is represented by the point P and is at the temperature 
T;. The liquid phase contains 30% of A and the unliquefied solid is 


B+ Liquid 


Solids B+AB 


Temp —> 


| 
| Solids|AB+A 
! | 
! | 





c 50 100 
Per cent of A —> 


FIG. 11-2. System A-B with binary compound. 


pure B; 7.e., all the A has gone into solution with some of the B. From 
the lengths of the segments of the horizontal line passing through P and 
joining the compositions of the solid and liquid phases, it is seen that 
.the ratio of liquid to solid is 20:10; 7.e., two thirds of the original mixture 
has liquefied, and one-third remains as solid. 

Assume that a second mixture containing 62.5% A and 37.5% B is 
heated to 7’, and is held there until equilibrium is established. What 
is the condition of the system? 

This temperature and composition are located on the diagram at the 
point Q, in the field marked ‘“‘AB + liquid.” The ratio of solid AB to 
liquid is 12.5:12.5; in other words, the system is composed of 50% liquid 
and 50% solid. 

Now assume that this problem is to be solved in terms of molar units. 
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Since the molecular weights of A and B are equal, the same diagram is 
used. The point Q representing the temperature and composition of the 
system is also at the same point in the diagram.! At first glance it 
would appear that there are 12.5 mols of solid to 12.5 mols of liquid, but 
as the molecular weight of AB is twice that of either A or B, this would 
mean twice as much solid by weight as liquid. Since this is a different 
result from what was obtained before, it is impossible. The difficulty 
is caused by the fact that the scale of compositions reads in per cent of A 
(or B) and not in per cent of the compound AB. With this in mind, it is 
correct to say that 12.5 mols of A plus B (i.e., 6.25 mols of each) have 
combined to form 6.25 mols of AB, and 12.5 mols of A plus B are left 
as liquid. Thus, when a compound is formed it must be remembered 
that the line segment referring to it gives the proportionate quantity 
of the total mols of A and B in the compound. The mols of the latter 
can be found by dividing by n, where n is the total number of mols of A 
and of B needed to form 1 mol of the compound. As an example, the 
compound 5CaO-3A1,0; is composed of 8 total mols of CaO and Als. 
In this case there are one-eighth as many mols of 5CaQ-3Al.03 as there 
are mols of the individual oxides used in forming the compound. 

Most diagrams have compositions expressed in weight units for reasons 
of practicality. Reference to the literature, however, shows that many 
diagrams are on a molar basis, especially when more than one system is 
shown on the same plot, so this precaution needs to be observed to avoid 
erroneous results. 

Three-component systems. A three-component system is generally 
represented by means of a triangular diagram. This is an artifice to 
enable three compositions to be plotted on a plane surface, which has, of 
course, only two independent dimensions. An equilateral triangle? as in 
Fig. 11-3 is used, and its side is made equal to unity or to 100. Each 
vertex represents pure A, B, or C; a point D along one side is a mixture 
of two components; and a point £ in the interior represents a mixture 
of all three components. 

The composition of a three-component mixture is found by getting 
the perpendicular distances from the point of composition to each side 
of the triangle. It is a property of equilateral triangles that the sum 
of these three perpendicular distances is constant (and in this case made 
100%) wherever the point may be located. For convenience, these dis- 
tances are usually read on the scales that are placed along each side of 
the triangle. In the figure, Z is a mixture of 35% A, 55% B, and 10% C. 


1 When the molecular weights of A and B are different, as they generally are, the 
shift of a point to right or left when going from the weight diagram to the molar 
diagram automatically takes this difference into account. 

* Only diagrams based on equilateral triangles are considered in this text, but right 
triangles and even acalene triangles may be used to represent three-component systems. 
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Since the two dimensions of a plane surface are used to represent 
composition, the dimension of temperature is represented by distances 
perpendicular to the plane of the triangle. The liquid-solid bound- 
aries appear as curved surfaces in the prism thus formed, whereas they 
appeared as lines in the 7',x diagram for atwo-componentsystem. Thus, 
complete representation of a three-component system would require a 
solid, prismatic model. 

However, if planes be passed through this model at various tempera- 
ture levels they will intersect the solid-liquid surface in lines that can be 
projected onto the triangular diagram of compositions as a series of 





F 
%4C— 


FIG. 11-3. System A-B-C. 


contour lines. Three such lines for 1800, 1700, and 1600° are shown in 
the field where A is in equilibrium with the solution. This is the way 
that the temperature-composition relationships of a three-component 
system are generally shown. In fact, these planar diagrams are some- 
what more convenient to use than an opaque, solid model on which linear 
distances would be difficult to scale. 

For the various types of three-component systems, reference should be 
made to texts on physical chemistry dealing with this particular subject. 
The reader should also consult Hall and Insley’s compilation of diagrams 
of ceramic systems. It will be sufficient to show in Fig. 11-3 certain 
relationships that are useful in the solution of problems. 

1. If mixture P is added to mixture R, the combined mixture Q lies 
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on a line joining P and R and the distances QR and PQ are in the ratio 
of the amounts of P and R mixed. Likewise, if Q is separated into P and 
R, the ratio of the amount of P to R is given by the ratio QR/PQ. This 
statement and its corollary are simply extensions of the similar principle 
developed for two-component systems. 

2. If solution S separates pure C, then the composition of the remain- 
ing solution must change along the line SH, which is an extension of the 
line drawn through C and S. A little consideration will show that the 
line HSC is the locus of all points having the same ratio of A to B as did 
the original solution S and that this is a necessary criterion for solutions 
to which pure C is added, or from which it is removed. 

3. If solution S’ separates material having the composition F, then 
the solution changes in composition in the direction of S’G. Conversely, 
if a solution S’ is changing at some particular moment in the direction 
indicated by S’G, then the solution is separating, at that moment, material 
having the average composition of F (assuming that no ternary com- 
pounds are separated). 

Figure 11-4 shows the system MgO-Al,0;-SiOs. Application of prin- 


SiOz 






Tridymite 


Cordierite, 
2MgO *2Aln 03° 5Si02 


Periclase 





MgO MgO-Al,03 Al203 
FIG. 11-4, System MgO-Al,O;-SiO». [Rankin and Mervin, Am. J. Sci. 45, 301 (1918).] 
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ciples developed in the preceding paragraphs will be illustrated by a 
problem dealing with this system. 

Illustration 4. A mixture containing 33.3% each of MgO, Al.Os, 
and SiO, is heated until it is completely fused. Describe the path of 
crystallization and tell what substances are crystallized during each step 
of the path and in what amounts they are produced. 

Solution. The solution to this problem is indicated in the skeleton 
diagram for this system as shown in Fig. 11-5. The original mixture is 


S 





FIG. 11-5. System MgO-AI,O3-SiO2 (used for solution of Illustration 4). 


designated by the point P. Since spinel, MgO-Al,03;, is the first sub- 
stance to crystallize, the path of crystallization (by which is meant the 
line showing the composition of the solution) follows PQ, which is 
obtained by drawing a line through MA andP. At Q, forsterite, 2MgO-- 
SiOs, appears and crystallizes simultaneously with spinel. The path of 
crystallization then follows the boundary between the two fields, namely, 
QR Since a mixture of forsterite and spinel is separating and since all 
possible mixtures of these two substances must fall on the line joining 
MS and MA, the average composition of the mixture that separates at 
Q is given by the point 7 on this line. This point is located by taking 
the direction of the path of crystallization from Q on (i.e., by taking the 
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tangent to the curve QR at the point Q) and projecting back to the line 
M.S-MA. It so happens that, in this problem, QF is practically a 
straight line; thus, the average composition separating throughout the 
path QR remains substantially constant. If QR had been curved, the 
average composition at the start and at the end of the path would be 
taken and a mean value of these averages would be used.} 

At R, which is an invariant or quadruple? point, cordierite, M.A.S,, 
appears and there are now four phases—spinel, forsterite, cordierite, and 
liquid. The system remains at R, which means that neither the temper- 
ature of the system nor the composition of any phase can change until 
one of the phases disappears; in this case it will be the liquid. 

Crystallization along path PQ. The ratio of the length of the segments 
PQ and P-MA can be obtained by laying a scale on the diagram or by 
using any other pair of proportionate lengths such as the percentages of 
Al,O; as read along the base of the triangle. If the latter, they are 
33.3 — 21.5 = 11.8, and 71.7 — 33.3 = 38.4, respectively. Thus, the 
solid spinel that has separated by the time Q is reached is to the solution 
remaining as 11.8 is to 38.4, or the solid is 


100(11.8)/(11.8 + 38.4) = 23.5% 


of the original solution. The solution remaining is 76.5% of the original, 
and its composition is 35.5% MgO, 21.5% Al.O;, and 43% SiO». 

Crystallization along pathQR. The average composition of the material 
erystallized along this path has the composition represented by 7’, which, 
from the respective lengths of M.S-7 and T-MA, is 20 parts of spinel to 
51.7 parts of forsterite. QR is to QT as (35.5 — 26) is to (45 — 35.5), 
these values being read by projection to the MgO scale. That is, the 
solid mix of forsterite and spinel produced along path QR is equal to the 
quantity of solution remaining. ‘There being 76.5 parts of solution at the 
start of this path, 38.2 parts have crystallized, leaving 38.3 parts of 
solution at R. The composition of the latter is 26% MgO, 23% Al.Os, 
and 51% SiO». In terms of the individual minerals crystallizing, the 
quantities per 100 parts of original solution are 


38.2(20/71.7) = 10.6 parts spinel 
38.2(51.7/71.7) = 27.6 parts forsterite 


Crystallization at point R. The amount of each substance crystallizing 
from the 38.3 parts of solution remaining at this point is found by using 
unknowns and writing material balances. 


1 Except for certain cases where one of the phases may disappear. 

2 See texts on physical chemistry for a discussion of the phase rule for a definition 
of this and other technical terms that are used to describe equilibria between 
phases. Some authors call R a quintuple point, counting the gas phase and making 
five phases in all. But if the pressure is specified as 1 atm, there will be no gas phase. 
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Let x = amount of spinel (composition, 28.3% MgO, 71.7% Al,Os3) 
y = amount of forsterite (composition, 57.4% MgO, 42.6% SiOz) 
2 = amount of cordierite (composition, 13.8% MgO, 34.9% Al20:, 
51.3% SiOz) “4 
MgO balance: 0.2832 + 0.574y + 0.1882 = 0.26(38.3) 
Al.O3 balance: 0.717x + 0.3492 = 0.23(38.3) 
SiO» balance: 0.426y + 0.5132 = 0.51(38.3) 
The equation « + y + z = 38.3, which is a total material balance, 
can be used, but it is not an independent equation. 
Solving these equations gives 


x = —1.7 parts spinel 
y = 11.3 parts forsterite 
z = 28.7 parts cordierite 


The significance of the negative result for spinel is that a small amount 
of this material redissolves. This must be so in order that the oxides 
may be in the proper proportions to form the minerals without having 
any of the individual oxides left over, a result that would be impossible 
since the individual oxides cannot exist at this point. 

It may be emphasized here that this solution to the problem is for 
equilibrium conditions. If some of the spinel did not dissolve, or if the 
solution were cooled too rapidly, its composition might coast along the 
line from 4 to 5 to 1 in Fig. 11-4 and produce a small amount of phases 
other than those mentioned. Since equilibrium between the last por- 
tion of liquid to crystallize and the large mass of crystals already 
formed is difficult to obtain, something of this nature might be expected 
if this problem were to be carried out experimentally. 

Recapitulation. As a check on the numerical results it will be well 
to compute the quantity of individual oxides in the minerals formed and 
see if the total agrees with the starting mixture. 





MgO Al.O3 SiO. 
Spinel: 
(23:5 -- 10.6>— 1 0I288iee ee 9.2 
(23.5 +10.6 = 1:7)0:717.).....%.. io Bae, 
Forsterite: 
(27. G2 113) 0.574228. ee ee 2223 
(2756 ---11%3)0. 42650 3S eee hh Saas 16.6 
Cordierite: 
i ge IS ee, eae ee 3.9 
eS) ee — 10.0 
(28,70. GLaics wale Wee: jecuncioreis wictect eee Plc 14.7 
Total yioyran J). tre, Aan. See 354 33.2 sins 
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MgO is 2 per cent too high and SiO; is 2 per cent too low, these discrep- 
ancies being produced by slight inaccuracies in reading the diagram. 

Improving refractory compositions. The temperature lines of 
Fig. 11-4 show that a mixture of one-third each of magnesia, alumina, and 
silica does not make a good refractory material. This mixture is 76.5% 
liquid at Q (Fig. 11-5) where the temperature of the system is 1600°C 
(P.C.E.* of 26). On further cooling, crystallization is completed at R 
at a temperature of 1370°C (cone 13 to 14). This is the temperature at 
which fusion starts when this mixture is heated. Correspondingly low 
temperatures will apply to any mixture on the side of the line joining 
M.S and MA that is toward 8. Mixtures whose compositions lie on 
this line will complete crystallization (or will commence to fuse if heated) 
at the temperature corresponding to the point V where this line inter- 
sects the forsterite field. This is about 1740°C (cone 33). Mixtures 
lying on the MgO side of this line will complete crystallization at point 6 
in Fig. 11-4, which is 1700° (cone 32). These temperatures are for 
mixtures made from pure substances; for commercial materials containing 
impurities, the temperatures are lower. 

From this discussion it should be obvious that compositions of interest 
as refractory materials must lie on the MgO side of the line joining M.S 
and MA. It should be equally clear that compositions lying on the other 
side of the line can be ‘‘corrected,” 7.e., improved in refractoriness, by 
adding enough magnesia to bring the composition to the line or beyond 
it. In actual practice a considerable excess is used to ensure complete 
conversion, especially since the unreacted magnesia will do no harm. 
This is the basis of several patents.2 The following illustration shows 
how this idea may be applied. 

Illustration 5. Norton’ gives this analysis of chromite from New 
Caledonia: 


Per cent 

Cr.0; eta lpsidte Aa ee letene 54.5 
S07 2 ee age a1 
A etislc sos kh ans 11.0 
Fe@ya; 19.5 
ON 0.0 Set eee 16 
Mel). aos adie vise 8.0 

POUR ois atts oi 97.6 


What is the minimum quantity of MgO that should be added to 100 Ib 
of this ore to give it maximum refractory quality? 


! Pyrometric Cone Equivalent. 
2G. E. Seil, U.S. Patents 2028018 and 2060697. 
:F. H. Norton, “Refractories,” 3d ed., p. 54, McGraw-Hill Book Company, Inc., 


New York, 1949. 
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Solution. Chromite when pure has the formula FeO-Cr2O0;. This 
mineral is a spinel, and part of the FeO can be replaced by MgO and part 
of the Cr,0; by Al.O;. The interchangeability of Cr2O; and Al2Os; is 
further indicated by the phase diagram for these two substances, which 
shows a complete range of solid solutions between them. Increasing 
MgO and Cr,.0; will raise the fusion point of the spinel; on the other 
hand, increasing FeO and Al,O; will lower it. Thus, except for CaO, 
which may be neglected in these calculations, chromite ore may be con- 
sidered as a three-component system: RO-R2O;-SiO2, where RO = MgO 
or FeO, and R.O3 = Cr203 or Al.O;.* In the diagram for this system 
there will be a spinel field. Also there will be a field for (Mg,Fe)2SiO., 
since fayalite, FesSiOu, and forsterite, Mg2SiOu, form a complete series 
of solid solutions known as the olivines. The fields for spinel and olivine 
may be expected to have a common boundary, as they did in Fig. 11-5. 

The solution of this problem may now be simplified by converting the 
analysis of the ore to a molal basis. 


Basis: 100 |b ore. 










Mol. Mols 





Pounds 






weight RO R.O; SiO, 
ress ch Eee hs 54.5 7 eg a ae 0.358 
SiOz.. 3.1 OU Le Ae e ee aaa 0.052 
Jeet): Aaa 11.0 102 LAOS 0.108 
sie Chae SEER «Me 9.5 
8.0 





Mols MgO needed for 2MgO-SiOz = 2(0.052) 
Excess MgO present, 0.469 — 0.466 

Minimum MgO to:beraddéd Ses yis<tegseubee ewe ds Lee 0.101 
Pounds MgO, 0.101(40.3) = 4.1 


As was pointed out previously, a considerable excess would be used, 
the amount being determined by experiment. 


PROBLEMS 


1. The following table gives the chemical compositions of six commercial 
feldspars. 


* Note that in this problem the symbols RO and R.O; are used in a somewhat 
different sense from that in which they were used in the earlier part of this chapter. 
Here, R™ in RO and R!!! in R,O; stand for atomic replacements in the actual crystal 
structure where isomorphism is possible. In fact, it may not be necessary to neglect 


calcium, since forsterite at least exhibits a limited tolerance for replacement of mag- 
nesium by calcium, 
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Ignition 
No. MgO, loss, % 

% (includes 
H,0) 
: 0.02 0.32 
- trace 1 ag Bo 
3 trace 0.34 
4 trace 0.84 
5 trace 0.56 
6 0.02 0.50 





Recalculate these analyses in terms of molecular composition. Find the formula 
weight for each spar. 

2. A feldspar subjected to chemical analysis yields the following results: SiOz, 
69.92%; R.O;, 17.72%; CaO, 2.98%; MgO, 1.91%; loss on ignition, 0.62%. The 
alkalies were not determined. Assuming first that the undetermined constituent 
consists only of KO and, second, that it is one-half K.O and one-half Na.O, what is 
the empirical molecular formula for this feldspar? 

3. The average composition of bone china is 34% kaolin, or china clay, 17% 
feldspar, 12% flint, and 37% bone ash. Recalculate this composition in terms of the 
molecular composition of the fired ware. 

4. Cone 14 porcelain glaze has the following average composition: 


0.68 (K,Na).0 


0.32 (Cz, Mp0 {0-85A10°7.25 Si. 


A batch of this material has been made up using feldspar No. 3 of Prob. 1. What 
substances and how much would be used to complete the batch? 

5. An excess of the raw glaze of Prob. 4 is available and it is desired to modify 
some of it to make an earthenware glaze for glost firing at cones 2 to 4. The finished 
glaze is to have a composition within the following formula: 


0.30-0.50 PbO 
0.10-0.15 Na:O 1.80-2.50 SiOs 
een go ood Peaemiaraate A101 9:99-0.30 B.Os 
0.35-0.50 Co.0 


Is it possible to do this? If so, per 100 lb of the porcelain glaze what other materials 
must be used and in what amounts? 

6. The batch weight for an enamel for sanitary ware is as follows: feldspar, 120; 
borax, 125; soda ash, 16; niter, 10; fluorspar, 40; red lead, 80; zinc oxide, 30; tin oxide 
(SnO,), 50. This is fritted, ground, and then dusted on the ware. What is the 
empirical formula for the composition of the enamel? 

7. The following batch is fritted: spar, 126 parts; white sand, 76 parts; borax, 
98 parts; red lead, 15 parts; soda ash, 16 parts; niter, 14 parts; fluorspar, 14 parts; 
eryolite, 44 parts. Then 100 parts of frit are mixed with 7 of clay and 0.5 of magne- 
sium carbonate and made into a slip with 40% of water. What is the molecular 
composition of the enamel? 

8. The following batch makes 1000 lb of frit for a steel ground coat: borax, 365; 
feldspar, 400; flint, 256; soda ash, 115; sodium nitrate, 51; fluorspar, 77; cobalt oxide 
(Co,O,), 444; manganese dioxide, 12}4. Each 100 lb of frit is milled with 6 lb of clay 
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and 2 lb of borax. The feldspar used contains 66.82% SiOz, 18.96% Al.O3, 9.20% 
K,0, 3.65% Na:O. What is the composition of the final enamel? 
9. How would you make up an enamel to have the following composition? 


0.58 PbO 1.25 SiO, 
0.11 K.O 0.40 BO; 
0.26 Na.O 0.40 Al:0; 0.80 F 

0.05 CaO 0.20 SnO» 


10. The following diagram for the system Al.0;-SiO.2* has added to it the deforma- 
tion temperatures, obtained by the U.S. Bureau of Standards! for those Orton stand- 
ard pyrometric cones that consist of mixtures of alumina and silica. The deformation 
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temperature is the ‘‘end point,’’ or the temperature when the cone is “down.” What 
is the percentage of liquefaction of cone 31 when it is down? Of cones 32, 33, 34, 
respectively, when they are down? Assume that equilibrium conditions are reached 
in the heating process. 


11. If cone 31 is heated until cone 32 is down, what percentage of the former is now 
liquid? If heated to cone 33? 


12. The bending interval for cone 31 is 25°C. What is the condition of this cone 
when it starts to bend? When it is down? 


13. Cone 35 is supposed to be pure Florida kaolin. How do you explain the posi- 
tion of this point on the diagram? 


*N.L. Bowen and J. W. Greig, J. Am. Ceram. Soc., 7, ay (1924). 
‘C. O. Fairchild and M, F. Peters, J. Am. Ceram. Bake 9, 700 (1926). 
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14. A large part of the white ware manufactured in the United States is made from 
the three components clay, flint, and feldspar, with occasional secondary fluxes, such as 
lime and magnesia, in small amounts. All possible combinations of the three principal 
components can be shown on the following triaxial-diagram in which the three vertices 
represent 100% pure components. While it might be more logical in a diagram of 
this kind for the clay vertex to represent AloO3-2SiO»e, the usual practice is to include 
the water of composition. Commercial feldspars usually contain an excess of Al.O; 
and SiO, over that represented by the formula, K,0-A1,0;-6SiO2, and the excess may 
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be calculated as the equivalent of so much clay substance and flint in addition to pure 
feldspar. Thus a commercial feldspar may be represented by the point A on the dia- 
gram. Similarly, point B represents a typical clay and point C a commercial grade of 
flint or ground quartz. All mixtures of A, B, and C, such as D, are within the triangle 
joining the first three points. Show from the geometry of the diagram how to find 
the proportions of A, B, and C used to make up D. 

15. Prove that your solution to Prob. 14 is correct by recalculating the composition 
of a feldspar, clay, and flint known to you in terms of the pure substances. Then take 
a mixture of 50% of this feldspar, 30% of this clay, and 20% of flint, locate its compo- 
sition on the diagram, and show that you would arrive at the same point if you used 
the geometric method. 


Chapter 12 


DESIGN PROBLEMS 


Industrial stoichiometry serves two main purposes. The first of these 
is the analysis of data representative of existing plant operations by the 
calculation of quantities otherwise difficult of direct measurement, thus 
providing information which, without the aid of this tool, would be 
entirely wanting or at best only empirical and qualitative. Calculations 
of this kind are quite often the simplest and cheapest way of obtaining 
an accurate and quantitative vision of what is actually taking place 
within a process. In preteding chapters, discussion has been devoted 
primarily to illustrations of this important function. 

The second and no less important purpose is the use of laboratory data 
as a basis for estimating large scale production. One type of problem 
falling under this head is the design of equipment for a process from the 
data on the physical and chemical characteristics of the materials 
involved. Another type is the design of large-scale units from data 
obtained by laboratory experimentation upon a process in the develop- 
ment stage. These two types of problems are discussed in this chapter. 

As an example of the first type, the tunnel kiln is widely used for 
burning brick and other ceramic ware. The detailed design of a kiln 
and furnace involves the chemistry of combustion, flow of fluids, trans- 
mission of heat by radiation and conduction, the complicated chemical 
relationships of the particular reactions for which the furnace is built, 
the choice of suitable refractories, proper mechanical construction, pro- 
vision for insulation, ease and accuracy of operating control, laborsaving 
devices, and many other related factors, which are beyond the scope 
of this book. However, the first step that must be taken is the solution 
of the stoichiometric problems involved, particularly the material and 
heat balances. 

In every problem of design, certain conditions are fixed by the very 
nature of the case. These are generally the throughput desired, the 
minimum or maximum temperatures that must be reached within a 
process, the temperature and quantity of cooling water available, and 
the like. On the other hand, the designing engineer himself will make 
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certain assumptions. These assumptions are frequently equivalent to 
setting up an ideal, which may or may not be possible of actual realiza- 
tion. The designer must base his computations on both fixed conditions 
and assumptions and must check his conclusions with the greatest care 
to make sure that the final design is a consistent one. 

In the solution of complicated problems of this sort, one or more of the 
assumptions are almost always found to be incompatible with the others. 
In such cases the assumptions must be revised and the design modified 
accordingly. The methods of stoichiometry are invaluable for the 
elimination of errors by cross checking of this sort. 

To a greater or less degree, such computations involve methods of 
trial and successive approximations. General rules of procedure are 
difficult to give. It will probably be most helpful to discuss a specific 
case. 


DESIGN OF A TUNNEL KILN 


Assume that it be required to design a gas-fired tunnel kiln, operated 
continuously, for the burning of a ceramic material which passes through 
the tunnel in a direction countercurrent to that of the gases. The stock 
enters at one end of the tunnel and in progressing toward the middle is 
preheated by the sensible heat of the hot products of combustion flowing 
in the opposite direction. This section of the tunnel will be called the 
preheating zone. Combustion takes place at the middle of the tunnel 
(combustion zone), where the stock is heated to the maximum tempera- 
ture of burning. The stock now passes through the remaining section of 
the tunnel (cooling zone), in which it is cooled partly by means of the air 
necessary for combustion and partly by loss of heat through the walls. 

Consider the flow of gases. Air enters the end of the tunnel at 
which the stock leaves. The air is preheated by the cooling stock, 
thereby conserving heat in the operation of the kiln. The preheated air 
combines with the fuel, which is admitted to the combustion zone, and 
the hot products of combustion flow countercurrent to the movement 
of the stock in the preheating zone, going to the stack at the end of the 
kiln where the stock enters. 

The stock has been carefully dried before it comes to the kiln. It is 
placed on cars, one of which is pushed into the kiln every 4 hr, pushing 
out a similar car at the other end. The firing of the furnace is continu- 
ous. The number of cars in the kiln is so large that no serious error 
will be made in assuming that the movement of the stock is also continu- 
ous. The lower part of each car is constructed of steel and cast iron, 
weighing 1000 lb; the upper part consists of refractory, weighing 2000 lb; 
and the charge weighs 6000 lb. The specific heat of the refractory may 
be taken as 0.20 + 0.0001¢ and that of the charge as 0.22 + 0.00012¢, ¢ 
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being in degrees centigrade. In the range from 600 to 700°C, the charge 
loses its combined water, of which it contains 6.2%. The heat of decom- 
position of the clay with evolution of combined water, expressed per 
gram mol of water lost, is estimated to be 15 kcal. After this decomposi- 
tion, the specific heat of the charge may be taken as that of the refractory 
given above. Stock, air, and gas enter the kiln at 20°C. The stock 
must be burnt to 1210°C, and the temperature rise and fall as it passes 
through the kiln must be substantially uniform. 

The burning schedule demanded by the characteristics of the stock 
involves 200 hr in the kiln. Since the cars are 6 ft long, this requires a 
kiln length of 300 ft, of which 150 ft must be in the preheating zone, 15 ft 
in the combustion zone, and 135 ft in the cooling zone. 

The preceding may be taken as the fixed conditions which, in any case, 
the kiln must be designed to meet. These are not subject to alteration. 
On the other hand, it is very desirable to cool the stock to 160°C before 
it leaves the kiln and to preheat it before it enters the combustion zone 
to 1110°C. Furthermore, while such a kiln will be carefully insulated 
against loss of heat, its surface area is so large that the heat lost by 
conduction and radiation through the walls is sure to be considerable. 
The insulation will be more or less proportioned to the temperature of 
the kiln at the point in question, so that, as an approximation, the heat 
loss per unit length may be taken as constant. For the conditions 
under which this kiln is to operate, it is claimed that it will not pay to 
insulate beyond reducing the heat loss per foot of length to 9000 Btu per 
hour in the preheating and combustion zones and to 80% of this in the 
cooling zone. The loss in the latter is less because the gases and hence 
also the kiln walls are cooler than the stock, rather than hotter as in the 
rest of the kiln. It will probably be inadvisable to cool the stack gases 
below 240°C, or to preheat the air above 1000°C. The metal of the 
cars and the lower part of the refractory base are protected from the full 
heat of the kiln. Failure of the refractory to come up to temperature 
is more or less counterbalanced by heat picked up by the metal. Con- 
sider this counterbalancing exact, i.e., assume all the refractory brought 
to full temperature but the metal not heated at all. The foregoing 
figures represent tentative assumptions on which to attempt a design. 

It is required to design such a kiln, using as fuel a natural gas, which 
may be assumed substantially CH. It is further desired to modify 
the design so that the furnace can replace this fuel with producer gas 
of the following composition: 7% COz, 21% CO, 15% He, 1% CHa, and 
56% Ne. Finally, the fuel saving which can be realized by an increase 
in insulation sufficient to halve the heat loss by conduction and radiation 
is to be estimated. 
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Solution. This kiln consists of three separate sections, namely, the 
preheating, combustion, and cooling zones. If heat balances can be set 
up for each of these zones, information which is absolutely dependable 
will be obtained regarding the operation of the kiln. The relationships 
existing in the cooling zone are less complicated than those in the other 
‘ota It is, therefore, advisable to set up a heat balance for this zone 

rst. 

The heat supply to this part of the kiln comes solely from the sensible 
heat of the burnt stock, which enters this zone at 1210°C and cools to 
160°C. The average temperature of the stock in this zone is, therefore, 
(1210 + 160)/2 = 685°C. At this temperature the specific heat of the 
stock, from the formula 0.20 + 0.0001¢, is 0.2685, which is the average 
specific heat between the temperature limits quoted because the specific 
heat is linear with the temperature. The heat given up by the stock is, 
therefore, its weight times its temperature drop times this specific heat. 
In burning, the 6000 lb of stock on each car loses 6.2 per cent of water, 
leaving a burnt-stock weight of 5630 lb. Adding the weight of the 
refractory base of the car gives a car weight of 7630 1b. Therefore, on an 
hourly basis, the heat supplied to this zone is 


(7630/4)(1210 — 160)(1.8)(0.2685) = 967,000 Btu/hr 


The radiation loss is 9000(0.8)(135) = 972,000 Btu/hr. This shows 
the heat loss by radiation to be greater than the heat supplied to the 
cooling zone, absolutely no heat being available for preheating the alr. 
There is obviously something wrong with the assumptions. The diff- 
culty lies in the fact that the assumed radiation loss is excessive. If a 
kiln were to be constructed to have this radiation loss, the stock would 
be cooled by radiation alone in less than 135 ft. Since the firing schedule 
demands that the stock be not cooled more quickly than this, it of 
necessity follows that the radiation loss must be reduced, at least in the 
cooling zone. 

The difference between the radiation loss and the sensible heat in the 
stock is so small that the kiln could be built and operated by the use of a 
very slightly increased amount of insulation, provided no air whatever 
be drawn through the cooling zone but only cold air be supplied at the 
burners. However, it scarcely seems wise to construct the kiln in this 
way. Itis, therefore, better to design for a smaller radiation loss, increas- 
ing the insulation if necessary to accomplish this result, so that the air 
passing through the cooling zone will pick up and usefully recover some 
heat. In order to get information on the extent to which it is advisable 
to insulate, the problem will be solved (1) for a heat loss in the preheating 
and combustion zones of 8000, and (2) for a heat loss of 4000 Btu/hr per 
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foot of length. The loss in the cooling zone will, as before, be 80% of 
that in the other two zones. 

Repeating the computation made above for a heat loss of 80% of 8000 
Btu/hr per foot of length in the cooling zone, the heat lost through the 
walls is 864,000 Btu/hr and the heat usefully picked up by the incoming 
air is 967,000 — 864,000 = 103,000 Btu/hr. 

When an attempt is made to set up a heat balance on either the com- 
bustion zone or the preheating zone, it will soon develop that there are 
three unknown quantities: the amount of gas used by the kiln, the amount 
of excess air employed, and the temperature at which the gases leave 
the combustion zone. Only two heat balances can be set up, one for each 
zone, and it will be necessary, therefore, to make a further assumption 
regarding one of these unknowns. The one that will be approximated 
is the temperature of the combustion gases and this will be done by assum- 
ing that the temperature difference between the gas and the stock, which 
is 220°C where the stock enters the kiln, will be the same at the other 
end of the preheating zone where the stock is 1110°C, thus making the 
gas temperature 1330°C at this point. This assumption means that 
there will be a nearly constant temperature difference between gas and 
stock throughout this zone, thus assuring a substantially uniform rate of 
rise of the temperature of the stock which is one of the requirements of 
this kiln. Of course, there will be an unavoidable but minor deviation 
from this requirement owing to the heat effect of dehydration. 

Call the mols of fuel gas per hour z, and the mols of excess air y, and 
take 20°C as the reference temperature. From the equation 


CH, + 202 = CO, + 2H20 


there will be mols COs, 2x mols H.O, and 22(79/21) = 7.52x mols N 
as the theoretical products of combustion of z mols of methane, and to 
this must be added y mols of excess air. The equation for the heat 
balance in the combustion zone may be worded as follows: 


Sensible heat recoy- heat of combus- 
ered by preheating | + | tion of x mols of 
air in cooling zone natural gas 
sensible heat content of heat consumed in heat- wall loss 
= | theoretical products of | + | ing stock and car from} + | in this 
combustion above 20°C 1110 to 1210°C section 


Using the lower heating value for methane (see Table 3-4), the heat 
input is 103,000 + 345,400x Btu/hr, assuming for the time being that 
the radiation loss in this zone is 8000 Btu/hr per foot of length. 

The sensible-heat content above 20°C of the gases leaving the combus- 
tion zone is found by taking the number of mols of each gas and multi- 
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plying by the average molal heat capacity (Fig. 1-3) and by the number 
of degrees above 20°. These calculations are summarized in the follow- 
ing table: 


VP ea Product, 
G pav 
ag 1330°C = 2426°F mols X Mcpay X At, 
Btu 

CO, Se eee 29 ’ 200z 
NO 2 a. ee 45 ’ 800x 
N: (theor.)...... 138 , 200x 
Excess air....... 18 ,320y 
ct. "| een 213 ,200z 
+18 ,320y 





The average specific heat of the stock and car between 1110 and 
1210°C is 0.20 + 0.0001(1110 + 1210)/2 = 0.316, and the heat sup- 
plied to the material is (7630/4)(1210 — 1110)(1.8)0.316 = 108,500 
Btu/hr. 

The remaining item of heat output is the radiation loss, 


8000(15) = 120,000 Btu/hr 


Setting up the equation for the heat balance in the combustion zone, 
one obtains the following expression: 


103,000 + 345,400x = 213,200x + 18,320y + 108,500 + 120,000 


This reduces to 132,2002 — 18,320y = 125,500. 

To assist in visualizing this problem, reference may be made to Fig. 
12-1, which shows the three separate zones of the kiln considered as 
separate problems for the purpose of obtaining heat balances. Values 
on the diagram are original data, assumed values, and figures readily 
obtained from the original data. 

A second equation is obtained from the preheating zone. In this zone 
the sole source of heat is the sensible-heat content of the hot gases at 
1330°. This has already been computed. The heat output consists of 
that necessary to heat the stock and car from 20 to 1110°C, the sensible 
heat left in the gases at 240°C, and the radiation loss. 

Although the stock loses its combined water over the range from 600 
to 700°C, it is assumed for the purpose of simplifying calculations that 
the original stock is heated to 650°C; decomposition then takes place 
at this temperature, and the dehydrated material is heated to 1110°C. 

Average specific heat of stock, 20 to 650°C: 


0.22 + 0.00012(650 + 20)/2 = 0.26 
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CH, 
° Air, 20°C- 
Gas, 240°C : : 
Stock and car, Stock, 160°C 
8000 |b/4 hr, 
20°C 
Preheated air, Air, 20°C 
Stock and car, Stock, 160°C 
7630 Ib/4 hr, 
gM Wall loss, 
864,000 Btu/hr 
Gas, 240°C Gas, 1330°C 


Preheating zone 


Stock and car, Stock and car, 





8000 1b/4 hr, 7630 Ib/4 hr, 1110°C 
aie Wall loss, 
1,200,000 Btu/hr 
x mols CH4 
Gas, 1330°C Preheated air, 


Combustion 9.52 x+y mols/hr 


zone 


Stock and car, 


Stock and car, 
1110°C 


7630 Ib/hr, 1210°C 





Wall loss, 
120,000 Btu/hr 


FIG. 12-1. Tunnel kiln fired with natural gas. Radiation loss in preheating and com- 
bustion zones = 8000 Btu/hr per foot of length. Solution gives x = 8.32 mols CH, per 
hour, y = 53.1 mols excess air per hour. 


Heat absorbed by original stock, 1500 lb/hr, 20 to 650°C: 
1500(650 — 20)(1.8)0.26 = 448,000 Btu/hr 


Heat of decomposition, which was estimated at 15 keal (15,000 cal) 
per gram mol of combined water, is 15,000 Chu per pound mol of water. 


Lb stock Lb Mols Chu 
per hour} combined | H:O 
H,0 
1500 0.062 15,000 1.8 
18 





= 139,500 Btu/hr 


Average specific heat of stock, 650 to 1110°C: 
0.20 + 0.0001(1110 + 650)/2 = 0.288 
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Heat absorbed by dehydrated stock, 650 to 1110°C: 


0.938(1500) (1110 — 650) (1.8)0.288 = 336,000 Btu/hr 
Average specific heat of refractory, 20 to 1110°C: 
0.20 + 0.0001(1110 + 20)/2 = 0.2565 * 
Heat absorbed by refractory, 500 lb/hr, 20 to 1110°C: 
500(1110 — 20)(1.8)0.2565 = 252,000 Btu/hr 


There is also a small amount of heat to be credited against the heat 
consumption as calculated above, since the combined water, which is 
evolved at 650°C, mixes with the gases of combustion and is cooled with 
them to 240°C. Its average molal heat capacity in this range will be 
somewhat greater than that obtained for 650°C, or 1200°F, from Fig. 1-3, 
which uses a base temperature of 60°F, but since the amount involved 
is small, no great error is introduced by taking the value from Fig. 1-3. 


Lb Lb Mols | Chu/°C} Chu 
stock/hr | H.,O H.O 
1500 0.062 8.75 |650—240) 1.8 
SK q_— |) _——_—)|—— = 33,400 Btu/hr 
18 
Summarizing the heat effects of the stock and car, 
Btu 

Heat absorbed by the stock, 20 to 650°C............ 443 ,000 

Manor Gancninasiciot, 347). 2 <b ee’ aS 139 ,500 

Heat absorbed by stock, 650 to 1110°C.............. 336 , 000 

Heat absorbed by refractory, 20 to 1110°C.......... 252 ,000 
ET ooo beget ¢ yaa lah 9 ia an oe arnt 1,170,500 

Heat recovered by cooling water vapor.............. 33 , 400 
Net heat absorbed by stock and car.............. 1,137,100 


The second item of heat output, which is the sensible-heat content of 
the gases at 240°C, is calculated as before. 



















F Product, 
Mc} av to 





Gas Mols 240°C = 464°F mols Wa X At, 
u 

2 te 3,890x 
2 y Be ae Se 6 ,500zr 
Ns; (theor)....... 20 ,850x 
Excess air.......- 2,780y 
i 31 ,240z 
+2,780y 


Radiation loss in this zone, 8,000(150) = 1,200,000 Btu/hr 
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The equation for the heat balance in the preheating zone may now be 
written, the heat input being taken from the combustion-zone calculations. 


213,2002 + 18,320y = 1,137,100 + 31,2402 + 2,780y + 1,200,000 


which reduces to 
181,9602 + 15,540y = 2,337,100 


The combustion zone equation was 132,200x — 18,320y = 125,500. 
Solution of these simultaneous equations gives 


x = 8.32 mols fuel gas per hour 


and 
y = 53.1 mols excess air per hour 


For the case that radiation loss is one-half as much, or 4000 Btu per 
foot of length in the combustion and preheating zones and 3200 in the 
cooling zone, the wall loss in the cooling zone is 432,000 Btu/hr. Since 
the heat input to this zone from the hot stock and car remains the same, 
or 967,000 Btu/hr, the heat picked up by the incoming air will be 535,000 
Btu/hr. 

As before, call the mols of fuel gas per hour x’ and the mols of excess 
air y’. This gives for the combustion zone a heat input of 


535,000 + 345,4002’ 


The heat output to the gases is 213,2002’ + 18,320y’; that to the stock 
is 108,500; and the radiation loss at half the former value is 60,000, all 
values in Btu/hr. The heat balance for this zone becomes 


132,200x’ + 366,500 = 18,320y’ 


For the preheating zone, the heat input is 213,2002’ + 18,320y’. The 
heat output items are 1,137,100 Btu/hr to stock and car, 


31,2402’ + 2780y’ Btu/hr 


to waste gases, and 600,000 Btu/hr to radiation loss. These figures give 
the heat balance in this zone as 181,960x’ + 15,540y’ = 1,737,100. Solu- 
tion of the two heat-balance equations in x’ and y’ gives 


x’ = 4.85 mols fuel gas per hour 
and 


y’ = 55.0 mols excess air per hour 


These results should be compared with the results for high radiation 
loss to appreciate their significance. Consider the first case with high 
radiation loss. To burn 8.32 mols of CH, requires 16.64 mols of oxygen, 
or 16.64(100/21) = 79.4 mols of air. The per cent excess air in this case 
is (53.1/79.4)100 = 67%. With half the radiation loss, fuel consumption 
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is reduced nearly in proportion, actually to (4.85/8.32)100 = 58.3% of its 
value in the former case. However, 4.85 mols of fuel require 


4.85(2)(100/21) = 46.1 mols 
of air for combustion. The excess air has increased to 
(55.0/46.1)100 = 119% 


but the absolute number of mols of excess air, 55.0 against 53.1, remains 
substantially constant. This must be so, for in the preheating zone 
1,137,100 Btu/hr must be absorbed by the stock whatever the heat loss. 
The heat supply to this zone as sensible heat in the hot gases is 2,742,000 
and 2,041,000 Btu/hr, respectively, for the two cases. The large quan- 
tity of heat absorbed by the stock, 41.5% and 55.6% in the two cases, 
necessitates the presence of a large amount of gas to ‘“‘throw the heat 
forward in the kiln” and this in turn means that use of a large (absolute) 
number of mols of excess air. 

Returning to the cooling zone, one can obtain information on the tem-. 
perature of the preheated air from the figures. In the case of high radia- 
tion loss, 103,000 Btu are recovered bythe air. Since 79.4 + 53.1 = 132.5 
mols of air are used in the combustion, 103,000/132.5 = 778 Btu are 
absorbed per mol if all the air is passed through the cooling zone. As 
the average molal heat capacity of air in the temperature range involved 
is about 7.0, the air is heated 111 Fahrenheit degrees, 7.e., to a tempera- 
ture of about 82°C. When the radiation loss is halved, the heat recov- 
ered is 535,000 Btu and the air used is 46.1 + 55.0 = 101.1 mols. This 
gives a heat absorption of 5290 Btu per mol, meaning that the final 
temperature of the air is about 430°C. 

The conviction that to secure furnace efficiency excess air should be 
suppressed to the lowest point compatible with good combustion is so 
widespread that it is worthwhile to analyze the factors that play a part 
in the furnace the very design of which demands a large air excess. The 
first factor is the necessity of uniformity of rate of heating of the stock, 
requiring, as mentioned above, what is called “throwing the heat for- 
ward in the kiln.” The only thing that can carry heat to the stock 
before it reaches the combustion zone is hot gas, the heat available 
depending on the quantity and temperature of that gas. The initial 
temperature of the gas should be kept down, however, as otherwise at 
the hot end of the preheating zone the temperature differences between 
gas and stock will be excessive and the danger both of too rapid heating 
and of localized overheating correspondingly great. The difficulty due 
to such excessive and variable temperature differences can be met, as is 
sometimes done, by resort to indirect heating through flues, but where 
direct contact between combustion gases and the stock is allowable, it 
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is cheaper and better to secure uniformity of heating by using excess air. 
By this method it is easy to secure any desired ratio of the temperature 
differences at the two ends of the preheating zone and hence meet any 
required heating schedule, relatively fast at the start and slow at the 
end, or vice versa, or uniform throughout. | 
ieee are whole ranges of operation of such a kiln, however, in which 
excess air is essential to secure reasonable thermal efficiency, entirely 
irrespective of heating schedule. With a wall loss of 8000 Btu/(ft) (hr) of 
the total heat supplied to this kiln in the fuel, 75% is lost through the 
walls. As already shown, this leaves almost no recoverable heat in the 
cooling zone. If, on the other hand, this loss be reduced by using more 
and better insulation, more recoverable heat is available, which will be 
picked up by the incoming air. Obviously, this air cannot be preheated 
above the temperature of the hot stock. If now the wall loss be thus 
reduced to about 60% of the total heat input, theoretical air is insufficient 
to absorb this recoverable heat, and if a proper excess air be not used to 
absorb it, thermal efficiency will go down. Furthermore, the percentage 
excess required gets larger the more efficient the kiln. This applies to all 
furnaces preheating air by recovering sensible heat from the charge. 

It is instructive to consider the limiting case of no radiation loss. The 
heat requirements for stock and car remain the same. If equations are 
set up similar to the above, solution shows 1.39 as the mols of gas required, 
and 57.0 mols of excess air. This is equivalent to 430% excess air. If 
the éotal air for this case absorbed all the heat given up by the stock in 
the cooling zone, it would be preheated to over 1000°C. Hence, in this 
extreme case it is obvious that theoretical air could not possibly absorb 
the efficiently recoverable heat. 

The second part of the design is the recalculation of the above figures 
so that flue requirements, etc., may be modified to take care of the 
different gas volumes when a lower grade of fuel is used, namely, cold 
producer gas of the composition 7% COs, 21% CO, 15% He, 1% CHa, 
and 56% Ne. The heat requirements of the stock and radiation losses 
are the same as before, so these need not be recalculated. For this gas 
the heat of combustion per mol is different from that of methane, and so 
also is the theoretical air necessary for combustion. 

Consider 1 mol of this fuel. Using the lower heating values for the 
combustible gases present, the heating value for the fuel is found to be 
0.21 (67,636) + 0.15(57,798) + 0.01(191,910) = 24,800 Chu, or 44,600 
Btu. 

The oxygen required to burn the CO, H2, and CH, in 1 mol of gas is 
(0.21/2) + (0.15/2) + (0.01)2 = 0.20 mol. This brings in 


0.20(79/21) = 0.752 mol N, 
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The products of combustion are shown in the following table: 


ce ee ee ee ee 
Products of combustion 














Source 
CO, Nz H.0 
Original gas: 
ees. . n dee ack de 0.07 
CPP e att le See ye ie O71 
Sear. eae... te eee. es. caked: Wh Len y 0.15 
tS ee eo ee a ae OD OTR ls an aed 0.02 
oe a5 ee 0.56 
Air for theoretical combustion..... a8 0.752 
GG et ee a Se ak os 0.29 1.312 0.17 





In the combustion zone, let x mols of gas burn with the theoretical air 
plus y mols of excess air. The heat input (for 8000 Btu loss by radiation 
per hour per foot of length) is 103,000 + 44,600r. The heat output to 
the stock is 108,500 Btu/hr and that for radiation is 120,000 Btu/hr. 
The sensible heat in the combustion gases is a different function of 2 and y 
from the former case. Using the method outlined on page 387, the heat 
content is 36,1602 for the theoretical products of combustion and 18,320y 
for the excess air. The heat balance for the combustion zone may be 
written as 103,000 + 44,6002 = 108,500 + 120,000 + 36,160z + 18,320y. 

In the preheating zone the heat input is 36,160z + 18,320y. The heat 
output is 1,137,100 Btu/hr for the stock, 1,200,000 for radiation loss, and 
5320x + 2780y for the combustion gases discharged at 240°C. The heat 
balance is 


36,160x + 18,320y = 1,137,100 + 1,200,000 + 53202 + 2780y 


Solution of these two heat-balance equations gives « = 64.4 mols of 
producer gas per hour and y = 22.8 mols of excess air per hour. 

Similar equations for a heat loss of 4000 Btu/hr per foot of length 
give 37.5 mols of producer gas required and 37.3 mols of excess air used. 

The required air for 64.4 mols of producer gas is 


64.4(0.20) (100/21) = 61.3 mols 


and for 37.5 mols of producer gas, 35.7 mols of air are required. In the 
first case 37 % excess air is used, and in the second case the excess is 105%. 
The total air in the first case is preheated to 118°C, and in the second case 
to 590°C. 

For completeness in comparison it can be shown that, if the radiation 
loss be reduced to zero, 10.8 mols of producer gas are used requiring 10.3 
mols of air and using 51.8 mols of excess air. This excess is 505% of the 
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theoretical amount. The recoverable heat in the stock would theo- 
retically preheat the total air to approximately 1160°C. This tempera- 
ture, being within 50 centigrade degrees of the temperature of the stock, 
could not as a practical matter be reached. While it is not feasible to 
obtain the indicated heat recovery by preheating air alone, part of it 
could be recovered in this way and the remainder could be recovered by 
preheating the producer gas by passing it through separate flues in the 
cooling zone. It is interesting to note that in this kiln natural gas has no 
advantage, thermal or otherwise, over producer gas. It would, of 
course, give more risk of localized overheating. 

It is perhaps worthwhile to compute the heat consumption of an ideal 
kiln, z.e., one in which there are no radiation or conduction losses and the 
stock and stack gases are completely cooled to the original temperature 
of stock and air. The total heat required to burn the stock has already 
been computed, namely, 


Btu 
Heat absorbed, 20 to 650°C............. 443 ,000 
Heat of decomposition.................. 139 , 500 
Heat absorbed, 650 to 1110°C........... 336 ,000 
Heat absorbed, 1110 to 1210°C.......... 108 ,500 
Totals .exdy dig ee AROS olen 2 1,027 ,000 


In the ideal kiln, however, both burnt stock and water vapor formed by 
decomposition of the stock are cooled to 20°C, the former from 1210°C 
yielding 790,000 Btu and the latter 41,000 Btu. Subtracting these two 
quantities from the above total leaves 196,000 Btu as the minimum pos- 
sible heat consumption of an ideal furnace. On this basis, the thermal 
efficiency of the kiln can be computed. In a kiln with no wall loss, the 
heat efficiency is over 40 per cent, in one with a loss of 4000 Btu/ft/hr 
it is less than 12 per cent, and in one with a loss of 8000 Btu/ft/hr it is 
less than 7 per cent. 

Table 12-1 brings together for comparison the results in the various 
cases. 

The second type of problem to be illustrated in this chapter involves 
the design of a large-scale unit from data obtained by laboratory experi- 
mentation. Unlike the tunnel-kiln problem, which is representative of 
continuous operation, the process chosen for an example is carried out 
batchwise. Sometimes conditions applying to the batch in the labora- 
tory will not apply to the batch in the large plant after operations in the 
plant get under way. For example, the recycling of partially converted 
material may change quantities or concentrations of reacting materials 
and thus affect the size of tanks and reactors needed. Theref ore, before 
the data obtained in the laboratory can be used to calculate the quantities 
of materials and sizes of vessels required for the process, problems of this 
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TaBLE 12-1. Summary oF CALCULATIONS ON TuNNEL KILN 









Natural gas Producer gas 



























Heat loss, Btu/(ft) (hr). . 4000 0 
Mols fuel gas required. ./8.32 ‘ 64.4 37.5 10.8 
Mols theoretical air... . . 61.3 35.7 10.3 
Mols excess air......... 22.8 37.3 51.8 
Total mols air.......... 84.1 73.0 62.1 
Per cent excess air... ... 37 105 505 
Total mols stack gas*.. . 109 76.2 
Heat recovered in cool- 

ing zone, Btu........ 967 ,000}103,000 [535,000 |967,000 
Temperature of pre- 

heated air, °C........ 1160 


Total heat supplied, t 
NR ole ered Gs whi, y ower 
Heat loss by radiation, 
a i a i WE te Sites 
Per cent radiation loss. . 
Thermal efficiency...... 


* Including 5.2 mols of water vapor from loss of combined water by stock. 
+ 345,400z for natural gas and 44,600z for producer gas. 


type frequently require the estimation of plant conditions after opera- 
tions have become stabilized. 


DESIGN OF SODIUM HYPOCHLORITE PROCESS 


Assume that it be desired to produce a solution of NaOCl from one 
of CaOCl, by precipitation with soda ash according to the reaction 


CaOCl, + Na2CO; = CaCO; + NaOCl + NaCl 


The product is to be decanted from the precipitated CaCO; and the pre- 
cipitate washed three times by decantation, using equal volumes of wash 
water each time, the combined wash waters being sufficient to make up 
the next batch. The reason for this is the impracticability of concen- 
trating dilute bleach solutions. The data given in Table 12-2 were taken 
from a laboratory experiment. A diagram of the process is given in 
Fig. 12-2. 

In this problem, the complication arises from the fact that, in the 
laboratory, the solution of bleaching powder was made up with water, 
whereas in the plant wash waters from a previous batch will be used. If 
such wash waters were available in the laboratory, plant conditions could 
be simulated. The experiment might be repeated in the laboratory, 
always maintaining the same concentration of available chlorine in the 
product in every experiment, until conditions paralleling plant operation 
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were realized, but this would be a tedious operation and it is easier to 
compute what these conditions would be. In the first run an amount of 
bleach had to be used sufficient not only to supply the product but also 
to make up the hypochlorite carried in process in the wash waters. 
Hence, the amounts of sludge and of wash waters were unduly large 


TABLE 12-2. LaBoratory Data ON Soprium HypocHLORITE PROCESS 


Weight of bleaching powder taken... .....--..--..-+eeeee eee e eee eeee 286 g 
Weight of water for solution. ...-.. 2.6.6.5 5c eee cece nett teeter eeees 1660 g 
Weight'of Soliton... 00. cigs ee an dS oe pie Reem ot oie ap eae cae 1946 g 
Specific gravity of solution............ 5... e eee e eee eee reer tree ee ees 1.085 
Volume of thiosulfate (0.1107 N) for 2-cc sample..............--++-+0: 30.07 cc 
Weight of soda aah i <cis'sccuis sala sien) Gaps ks we er ee ee 300 g 
Weight of water to dissolve... 000.0 nn cee enn cept n en tes ep esesaes 1900 g 
Weight of solutions is) caevsce ncaa aera me eae Sana an ape 2 ee ee oe nie 2200 g 
Specific gravity of solution...... 2.000 ees ew cece reece ents sms e me eneee 1.118 g 
Volume.of HC) (0.1856 NV) for:2-cesamples ss ico ees ae eee 26.42 cc 
Calculated soda-ash solution required, assuming bleach = 45% CaO, using 

100% Oxcegs icc. creo slate agente eae ga ce a ee eo 2060 g 
Brytra water added. s.s veda cima Quid BE Eee ane oie Geet oe a 45 g 
Total weight/of mixed solutionsgu:cs: cmachad saison <x ba ee ies 4050 g 
Depth of original soltition sati5e 6dr case pub cS = ta oe oe ae 8.0 in. 
Settling time:be; 2-40; ho. vanities oie a ees ems ial as er ere alc eve 2 hr 
"Tern eRe be siz c0's a iat anaucs 4 Rieu aie’ Sia paid aia aes i 25°C 
Volume decanted: « .cs.00% i ccc8 egdivn | he art Taree a) ote tae nen yey, ome 2760 cc 
Voltumé ‘of plad ge: i... . sa cater toca bares ee c 9 pe eee eee eee ee 924 cc 
Volume of: thiosulfate for 2'ce'of product... sa... e-k os ates See 13.46 ce 
Specific: gravity Or product iW. sce4 ae ae 9 Aol be ahaa re On ee ete 1.066 
Wash water No. L: 

Specie: STavILy:.* 35. «<0 vac taepd,clateedstatican sin eich GEE alacant oa 1.030 

VoOhnG re ures: cic. > > ac ba kine. Eke Pa, Gotta eee ae ee 1330 ce 

Tinosulfate for 2.002. .tac% win «ais ogee ake ud of kOe ahs Cees ee 6.03 ce 
Wash water No. 2: 

PPCOBO. STAVIte were. ko ted ce gs ee ee ee 1.020 

VOR RF es coos. ono SE pea Soha We ee the a ee 1340 ce 

TRG SPE TOF 460, ec vce ss Cle Baise gone AP ee eee 5.84 ce 
Wash water No. 3: 

Bpedific gravity. ct Wis w Ps eed bod TOS, SA SUES, renee 1.010 

Volume awe 6.22200. 088 BE Aisha edhe Gee TL os See ls ee ee 1335 ce 

A higsuifate for. 6 Oc. 0 0.34.4 00 dante SS sw os 8 ake ieee eens a 5.08 ce 
Sludge: 

VOMIHEG ih West acts eam s acs aloes cL 0d aN cleat ote ee a 910 ce 

TLhiesulfate force.) Psy. okie cea eer eee enon. Tk ee 4.01 ce 


relative to the product. In the second operation, much less bleach 
would be used and the sludge and wash waters would be unduly small. 
Thus, even if the experiment had been repeated in the laboratory, the 
second run would not have been comparable with balanced plant opera- 
tion. Finally, however, after a sufficient number of repetitions, say n 
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Water Bleach, 286 g 


Soda ash WwW. 
1660 ater 












2060 g used 


140g 
Not used 






Decanted 


Reaction 


P, =2760 cc 
B= 72.9 


V,=4005 cc 


v);=910cc 
C\=27.9 


D\=3.58 


FIG. 12-2. Hypochlorite process. Figures refer to laboratory quantities per batch, first 
operation. X,, Bi, Cy, and D, are available chlorine calculated from analytical data. 


operations, these variations will iron out. Hence, the problem is to 
compute the conditions that will obtain upon the nth operation. 
Solution. The first equation to be written for this process is a material 
balance. In this problem the balance can be most logically expressed in 
terms of available chlorine. Therefore, use the following nomenclature: 


weight of available chlorine in bleaching powder used per batch 
weight of available chlorine in product 

weight of available chlorine in combined wash waters 

weight of available chlorine left in final sludge 

volume of product 

total volume of wash waters 

= volume of sludge 


e\svSDawr 
ll 


For no chemical loss, X + C = B+ C+D. However, the laboratory 
data show a loss of 1.4%, probably due largely to chemical decomposition. 
Therefore, assuming a constant chemical loss of 1.4% for nth-operation 
conditions, the material balance is 


0.986(X + C) =B+C+4+D (1) 


To avoid unduly complicated equations, it may be assumed that the 
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chemical loss applies only to the new bleach. This gives the simpler 


relationship 
0.986X = B+ D (1a) 


which will give results for B and X within 0.3% of equation (1). 

Next, several relationships can be developed in terms of concentra- 
tions. Study of the data shows that the volumetric concentration of 
available chlorine in the sludge is higher than in the supernatant liquid, 
perhaps due to adsorption on the sludge. Except for this, the proportion 
could be written 


Available Clin sludge _ volume of sludge (2) 


Available Cl in solution volume of solution 


In this expression the term ‘‘solution’’ could refer either to the super- 
natant liquid or to the sum of sludge and supernatant liquid. One 
method of taking into account the excess chlorine in the sludge is to use a 
factor a, assumed constant, such that 


Available Clin sludge _ volume of sludge (3) 
Available Cl in s.n. liquid — “Volume of s.n. liquid 
This may be altered by the rules of proportion to the form 
Available Cl in sludge a (vol. sludge) (4) 


Available Cl in (sludge + s.n. liq.) ~ & (vol. sludge) + vol. s.n. liq. 


The factor a may be evaluated in several ways. Using the laboratory 
data for the final sludge and the third wash water in the proportion (2) 
gives a = 1.19. This value is probably less reliable than one computed 
from the more concentrated solutions, such as the stronger wash waters 
or the product. Since no data are given from which to make a direct 
calculation, the following analytical approach is used. The subscript 1 
denotes first-operation laboratory conditions; the absence of a subscript 
indicates final or nth-operation conditions, which are assumed to be 
carried out on a comparable laboratory scale under such conditions as 
will produce the same concentration of available chlorine in the product. 

After decantation of the product in the laboratory, the chlorine left 
behind in the first sludge was C; + D;. Since the volume of water! used 
for each wash is V/3, the chlorine left behind in the sludge after the first 
wash is obtainable from proportion (4) as 


(IDS (sins — a) 


' This assumes that the volume of the solution is equal to the volume of water from 
which it is made. 
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After the second wash it is 


. 2 
avy, 
(Ci + Di) (— + 773) 
and after the third wash it is 


(C, + Dy) Cay = D, (5) 


Solving this expression, a = 1.37. Since this value has been obtained 
from a relationship that takes into account all the washings, it is more 
characteristic of the process than the value of 1.19, which was obtained 
from consideration only of the last washing. 

Now consider the distribution proportion (2) applied to the decanta- 
tion of product from the first sludge 


Ci +D, _ a, 


B, P, 


Substituting the laboratory data in this expression gives a = 1.29. Con- 
sidering all three values, the use of an average of 1.3 for a should give 
results that are correct to within 5% except for the final washing. 

For nth-operation conditions, the following equations are available: 


0.986X = B+ D (1a) 

C+D _ oa 

hes : oi @) 
C+D) (Sey_) = © 


A fourth equation makes the ratio of the sludge in the nth operation to 
that in the first equal to the ratio of the bleach added in the nth to the 
bleach used in the first. This relationship must hold granting constant 
conditions of precipitation and decantation. That is, 


v/v, = X/X1 (6) 


Basis for Solution. ‘To solve these equations—four equations con- 
taining seven unknowns—a basis for solution must be selected and 
reasonable assumptions must be made as to relationships between various 
quantities. Since nth operation must produce the same concentration 
of available chlorine in the product as the first operation, 7.e., 


P/B = P,/B, 


the most logical basis is to take P = P,, and B = B,. For a first trial 
it may be assumed that the loss of available chlorine in the final sludge 
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is the same percentage of the new bleach used as it was in the first opera- 
tion, i.e., D = 0.0338X, which is obtainable from laboratory data. This 


leads to 
B = 0.952X 


The various quantities computed by means of the preceding equations 
are shown in Table 12-3. 


TABLE 12-3. nrH-OPERATION QUANTITIES IN Sop1uM HypocHLOoRITE PROCESS 


nth operation 





First 





operation Quantity First Second 
trial trial 
72.9 ¢ Chlorine in product, B = By, 72.9 ¢ 72.9¢ 
2,760 ce Volume of product, P = P; 2,760 ce 2,760 ce 
105.9 g Chlorine in new bleach, X = B/0.952 76.6 ¢ 75.94 ¢ 
3.58 g Chlorine in final sludge, D = 0.0338X 2.6¢g 1.97 ¢g 
910 ce Volume of final sludge, v = »;(X/X,) 658 ce 653 ce 
27.9 ¢g Chlorine in wash waters, C 20.0¢ 20.2¢g 
4,005 cc Volume of wash waters, V 2,718 ce 3,180 ee 








In the “‘first-trial”’ figures, the quantity of wash waters V is calculated 
from C, D, a, and v by Eq. (5). It will be noted that 2718 ce of wash 
water is not enough to dissolve the bleach and soda ash and get 2760 cc of 
product plus 658 ce of sludge. Consequently, more water is needed. 
This can be added to the batch as water, or it can be added as wash 
water, thus decreasing the loss of chlorine in the sludge. Assume that 
the latter choice is made and that for a second trial D = 0.026X. Recal- 
culation gives the values in the last column of Table 12-3. These values 
are shown on Fig. 12-3, which is the diagram for nth-operation conditions. 

The reasonableness of 3180 ce as the value for V can be checked by 
getting the ratio of water to bleach in each case. In the laboratory 
experiment 3485 ce of water were used for 105.9 g of available Cl in the 
bleach, a ratio of 33.0. In the “first trial” figures, the ratio is 


2718/(76.6 + 20.0) = 28.1 


assuming that the water used is approximately equal to the wash water 
produced. In the ‘‘second trial”’ figures, the ratio is 


3180/(75.94 + 20.2) = 33.1 


which is close enough to 33.0 to be a check. 
The calculations are continued to get the quantities of materials used. 
The results are summarized in Table 12-4 and are shown on Fig. 12-3. 
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TABLE 12-4, nTH-OPERATION QUANTITIES—CONTINUATION OF TABLE 12-3 


Se 








First operation Quantity nth operation 
105.9 g Weight of available Cl in bleach 75.94¢ 
286 g Weight of bleaching powder 205 g 

1790 ce Volume of solution 1280 ce 
300 g Soda ash weighed out 
281g Soda ash actually used, (2060/2200) (300) 
Soda ash actually used, (75.94/105.9) (281) 201 g 
1843 ce Volume of actual solution 
45 ce Volume of water added 3180 ce 
3678 cc Sum of volumes 3180 ec 
2760 ce Volume of product 2760 ce 
924 ce Volume of sludge 653 ce 
3684 ce Sum of volumes 3413 ce 





Assume that this process is to be carried out in a plant operating to 
produce a product containing 1000 lb of available chlorine and that it is 
required to calculate the various quantities of chemicals and volumes of 


Bleach, 205 g Soda ash 





| | 
| 
el 
c 
: 
| 
|e 
|g 2760 cc 
|= 72.9 
: 
| : 
| 
| V=3180ce ae ena 
iz Rt; he ae 


FIG. 12-3. Hypochlorite process, nth-operation laboratory quantities per batch. Second 
trial calculations, basis B = B; = 72.9. X, B, C, and D are available chlorine for nth- 


operation conditions. 
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solutions. There are many ways of making the required conversion 
from metric to English units and from small to large scale, but the follow- 
ing is one of the easiest to visualize. 

The nth-operation laboratory experiment would use 205 g of bleaching 
powder, 201 g of soda ash, and 3180 cc of wash waters to give a combined 
volume of 3413 cc, of which 2760 cc would be product and 653 ce would 
be sludge. Since a cubic centimeter is the volume of a gram of water, the 
expression ‘‘gram-volume” might be used in place of it. Thus, the 
laboratory-scale process would use 205 g of bleaching powder, 3180 
‘‘oram volumes” of wash waters, etc. ; 

Imagine a new experiment performed using the same process in a 
hypothetical plant but starting with 205 lb of bleaching powder and 
201 lb of soda ash. The product of this experiment would contain 72.9 lb 
of available chlorine. 

To get the volumes involved in plant-scale operations, many chemists 
and engineers employ for this type of calculation a unit of volume called 
the ‘‘pound-volume,”’ so that ratio of volume to mass will have the same 
numerical values in the English system of units as in the metric system. 
The ‘‘pound-volume,”’ abbreviated as pv, is defined as the volume occu- 
pied by 1 lb of water at standard temperature and pressure. Thus, 3180 
*‘pound-volumes”’ of wash waters would be required, and there would be 
produced 2760 ‘‘pound-volumes”’ of product and 653 ‘‘pound-volumes”’ 
of sludge which, combined, would occupy 3413 ‘‘pound-volumes.”’ Thus, 
all figures for the experiment conducted in pounds would be numerically 
equal to the figures for the corresponding materials in grams, and the 
advantage of the term ‘‘pound-volumes”’ is to extend the identity of 
numerical values to volumetric quantities.!_ Pound-volumes may be 
converted into gallons or cubic feet by dividing respectively by 8.33 
pv/gal and 62.4 pv/cu ft. 

The plant is required, however, to produce 1000 lb of available chlorine 
per batch, which is 1000/72.9 = 13.7 times the size of the hypothetical 
plant scale. Hence, the scale of the plant, in both weight and volume, is 
13.7 times as large. Table 12-5 repeats many of the data of Table 12-4 
and includes a third column of figures based on a product containing 
1000 lb of available chlorine. 

A little practice will enable one to discard the second column of figures 
when making calculations of this kind. Doing so is equivalent to making 
the conversion by the following sort of proportion. If 205 g of bleach- 


‘The reader will recognize that the pound-volume has the same advantage when 
making volumetric calculations that the Chu has in thermal calculations. The 
former maintains the same numerical value of the ratio of volume/mass in the English 
system as obtains in the metric system, while the latter makes it possible to maintain 
the same numerical value for the ratio of heat /mass in both systems. 
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ing powder yields a product containing 72.9 g of available chlorine, then 
X lb of bleach will yield a product containing 1000 lb of available hilooeifes 
t.e., 205 g/72.9 g = X 1b/1000 lb; X = (205/72.9)1000 lb = 2815 Ib. 
Similarly, 3180 cc/72.9 g = Y pv/1000 lb: 


Y = (3180/72.9)1000 py = 43,650 pv 


The method of working the problem by proportion is entirely legitimate, 
but it is necessary to pay careful attention to the units involved. In 
the first proportion the units cancel; in the second proportion, the units 
on the left are cubic centimeters per gram, which have the same numerical 
value as the units on the right, which are pound-volumes per pound. It 


TABLE 12-5. CoNVERSION OF LABORATORY QUANTITIES TO PLANT-SCALE OPERATIONS 





Laboratory, Equivalent 


nth waka’ th Full-scale 
operation English units plant 
Available Cl in product............. 72.9¢ 72.9 lb 1000 Ib 
Weight of bleach required........... 205 g 205 lb 2815 lb 
Weight of soda ash...............-. 201 g 201 Ib 2760 lb 
Volume of recycled wash water...... 3180 ce 3180 pv 43 ,650 pv 
ig ates Spi eae ae Pre Mane ee 5250 gal 
ee eee OO eee Ce 1750 gal 
STAD. 29 CS a ea 3413 ce 3413 pv 46 ,900 pv 
SS ot ee ee en i 5640 gal 
Volume of product.............-+-. 2760 ce 2760 pv 37,900 pv 
Oe OO ee a ee CC Oe 4550 gal 
Specific gravity of this solution...... 1.066 1.066 1.066 
Weight of product......:........-- 2940 g 2940 lb 40,400 Ib 
Volume of sludge..............---- 653 ce 653 pv 8950 pv 
143.5 cu ft 


is thus seen that the ratio 1000/72.9 = 13.7 is a sort of conversion factor 
that can be used on either weights or volumes, to convert grams on the 
laboratory scale to pounds in the plant, or cubie centimeters in the 
laboratory to pound-volumes in the plant. 

It is obvious that equipment must be provided of ample capacity and 
strength to handle the volumes and weights thus computed, including 
adequate allowance for factors such as splashing, frothing, and the like. 

It will be noted that in the laboratory experiment the input was 105.9 g 
of available chlorine. However, 27.9 g were recovered in the wash 
waters, leaving, after crediting this, a net input of 78.0 g. The product 
contained 72.9 g, and the loss was therefore 5.1 g. Of this, 3.6 g were 
accounted for in the sludge because of incomplete washing, and the 
remainder, 1.5 g, was caused by decomposition and other losses. The 
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percentage loss was therefore 100(5.1/78.0) = 6.54%, and the percentage 
chlorine efficiency was 100 minus this, or 93.46%. On the other hand, it 
was shown above that under nth-operation conditions the total per- 
centage loss is 4.0%, only 61% as great as the laboratory loss. The 
corresponding chemical efficiency of the nth operation is 96.0%. This 
higher efficiency is due to the fact that, when part of the chlorine in 
process is returned in the wash waters from the previous batch, the 
volume of sludge is lessened, since the wash waters contain no calcium 
to be precipitated. The smaller sludge is washed more completely by 
the available wash waters, and the loss is thereby reduced. It is essential 
to keep in mind the fact that, whenever material is recovered from a 
process for recycling, the efficiency realized in the laboratory does not 
represent that to be anticipated in the plant, but must be corrected for 
this recycling effect. However, recycling does not always result in an 
increase in efficiency over that of the laboratory. 

While the calculations involved in the above design are lengthy, the 
principles on which they are based are simple. Essentially, the condi- 
tions of the nth operation are determined by material balances, together 
with equations expressing the distribution of components between 
various streams and other characteristic features of the process. As with 
methods developed in other chapters, application of these principles can 
be made to both inorganic and organic chemical technology. 


PROBLEMS 


1.* The electrolytic process for the production of magnesium involves primarily 
the electrolysis of dehydrated magnesium chloride. A typical process for preparation 
of the anhydrous MgCl, for use in the cell involves the use of a brine containing 
approximately 14% NaCl, 9% CaCl, 3% MgCls, and 0.5% bromine. After the 
bromine is removed, the brine is treated with magnesium hydrate slurry to precipitate 
the iron and other impurities, which are separated in continuous thickeners and sedi- 
mentation tanks. The decanted liquor is then evaporated until the NaCl has erystal- 
lized. The salt is removed. The MgCl, and CaCl, are then separated from each 
other by fractional crystallization. After a series of crystallizations, approximately 
one-half of the MgCl. originally present in the brine has been removed, the other half 
being returned to the process for reworking. The final steps in preparing feed for the 
electrolytic cell consist in a series of dehydration operations to remove the six mole- 
cules of water of crystallization, which correspond to 53% of the weight of the hydrated 
flaked chloride. There is a complete series of hydrated salts containing, respectively, 
six, four, two, and one molecules of H.O. Air-drying on the countercurrent principle 
is practical to a composition corresponding approximately to MgCl,-2H.0, provided 
the temperature is carefully controlled to prevent incipient fusion. The last two 
molecules of water are removed by heating to still higher temperature in an atmos- 
phere of HCl, which is necessary to prevent hydrolysis and the formation of MgO. 

(a) Sketch a flow sheet showing all steps in the preparation of anhydrous MgCl. 
from the brine. } 


* Problem based on 1943 Student Contest Problem of the American Institute of 
Chemical Engineers. 
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(b) Calculate the weights of all streams (volumes for gases) required to produce 
1 ton of product. 

(ec) Caleulate per ton of product the Btu that must be supplied to evaporate the 
mixed chlorides and crystallize the NaCl. 

(d) Calculate per ton of product the Btu that must be supplied in the air-drying 
operation to get MgCl.-2H,0. 

2. A method of concentrating waste sulfite liquor has been described by J. N. 
Franklin and H. O. Goddard.' It consists of ““borrowing’”’ boiler steam at 200 to 
250 psig and using it to concentrate waste liquor containing about 10% solids in a 
converter, or evaporator, and producing a concentrated liquor containing 50% solids 
and acid steam at 100 psig. Then this acid steam is fed to the steam side of a second- 
ary steam converter while the boiler steam condensate from the first converter, 
originally at high pressure, is fed to the liquid side of the secondary converter where 
it is converted to low-pressure steam (30 to 50 psig) which is “returned’”’ to the plant 
for process work. 

In a pilot plant built to test the first step in the operation, the following information 
was obtained: 

Feed, 2.27 U.S. gallons per minute at 136°F containing 9.6% solids. 

Boiler steam at 230 psig, 1270 lb/hr. 

Acid steam produced at 100 psig. 

Concentrate at 100 psig led off to a flash chamber and flashed to atmospheric pres- 
sure. Final concentration of solids = 55%. 

(a) Make a complete heat balance on this unit and continue the heat balance to 
show what will happen in the secondary converter where the acid steam at 100 psig is 
used to convert the boiler-steam condensate back into steam at 30 psig. Assume no 
boiling-point rise due to solids in the waste liquor. 

(b) Estimate the high-pressure steam consumption and the low-pressure steam 
make for a plant concentrating 2,500,000 lb of waste sulfite liquor (equivalent to 
100 tons of sulfite pulp). 

(c) What can you say of the “thermal efficiency” of this process? 

(d) What is your opinion of the choice of 100 psig as the intermediate pressure? 
Would you recommend that a higher or a lower pressure be used? 

3. An oil contains 60% of naphthalene contaminated with light oil and heavy oil. 
In a batch still equipped with a 17-plate fractioning column, a 10,000-gal charge is 
run off with the following products: first fraction, 800 gal containing 90% of light oil 
and 10% of naphthalene; second fraction, 1800 gal of intermediate containing 60% of 
naphthalene and 40% of light oil; third fraction, 4850 gal of “refined” naphthalene 
which is 96% pure, the impurities being 2% each of light oil and heavy oil. The 
balance is distillation residue. It takes 3 hr to charge the still and get the distillate 
running and 1\% hr to pump out the residue. During the production period the total 
vapor upfilow in the column is kept reasonably constant at 2100 gal/hr. When making 
the light fraction and intermediate, the forward flow is 160 gal/hr, and when making 
the 96% naphthalene fraction, it averages 360 gal/hr. Thus, the total time to make 
a run on afresh charge is 34 hr. These seem to be about the best operating conditions 
with the present equipment. The light fraction, 96% naphthalene fraction, and 
residue are salable products, but the intermediate must be charged back into the still 
for the next run. ; 

It is desired to estimate nth-operation conditions on this still on the basis of charg- 
ing back the intermediate from a run into the next run. It is known that: 

1. The still charge cannot exceed 10,000 gal. 

2. The total vapor flow cannot exceed 2100 gal/hr. 


' Pulp & Paper Mag. Can., 51 (3), 139 (1950). 
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3. The forward-flow rates during light and intermediate fractions are not to exceed 
160 gal/hr, and during the 96% naphthalene fraction they are not to exceed 360 gal /hr. 

4. The production of intermediate, which is a characteristic of the crude, the equip- 
ment, and the way it is operated, will remain the same for each run. 

(a) On the basis of your analysis what is the annual capacity of this still for oil of 
the same quality as that now being refined? 

(b) It is proposed to add 10 plates to the fractionating column in order to improve 
its efficiency. It will be run at the same rates as now, but the improved efficiency 
will be used for reducing the size of the intermediate fraction to 500 gal and for reduc- 
ing the naphthalene content of the residue to 5%. Estimate first-run and nth-opera- 
tion conditions with the new equipment on the same basis as before. 

What is the annual capacity of the new equipment? Compare the annual produc- 
tion of refined naphthalene on the new equipment with that on the old. 

(c) The accounting department sometimes uses a simplified method of figuring 
costs, which is to take the total annual charges against the still and divide by the 
number of hours operated during the year. On this basis the cost of a ‘‘still-hour”’ 
on the old equipment is $7.10. Assuming that the cost of a still-hour remains the 
same for the new equipment, approximately how much can be saved annually by add- 
ing the 10 plates if the quantity of crude oil to be processed annually remains the same 
as at present? 

4, A drier for MnSOQ, solution was made from a piece of standard 12-in. pipe 5 ft 
long.1_ The solution being dried contained approximately 20% MnSO.u, 2% MgSO,, 
and 0.5% FeSO,. The optimum operation involved evaporating 750 ml/min of solu- 
tion, which produced about 20 lb/hr of solid product, which was discharged at about 
500°C in an anhydrous condition. In the pipe, the following zones could be observed: 
the first 24 to 30 in. remained wet and no solids formed; in the next 12 to 18 in. violent 
boiling occurred; the last 10 to 12 in. contained only dried product. 

A typical survey of the temperature in the middle of the gas stream was as follows: 


950 


600 


510 


400 


Distance from combustion chamber, in............. | 0 | 12 | 30 | 48 | 60 
300 


Tenipernture, °C Sor) ee ee TN, ee ae 


Speed of rotation was about 4 rpm; the product was continually pushed along the 
horizontal tube with rakes. 

Heat was supplied by combustion of 200 to 250 cu ft/hr of 800-Btu gas. The solu- 
tion was evaporated at the rate of 11.9 gal/hr. It is stated that the thermal efficiency 
of the drier was 55 to 70% and that a longer tube, well insulated at the hot end, would 
improve the efficiency. 

Compared with an evaporator followed by a drier, this rotary drier is more suit- 
able. It is simpler and less expensive, although the fuel costs are greater. 

(a) Get a heat balance on each section of this drier and interpret it. 

(b) Estimate the effect of adding insulation and redesign the pilot-scale drier to 
develop improved efficiency resulting from insulation. 

(c) Design an economical drier of this type to produce 10 tons/day of pure MnSO, 
from a 20% solution. Give length, diameter, and cubic feet of gas required. Base 
the design on the assumption that the heat transfer is proportional to the surface area 
of the drier and not to volume as in an ordinary rotary kiln. 

5. A pilot plant for production of potassium metaphosphate is described by Copson, 
Pole, and Baskervill? and is shown in Fig. 12-4 


1U.S. Bur. Mines Rept. Invest. 3609 (January, 1942). 
7 R. L. Copson, G. R. Pole, and W. H. Baskervill, Ind, Eng. Chem., 34, 26 (1942), 
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The normal operation was as follows: Phosphorus, melted under hot water, was 
burnt with the proper amount of air to maintain a temperature of 1000 to 1050°C in 
the combustion chamber and 800 to 900°C in the reaction chamber. A commercial 
grade (60 to 61% of KO) of fine potassium chloride (98% minus 14 mesh) was blown 
in by means of small air jets at the top of the reaction chamber at the proper rate to 
give the dresired P,O;/K,0 ratio in the product. Water was added at the top of the 
packed tower, and part of the phosphorus pentoxide was collected as acid in the tower. 
The partially reacted potassium chloride and the acid from the tower fell into the 
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FIG. 12-4. Pilot plant for production of metaphosphates. 


furnace, where the reaction was completed. The gases left the packed tower at about 
100°C and then passed to the cooler, where they were cooled to 70 to 80°C before 
going to the hydrochloric acid recovery system. The recovered phosphoric acid 
from the cooler was returned to the packed tower above the water-cooled grate. The 
molten product collected in the combustion chamber, and was tapped from the furnace 
every 2 hr into a water-cooled steel pan, where it was left to solidify. Data obtained 
from a run of 78 hr, in which 14 tons of potassium metaphosphate were produced, are 
given below. 


Phosphorus (99.2% P,) burnt, tons/day.............-.- 02s e eee e cece eens 1.27 
KCl (61.3% K;0) charged, tons/day.................- eee e cece rece ee eens 2.64 
K metaphosphate (58% P2Os, 35% K.O, 1.8% Clz) produced, tons/day. .... 4.31 
Recovery of phosphorus as K metaphosphate, %.....-...--.++++++0++525 05 87 
Recovery of potassium as K metaphosphate, %.........----++++eseee ese : 


Volatilization of chlorine as HCl, %............. 0 cee cece ee eee reer neces 
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The coke-packed tower and the cooler of the pilot plant were not Manish 4 
effective in preventing losses of phosphorus pentoxide and of potassium, “i e rs P 
show. Undoubtedly improvements could be made in the recovery is in - 
would increase the yield of potassium metaphosphate. The recovery of hy roc ot 
acid was not studied quantitatively, although it was found that the hydrochloric aci 
contained small percentages of phosphoric acid and potassium chloride. 

It is desired to make a study of the pilot-plant process preliminary to the design 


of a full-scale plant. 
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ye Thermometer 





Feed taps, 4 in. apart 


For feeding 
acid vapor 





FIG. 12-5. Laboratory apparatus for continuous nitration of benzene. 


(a) Estimate the temperature of the combustion gases from burning phosphorus 
with the theoretical amount of air. Estimate the per cent of excess air used in the 
pilot plant. 

(6) If the combustion gases were cooled from 800 to 100°C in the packed tower 
entirely by water injected at the top, how much water would be used? (In this 
calculation neglect H;PO, formation.) How does this amount of water compare with 
the theoretical amount required for the process? 

(c) If 150% of the theoretical water required by the process were sprayed in at the 
top of the coke tower and were all vaporized, how much heat must be removed from 
the gases entering the coke tower either by cooling water or by radiation loss to cool 
them from 800 to 100°C? 


(d) What is the composition of the gases that must be handled by the HCl-recovery 
system? 
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6. The continuous nitration of benzene has been studied by Othmer, Jacobs, and 
Levy,! who used a laboratory apparatus like that shown in Fig. 12-5. Results of 
three test runs using vapor feed of nitric acid are given in the following table: 


Continuous NitraTION OF BENZENE Usina NItrIic-Acip VAPOR 
a a a eee ee ee eee 


Run number 





40 4] 42 








NE OU MIN I POURS Sg es Sng race vcs 'n evdimccavdg 5.83 5.83 1.52 
Total Se ce a 700.0 706.0 111.0 
0 SE Ra ee ae ee er ae 119.0 120.0 120.0 
SE WS IE ee oe kw, vs x aw Wiarmndal PLS.0 992.0 | 971.0 
Temp. of vapors at top of column, °C............... 73 76 5 72 
EOE TON Sc A ls dub abna eck 82 82 82 
Per cent of acid feed going to pot 

AP ee a 9.8 8.7 7.8 

ee ee Le > ee ee 2 21.2 18.7 14.0 
Per cent of acid feed going to decanter 

NE Sieg Oe 1 6.2 7.3 6.0 

Se pe 0.0 1.0 0.2 
Per cent of acid feed converted to nitrobenzene...... . 61.0 64.0 63.0 
Per cent of benzene charged 

ee Se) a rarer 47.2 46.0 76.8 

Te an 14.7 15.2 16.1 

Converted to nitrobenzene....................... 35.0 34.0 8 
Per cent unaccounted for 

ee ee te eee ch vx soc oles 8 doings wis 1.8 0.3 0.9* 

oS ee pies 0 gee ee ee on ol 4.8 ba 
Rate or bensene reflux, g/min... .................+- 5,0 20.0 5.0 
Ratio, benzene-reflux /acid-feed..................... 0.863 3.44 3.29 








* Sum of products greater than sum of reactants, owing to analytical errors. 


Based on these data, a plant to make 5 tons/day of nitrobenzene was designed as 
shown in Fig. 12-6. In this process, 61% nitric acid is delivered continuously from 
storage tank A to vaporizer K and then introduced as vapor into column C, where it 
comes in contact with benzene. The latter is supplied to the top of the column from 
storage tank B or as reflux of recovered benzene from decanter E. The reacted 
material flows to the distilling kettle F. The liquid products from kettle F overflow to 
a decanter G, which separates an aqueous nitric acid layer from the nitrobenzene- 
benzene layer. The aqueous nitric acid layer is recycled to the column by means of 
pump J. The nitrobenzene-benzene layer containing some dissolved nitric acid over- 
flows from the decanter into a small distilling column H used for stripping the benzene 
and any nitrie acid from the nitrobenzene product. If the available steam pressure 
used in the heater for column H is inadequate to make nitrobenzene (bp, 208°C) at 
the base of the column, a satisfactory product is one that contains 5% benzene (bp, 
118°C) from which the benzene can be removed later by steam distillation. 


'—D. F. Othmer, J. J. Jacobs, Jr., and J. F. Levy, Ind. Eng. Chem., 34, 286 (1942). 
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(a) Check all quantities (pounds of material flowing per hour) given in Fig. 12-6. 
Calculate the flow rates of vapor and liquid in all lines for which rates are not given. 

(b) Calculate the amount of nitric acid recycled by pump / on the assumptions 
that in the more efficient full-scale column the amount of nitric acid going to the 
decanter E is negligible and that the percentage conversion of nitric acid per pass 
down the column is the same as in the laboratory runs. 


A. Nitric-acid storage (61 per 
cent HNO;). 


<== B. Benzene storage. 


C. Nitrating column (approxi- 
otra cee mately 30 inches in diameter). 


D. Hot condenser. 


E. Decanter for separating hot 
benzene and water conden- 
sate. 


F. Distilling kettle with heating 
coils for steam. 


61% nitric acid 


G. Decanter for separating the 
nitric acid and benzene-nitro- 
benzene layers leaving the 
distilling kettle. 


H. Distilling column for separat- 
ing benzene and dissolved 
nitric acid from nitrobenzene, 
equipped with base heater. 


_— 


- Pump for recycling nitric acid 
and water layer back to ni- 
trating column. 


J. Vent line to distilling kettle. 


K. Nitric acid vaporizer. 





i pas Nitrobenzene 
420 


FIG. 12-6. Flow sheet for nitration of benzene to nitrobenzene in plant having a capacity 
of 5 tons per day of nitrobenzene. (Figures refer to pounds of material flowing per hour.) 


(c) If the vapor leaving the top of column C corresponded to that from the constant 
boiling mixture of benzene and water, how much benzene reflux would flow through 
line R? Compare this quantity with the operating conditions used in runs 40 and 41. 

(d) If the benzene feed and benzene reflux are cold (25°C), what is the quantity and 
composition of the vapors entering the top plate of the column from below? What 
should be the diameter of the column if the vapors entering the top plate are to have a 
maximum velocity of 1 ft/sec? Compare your result with the size recommended. 

(e) Estimate the heating load for each piece of heat-transfer equipment. 


———— 
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TaBLe A-1. EQUIVALENTS AND CONVERSION Factors 





English units Metric units 
Length: 
Se Dee he oe eee 5280 ft 
Seen, Wi ue cue, Pee ety ones ness peee 12 in. 30.48 cm 
oy SE ee) ES Te ee. |e eee Oana 2.54 cm 
Volume 
NS ee oe ee eee oe 231 cu in. 
CA ae ce 7.48 gal 28.3 liters 
1 pound-molecular volume (gas)............ 359 cu ft at 32°F, 
1 atm 
1 gram-molecular volume (gas).............[----- eee cece cece 22.4 liters at 0°C, 
1 atm 
Mass: 
ee" BRE AS ee ee ee: 2 es ee 454 gm 
PMIIYEL TIM atc cis siete s een Gs A o's a lero fees 2000 lb 
0 ae SP eas se. a ees 2240 lb 
OS ES ee re eee 8.33 lb 
Se TOOHOLWALEL vanishes cvintecolnik Wo 569s 06x ple 62.4 Ib 
Pressure: 
NID a, 5 pinhmcr <'x Whee mv kas >> aiden 14.7 lb/sq in. 760 mm Hg 
eS ee Oe ee eee ee eee 29.9 in. Hg 
Temperature: 
iS mentserade Wemree,.. 6... vie ees. oes 1.8 Fahrenheit 
degrees 
Conversion factors: 
Degrees Fahrenheit = 1.8 (°C) + 32..... 
Degrees centigrade = (°F — 32)/1.8 
Degrees Kelvin (°K) = °C + 278........ 
Degrees Rankine (°R) = °F + 460 
Heat: 
1 centigrade heat unit (Chu)............--. 1.8 Btu 454 cal 
1 British thermal unit (Btu).............--|-.-- eee rere 252 cal 


> De Se en 
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7 .* 
Taste A-2. PoHysicaAL CONSTANTS OF CHEMICAL SUBSTANCES 





Critical properties 

















Boiling 
Substance Formula point 
(1 atm), °C Tar Pe, atm 

FA COtOnenot eee eco ne C;H,.O 56.5 235.0 47 .0 
ACGIVIONG.0 seks oa chica C.H:2 —84t 36.0 62.0 
AIP ee OF oc havin oa ei hdl, deat. Moe eee —140.7 BY a2 
ATH DORIS pie carciacilacsiiie. siete eee EN ELS —33.4 132.4 i i i Ds 
Aniline: 3 va. cree ee 2 ace coe meets C.H;N 184.4 426 52.4 
Benzene vic: Sitar cteh ans eee eae CeHe 80.1 288.5 AL 
N=BUtTANGs .aiath aeds 4 chet ae C.1Hi0 —0.6 153. 36.0 
= DEURRIGL «alr x hre,sees fa < eee C4H100 117 287 48.4 
Carbon dioxide............ ..| COs —78.57 peal 73.0 
Carbon Monoxide... :4f....+0 sey —192 —139.0 35.0 
Carbon tetrachloride............ CCl4 76.8 283.1 45.0 
Chlorine peyote tas. SAB os choles —34.6 144.0 76.1 
CYCIONEXBNG: ; sheer cues ee oes CeHi2 80-81 281.0 40.4 
Hthanés2...0 debe cee CoHe¢ —88.6 32.1 48.8 
Bthanolre Sewn ee ee C.H;OH 78.4 243.1 Goal 
Bikylenes.., xc. n See ie C.H, —103.9 9.7 50.9 
HOhWGhs apts cee >... so eee — 268.9 — 267.9 2526 
Were LORE OS OS eter oem: Swi Wey 69 234.8 29.5 
Hydrogenti@.2e fe srs. va kk Hz —252.7 — 239.9 12.8 
Hydrogen chloride.............. HCl —85 51.4 81.6 
Hydrogen guliides...40.%.%4 sv oc HS —59.6 100.4 88.9 
PeODUtANG Oe, oe os oes do. SR CsHio —10 134.0 37.0 
TSOpeIMtaNS 2... Eee cae. cee CsHie 2%. 95 187.8 32.8 
IBCOUEY 95) akg ye ey Hg 356.9 > 1550 > 200 
Drethane.0:%, eet oe Se CH, —161.4 —82.5 45.8 
lei aBOL go ih, UNAS looks CH;0H 64.7 240.0 ESae 
Methyl chloride................ CHCl —24 143.1 65.8 
Nitieextide) 33555 y= eee ek Ok NO —151 —94.0 65.0 
WirOwei a) eae a. ee N2 —195.8 —147.1 sou 
Nitrous oxide... 702. 0 Pe ee oe N.O —90.7 36.5 TLAE 
RDCNE cae as CsHis 12527 296.0 24.6 
ey en hs acs We! iy meee oe O2 —183 —118.8 49.7 
WT GDUONG. <M Sry) Fe CsHie B6c0 197.2 35 a0) 
Phenol a, (shh. fe eas ede eh GS, wri nea eee C.H;,OH 181 4 419.0 60.5 
DEOMANG.c7 sn; ceaa gorda. ce Co ee C;Hs —42.2 96.8 42.0 
PIMBVICHGs8 es. 2), bee ee C3He —48 92.3 45.0 
Eien. oe os Ee Ls Se IRE AY 115-116 344.0 60.0 
Sulfur dioxide....... . .| SO. —10.0 1572 die ae 
Sulfamirioxides:. 3... ... 5... SO; 44.6 218.3 83.6 
Toner aa eee C.H;CH; 110.8 320.6 41.6 
Waters te Ce el eee ee H.O 100 374.15 218.4 











dete Perry (ed.), “Chemical Engineers’ Handbook,” 3d ed., pp. 110, 129, 204, 
McGraw-Hill Book Co., Inc., New York, 1950. 
+ Sublimes, 
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TaBLe A-3. SATURATED STEAM: TEMPERATURE TABLE* 











wane Absolute pressure Specific volume, cu ft/lb Enthalpy, Btu/Ilb 
deg F : 
Ib/sq in. In. Hg 32°F | Sat. liquid | Sat. vapor | Sat. liquid | Latent heat | Sat. vapor 

32 0.0886 0.1806 0.01602 3305.7 0 1075.1 1075.1 
34 0.0961 0.1957 0.01602 3060.4 2.01 1074.0 1076.0 
36 0.1041 0.2120 0.01602 2836.6 4.03 1072.9 1076.9 
38 0.1126 0. 2292 0.01602 2632.2 6.04 1071.7 1077 .7 
40 0.1217 0.2478 0.01602 2445.1 8.05 1070.5 1078.6 
‘ 42 0.1315 0.2677 0.01602 2271.8 10.06 1069.3 1079.4 
44 0.1420 0.2891 0.01602 2112.2 12.06 1068.2 1080.3 
; 46 0.1532 0.3119 0.01602 1965.5 14.07 1067.1 1081.2 
48 0.1652 0.3364 0.01602 1829.9 16.07 1065.9 1082.0 
.- 50 0.1780 0.3624 0.01602 1704.9 18.07 1064.8 1082.9 
; 52 0.1918 0.3905 0.01603 1588.4 20.07 1063.6 1083 .7 
: 54 0.2063 0.4200 0.01603 1482.4 22.07 1062.5 1084.6 
; 56 0.2219 0.4518 0.01603 1383.5 24.07 1061.4 1085.5 
: 58 0.2384 0.4854 0.01603 1292.7 26.07 1060.2 1086.3 
60 0.2561 0.5214 0.01603 1208.1 28.07 1059.1 1087 .2 
62 0.2749 0.5597 0.01604 1129.7 30.06 1057.9 1088.0 
64 0.2949 0.6004 0.01604 1057.1 32.06 1056.8 1088.9 
: 66 0.3162 0.6438 0.01604 989.6 34.06 1055.7 1089.8 
68 0.3388 0.6898 0.01605 927.0 36.05 1054.5 1090.6 
70 0.3628 0.7387 0.01605 868.9 38.05 1053.4 1091.5 
72 0.3883 0.7906 0.01606 814.9 40.04 1052.3 1092.3 
74 0.4153 0.8456 0.01606 764.7 42.04 1051.2 1093.2 
: 76 0.4440 0.9040 0.01607 718.0 44.03 1050.1 1094.1 
78 0.4744 0.9659 0.01607 674.4 46.03 1048.9 1094.9 

» 
80 0.5067 1.032 0.01607 633.7 48.02 1047.8 1095.8 
82 0.5409 1.101 0.01608 595.8 50.02 1046.6 1096.6 
84 0.5772 1.175 0.01608 560.4 62.01 1045.5 1097.5 
86 0.6153 1. 253 0.01609 527.6 54.01 1044.4 1098.4 
88 0.6555 1.335 0.01609 497.0 56.00 1043.2 1099.2 
90 0.6980 1.421 0.01610 468.4 58.00 1042.1 1100.1 
92 0.7429 1.513 0.01611 441.7 59.99 1040.9 1100.9 
- 94 0.7902 1.609 0.01611 416.7 61.98 1039.8 1101.8 
96 0.8403 pF | 0.01612 393.2 63.98 1038.7 1102.7 
98 0.8930 1.818 0.01613 371.3 65.98 1037.5 1103.5 
100 0.9487 1.932 0.01613 350.8 67.97 1036.4 1104.4 
102 1.0072 2.051 0.01614 331.5 69.96 1035.2 1105.2 
104 1.0689 2.176 0.01614 313.5 71.96 1034.1 1106.1 
106 1.1338 2.308 0.01615 296.5 73.95 1033.0 1107.0 
108 1.2020 2.447 0.01616 280.7 75.94 1032.0 1107.9 
110 1.274 2.594 0.01617 265.7 77.94 1030.9 1108.8 
112 1.350 2.749 0.01617 251.6 79.93 1029.7 1109.6 
114 1.429 2.909 0.01618 238.5 81.93 1028.6 1110.5 
116 1.512 3.078 0.01619 226.2 83.92 1027.5 1111.4 
118 1.600 3.258 0.01620 214.5 85.92 1026.4 1112.3 


* Abridged version of steam tables as published by Combustion Engineering, Inc. 
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TaBLE A-3. SaruraTeD STEAM: TEMPERATURE TABLE* (Continued) 





Absolute pressure Specific volume, cu ft/lb Enthalpy, Btu/lb 
Temp., 
deg F 
Ib/sq in. In. Hg 32°F | Sat. liquid | Sat. vapor | Sat. liquid | Latent heat | Sat. vapor 
120 1.692 3.445 0.01620 203.47 87.91 1025.3 1113.2 
122 1.788 3.640 0.01621 193.18 89.91 1024.1 1114.0 
124 1.889 3.846 0.01622 183.46 91.90 1023.0 1114.9 
126 1.995 4.062 0.01623 174.28 93.90 1021.8 1115.7 
128 2.105 4.286 0.01624 165.72 95.90 1020.7 1116.6 
130 2.221 4.522 0.01625 157.57 98.89 1019.5 1117.4 
132 2.343 4.770 0.01626 149.85 99.89 1018.3 1118.2 
134 2.470 5.029 0.01626 142.61 101.89 1017.2 1119.1 
136 2.603 5.300 0.01627 135.75 103.88 1016.0 1119.9 
138 2.742 5.583 0.01628 129.28 105.88 1014.9 1120.8 
140 2.887 5.878 0.01629 123.18 107.88 1013.7 1121.6 
142 3.039 6.187 0.01630 117.39 109.88 1012.5 1122.4 
144 3.198 6.511 0.01631 111.90 111.88 1011.3 1123.2 
146 3.363 6.847 0.01632 106.74 113.88 1010.2 1124.1 
148 3.536 7.199 0.01633 101.84 115.87 1009.0 1124.9 
150 3.716 7.566 0.01634 97.20 117.87 1007.8 1125.7 
152 3.904 7.948 0.01635 92.81 119.87 1006.7 1126.6 
154 4.100 8.348 0.01636 88.64 121.87 1005.5 1127.4 
156 4.305 8.765 0.01637 84.68 123.87 1004.4 1128.3 
158 4.518 9.199 0.01638 79.92 125.87 1003.2 1129.1 
160 4.739 9.649 0.01639 77.39 127.87 1002.0 1129.9 
162 4.970 10.12 0.01640 74.02 129.88 1000.8 1130.7 
164 5.210 10.61 0.01642 70.81 131.88 999.7 1131.6 
166 5.460 11.12 0.01643 67.78 133.88 998.5 1132.4 
168 5.720 11.65 0.01644 64.89 135.88 997.3 1133.2 
170 5.990 12.20 0.01645 62.14 137.89 996.1 1134.0 
172 6.272 12.77 0.01646 59.52 139.89 995.0 1134.9 
174 6.565 13.37 0.01647 57.03 141.89 993.8 1135.7 
176 6.869 13.99 0.01648 54.66 143.90 992.6 1136.5 
178 7.184 14.63 0.01650 52.41 145.90 991.4 1137.3 
180 7.510 15.29 0.01651 50.28 147.91 990.2 1138.1 
182 7.849 15.98 0.01652 48.24 149.92 989.0 1138.9 
184 8.201 16.70 0.01653 46.30 151.92 987.8 1139.7 
186 8.566 17.44 0.01654 44.45 153.93 986.6 1140.5 
188 8.944 18.21 0.01656 _ 42.69 155.94 985.3 1141.3 
190 9.336 19.01 0.01657 41.01 157.95 984.1 1142.1 
192 9.744 19.84 0.01658 39.40 159.95 982.8 1142.8 
194 10.168 20.70 0.01659 37.86 161.96 981.5 1143.5 
196 10.605 21.59 0.01661 36.40 163.97 980.3 1144.3 
198 11.057 22.51 0.01662 35.00 165.98 979.0 1145.0 
200 11.525 23.46 0.01663 33.67 167.99 977.8 1145.8 
202 12.010 24.45 0.01665 32.39 170.01 976.8 1146.6 
204 12.512 25.47 0.01666 31.17 172.02 975.3 1147.3 


* Abridged version of steam tables as published by Combustion Engineering, Inc, 


Taste A-3. SaruratTep STEAM: TEMPERATURE TABLE* (Continued) 






Temp., 
deg F 


Absolute pressure 


Ib/sq in. 


APPENDIX 


Specific volume, cu ft/lb 


In, Hg 32°F | Sat. liquid | Sat. vapor 






Enthalpy, Btu/Ib 


415 





Sat. liquid | Latent heat | Sat. vapor 


ee | | oO 
—_ | um 













206 13.031 
208 13.568 
210 14.123 
212 14.696 
215 15.591 
220 17.188 
225 18.915 
230 20.78 
235 22.80 
240 24.97 
245 27.31 
250 29.82 
260 35.43 
270 41.85 
280 49.20 
290 57.55 
300 67.01 
310 77.68 
320 89.65 
330 103.03 
340 117.99 
350 134.62 
360 153.01 
370 173.33 
380 195.70 
390 220.29 
400 247.25 
420 308.82 
440 381.59 
460 466 .97 
480 566.12 
500 680.80 
520 848.37 
550 1045.6 
575 1275.7 
600 1543.2 
650 2208.8 
700 3094.1 
2 


0.01667 
0.01669 
0.01670 


0.01672 
0.01674 
0.01677 
0.01681 


-01684 
-01688 
-01692 
.01696 
-01700 


coooo 


-01708 
-01717 
-01726 
-01735 


coco 


-01745 
-01755 
-01765 
-01776 
-01788 


coooco 


.01799 
-01811 
.01823 
.01836 
.01850 


oooco 


.01864 
.01894 
.01926 
.0196 
0200 


coocooo 


-0204 
.0210 
.0218 
-0226 


oooco 


.0236 
.0268 
-0369 
0.0541 


ooo 


Nes 
Bge 


25 .37 
23.16 
21.17 


19.388 
17.778 
16.324 
15.027 
13.841 


11.771 
10.070 


8.651 
7.465 


-471 
-628 
-915 
-310 
-789 


342 
-958 
-625 
.336 


Now wh & ore, & OD 


- 


- 8632 
1.4995 
1.2166 
0.9941 
0.8172 


0.6748 
0.5338 
0.4239 
0.3369 


0.2668 
0.1616 
0.0758 


174. 
176. 
178. 


03 
04 
06 


180.07 


183. 
188. 
193. 


198. 


10 
14 
18 


22 


203.28 
208.34 
213.41 


218. 


228. 
238. 
249. 
259. 


269. 
279. 
.29 
.69 
.14 


48 


65 
84 
06 
31 


60 
92 


.79 
-45 


.97 
-78 
91 


.37 


974. 
972. 
971. 


awr-~ 


970. 
968. 
965. 
961. 


on ww 


958 
955. 
952. 
948. 
945. 


wueeN 


938. 
931. 
924, 
917 


AO OD 


910. 
902. 
895. 
887. 
879. 


nro 


871. 
862. 
853. 


Nowunod 


835. 
826. 
785. 


763. 
739. 


waworns 


714. 
679. 


Pos 


597. 


= 
sed 
ave 


422. 
171. 


* Abridged version of steam tables as published by Combustion Engineering, Inc. 
** Critical temperature. 


1148.1 
1148.8 
1149.6 


1150.4 
1151.4 
1153.3 
1155.1 


1156.9 
1158.6 
1160.4 
1162.1 
1163.8 


1167.3 
1170.6 
1173.7 
1176.7 


1179.7 
1182.5 
1185.3 ' 
1187.8 
1190.3 


1192.6 
1194.7 
1196.6 
1198.4 
1199.9 


1201.2 
1203.5 
1204.8 
1205.0 
1204.2 


1202.0 
1197.2 
1190.2 
1179.5 


1165.2 
1118.7 
995.6 
910.3 
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Specific heat = Chu /(Ib.) (deg. C.)= B.t.u./(Ib.) (deg. F) 
2 calories /(gm.) (deg. C.) 


Specific 
Heat 


Temperature 
Deg. C. Deg. F. 


200 


0.2 


Ronge DagC. 





[No] biquia 


Acetic Acid 100% 
Acetone 
Ammonia 
Amyl Atohol 
Amy! Acetote 
Aniline 
Benzene 
Benzyl Alcohol 
Benzy! Chloride 
Brine, 25% CoCle 
Brine, 25% NoC! 
Butyl Alcohol 
Carbon Disulfide 
Carbon Tetrachioride 
Chlorobenzene 
Chloroform 
Oecone 
Dichloroethane 
Dichloromethone 
Diphenyl 
DiphenyIlmethone 
Dipheny! Oxide 
Dowtherm A 
Ethy! Acetate 

" Alcohol 100% 


E es 50% 
“Benzene 
- Bromide 







350 40 Ogn 





0.3 







50 





60 






O6A 
MS 
Og 

0 Oo? o13a 

16 S20 
220 o!7 Ig Ve 024 
250° Os 


150 300 






On 






0.4 






250 







100 





200 











Chloride 
= Ether 


“  lodide 
Ethylene Glycot 







o4 
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FIG. A-1. Specific heat of liquids. (By permission from J. H. Perry, Chemical Engineers’ 
Handbook, 3d ed., McGraw-Hill Book Company, New York, 1950.) 
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Latent Heat 
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FIG. A-2. Latent heat of vaporization. (By permission from J. H. Perry, Chemical 
Engineers’ Handbook, 3d ed., McGraw-Hill Book Company, New York, 1950.) 
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Absorber, in bisulfite manufacture, 177 
Absorption, of chlorine gas, 294 
of SO; to make oleum, 191-214 
Absorption tower, balance of absorption 
and heat load in, 209 
for bleach liquor, 294 
for nitric acid, 228 
Acetylene decomposition, 86 
Acid, fuming sulfuric, 191 
nitric, from sodium nitrate, 237 
sulfuric, 179-214 
Activating gases, 81-83 
Activation of charcoal, 81 
Air, excess, used in combustion, 26, 27, 
35, 37, 49, 391 
humidity in, 113, 182, 418 
Air consumption, in blast furnace, 332 
in furnace operation, 48, 114 
in sulfur burning, 171 
Air/fuel ratio, 38 
Albite, 362 
Alkali, utilization of, in sulfate paper 
mill, 315 
Alkali industry, 288 
Alkalies, fixed, 288 
Allen-Moore cell, 293 
Alumina-magnesia-silica, phase diagram 
for, 373 
Ammonia, fixed, 296-298 
Ammonia oxidation, conversion efficiency 
of, 59, 226, 227, 229, 233-236 
exhaust gases from, 231 
gases from, 59, 226 
Ammonia still, 297 
Ammonia synthesis, flow sheet for, 222, 
223 
Ammonia-synthesis gases, non-ideal be- 
havior of, 224 
Ammonium bicarbonate-sodium-chloride- 
water, Janecke diagram for, 312 
Amorphous carbon, 158 
Analysis of gaseous fuels, 23-26, 33-35 
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Are process for fixation of nitrogen, 87 
Ash, in fuel, correction for, 101 
sulfur in, 107 
correction for, 101 
Available chlorine in bleach liquors, 395- 
403 
Available hydrogen, 32, 101 


Barium carbonate, 366 
Barrel, standard, for cement, 258 
Basis of computation, 18, 19 
Batch distillation, 237-242, 405 
Batch operation, 18, 394 
Batch weight, 365 
Bisulfite liquor manufacture, 175 
Black-ash furnace, 316 
Black liquor, 316 
Blast furnace, 326 
air consumption in, 332 
coke consumption in, 346 
diagram for, 331 
equilibrium in, 342, 347-351 
ferromanganese, 351, 354 
horizontal survey of, 333 
reactions, above tuyere level, 340-350 
at tuyere level, 335-339 
reduction of iron ore in, 326-333 
vertical survey of, 340—350 
Blast-furnace gas, 331 
combustion of, 51-53 
Blast-furnace gases, dependability of 
sampling, 346 
at tuyere level, 334 
Blast-furnace shaft gas, analyses of, 333 
comparison with equilibrium, 342, 349, 
350 
Bleach liquor, 293, 294 
Bleaching powder, 395-404 
Blue gas, 147-149, 151 
“ Boiling’? in CaCO; decomposition, 276 
Boiling points of various substances, 412 
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Borax, 366 
‘Bottleneck,’ produced by equilibrium 
concentrations, 184 
in thermal equilibrium, 71, 282 
British thermal unit (Btu), conversion of, 
411 
definition of, 10 
Burner, Herreshoff, 174 
for pyrites, 174 
for sulfur, 172, 182 


Calciner in soda-ash manufacture, 297, 


300, 306 
Calcium carbonate, decomposition of, in 
blast furnace, 341 
in lime kiln, 246-253 
rate of, 270, 282 
heat of formation of, from CaO and 
CO, 251 
solubility of, 291 
Calcium carbonate-calecium oxide equi- 
librium, 342 
Calcium hydroxide solubility, 291 
Calcium oxide, in cement-kiln reactions, 
253-276 
manufacture of, 246 
Calcium oxide-calecium carbonate equi- 
librium, 342 
Calderwood equation, 104 
Carbon, amorphous, 158 
B graphite, 86 
fixed, 103 
in ultimate analysis, 100 
Carbon deposition in methane re-form- 
ing, 158 
Carbon dioxide, dissociation of, 89 
errors in determination of, 24, 25 
Carbon dioxide-reduction equilibria, 347— 
351 
charts for, 347, 350 
Carbureted gas, 148 
Catalyst for conversion of methane, 155 
Catalytic conversion, of methane, 155 
of SO. to SOs, 184 
of water gas, 151 
Catalytic oxidation of ammonia, 226 
Caustic from Allen-Moore cell, 293 
Caustic soda, 288-296 
electrolytic, 293 
Causticization of soda ash, 288 
chart for, 292 
per cent conversion in, 290-293 
Cell-liquor analysis, 294 
Cement, 253-283 
heat of reaction in burning, 259 
Cement-clinker analysis, 255 
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Cement formation, chemical reactions in, 
259 
Cement kiln, fuel consumption in, 258 
heat exchange in, 277-283 
idealized, 280 
operating data from, 254 
reaction rates in, 266-274 
Cement production, 253 
fuel consumption in, 258 
Centigrade heat unit, conversion of, 411 
definition of, 10 
Ceramic mixes, formulation of, 362 
Ceramics, 360 
design of tunnel kiln for burning, 382 
empirical formulas in, 360, 361 
glaze formulation in, 363-365 
Chamber acid, 179 
Chamber gases, analysis of, 170 
Chamber-process diagram, 182 
Charcoal activation, 81 
Chemical-energy availability, 93 
Chemical equilibrium, 85 
(See also Equilibrium) 
Chlorine, available, in bleach liquors, 
397-404 
electrolytic, from Allen: Moore cell, 293 
Chromite, 377, 378 
Cinder, from combustion, of coal, 105, 110 
of pyrites, 174 
sulfur in, 107, 174, 175 
Clay, 360, 363, 381 
Clinker, estimating composition of, 260 
Coke, consumption of, in blast furnace, 346 
in lime burning, 246 
Coke-oven gas, combustion of, 51-53 
Coking of coal in combustion, 105 
Combined water, in clay, 360, 384 
in fuel, 100, 101 
heat of dissociation of, 384 
Combining weights, law of, 2 
Combustible, unburnt, 105, 110 
Combustible matter, in coal, 104 
volatile, 102 
Combustible sulfur, 107 
Combustion, of ammonia, 226 
of blast-furnace gas, 51-53 
of carbon, 27 
of cellulose, 33 
of coke-oven gas, 51-53 
complete, 75 
of fuel oil, 30, 31, 45, 46 
heats of, 75 
of hydrocarbons, 29, 38 
of hydrogen, 29 
incomplete, energy relationships i in, 93 
in internal-combustion engine, 89 
of lignite pitch, 32 
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Combustion, of liquids, 30 
of methane, 29, 384-395 
molal heats of, 76 
of natural gas, 29 
of phosphorus, 406-407 
of sulfur, 166 
of water gas, 32 
Combustion gases, cu ft/min, 39 
recycle of, 83-85 
Combustion zones, 28 
in tunnel kiln, 388 
Components, in phase rule, 289 
in small amounts, determination of, 
in gases, 25 
“oes eegpmgmeed factor for gases, chart 
or, 6 
Computation, basis of, 18, 19 
schedule of steps in, 18 
techniques of, 39 
Cones, pyrometric, 377, 380 
Conservation laws, for elements, 3n. 
for energy, 2 
for matter, 2 
Consistency of data in gas-producer oper- 
ation, 137 
Constants, critical, 7, 412 
equilibrium (see Equilibrium constants) 
Contact process, absorption of SO; in, 191 
conversion of SO, to SO; in, 189, 191 
converters in, 188 
equilibrium in, 184-191 
Conversion, of methane, 155 
of quantities, laboratory to plant scale, 
403 
of SO. to SO;, 184 
of units, 16, 411 
of water gas, 151 
Conversion factors, 40, 411 
laboratory-to-plant data, 403 
Converters, in ammonia synthesis, 222-— 
226 
in contact process, 188 
Cordierite, 375, 376 
Corresponding states, law of, 7 
Corundum, 373, 380 
Countercurrent heat exchange, 65, 72 
Cristobalite, 373, 380 
Critical constants, 7, 412 
Critical pressure, 6, 412 
Critical properties of various substances, 
412 
Critical temperature, 6, 412 
Crystallization path, 374-376 
Current efficiency, 294-296 
Cut points, nitric acid distillation, 237- 
242 
relation of, to yield, chart, 242 
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Dalton’s law of partial pressures, 10 
Dependability of results, 19 
Design, of drier for MnSO,, 406 
of large-scale units, 382, 394-404 
of sodium hypochlorite process, 395- 
404 
of tunnel kiln, 383-395 
Design problems, 382 
assumptions in, 382-383 
Deviations from perfect-gas behavior, 5, 
224 
Dew point, 44 
in air blast, 138 
definition of, 44n. 
Diagrams, phase (see Phase diagrams) 
Diesel-engine combustion, 41 
Dimensions, 41 
Dissociation, 4 
of COs, 89 
of gases, chart for, 86 
of H,0O, 89 
of NO, 87 
Distillation, batch, 237-242, 405 
of naphthalene oil, 405 
of nitric acid, 237-242 
Dolomite in cement mix, 267 
Drier design, 406 
Driving force, 57, 58 
pressure difference, 275 
in SO; absorption, 200, 209 
temperature difference, 279-283 
Dulong formula, 104 


Efficiency, of ammonia oxidation, 233 
of furnaces, 391-394 
of SO, conversion, 186-191 
Electrolysis of sodium chloride, 293 
Empirical formulas in ceramie compo- 
sitions, 360-361 
Enamels, for sheet steel, 365 
use of frit in, 366 
Energy balance on gas producer, 133, 144 
Energy balances, 18, 19 
Energy content of gases, 12 
Enthalpy, 59 
of equilibrium mixture, 94 
of gases, 12 
of water vapor, calculation of, 74 
Enthalpy-concentration diagram for 
H.SO, and oleum, 192 
Equations of state, 5 
Equilibria, frozen, 88 
phase, 289 
simultaneous, 90 
Equilibrium, in blast furnace, 342, 347- 
351 
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Equilibrium, GaGO;-CaQO-CO;:, 342 
chemical, 85 
effect of temperature on, 87 
in gas analysis, 26 
gas-liquid, 199 
in gas producer, 146 
MgO-Si02-Al.0s, 373-377 
in Nat, NH,t, Cl-, HCO;~ solutions, 
309-315 
pinch point in thermal, 71, 282 
SO2-SO;, 184 
in Solvay process, 298 
Equilibrium conditions in crystallization 
problems, 376 
Equilibrium constant, for CH, + 2H,0, 
157 
and degree of completion of a reaction, 
93 
for SO, to SO;, diagram of, 185 
from solubility products, 290, 291 
Equilibrium constants, 156, 347 
for carbon dioxide reduction, 347 
of combustion reactions, 86 
for iron oxides reduction, 347 
for water-gas shift, 347 
Equilibrium relations (see Equilibrium) 
Equilibrium temperature, calculation of, 
158, 184-189 
Equivalents, 411 
Errors in calculations, 19 
in flue-gas analyses, 45 
Ethylene decomposition, 86 
Excess air, 26, 27, 35, 37, 49, 391 


Factors for conversion, 40, 403, 411 

Fayalite, 378 

Feedwater heater, 71 

Feldspar, 360, 363, 381 

Ferromanganese blast furnace, 351 
flux in, 354 

Fixed alkalies, 288 

Fixed ammonia, 296-298 

Fixed carbon, 103 

Fixed nitrogen, 87, 226 

Flame temperature, 88 

Flint, 381 

Flow sheet, development of, 200-214 
use of, 18 

Flue-gas analysis, calculations based on, 

35 

errors in, 45 

Flue-gas/fuel ratio, 38 

Fluorine, fluorspar, 366 

Flux in ferromanganese blast furnace, 

354 
Formula weight, 361 
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Formulas, chemical, of various sub- 
stances, 412 
empirical, 360, 361 
Forsterite, 373-376, 378 
Frit (in enamels), 366 
Fuel-analysis calculations, 26 
Fuel consumption, in cement kiln, 258 
in furnace operation, 115 
in tunnel kiln, 386-394 
Fuel-oil combustion, 30, 31, 45-47 
Fuel ratio in lime burning, 246 
Fuels, gaseous, 23 
analysis of, 23-26, 33-35 
liquid, 24 
proximate analysis of, 102 
secondary, 123 
solid, 100 
ultimate analysis of, 100 
Furnace for black ash, 316 
Furnace efficiency and excess air, 391—394 
Furnace test, Hell Gate Station, 114 
Furnace tests, 109 


Gas, blast-furnace, 51-53, 331 
blue, 147 
natural, 23 
producer (see Producer gas) 
Gas analysis, 24-26 
absorbents in, 24 
of ammonia-oxidation gases, 226-227 
components in small amounts in, 25 
equilibrium in, 26 
errors in, 45 
of sulfurous gases, 166, 169, 170 
Gas constant in perfect-gas equation, 4, 5 
Gas-law calculations, 7 
Gas laws, 4 
Gas producer, computations on, 123 
correction for tar in, 126 
energy balance on, 133, 144 
equilibrium in, 146 
Morgan, 130 
Winkler, 139-141 
Gases, activating, 81-83 
carbureted, 148 
critical constants of, 7 
energy content of, 12 
heat capacities of, 12 
molal, 12-15 
perfect, behavior of, 4 
deviations from, 5 
equation for, 4 
permanent, 5 
pure, 6 
sensible-heat content of, 12 
Gay-Lussac tower, 179, 182 


INDEX 


Glaze formulation, 363-365 

Glover tower, 179, 182 

Gram calorie, definition of, 10 

Gram volume, 402 

Graphical integration, 240-241 

Graphical methods, use of, 58 

Graphical solution of simultaneous equa- 
tions, 91 


Heat, of reaction, cement production, 
274-277 
of vaporization, 417 
Heat balance, 58 
base temperature for, 61, 71, 258 
in cement kiln, 259-264 
on gas producer, 133, 144 
graphical, 63 
Heat balances in tunnel kiln, 385-391 
Heat capacities, of gases, 12 
of liquids, 15, 416 
of sulfur oxides, 168 
Heat effects, physical, 57/f. 
Heat evolution, in making oleum, 196-214 
in sulfur burning, 172 
Heat exchange, 57 
in cement kiln, 277-283 
countercurrent, 65ff. 
parallel-flow, 59 
Heat exchanger, temperature distribution 
in, countercurrent flow, 69 
parallel flow, 63, 64 
Heat quantities, 10, 11 
Heat recovery, 57 
Heat sink, 75 
Heat transferred, calculation of, 60ff. 
Heater for feedwater, 71 
Heating value, of coal, calculation of, 104 
of fuels, 76 
higher, 76, 258 
calculations based on, 133 
lower, 76 
calculations based on, 145, 258 
Hematite-ore analysis, 327 
Henry’s-law constant, 199 
Herreshoff burner for pyrites, 174 
Homogeneity principle, 17 
Humid volume, 419 
Humidity, absolute, 419 
in air to blast furnace, 339 
of air, 182 
calculation of, 113, 419 
chart for, 418 
calculation of, 419 
relative, 419 
Hydrogen, available or net, 32, 101 
dissociation of, 89 
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Ideal kiln, heat consumption of, 394 
Ideal-solution law, 194 
Idealized cement kiln, 280 
Inconsistencies in calculations, 19 
Industrial stoichiometry, two purposes 
of, 382 
Internal-combustion engine, 42, 88, 89 
Iron, from blast furnace, 326— 333 
metallurgy of, 326 
pig, 327, 329 
Tron compounds, thermal properties of, 
167 
Tron-iron oxide equilibrium, 349 
Iron oxides, heat capacities of, 168 
reduction of, 347-350 
reduction-equilibria chart, 347 
Isotopes, 3n. 


Janecke diagram, 312, 313 


Kaolin, kaolinite, 360 
Kiln, cement, 253 
lime, 248, 252 
tunnel, design of, 383-395 
ideal, 394 
Kraft paper mill, flow sheet for, 324 


Latent heat of vaporization, 417 
Law (see specific laws) 
Lever rule, 369 
quantitative application of, 370, 371 
Lime, causticization of soda ash with, 288 
dolomitic, 176 
required in Solvay process, 298-309 
used in bisulfite liquor, 176-178 
utilization of, in sulfate paper mill, 315 
Lime burning, 246—253 
fuel ratio in, 246 
Lime kiln, 248-252 
heat distribution in, 252, 253 
Limestone, analysis of, 250 
in blast furnace, 327 
decomposition of, 341 
in ferromanganese blast furnace, 353 
Liquids, specific heats of, 416 
thermal properties of, 15, 16, 416, 417 


Magnesia as flux in blast furnace, 352 
Magnesia-alumina-silica phase diagram, 
373-377 
Magnesium carbonate, 
265, 267-268 
decomposition temperature of, 278 
heat of decomposition of, 262 


in cement mix, 
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Magnesium production, 404 
Manganese, in blast furnace, 327, 329 
in furnace slag, 352-355 
production of, 351 
Mass-action law, 290 
Material balances to evaluate dependa- 
bility of data, 141, 229-236 
Material and energy balances, 18, 19 
Mercury use in gas analysis, 24, 25, 34 
Metallurgy, 326 
Metaphosphates production, 407 
Methane, catalyst for conversion of, 155 
combustion of, 29, 384-395 
equilibrium of, with steam, 157 
re-forming of, 155 
carbon deposition in, 158 
Mist formation in SO; absorption, 200n. 
Mixed-fuels combustion, 51 
Moisture, in air, 113, 339 
in flue gas, 44 
in ultimate analysis, 100, 102 
Mol, definition of, 4 
gram, 4 
pound, 4 
Molal heat capacity of gases, 12 
average, 14 
chart of, 13, 15 
Molal units, 4 
Molecular weight, 4 
average, for air, 7 
Mullite, 373, 380 


Naphthalene in oil fractions, 405 
Natural gas, 23 
combustion of, 29, 384 
Net hydrogen, 32, 101 
Net hydrogen/carbon ratio in fuel, 35 
Net sulfur, 107 
Nickel catalyst, 155 
Niter used in chamber process, 180, 184 
Nitration of benzene, 408-410 
Nitric acid, from ammonia oxidation, 
226 
distillation of, 237-242 
for nitrating benzene, 408-410 
from sodium nitrate, 237 
variation of strength of, 238 
Nitric oxide formation, 87 
Nitrobenzene, continuous process for, 
408-410 
Nitrogen, correction for, in fuel, 31, 47 
fixation of, 87 
fixed, 87, 226 
in ultimate analysis, 101 
Nitrogen compounds, 222 
Nitrogen fuels, high, 47 
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Nitrogen oxides, by ammonia oxidation, 
» 226 
elimination of, 170 

Nitrous vitriol, 179 

nth operation, 396-404 

nth-operation conditions, 397-404 


Occlusion, 302-306 
Oleum, analysis of, 191-193 
enthalpy-concentration diagram for, 
192 
mist formation in manufacture of, 200n. 
specific heat of, chart for, 193 
vapor pressure-temperature diagram 
for, 195 
Olivine, 378 
Opacifier in enamels, 366 
Orsat apparatus, 24 
Orthoclase, 360 
Over-all balances, 197, 201, 202 
in ammonia oxidation, 233-236 
Oxygen, active, in ammonia oxidation, 
226, 227 
correction for, in fuel, 31, 32 
dissociation of, 89 
in gas analysis, 26 
Oxygen disappearance, in combustion 
gases, 36 
in pyrites burning, 173 
in sulfur gases, 169 


Paper mill, 315 
Parallel-flow heat exchange, 59 
Partial pressures, Dalton’s law of, 10 
Path of crystallization, 374-376 
Periclase, 373 
Phase diagrams, 367 
for Al2O3-SiOs, 380 
binary compounds in, 370 
Janecke, 312, 313 
for MgO-Al,0;-SiOze, 373-377 
for NaCl-NH,HCO;-H;0, 312 
necessity of equilibrium conditions in, 
376 
ternary compounds in, 373 
three-component, 371-377 
triangular, 371 
two-component, 367-371 
weight units versus molal units in, 370 
Phase equilibria, 289 
Phase rule, application of, 309-315 
to ferromanganese production, 353 
components in, 289 
“system” in, 289 
“‘variance”’ in, 289n. 
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Phosphorus for making metaphosphate, 
406-408 
Physical constants of chemical sub- 
stances, 412 
Physical-heat effects, 577. 
Pig iron, 327, 329 
Pilot plant for potassium metaphosphate, 
406-408 
Pinch point, 71, 184, 282 
Polymerization, 4 
Potassium metaphosphate, pilot plant 
for, 406-408 
Pound-volume defined, 402 
Preheat temperature, 93 
Preheating air, 93, 383 
Pressure, critical, 6 
reduced, 6 
Pressure-difference driving force, 275 
Pressure gauge, 7 
Principles used in chemical calculations, 
1, 2, 16, 40, 41 
order of application, 2, 3 
Producer gas, analysis of, 124 
combustion of, 47, 76, 392-395 
computations, 123 
in lime burning, 248 
Properties, intensive, 17 
Proportions, units in, 403 
use of, 17 
Proximate analysis, 102 
Pseudoequilibrium constant, 224, 226 
Psychrometric chart, 418 
Pulp manufacture, by sulfate process, 
315 
Pyrites, combustion of, 173 
in fuel, 101 
Herreshoff burner for, 174 
Pyrometric-cone equivalent, 377 
Pyrometric cones, 380 


Quadruple point, 375 
Quartz, 365 
Quintuple point, 375n. 


Radioactive elements, 3n. 

Rates of reaction in cement kiln, 266-274 

Ratios, use of, 9, 16, 41 

Reaction, heats of, 11, 76 

Reaction rates, in cement kiln, 266—274 
of free CaO in cement kiln, 274 

Recycle, 83-85, 401 
in conversion of SO, to SO;, 190, 191 

Recycle streams, calculation of, 84, 202 
flow rates of, in oleum manufacture, 

200 
Recycled gas, 84, 85 
Reduction of iron, 326 


Refractory compositions, improvement 
of, 377 

Refuse, furnace, 105, 106 

Rochester Gas and Electric Corporation, 
gas-producer test by, 137 


Saturated-steam properties, 413-415 
Salt electrolysis, 293 
Scale in blast-furnace operation, 325 
Sensible-heat contents, 59 
of gases, 12 
Silica-magnesium oxide-aluminum oxide 
phase diagram, 373-377 
Simultaneous equations, graphical solu- 
tion of, 91, 92 
Simultaneous equilibria, 90 
Slag, in ferromanganese blast furnace, 
352-355 
in iron blast furnace, 327, 339 
Sludge washing, 398 
Soda, caustic, 288 
electrolytic, 293 
Solvay, 296 
Soda ash, causticization of, 288 
by Solvay process, 296-309 
Sodium bicarbonate in Solvay process, 
298-309 
Sodium chlorate in electrolytic cell, 294 
Sodium chloride-ammonium bicarbonate- 
water, Janecke diagram for, 312 
Sodium chloride electrolysis, 293 
Sodium hydroxide, 288 
electrolytic, 293 
Sodium hypochlorite process, conversion 
of laboratory quantities to plant- 
scale operations, 402—403 
design of, 395-404 
flow sheet for, 397, 401 
laboratory data for, 396 
Sodium nitrate, for nitric acid manufac- 
ture, 237 
in sulfuric acid production, 180, 184 
Sodium sulfate in paper manufacture, 
315 
Solid fuels, composition of, 100 
proximate analysis of, 102 
ultimate analysis of, 100 
Solubility product, 290 
Solvay process, 296-309 
equilibrium in, 298 
Solvay tower, vertical survey of, 306-309 
Soot, 42 
Specific heat, of CaO, 251 
of cement-kiln charge, 278 
of gases, 12 
of liquids, 416 


428 


Specific heat, of mixtures of SO; and 
H.0, 193 
(See also Heat capacity) 
Spinel, 374-376, 378 
Standard barrel in cement industry, 258 
Standard conditions, definition of, 8, 9 
for gas industry, 97. 
State, equations of, 5 
of substances in equations, 11 
Steam for activating charcoal, 81 
Steam consumption in gas-producer oper- 
ation, 126, 129 
Steam tables, 15, 413-415 
Student Contest Problem, American In- 
stitute of Chemical Engineers, 404 
Substitution of oxides in glazes, 364 
Sulfate process for paper, 315 
Sulfate pulp mill, 315 
flow sheet for, 316 
losses of Na and § in, 317-320 
Sulfite-liquor concentration, 405 
Sulfur, in ash from coal, 107 
in cinder from pyrites, 174, 175 
combustible, 107 
combustion of, 166, 170 
conversion of, to H2SO,, 180 
correction of ash for, 101 
correction for, in flue-gas data, 46, 47 
in fuel, 33-35 
in fuel oil, 34 
net, 107 
in ultimate analysis, 101 
utilization of, in sulfate paper mill, 315 
Sulfur burner, 316-320 
Sulfur burning, heat evolution in, 172 
Sulfur compounds, thermal properties of, 
167 
Sulfur dioxide, conversion to sulfur tri- 
oxide, 189 
in converter gases, 189-191 
in gas analysis, 33 
heat capacity of, 168 
Sulfur gases, oxygen disappearance in, 
169 


Sulfur trioxide, absorption of, in contact - 


process, 191 
in cinder, 174, 175 
in combustion gases, 166 
heat capacity of, 168 
vapor pressure of, over oleum, 194-195 
Sulfur trioxide-water mixtures, specific 
heats of, 193 
Sulfuric acid, concentration of, 181 
contact process for, 184, 188 
enthalpy-concentration diagram for, 
192 
fuming, 191 
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Sulfuric acid, manufacture of, by cham- 
ber process, 179 
used in nitric acid manufacture, 237— 
242 
System, Al,O;-SiO»., 380 
clay-feldspar-flint, 381 
definition of, 367n. 
Mg0O-Al1:,0;-SiO2, 373-377 
NaCl-NH,HCO;-H.0, 312 
in phase-rule problems, 289 
thermodynamic, 18 
System considerations, surroundings in, 
367 


Tar, 42 
and dust, removal of, in gas analysis, 
131 
in gas-producer operation, 126, 129 
heat of combustion of, 135 
Techniques of computation, 39 
Temperature, absolute, 5 
centigrade, 5 
critical, 6 
Fahrenheit, 5 
flame, 88 
Kelvin, 5 
preheat, determination of, 79 
Rankine, 5 
reduced, 6 
theoretical flame, 78-79 
wet-bulb, 419 
Temperature differences, 57 
Temperature levels, 57 
Thermal equilibrium, 71, 282 
Thermal properties, of iron compounds, 
167 
of liquids, 15, 16, 416-417 
Thermochemical equations, 11 
Thermodynamic properties of steam, 15, 
413-415 
Thermodynamic system, 18 
Thermosiphon circulation in blast fur- 
nace, 339 
Tin oxide, 366 
Titer, 306, 307 
Tracer, 317 
for reaction progress, 271-272 
Transfer of heat, rate of, 58 
Trial-and-error solutions, 187, 211-214 
Tridymite, 373, 380 
Tunnel-kiln design of, 383 


Ultimate analysis, 100 
Units, 41 
conversion of, 16, 411 
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Units, English and metric, 411 
pound volume, definition of, 402 
in proportions, 403 
use of, in calculations, 40 


Vapor pressure of water, 413-415 
Vapor pressure-temperature diagram for 
oleum, 195 

Vaporization, heat of, 417 

Variance in phase rule, 289 

Volatile combustible matter, 102 

Volume, gram-molecular, 8 
pound-molecular, 8, 9 
standard, 8 


Waste sulfite liquor, 405 
Water, decomposition of, in gas producer, 
124 
dissociation of, 89 


Water, evaporated in Glover tower, 180, 
182 
used in making H,SO,, 183 
vapor pressure of, 413-415 
Water gas, 123 
carburetion of, 147 
catalytic conversion of, 151 
combustion of, 32 
Water-gas reaction, 88 
equilibrium constant for, 86 
Water-gas re-forming, 151 
Water-gas set, test on, 147 
Water-gas shift, 154 
Water vapor, effect of, in gas analysis, 24 
in flue gas, 44 
Wet-bulb temperature, 419 
White liquor, 315 
Whiting, 362, 365 


Zine oxide in ceramic glazes, 363 
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International Table of Atomic Weights (1952) = 


(A value in parentheses indicates a mass number of the most stable known isotope) 


Actinium 
Aluminum 
Americium 
Antimony 
Argon 
Arsenic 
Astatine’ 
Barium 
Berkelium 
Beryllium 
Bismuth 
Boron 
Bromine 
Cadmium 
Calcium 
Californium 
Carbon 
Cerium 
Cesium 
Chlorine 
~ Chromium 
Cobalt 
Copper 
Curium 
Dysprosium 
Erbium 
_ Europium 
Fluorine 
Francium 
Gadolinium 
Gallium 
Germanium 
Gold 
Hafnium 
Helium 
Holmium 
Hydrogen 
Indium 
Iodine 
Iridium 
Tron 
Krypton 
Lanthanum 
Lead 
Lithium 
Lutetium 


Ac 
Al 


Am } 


Sb 
A 
As 
At 
Ba 
Bk 
Be 
Bi 
B 
Br 
Cd 
Ca 


Molybdenum 
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ee ae 


Samarium 
Scandium 
Selenium 
Silicon 
Silver 
Sodium 
Strontium 
Sulfur 
Tantalum 
Technetium 
Tellurium 
Terbium 
Thallium 
Thorium 
Thulium 
Tin 
Titanium 
Uranium 
Vanadium 
Wolfram (tungsten) 
Xenon 
Ytterbium 
Yttrium 
Zine 
Zirconium 





Mo 95.95 
d 144.27 
Np | (237) 
Ne 20.183 
Ni 58.69 
ND 92.91 
14.008 
Os 190.2 


to: 16.0000 


Pd 106.7 

oP 30.975 
Pt 195.23 
Pu | (242) 
Po 210 
K 39.100 
= 140.92 
Pm | (145) 
Pa 231 
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